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CHAPTER |

INTRODUCTIONS

This Chapter is an introduction of this research. It consists of importance and
reasons for research, research objective, scope of research, contribution of research

and research contents.

1.1 Importance and Reasons for research
w

Control structure design deals: with the structural decisions of control system,
including what to control amd how to pailr the variables {0 the best set of form control
loop. Although these are very important issues, these decisions are in most case made
in a fashion, base on experience and engmeermg insight, without considering the details
of process variable link with problem JJ

The general problems of: plantwide-'control design procedure are selection the
controlled variables, selection thes mampulafed varlables selection the measurement,
pairing the controlled and manlpulated vamabtets for the best control configurations and
selection of controller type. .~ -

The process =had_good _controllability _one_feason came from selection

appropriate the set of‘controlled and manipulated variables"for the control configuration
of chemical plant.

In this paper propose a basic idea offixture point control is used for screening
controlled variable and paring with manipulated variable.

Hydrodealkylation (HDA) process is widely used because jt is a realistically
complex chemical ;process that creates disturbance propagationand-the complicated
system’sidynamic behavior. Therefore, this research will design plantwide control
structures of Hydrodealkylation (HDA) process using new plantwide control structure
design procedure to select set of controlled variables and simulate them by using
HYSYS simulator in order to study about dynamic behavior and evaluate the

performance of the designed structures.



1.2 Research Objective
The objectives of this research are:

1. To simulate Hydrodealkylation (HDA) of toluene process both steady state and
dynamics condition by using HYSYS simulator.
2. To design plantwide control structures of Hydrodealkylation (HDA) process using

Fixture point theorem (Wongsri, 2008).

1.3 Scopes of research

2. Description and dat /tati HL s is obtained from Douglas,

J. M.(1998), William L. L D Tyr ael L. Luyben (1998), William

DA) process.

ALl
e Y

pp———— =g

_— ey

The expected contnt?_\imn of this research is:
! ,

This resear ed variables and good

|

efficacious design conifol structure by using new plan
procedure. ¢

AUHINENITNYINS

1.5 Research procedures

R RARHRTH UNINY IR

1. Study of general plantwide control structure design procedure.

ide control structure design

2. Study of Hydrodealkylation (HDA) process and concerned information.
3. Simulations of the Hydrodealkylation (HDA) process at steady state and dynamic.

4. Screening key process variables for fixture point analysis (Only reaction section).



5. Pairing manipulated variable with control variables of Hydrodealkylation (HDA)

process.
6. Simulation of the Hydrodealkylation (HDA) process at dynamic.

7. Collection and summarization of simulation results.

1.6 Research Framework

This thesis matter is classified int

Chapter | ' - inte @Vatlon objectives, scopes,
\s\\‘\\ 0 plantwide control structure

q.~ od of selection set of controlled

Chapter llI Josa new ple *'__ " *}\ g cture design procedure and
3 e point thec -1,\ selection appropriate set of

Chapter IV shows .-_~‘f- y of: ydrodealkylation process (HDA) by

Chapter I

using theor f,{_,f cgf _
Chapter V. - | structure alternatives.

-

Chapter VI V- -“-‘ ons of this research and

ecommenaatior Of ure resear

mwﬂ%ﬂ’.]"flﬂﬂ‘ﬁﬂﬂ’]ﬂ‘i

Appendl A: Tuning of Controéstructures
a3|ﬁ§1ﬁata of fﬁre poermsTs] ’J w EI '] a E]
Appendix D: HDA process flowsheet with controller installed

Appendix E: Graph of dynamic response



CHAPTER I

LITERATURE REVIEW

A. Plantwide control design procedure

2.1 Heuristics- Approach Base

2.1.1 Hierarchical decomposition based cnsprocess structure

The hierarchy given=in-Douglas (1988) for-process design starts at a crude
representation and gets more.detailed:

Level 1: Bath vs continugus \

Level 2: Input-eutpuistruciure 2 &

Level 3: Recyclgistructure —-

Level 4: General structure of‘separr;iftidﬁ system

Level 5: Energy intefaction: «

¥/

Fisher et al. (1988) prop’@‘ée 10 Use t@'ﬁ;‘erarchy when performing controllability

analysis, and Ponton and Laing (1993) point];’ci).tit;’that this hierarchy, (e.g. level 2 to level

5) could also be used ;f%oontrol system design.

Ng and Stephanopoulos (1998b) propose to use-a similar hierarchy for control
structure design., The differénce between Douglas (1988) and Ng and Stephanopoulos
(1998b)’s hierarchylis that level 1 s replaced by a preliminary analysis and that levels 4
and 5 are replaced by more detailed.structures. At each step the objectives identified at
an earlier step is|translated [to this level and'hew objectives are identified. The focus is
on construction of mass and energy balance control. The method is applied to the
Tennessee Eastman case.

All these methods have in common that at each step (level), a key point is to
check if there remain enough manipulated variables to meet the constrains and to

optimize operation.



2.1.2 Hierarchical decomposition based on control objectives

The hierarchy based on control objectives is sometime called the tiered
procedure. This bottom-up procedure focuses on the task that the controller has to
perform. Normally one starts by stabilizing the plant, which mainly involves placing

inventory (mass and energy) controllers.

Price et al. (1993) build on the idea that was introduced by Buckley (1964) and
introduce a tiered framework. The framework is divided into four different tasks:

| Inventory and production rate control

Il Product specification-conirol =

[l Equipment & operating constraints

IV Economic performance enhanclement

Their paper dees not discuss points Il or V.. They perform a large number of
simulations with different‘control struétures:éontrollers (P or PI), and tunings on a simple
process consisting of areactor, "éepara’:.‘g)rj'-and recycle of unreacted reactant. The
configurations are ranked based on integra&é/d absolute error of the product composition
for steps in the disturbance. From .this sf’fbﬁl@tion they propose some guidelines for
selecting the though-put manipLﬂéth and mv&ﬁféry controls (1) Prefer internal flows as
through-put manipulator. (2) The.though—put;ﬂéfﬂpulator and inventory controls should

be self-consistent (self-consistent "id fulfilled “when a_':_c_hange in the though-put

propagation through‘"‘fhe process by itself and does net depend on composition
controllers). They apply their ideas on the Tennessee. Eastman problem (Price et

al.1994).

Ricker (1996) comments on the work of Price et al. (1994) and points out that
plant is, loften “runi=ats full” capadcity, corresponding t0 |censtrainis! in, one or several
variables; If a manipulated variable used for level control structures, one looses a
degree of freedom for maximum production. This should be considered when choosing

a though-put manipulator.

Luyben et al. (1997) point out three limitations of the approach of Buckley. First,

he did not explicitly discuss energy management. Second, he did not look at recycles.



Third, he placed emphasis on inventory control before quality control. Their plantwide
control design procedure is listed below:

1. Establish control objectives.

2. Determine the control degrees of freedom by counting the number of
independent valves.

3. Establish energy inventory control, for removing the heats of reactions and to
prevent propagation of thermal disturbances.

4. Set production rate. The production rate can only be increased by increasing
the reaction rate in the reactor. One recommendation is to use the input to separation
section.

5. Product quality-and-saiety control. Here-they-recommend the usual ‘pair close’
rule.

6. Inventory control_FiX a'flow/in aIII liquid recycle loops. They state that all liquid
levels and gas pressure should be Contro;!eg.

7. Check compaonentbalances. (Af.:ter this point it might be necessary to go back
to item 4). ’ .ﬂ .

8. Unit operations control.. .

9. Use remaining control degree of:ﬁfe,edom to optimize economics or improve
dynamic controllability. o g2

They apply their procedure-on severla‘ll—téét problems; the vinyl acetate monomer

process, the Tennessee Eastman process, and the HDA p_réc_ess.

Step 3 comes*before determining the throughput-manipulator, since the reactor
is typically the heart of-the process and the method for heat removal are intrinsically part
of the reactor design. In ‘order to avoid recygling of disturbances they suggest to set a
flowrate in all recycle/loops; they suggest in step 6 to control all inventories, but this may
not be necessary in all case; e.g. it nay be optimal to let the pressure float (Shinskey
1988).'Skogestad etalk (2000) recommend ‘cambining‘step. 1 and 9, that is, the selection
of contralled variables (control objectives) in step 1 should be based on overall plant

economics.

McAvoy (1999) presents a method where the control objectives are divided into
two categories: variables that ‘must’ be controlled, and product flow and quality. His
approach is to identify the set of inputs that minimizes valve movements. This is first

solved for the ‘must’ variables, then for product rate and quality. The optimization



problem is simplified by using a linear stable state model. He gives no guidance into

how to identify the controlled variables.

2.1.3 Hierarchical decomposition based on time scales

Buckley (1964) proposed to design the quality control system as high-pass
filters for disturbances and to design the mass balance control system as low pass
filters. If the resonance frequency of the quality control system is designed to be order of
magnitude higher than the break frequency; of mass balance system then the two loops
will be non-interacting.

w

McAvoy and Yc (1994)divide their method into four stages:

1. Design of inner cascade Ioops"l

2. Design of basic decentralized laops; expect those associated with quality and
production rate - ;

3. Production rateiand qualirt:y contr:f)llsl.;

4. Higher layer contfols 7
The decomposition in stagesi1-3 isibased éﬁ"speed of the loops. In stage 1 the idea is
to locally reduce the effect of"='disfurbance;-5;}ﬁ‘ stage 2 there generally are a large
number of alternative configurations. These maybe screened using simple controllability

tools, such as the RCEZ{A. One_problem of selecting outol{fs pased on a controllability

analysis is that one may,end up with the outputs that are ea‘é’y to control, rather than the
ones that are importantto control. The method applied te'the Tennessee Eastman test

problem.

Douglas "(1988) presents aghierarchy for.control system, design, based on
steady=state, hormal dynamic response and abnormal/dynamic operation. Zheng et al.
(1999) continue this work and place a greater attention on feasibility in face of
constraints and on robust optimality (self-optimizing control). Zheng and Mahajannam

(1999) propose to use minimum surge capacity as a dynamic cost.



2.2 Mathematical-Approach Base

A chemical plant may have thousands of measurement and control loops. There are
some methods that use structural information about the plant as a basis for control
structure design. Based on sets of inputs and measurements are classified as viable or
non-viable. Although the structural methods are interesting, they are not quantitative and
usually provide little information other than confirming insights about the structure of the
process that most engineers already have.

The tasks of control structure consist of (1) selection of controlled variables, (2)
selection of manipulated variables, (3) selection of .measurements and (4) selection of

control configuration. J

Morari et al (1980), Skogestad amld Postlethwaite (1996) and Skogestad (2000)
propose to base the selection of controlled’_variables pased on considering the overall
operational objective. The overall objectivé,r.nay be formulated as a scalar cost function
which should be minimized subjectto set oj operational constraints.

Morari et al. (1980) propose'the ba's';iﬁ.-didea of self-optimizing control propose to
select the best set of controlledvariables ba@{on minimizing the loss. Skogestad et al

(2000) attempt to synthesis a feedback dpft_im;iang control structure (self-optimizing

control), their main gbjective is to translate the economic obj_ectives into process control

objectives. In other waords, they want to find a function cifr(controlled variables) of the
process variables which when held constant, leads.automatically to the optimal
adjustments of the manipulated variables and.optimal operating conditions. This means
that by keeping the function!'¢(u,d)at the setpoint 'c,, through the use of the
manipulated vafiables U, for various disturbances d, it follows uniquely that the

process is‘operating 'at the-optimal steady-state.

Skogestad (2000) gives four requirements that a controlled variable should
meet:

1. Its optimal value should be insensitive disturbance.
It should be easy to measure and control accurately.

Its value should be sensitive to changes in the manipulated variables.

A w D

For cases with two or more controlled variables, the selected variables

should not be closely correlated.



Yi and Luyben (1995) have studied unconstrained problems, and some of their
ideas are related to self-optimizing control. However, Luyben propose to select
controlled variables which minimizes the steady-state sensitivity of the manipulated
variables (U) to disturbances, i.e. to select controlled variables (c)such that (du/ad), is
small, whereas one should really minimize the steady-state sensitivity of the economic
loss (L) to disturbances, i.e. to select controlled variables (c)such that (L/ad),is

small.

B. Previous work on the HDA process

Stephanopoulos (1984) followed the approach proposed by Buckley (1964)
based on material balance and product quality control. He used an HDA plant model
where steam is generated.ifomeffluent ?f the feed-effluent heat exchanger through a
series of steam coolers. From the material balance viewpoint, the selected controlled
variables of choice weg€ fresh foluene feed flow rate (production rate control), recycle
gas flow rate , hydrogen gontentin -fhe rec&oiée gas, purge flow rate, and quencher flow
rate. Product quality is controlled: throu_gh—i product compositions in the distillation
columns and the controlled variables se!e:jc{%d_ are product purity in benzene column

2oaidd

and reactor inlet temperature. —

o
[ el

Brognaux (1992) implemented both a steady-state ‘and dynamic model of the
HDA plant in SpeedupwI based on the model developed by Douglas (1988) and used it
as an example to compute operability measurements, define control objectives and
perform controllability _analysis. _He found*that_it is_optimal to control the active

constraints found by«optimization.

Ng and 'Stephanopoulos” (1996) used' the HDA- process to illustrate how
plantwidé control systems can be synthesized based on a hierarchical framework. The
selection of controlled variables is performed somehow heuristically by prioritizing the
implementation of the control objectives. In other words, it is necessary to control the
material balances of hydrogen, methane and toluene, the energy balance is controlled
by the amount of energy added to the process (as fuel in the furnace, cooling water and

steam), production rate and product purity.
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Cao, Rossiter and Owens (1997b) considered input and output selection for
control structure design proposes using the SVD. Cao, Rossiter and Owens (1998)

applied a branch and bound algorithm based on local (linear) analysis.

Ponton and Laing (1993) presented a unified heuristic hierarchical approach to
process and control system design based on the ideals of Douglas (1988) and used the
HDA process throughout. The controlled variables selected at each stage are: toluene
flow rate, hydrogen concentration in the reactor, and methane contents in the
compressor inlet (feed product. rate conirol stage): separator liquid stream outlet
temperature and toluene contents at the bottern 6t the toluene column (recycle structure,
rates and compositions stage);-and separator pressure, benzene contents at stabilizer
overhead, and toluene contenis*at.benzene column overhead are related to product and
intermediate stream compasition stage. .IThe stages related to energy integration and
inventory regulation desnot cover the HD/A:j process directly, so no controlled variable are
assigned at these stages. _.

Ng and Stephanopoulos. (1996) !-;-j,_sed the HDA process to illustrate how
plantwide control systems can be synthesiie'd based on a hierarchical framework. The
selection of controlled variables'is berformé-'d_:?s'i;fmehow heuristically by prioritizing the
implementation of the control-ebjective. In 3g_ih'ér-words, it is necessary to control the

material balances of:hydrogen, methane and toluene. the énergy balance is controlled

by the amount of enerdy added to the process (as fuel in thefurnace, cooling water, and

stream), production rate‘and product purity.

Luyben, Tyreus and- Luyben| (1998) applied a heuristic nine-step procedure
together with dynamic simulations to the HDA process and concluded that control
performance is worses,when ‘the' steady-state ‘economic aptimal ‘@esign is used. They
chose toicontrol the inventory of all component in the process (hydrogen, methane,
benzene, toluene, diphenyl) to ensure that the component material balance are satisfied:
the temperature around the reactor are controlled to ensure exothermic heat removal
from the process: total toluene flow or reactor inlet temperature (it is not exact) clear
which one was selected) can be used to set production rate and product purity by the

benzene contents in the benzene column distillate.
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Konda, Rangaiah and Krishnaswamy (2005) used an integrated framework of
simulation and heuristics and proposed a control structure for the HDA process. They
selected fresh toluene feed flow rate to set production rate, product purity at benzene
column distillate to fulfill the product specification, overall toluene conversion in the
reactor to regulate the toluene recycle loop, ratio of hydrogen to aromatics and
quencher outlet temperature to fulfill process constraint, and methane contents in the

purge stream to avoid its accumulation in the process.

Antonio, Marius and Sigurd Skogestad (2006) followed the approach proposed
by Skogestad (2000) based.on Self-optimizing centrol for selected set of controlled
variable. Self-optimizing ~centrolis whén an-aceeptable (economic) loss can be
achieved using constant set.points for the controlled variables, without the need to
reoptimize when disturbanges .occur. Tkﬂey used an HDA process model and SQP
algorithm in Aspen P 6 find p,rimai;y,_controlled variables. They found that it is
optimal to specify six variables for distilla{io.n columns trade-off between energy usage
and recovery: . .ﬂ .

Stabilizer column: XD’be;-;eﬁé_!.: 1x10™

e ! 6
XB’methan_e_—:'l x10

Benzene column: X e =10:9997 (Active constraint)
e Xthnpne :1,3X10_%; -
Toluene columh: Xp giphenyl = 9 > -
X =4x107%

B,toluene

They have five active [Canstraints at reaction section: quencher outlet temperature =
1150°F (upper bound), separator temperature = 95°F (lower bound), fresh toluene feed
rate = 300 Ib-mol/his{upper bound), reactorinlet pressure =500 psia (Upper bound) and
hydrogen to aromatic ratio in reactor inlet = 5 (lower bound) which based on self-
optimizing control. They used a local (linear) analysis based on the SVD of the linearized
model of the plant to select good candidate set for unconstrained controlled variables
(Remaining degree of freedom). Unconstraint controlled variables are Mixer outlet

methane mole fraction and Quencher outlet toluene mole fraction.
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Chotirat Kiatpiriya (2007) followed the approach proposed by Skogestad (2000)
based on Self-optimizing control and maximum scale gain for selected set of controlled
variable. She studies only reaction section, first she control five active constraints follow
by Antonio, Marius and Sigurd Skogestad (2006) and the remaining degree of freedom
she used the maximum scale gain apply to select the best set of remaining controlled
variables. She proposes different three control structures. Control structure one,

methane mole fraction at the gas outlet separator with compressor power, reactor inlet

temperature with furnace heat duty and percent toluene conversion at the plug flow
reactor with the setpoint of the reac y perature controller. Control structure two,
methane mole fraction at the.gas outl th compressor power, reactor inlet
temperature with furnace duty and-benzene-melefraction at the separator bottom

liquid outlet with the reacto e controller. Control structure
three, methane mole fractio utlet s \ G 7 compressor power, reactor
inlet temperature with 1 \ et temperature with the setpoint
of the reactor tempera itrol structure three give better

dynamic response and s

AU INENINYINS
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CHAPTER III

THEORY

3.1 Plantwide Control Structure Design Procedure

Plantwide process control involves the systems'and strategies required to control an entire
chemical plant consisting of many interconnecied unit operations. A control engineers is
typically presented a process«ilowsheet *containing=several recycles streams, energy
integration and many different unitoperation (distillation columns, heat-exchanger, reactor,
etc.). Given such a complex, integrated precess, one must devise the necessary logic,
instrumentation and strategies to'operate the E_ala,lnt safety and achieve its design objectives.

_—

3.1.1 Basic concepts of plantwide contl?;bl i

Buckley (1964) was the figst to suggest th@-cdea of separating plantwide problem into
two parts: material balance control and product quafrty control. He suggested looking first at
the flow of material through the system. A Ioglcal arrarrgement of level and pressure control

loops is established, usiag_flowrate of liquid and gas process streams. The idea is to

establish the inventory control system by setting up this “hydraulic” control structure as the
first step. Then he proposed establishing the product quality control loop by choosing

appropriate manipulated variables.

Jim Douglas (1988) has devisedga hierarchical.approach to the conceptual design
of processaflowsheet. ‘Hevpoints out that in the typical chemical |plant the costs of raw
materials and the value of products are usually much greater than the costs of capital and
energy. This leads to the two Douglas doctrines:

1. Minimize losses of reactants and products.

2. Maximize flowrate though gas recycles systems.

The first idea implies that need tight control of stream composition exiting the
process to avoid losses of reactants and products. The second rests on the principle that

yield is worth more than energy.
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Jim Downs (1992) pointed out the importance of looking at the chemical component
balances around the entire plant and checking to see that the control structure handles
these component balances effectively. He must ensure that all components (reactants,

products and inert) have a way to leave or be consumed within the process.

Stephanopoulos et al. (1996) stated that the synthesis of a control system for a
chemical plant. He asked: “Which variables should be measured in order to monitor
completely the operation of a plant?” Which input should be manipulated for effective
control? How measurements should be paired with. the manipulations to form the control
structure. He noted that the problem of plantwidée.eonirol is “multi-objective” and there is a
need for a systematic and oerganized approach-which-will identify all necessary control
objectives. Their approaches respect.the multi-objective nature of the design problem and
take into account the propagation of. disturbaqces in the process.

Luyben (1998) presented three laws h:ave been developed as a result of number of
case studies of many types ofisysterns:" ‘;- .

1. A stream somewhere in all recycléi'l_pops should be flow controlled. This is to

prevent the snowball effect. s ';;’. -

2. A fresh reactant feed stream cannot b_eﬂ‘éw controlled unless there is essentially
complete one-pass conversion -of O-r_{e','of. the reactants. This law applies to
systems with-_reaction types such as A+ B = products. In systems with
consecutive reactions suchas A+B > M +C andM + B — D +C, the fresh
fees can be flow controlled into the system because any imbalance in the ratios
of reactants is accommodated by a 8hift in the amounts of the two products (M
and D) that are generated. An excess of A will result in the production of more M
and less D. An excess of B results in the production of more D and less M.

3. “Afthe final product fromsa’process comes out the tap| of a distillation column, the
column feed should be liquid. If the final product comes out the bottom of a
column, the feed to the column should be vapor (Cantrell et al., 1995). Changes
in feed flowrate or feed composition have less of dynamic effect on distillate
composition than they do on bottoms composition if the feed is saturated vapor:
bottom is less affected than distillate. If our primary goal is to achieve tight
product quality control, the basic column design should consider the dynamic

implications of feed thermal conditions.
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Bob Richardson suggested the heuristic that the largest stream should be selected

to control the liquid level in a vessel it is called Richardson rule.
3.1.2 Steps of plantwide control structure design procedure

Luyben et al. (1998) presented nine steps of plantwide control design procedure
satisfies the two fundamental chemical engineering principles, namely the overall

conservation of energy and mass.

Step 1: Establish control objectives

Assess the steady-state design.and dynamic control objectives for the process.

These objectives include «reactor and separation yields, product quality
specifications, product gradess@nd‘demand determination, environmental restrictions, and

the range of safe operating conditions. i &

_—

Step 2: Determine control c/egrées of ffj‘e_ae{dom

Count the number of caontral valves avai}éble'.

This is the number of degrees*of freed’jo"_rirf .fc_)r control, i.e., the number of variables
that can be controlled to setpoint. The valves mu§1"ge legitimate (flow though a liquid-filled
line can be regulated by only one cernifol valve)';ffTHé placement of these control valves can
sometimes be made to‘improve dynamic_performance, but.cfien there is no choice in their

location.

Step 3: Establish energy.management system

Mask sure|thatlenergy disturbances dornot propagate throughout the process by
transferring the variability to the plant utility system.

They use the term, energy imanagement to deschibe two functions: (1) they must
provide a control system that removes exothermic heats of reaction from the process. If heat
is not removed to utilities directly at the reactor, then it can be used elsewhere in the
process by other unit operations. (2) If heat integration does occur between process
streams, then the second function of energy management is provide a control system that
prevents the propagation of thermal disturbances and ensures the exothermic reactor heat

is dissipated and not recycled.
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Step 4: Set production rate

Establish the variables that dominate the productivity of the reactor and determine
the most appropriate manipulator to control production rate.

Throughput changes can be achieved only by altering, either directly or indirectly,
conditions in the reactor. To obtain higher production rates must increase overall reaction
rates. For example, temperature is often a dominant reactor variable. If reactor temperature
is not a dominant variable or cannot be changed for safety or yield reasons, in these cases
you must find another dominant variable, such as the concentration of the limiting reactant,
flowrate of initiator or catalyst to the reactor, reactor residence time, reactor pressure, or
agitation rate.

Step 5: Control product qualily and|handle safely, operational, and environmental
constraints '|

Select the “best’sWValves o contrd_l each of the product-quality, safety and
environmental variables. _ﬂ .

They want tight contgel of these impo-';r‘[a‘ht qualities for economic and operational
reasons, Hence they shoulds select.. manib_zjj___atsd variables such that the dynamic
relationships between the controlled angimanip@{aj_ed variables feature small time constants
and deadtimes and large steady-state gains.i?éhould be noted that establishing the
product quality loops first, before.the-material b;labce control structure, is a fundamental

difference between their plantwide control design procedure and Buckley’s procedure.

Step 6: Fix a flow inlevery recycle loop and control inventory (pressure and levels)

Fix a flow in every recyele loop and thensselect the best manipulated variables to
control inventories.

In most processes a flow controller should be present in all liquid recycle loops. This
is a simple_and ‘'effective) way to prevent poteniially large ‘changes in fecycle flows that can
occur if all flows in the recycle loop are controlled by levels. Gas recycle loops are normally
set circulation rate, as limited by compressor capacity, to achieve maximum yields (Douglas
doctrine). An inventory variable should typically be controlled with the manipulated variables

that have the largest effect on it within that unit (Richardson rule).

Step 7: Check component balances
Identify how chemical components enter, leave, and generated or consumed in the

process.
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What are the methods or loops to ensure that the overall component balances for all
chemical species are satisfied at steady-state? They don’t want reactant components to
leave in the product streams because of the yield loss and the desired product purity
specifications. Hence they are limited to the use of two methods: consuming the reactants
by reaction or adjusting their fresh feed flow. Product and inert component all must have an
exit path from the system. In many systems inert are moved by purging off a small fraction of
the recycle stream. The purge rate is adjusted to control the inert composition in the recycle

stream so that an economic balance is maintained between capital and operating costs.

Step 8: Control individual-unit operations

Establish the control.leops - necessary -io-operate each of the individual unit
operations.

Many effective control sghemes have.lbeen established over the years for individual
chemical units (Shinskey,1988): For examplé, @ tubular reaetor usually requires control of
inlet temperature. High-temperaiure endotherEnilc reactions typically have a control system
to adjust the fuel flowrate to affurnace éupplyiag‘énergy to the reactor. Crystallizers require
manipulation of refrigeration load to control ten-{gerature. Oxygen concentration in the stack
gas from a furnace is controlled to prevent excés"s_.fuel usage. Liquid solvent feed flow to an
absorber is controlled as some ratio.to'the gas fe-é_"(-j;-ﬂ‘

Step 9: Optimizeseeonomics or improve dynamic-controllability

Establish the best;/vay to use the remaining control degree of freedom.

After satisfying all .of the basic regulatory requirements, we usually have additional
degrees of freedom involving‘centrol valves thatthave not been used and setpoints in some
controllers that can |be.adjusted. [These can be utilized either to optimize steady-state
economic process performance (e.g., minimize energy, maximize selectivity) or to improve

dynamic response:

Truls Larsson and Skogestad (2000) presented 8 steps of plantwide control design
procedure. They combine step 1 and 9 of nine steps of Luyben (1998) for selection of
controlled variables (control objectives) in step1. The procedure is divided in two main
parts:

I: Top-down analysis (step 1-4), including definition of operational objectives and

consideration of degree of freedom available to meet these.
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[I: Bottom-up design of the control system (step 5-8), starting with the stabilizing
control layer.
Step 1: Definition of operational objectives.
Step 2: Manipulated variables and degrees of freedom.
Step 3: Primary controlled variables.
Step 4: Production rate.
Step 5: Regulatory control layer.
5.1 Stabilization
5.2 Local disturbance rejection
Step 6: Supervisory contrel layer.
6a. Decentralized«(single-loop) conirol
6b. Multivariable control
Step 7: Optimization fayer
Step 8: Validation

.

_—

Definition of operational object/\)es and‘ canstraints (step1)

The operational objectives must be Cléarly_- defined before attempting to design a
control system. Although this'seems cbvious, tﬁfssgtep is frequently overlooked. Preferably,
the operational objectives should -be’combin@?’f.ﬁto a scalar cost function J to be
minimized. In many cases, J may-be-simply selé’c‘téd as the operational cost, but there are
many other possibilities.-Other objectives, including safety_ednstraints, should normally be

formulated as constraints:”

Selection of manipulated variables and degree of freedom analysis (Step2)

They start with the humber of dynamic ar control. degrees ef freedom, N, (m here
denotes manipulated), which is equal tosthe number of.manipulated variables. The number
of manipulated variables! Nim is usually easily: obtained by process insight.as the number of
independentivariables that can be manipulated by external means (typically, the number of
adjustable valves plus other adjustable electrical and mechanical variables). Note that the
original manipulated variables are always extensive variables.

Next, they identify the NOpt optimization degrees of freedom, that is, the degrees of
freedom that affect the operational costJ . In most cases, the cost depends on the steady-

state only, and N, equals the number of steady-state degrees of freedom N . To obtain

opt

the number of steady-state degree of freedom they need to subtract from N :
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- N,,,= The number of manipulated (input) variables with no steady-state effect (or
more generally, with no effect on the cost). Typically, these are “extra” manipulated
variables used to improve the dynamic response, e.g. an extra bypass on a heat exchanger.

- Noyz The number of (output) variables that need to be controlled, but which have
no steady-state effect (or more generally, no effect on the cost). Typically, these are liquid
levels in holdup tanks, and they have

Ny =Ny, = (Ngp +N,)

The optimization is generally subject to constraints, and at the optimum many of
these are usually “active”. The number of ‘free” (unconstrained) degrees of freedom that
are left to optimize the operation is then

N e =Ngsp=N ;. =
This is an important numper,.since it is generally for the unconstrained degrees of

free

freedom that the selection of controlled variables.

Self-optimizing contro! (steps 3) —e

Self-optimizing control (Skogestéd, 20@05: is achieved if a constant setpoint policy
results in an acceptable loss Lk (withoutthe ﬁéed_—to reoptimize when disturbance occur).
Their first control the variables directly relatéjd".to ensuring optimal economic operation
(these are the primary controlled vafiables y, = Cj;?’;‘

To select controlled variables-for self—optim'iiing control, one may use the stepwise
procedure of Skogestad (2000):

Step 3.1 Definition'of, optimal operation (cost and constraints)

Step 3.2 Determine-degrees of freedom for optimization

Step 3.3 Identification’ofiimportant disturbance

Step 3.4 Optimization (neminally and with disturbances)

Step 3.5 Identification of candidate controlled variables

Step. 3.6/ Evaluation of;lass™for alternative combinations. of contiolled variables (loss
imposed byfkeeping constant setpoints when there are disturbances or implementation
errors)

Step 3.7 Evaluation and selection (including controllability analysis)

To identify good candidate controlled variables, €, one should look for variables that

satisfy all of the following requirements :

® The optimal value of € should be insensitive to disturbance.
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® cshould be easy to measure and control (so that the implementation error is
acceptable).

® The value of Cshould be sensitive to changes in the manipulated variables (the
steady-state degree of freedom). Equivalently, the optimum (J as a function
ofC) should be flat.

® For case with more than one unconstrained degree of freedom, the selected

controlled variables should be independent.

Production rate and inventory control (step.4)

The production rate is_commonly assumed to_be set at the inlet to plant, with
outflows used for level control. They-have thJe following rule: ldentify the main bottleneck in
the plant by optimizing the operation with the feedrate as a degree of freedom. Set the

production rate at this locations \

Regulatory layer (step5) ;
The main objective j0f regulatory conflrpl layer is to stabilize the plant. Usually it
consists of single input-singlefouiput (SISO) P'l':';;cd'htrol loops. The controlled variables for
stabilization are measured output var’iébles y;‘a?fj their setpoint y, may be used as
degree of freedom by the layers above; i
A good secondary controlled variable":(-f-ﬁéééurement) usually has the following
properties: [ ~£
® The variable ié gasy to measure
® The variable is éasy to control using one of the aVaiIabIe manipulated variables
(the maniputlated variablg snould have a fdirect” fast and strong effect on it)

® [or staBilization: The unstable mode should be detected “quickly” by the
measurement (eompute, fer;example~thes pele mectersforsa; more detailed
analysis)

® [or |local disturbance rejection: The variables is located “close” downstream of

an important disturbance (use, for example, a partial control analysis for a more
detailed analysis)

The “unstable” modes are very often related to inventory in each unit. This includes
both the overall inventory (total mass) as well as the inventory of individual components.

® For liquid phase systems, overall inventory in each unit is stabilized by

controlling liquid level.
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® For gas phase systems, overall inventory (pressure) is controlled in selected
units, but in many units it is left uncontrolled (floating), for example, to
minimize pressure drop.

® F[or both gas and liquid phase systems, the inventory of individual
components may need to be stabilized. Usually, this involves controlling a
composition, or a derived property such as temperature. For example, in a

distillation column, a temperature controller is often used to stabilize its

D

.J

otherwise drifting compositi

a0

Supervisory control (St%
They purpose the W

Optimization (step?7) ——

Sl 2 N

The purpose of tﬁ optimization is toi iy ' onstraints and recomputed
A

optimal setpoints C, for controlied variables

Validation (step8)

-

After haviﬂﬂﬂ{o& %|W§W| EtJJ&] ﬂjmay be necessary to

validate the structure; for example, using nonlinear dynamic simulation of critical parts.

ARIAN TN INAE
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3.2 New Plantwide Control Structure Design Procedure

Luyben et al. (1998) presented nine step of control structure design base on
heuristic and engineering insight. Skogestad et al (2000) applied the nine steps by
combination step 1 and 9 of Luyben for selection the controlled variables in step1. His
purpose is receiving the best value of process operation for minimum utility.

This paper, we presented eight steps of control structure design base on heuristic

combine with mathematics. The purpose of inew plantwide control structure design is one

structures in perspective. TW' S|gn is complex and confused.

One easy way to deal with [ ; Ilzmg it. However, the whole is

parts and system. The pr desigr i wn in Figure 3.2 comprising

»2200
Ak .-"l.l'_i“ ‘7

\

4. Selection of

5. Selection of con

6. Selection of con@her ty.pe
ﬂﬂﬂ?ﬂﬂﬂ‘ﬁwmﬂ‘i
9 RININT UN1INYAY




Raw material

5i8

\4
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O—0O Reaction section
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O
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[5] [

T

-—0——0
Energy Integration

Material recycles

=@ =

Separation segction

Interface control

Products .

Figure 3.1 Flow diagram- of the Plantwide control structure

Plantwide control design procedures

Plantwide level

F1= Control objectives il L3

2= Degree of freedom 1= Control objective
g Safety 2= Degree. of freedom
"= Material recycle T F?" Safety

5= Energy recycle 4= Inventory loop

6= Component control 5= Quality loop

=7= Optimization ~6= Optimization

Figure 3.2 Typical of control hierarchy in plantwide control
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3.2.1. Fixture point theorem

Hagglund (1995) present the real-time oscillation detection by calculates the
integrated absolute deviation (IAE) between successive zero crossing of controller error
signal. Its motivation is automatic monitoring of control-loop performance and detects
oscillations in the control loop.

From his presented and the method of selection of controlled variable is proposed
by Skogestad (2000), if we apply this idea of detection oscillations and sensitivity of process
variables with disturbances for selection thes controlled variable which can detect
disturbances that propagate planiwide.

As mentioned abovewand-ihe cencept-oi-material and energy disturbance
propagation controls lead to fixturespoint theorem. Fixture point control theorem is transfixing

point that given the most disturbance. \

i

Fixture points theorem analvsis =S

1. ldentify key material variables (KMV) alli‘fudlkey energy variables (KEV) from nature of
process variables (lage mag:nitude,!-:'bigh frequency and no quickly exit to
surrounding). -"-T.rf-',,_

2. Consideration at dynamic mede'(open Io@?ﬂ%ntrol) of Hysys simulation.

3. Steps of fixture point e, _q

Step1.Output (key-process variables) screening techn[qﬁu_e: The candidate output

(key process variables) can be considered by selecting the best in term of
having the most disturbances from the selected inputs, i.e. having the
largest IAE valuesChange Input variables (MV and D) for ranking output
sensitivity: (The mast sensitivity: = Key process variables)

Step2.Test load disturbance (Load disturbance = key process variables from step1)
Rank the key, process variables:

Step8.Normalize the IAE value which different units by maximum variation of

each typical variable for bring it to summarize (Type of process variables

are temperature, pressure, flowrate and composition)

Step4.Consider the first ranking of controlled variables: Considering key process
variables that gives the most disturbance of other process variables (sum of

normalize |AE value is large) should be controlled.

IAE =T|e(t)|dt (3.1)
0
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As equation (3.1), e(t)= Ay, (t) is the change in i process variable on time t when

key process j change ((Y, ), wheniandj=1,2,3...n)
Eight steps of our new control structure design procedure.

The new plantwide control structure design procedure show as table 3.1.

Table 3.1 A plantwide control structure,design procedure.

Step of new plantwide control structure design.

1.Determine control objectives and ;'orperation constrains:
Identify eontrol objectives (Plantwide and unit level)
|dentify operation"gal constraints

2.Determine control degrees/of freedom

3.Handle safety opeérational and énvironmental constrains
L A%
4

o

4.Set production rate
5.Establish Key Control Structures e

Using ﬂxture point thédrem for mass pathway direction
control — :H
6.Energy management sttt

7.Establish remalmﬁgﬂtﬁdmdﬁal—um{—epeuca&eﬁsi

8.0ptimization viarextra degrees of freedom

Step1. Deterfine]controhobjéectives:and:operation constrains
Assess "thesteady-state” design’ and 'dynamic " control objective for the
process. This is probably the most important aspectsof the problem because different
control objective leads! to. differenty contrel structures. | The control’ objectives include
satisfying thé process constraints (including product quality). We identify the control

objective by considering plantwide level and unit level.

Plantwide level: plantwide objectives should be formulated from the
operation requirements of the plant. These control objectives typically include product
quality and production rate.

Unit level: unit objective should be formulated from the stable operation of

the plant. Perhaps, unit objective can used to minimize economic loss by applying self-
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optimizing control. It relate to plantwide level. For example the distillation column, we can
find the optimum condition (etc., the objective is purity of product) which minimize the loss

of utility (Duty of condenser and reboiler operate at flat).

Step2. Determine control degrees of freedom
Traditionally, control degree of freedom is obtained by subtracting the sum
of number of equations and externally defined variables from the number of variables.
Luyben et al. proposed to count the number of control valves to find the control degree of
freedom (DOF) of the process. This paper finds'the DOF by Larsson (2000) method show in
table 3.2.

-

Table 3.2 Typical numbegrof sieady-state degree of freedom

Process unit

Each external feed stigam
Splitter

Mixer

Compressor, turbine, and pump
Adiabatic flash tank

Liguid phase reactor

Gas phase reactor

Heat exchanger

Column (e.g. distillation)

excluding heat exchangers

DOF 4
1-(feed rate)
n-1 ésplft fractions (nis the number of exit streams)

0

g
0 7__-:,'_1}
1 (hola.u—pj).:

a

1 (duty or net area)

0% + number of side streams

Note: a = Add 1 degree of freedom for each extra pressure that is set (need an extra valve, compressor, or

pump), e.g., insflash tank; gas'phase freactor, of lcolumn.

Step3. .Handle safety operational and environmental. constrains
Most chemical processes are inherentlystablelall operated.at stable region.
Although material recycle might cause system inoperable this come from snowball effect”.
Positive feedback all material recycle loop cause degradation in control performance.
By maintaining other control objective, i.e. loop that regulating material &
energy flow in a process plant, some other objective are satisfy as the result for example
safety and constraints regulation might be accomplish to higher control such as override

control and selective control, emergency shutdown system (ESD)[WS].
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Plantwide level: consider material recycle loop it causes a system to be born

“snowball effect”.
Unit level: the reactor is important unit for safety (temperature and pressure)

condition.

Step4. Set production rate
This step involves identifying production rate manipulator selection.
Decision the place where manipulation the production rate. Usually, from the main raw

material to main product is used setting the production rate.

Stepb. Establish Keys Conlrol Struc—fi/re

Plantwide systemhas'the most interaction between unit operations, if we can
detect the point that give the" most sensiti\:'g.e with disturbances and big propagation to
plantwide. Of course, this poin#shatld be control for disturbance rejection.

Step 1 to 4, weihave set “of prooess variables must be control for handle
purity, production and safetyOperation. These varlables came from engineering insight. This
step, we use the fixture point ana|y3|s for rndfca‘tion the set of controlled variables for
process stabilization. —— X —

First, screening output varrables foﬁdenUﬂcann to key process variables by

.l

using input variables change The Cand|date oG‘tput (key gprocess variables) can be
considered by selecting; tbe—best—rﬁ—tem—ef—hawﬁg—ﬂie—mesi—dxsturbances from the selected
inputs, i.e. having the Iargest IAE value. After that, use the ﬂxture point analysis for finding
the rank of key process Variables. We can pair the selected key process variable with
manipulated variable followsby erder ranking.
Rules for selecting ‘manipulated variable (MV) to control key process
variable (KPV)
1. Selectymanipulated:variable that isigood cantrollability for key process
variable.
2. Select manipulated variable to maximize the magnitude of the (scale)
gain from MV to KPV.

3. Avoid the manipulated variables that may saturate.
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Stepb. Energy management
To avoid heat removals from the thermal sinks and prevent propagation of
thermal disturbance. We use the term energy management to describe two functions.

4. We must provide a control system that removes exothermic heats of
reaction from the process. If heat of reaction is not removed to utilities
directly then it can propagate to plantwide and effect to other units
operation.

5. If heat integration does occur between process streams, then the
second function of energy/management is to provide a control system
that prevents the propagation“clsthermal disturbances and ensure the
exothermie~reactor heat is dissipated and not recycled. Process-to-
process heatexehanger and heat-integrated unit operations must be
analyzed terdetermine tl?at there are sufficient degrees of freedom for

control. i ' b

_—

Step7. Establish remainiag individual ﬁp/t operation
Control of individual= unit op_é‘féiti‘o'n is considered priority to checking
component material balances. ‘This Sfep takéf?__‘cgqre composition loops (or temperature
loops) and other loops (levels and b"r'éss-ures) ofaﬂ—tfqﬂe individual unit operations.
1. For liquid phas'e'-‘S'yétems, o@é?éﬁ]ﬁventory‘_in each unit is stabilized by

controlling-iguid-ievel:

2. For gés- phase systems, controlling preééhre for prevention floating
condition.

3. [Forscompositions; we ~do .not, need; to, cantrol the inventory of all
components butishould consider single component that effect to several
components. Usuallyy the composition controlling insdistillation column

related to temperature so.used it to stabilize the composition profile.

Step8. Optimization via extra degree of freedom
Many a times, the job of control engineer is placement the control valves in
the process flow diagram which needs the improving dynamic controllability and reduce
economic loss. The extra degree of freedom in this step includes the remaining degree of

freedom.
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3.3 Steady-State Gain

The availability of accurate steady-state gains for a multivariable process facilitates
significantly the control system design procedure. The steady-state gains provide the zero
frequency characteristics of the system. This piece of information enables the initial
screening and selection of proper manipulated and/ or controlled variables, variable pairing,
and initial evaluation of candidate control structures (Grosdidier et al., 1985: Yu and Luyben,
1986; Shinskey, 1988).

The steady-state gains can be determined by using either plant tests (although it has
been shown (Luyben, 1987a) that the results mighisbe seriously different from those of a
linearized model of the process) or some kind of'a rating program (Buckley et al., 1985). A
third and more complex alternativeris to get the steady-state gains through a transfer
function identification proceduge, if.dynamic plant data or data from a dynamic model of the
process are available. 4

The usual method.i0 determine the gginﬁ is an open loop type of test. A specific
control structure is assumeds A small berturbéj’gio-n Is introduced in one of the manipulated
variables. All the remaining manipulated variab'ir-e's are held constant. The rating program is
converged. All measurement variables chah’dé_s. are recorded. The steady-state gain

¥ b ;!j,l
between the / controlled variable andithe manipeﬂat_éd variable is calculated as
g =A% Am i=L2,n j-1L2,..,m (3.2)

where g , is the jj element of the gain matrix and AXij is the change in the i controlled
variable because of.the Amj change.in.the./ manipulated variable.

According ito this' procedure,l m.tests need tol.be performed for every candidate
control structure where m is the number of manipulated variables. Far.controlled variable
selection, this procedute issideal because it provides gains far all controlled variables.

The problem of the effect of scaling on the steady-state gains process is handled by
expressing the gains of all the plant transfer functions in dimensionless form. The gains with
engineering units are divided by transmitter spans and multiplied by valve gains. The

method for scaling on the steady-state gains are elucidated below.
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3.4 Scaling

Scaling is very important in practical applications as it makes model analysis and
controller design (weight selection) much simpler. It requires the engineer to make a
judgment at the start of the design process about the required performance of the system.
To do this, decisions are made on the expected magnitudes of disturbance and reference
changes, on the allowed magnitude of each input signal, and on the allowed deviation of
each input. Let the unscaled (or originally scaled) linear model of the process in deviation
variable be

J=Gli+G,d: é=y—r (3.3)
- |

Where a hat (") is used«to show that the variables are in their unscaled units. A
useful approach for scaling is t@'make the variables less than 1 in magnitude. This is done
by dividing each variable™®y its"maximum: expected or allowed change. For disturbances

and manipulated inputs, weiised the scaled variables

where: 3 2 |
- d,,, - largest expected chane in disturbance

- U - largest allowed inputthange S Al

The maximum deviation from a nominal value should-be chosen by thinking of the
maximum value one can expect, or allow, as function of time. The variables §,6 and Ff
are in the same units, ,so .the“same. scaling. factor_should.be. applied to each. Two
alternatives are possible:

- € -largestallowed control error
- [ largest expected change in'reference valug
Since'a major objective of control is to minimize the control error, we here usually

choose to scaled with respect to the minimum control error:

D
Il
D>
~
D>
—
w
@)
=

max 2 max



CHAPTER IV

PROCESS DESCRIPTION AND CASE STUDY

4.1 HDA process description for case study

In the HDA process, fresh toluene (pure) and hydrogen (97% hydrogen and 3%
methane) are mixed with the recycled tolueneand hydrogen (Figure 4.1A).

This reactant mixture iS preheated in a feed-effluent heat exchanger (FEHE)
using the reactor effluent'stream and then to the reaction temperature in a furnace
before being fed to adiabatie’plug flow reactor (PER). Two main reaction taking place
inside this reactor are :

Teluene 4 H 27 = B,énzene+ Methane (4.1)
2Benzene &> Dip'heﬁyl +H, (4.2)

Purge (CHy + Hy)

H2 Recycle “
[————F - F~ 3 C—— e o — - — — " — -
i i [ |

4 1Quégnch

EEHE Furnace—— S———

—bja - ;kr Separato
Cooler 'L:| P 1
B 1 I

Stabilizer
Column

Toluene
Column

Benzepe
Column

Diphenyl

Figure 4.1A The Hydrodealkylation process (Luyben 1998)

The kinetic rate expressions are functions of the partial pressure (psia unit) of
toluene p;, hydrogen p,,, benzene pg, and diphenyl p, with an Arrhenius temperature
dependence. Zimmerman and York (1964) provide the following rate expression

r, =3.6858 x10° exp(-25616/T)P, PY?
r, =5.987x10" exp(-25616/T)P? —2.553x10° exp(—25616/T)P, P,,
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Where r, and r, have units of Iomol /(minx ft*) and T is the absolute temperature
in Kelvin. The heats of reaction given by Douglas (1988) are -21500 Btu/lbmol of toluene
for r, and O Btu/lbmol forr,

The reactor effluent is quenched with a portion of the recycle separator liquid to
prevent coking and further cooled in the FEHE and cooler before being fed to the flash
separator. A portion of the unconverted hydrogen and methane overhead vapor from the
separator is purged (to avoid accumulation of methane within the process) while the
remainder in compressed and recycled to the reactor. The liquid from the separator is
processed in the separation section consisting of three distillation columns. The
stabilizer column removes hydrogen and methane as the overhead product, and
benzene is the desired proeduci-from the benzene-column top. Finally, in the toluene
column, toluene is separated.irom diphenyl, as the distillate and recycled back to the

process.

1
]
" |
i

4.1.1 Steady-state modeling ... .

The model of thedHDA prdéess u‘li_sea in this paper is a version of the model
developed by Luyben (2002) A flowsheet cla}a_jﬁhe Hysys model show in Figure 4.1B. The
flowsheet streams data taken from, Antonid’,f-ﬂ/larius and Sigurd Skogestad (2006) show
in table 5. The equipment desighs fellow fro@éﬁglas (1988) and Luyben et al. (1998).

The Peng-Robinson (PR) equation of-',;t_été-i,s selected for the property estimation

as it is very reliable _foj predicting the properties-of hydroc::arbons over a wide range of

conditions and is geferally recommended for oil, gas and petrochemical applications.

4.1.2 Operation constraints

1. Minimum|productien rate
D'benzene = 265 Ibmel/h
2\ Hydrogemtoiaromatic, ratio lin‘reactar inlét (Prevent coking)
rH2 > 5
3. Maximum toluene feed rate
F toluene < 300 Ibmol/h
4. Reactor inlet pressure
P reactor < 500 psia
5. Reactor outlet temperature (Prevent hydro cracking reaction)

T reactor, out <1300 F



6. Quencher outlet temperature
(Prevent thermal decomposition of products and to avoid fouling in FEHE)
T quencher, out < 1150 F
7. Product purity at the benzene column distillation
XD, benzene = 0.9997
8. Separator inlet temperature
95 F < T separator, in <105 F

9. Reactor inlet temperature: To get high enough reactor rates

33

Unit
RX (Reactor):
9.53
57
1
HX (Heat-Exchanger): _.{EJT /
Shelfvolurie , 500
’ 500
FUR (Furnace): A
- 300
COND (Condenser): !
¢ . Volume (f) o 300

SEP (Separatw
Volume (ft3

TR TE TR g
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Table 4.2 Equipment data of separation section

Unit Specification
Stabilizer column:
Number of theoretical trays
Feed tray
Diameter (ft)
Reboiler volume (fts) 250
Condenser volu 7.5
Benzene column:
27
15
5.7
316
293
Toluene column:
2.5
46
36

4.1.3 Degree of freedem-anatysis

Table 4.3 Typical numﬁr of ste

‘o

eoﬂ for some process units

Splitter
wer Q) {AIN 1
Compressor, turbine, and pump
Adiabatic flash tank

Liquid phase reactor

Gas phase reactor

Heat exchanger

Column (e.g. distillation)
excluding heat exchangers

as
Process unit g | !'1' ﬂ n'.i
Each external e feedrate) @ =~ 0T W

n split fractioms.(n is the numb@r of exit streams)

1 (duty or net area)
0% + number of side streams

Note a = Add 1 degree of freedom for each extra pressure that is set (need an extra valve, compressor, or pump),

e.g., in flash tank, gas phase reactor, or column.
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Figure 4.4B ) ¢ viat )A) H orocess flow sheet.

4.1.4 Manipulated variak

s

Number symbol List of

V Flow of cooling stream to quenc r valve
Qfur ‘&urnace heat dutyi*

ARE TUENINEINT

ressor p

© 0o N o o b~ W N =

AW FINFRERAINLAY

V10 Toluene éoycle valve
a

V13 Benzene column overhead valve
13 V14 Benzene column bottom valve
14 V15 Toluene column bottom valve
15 qc Stabilizer column condenser heat duty
16 qc2 Benzene column condenser heat duty
17 qc3 Toluene column condenser heat duty
18 gri Stabilizer column reboiler heat duty
19 qr2 Benzene column reboiler heat duty

20 ar3 Toluene column reboiler heat duty



Table 4.4 Stream table for the nominally optimal operating point for the HDA process #
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Name FFH2 | FFTol | 2 22 8 TOTTOL .32 : 4 31 12 RIN ROUT 13 GAS LIQ GREC
vapor fraction 1.0000 | 0.0000 | 1.0000 | 0.0000 | 0.9298 | 0.0000" 41,0000 || 1.0000. |4.0000 | 1.0000 | 1.0000 | 0.9024 | 1.0000 | 0.0000 | 1.0000
temperature (F) 100.00 | 100.00 | 100.00 | 100.33 | 120.92 2543’5 1004.79 H 115037 | 361.12 | 1201.20 | 1270.68 | 95.00 95.00 95.00 | 95.00
pressure (psia) 605.00 | 605.00 | 555.00 | 555.00 | 555.00 isi@edb 536.00° | 49600 | 47740 | 500.00 | 496.00 | 477.00 | 477.00 | 477.00 | 477.00
total flow (Iomole/h) | 446.77 | 300.00 | 446.77 | 300.00 | 5063.49 "é;._ss 506379 “524}_6.55 5246.56 | 5063.49 | 5063.50 | 5246.55 | 4734.31 | 512.24 | 4331.89
mole fraction ‘,f : : il i
hydrogen 09700 | 0.0000 | 0.9700 | 0.0000 | 0.3591 | 0.0900 '~"o.3“591 fgiiéfé 02918 | 03591 | 0.3022 | 02918 | 0.3230 | 0.0034 | 0.3230
methane 0.0300 | 0.0000 | 0.0300 | 0.0000 | 0.5691 | 0.0000" _o‘._éé% ‘oé'tmf 0.6081 | 0.5691 | 0.6283 | 0.6081 | 0.6682 | 0.0522 | 0.6682
benzene 00000 | 0.0000 | 0.0000 | 0.0000 | 0.0072 | 0.0001 {-6.0672 3__,' 7" | 0ossr | o002 | 00619 | 00887 | 0o0s4 | 0.8308 | 0.0084
toluene 0.0000 | 10000 | 0.0000 | 1.0000 | 0.0646.__ | 0.9998 "+ 00646 00080° fr0:0030 100646 | 0.0054 | 0.0080 | 0.0003 | 0.0792 | 0.0003
diphenyl 0.0000 | 0.0000 | 0.0000 | 0.0000 | 0.0000} 00000 ——~5:0000—~390 33534 %“j"o.oooo 0.0022 | 0.0034 | 0.0000 | 0.0344 | 0.0000
molar flow (Ibmole/h) - v
hydrogen 433.37 | 0.00 433.37 | 0.00 1818.41 170.00 181841 | 1531.09 | 1531.09° | 181841 | 1530.14 | 1531.09 | 1529.34 | 1.75 1399.34
methane 13.40 | 0.00 13.40 | 0.00 288161, 140,00 2881:64, o 319037 ;| 319037 4.2881.61 | 3181.16 | 3190.37 | 3163.65 | 26.72 | 2894.74
benzene 0.00 0.00 0.00 0.00 36133 0.05 36:33 46551 1 |lae5.511 || 8668 31332 | 46551 | 39.93 42558 | 36.54
toluene 0.00 300.00 | 0.00 300.00 | 327.13 | 32592 | 3273 | 41.96 41.96 327.13 @ 27.59 41.96 1.38 4057 | 1.27
dipheny! 0.00 0.00 0.00 6,00 0.01 0.01 001 1762 17.62 0.01 .29 17.62 0.00 17.61 | 0.00

9¢
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Table 4.4 (Continued) Stream table for the nominally optimal operating point for}.tﬂg HDA process

-

37

Name 19 PURGE | 15 28 27 29 m'fout veout F1 D1 B1 9 G-REC | B2 D2
vapor fraction 1.0000 1.0000 0.0000 0.0000 o.ogg)f__. ‘&__QOOO 1.q000 0.0000 0.0340 1.0000 0.0000 0.4500 1.0000 0.0000 0.0000
temperature (F) 95.00 93.47 95.31 95.31 95.3/’?95.51 11&}).45 95.51 96.15 -70.10 366.79 233.96 | 122.74 312.34 | 221.99
pressure (psia) 477.00 427.00 530.00 530.00 5?:5%4 _496.00 ; %9620- 496.00 150.31 150.00 150.51 31.00 555.00 32.16 30.00
total flow (Ibmole/h) 402.42 402.42 512.24 183.89 BQ&IA' }83.39 "5245:89 . 183.89 328.35 18.25 310.09 310.09 4290.74 | 37.26 272.83
mole fraction [ pe - ?J '

hydrogen 0.3230 0.3230 0.0034 0.0034 0.0034 QOO34 0.291_7::-‘;" *0.0084 0.0034 0.0615 0.0000 0.0000 0.3228 0.0000 0.0000

methane 0.6682 0.6682 0.0522 0.0522 0.0522 "10.052—1 i 0.608‘1":"&';9.0522 0.0522 0.9384 1.00E-06 | 0.0000 0.6685 0.0000 0.0000

e o i)
benzene 0.0084 0.0084 0.8308 0.8308 0.8308 OJSg_M__ 0.0888236‘.";3308 0.8308 0.0001 0.8797 0.8797 0.0085 0.0013 0.9997
toluene 0.0003 0.0003 0.0792 0.0792 ‘__0.0792 OT‘G?S'A'Z-—. 0.0080':—:1'{:6."0'.792 0.0792 0.0000 0.0839 0.0839 0.0003 0.6957 0.0003
\ /

diphenyl 0.0000 0.0000 0.0344 0.0344 * -,_84'30’%44 0.0346 0.0034 0.0344. 6} 05244i 0.0000 0.0364 0.0364 0.0000 0.3030 0.0000
molar flow (Ibmole/h) fﬁ 3‘1

hydrogen 129.99 129.99 1.75 0.63 ™2 0.63 1530.77 | 0.63 12 112 0.00 0.00 1385.04 | 0.00 0.00

methane 268.91 268.91 26.72 9.59 1713 9.56 3190.72 1 .9.59 17.13 17.13 0.00 0.00 2868.20 | 0.00 0.00

benzene 3.39 3.39 425.58 152.718 212.80 19248 465:80 152.78 21280 0.00 272.80 272.80 36.28 0.05 272.75

toluene 0.12 0.12 40.57 14.57 26.01 14.37 41.96 14.57 26.01 0.00 26.01 26.01 1.21 25.93 0.08

diphenyl 0.00 0.00 171641 6.32 .29 6.85 17.64 6:32 11.29 0.00 11.29 11.29 0.00 11.29 0.00

LE
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Table 4.4 (Continued) Stream table for the nominally optimal operating point fo‘i'_.,ﬂw‘g HDA process
> _aF

-
i

38

B3

Name 23 17 14 20 " o 21 D3 26 30 TREC 1 dischag
vapor fraction 0.0000 0.0000 0.0000 0.0000""" #0000 | 0.0236. | 00000+ | 0.0000 | 0.0000 | 0.0019 | 0.0000 | 0.0000 | 1.0000
temperature (F) 285.01 312,61 222.39 22249" ;,r’féo.og | 30784 | 6570y | 27968 | 56735 | 55711 | 28462 | 28501 | 12274
pressure (psia) 555.00 82.16 80.00 50008 I 50.00 V3047 30.50 30.00 80.50 3050 | 67500 | 55500 | 555.00
total flow (Ibmole/h) 25.98 37.26 272.83 972.83 A FE s 11.28 25.98 11.28 1128 | 2598 | 2598 | 4331.89
mole fraction f [ £l —
hydrogen 0.0000 0.0000 0.0000 o.OO(pr 90615 _@90’@'0 0.0000 | 00000 | 0.0000 | 0.0000 |[0.0000 | 00000 | 0.3230
methane 0.0000 0.0000 0.0000 0.0000 [ 10,9384 | 00000, | 00000 | 00000 |0.0000 | 00000 | 00000 |00000 | 06682
benzene 0.0019 0.0013 0.9997 0.999% 070007 6..5(5‘13" 0.0000 | 00019 |00000 |00000 | 00019 | 00019 | 0.0084
toluene 0.9976 0.6957 0.0003 00003 § __O.G(}E)’f_j 0 957, | 00004 | 09976 | 0.0004 | 0.0004 | 08976 | 0.9976 | 0.0003
diphenyl 0.0005 0.3030 0.0000 0.0000 = |00800 | 08030 | 09996 | 0.0005 | 0.9996 | 0.9996 | 0.0005 | 0.0005 | 0.0000
molar flow (Ibmole/h) - W .“,"j-l'__:‘_‘:_- -
hydrogen 0.00 0.00 0.00 0.00 1.12 0.00 0000, ([ 0.00 0.00 0.00 0.00 0.00 1399.34
methane 0.00 0.00 0.00 0,00 17.13 0.00 000+ 0.00 0.00 0.00 0.00 0.00 2894.74
benzene 0.05 0.05 272.75 272,75 0.00 0.05 000 — | 005 0.00 0.00 0.05 0.05 36.54
toluene 25.92 25.93 0.08 0:08 0.00 25.93 000 s | 2592 0.00 0.00 2592 | 25.92 1.27
dipheny 0.01 11.29 0.00 0.00 0.00 1129 11.28 0.01 11.28 1128 | 0.01 0.01 0.00
Name qfur gcooler wkcomp ar1 qct qr2 qc2 ar3 qc3
Btu/h 1576407 | 217E+07 | 957E+05 | 9.82E+03 | 3.78E406 | 8.53E+06 |=1,02E+07 | 7.00E+05.f 4.19E+05

8¢
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4.2 New plantwide control structure design procedure

Table 4.5 Improved heuristic methodology

Step of new plantwide control structure design.

1.Determine control objectives and operation constrains:
Identify control objectives (Plantwide and unit level)
Identify operational constraints

2.Determine control degrees of freedom

3.Handle safety operational and environmenial.eonstrains

4.Set production rate 3

5.Establish Key Control.Siruetures:
Using fixture point theerém for mass pathway direction control

+

6.Energy management )

7 Establish remaining individual unitoperations

8.0Optimization via exira degrees of fréedom p
Y

4.3 Case Study
¥ dia

This section describes the fixture po:i_éﬁf!_f‘:ontrol procedure applied to the HDA
process model in Hysys starting with-the cor{t‘ff'dl.f'nb]'ectives.r

4.3.1 Plantwide Conirol Strategy

Step 1 Determine control©bjectives and operation constrains

The objectives we decomposed! into. two'levels: Plantwide level and Unit level.
Plantwide objectives typically include production rate, product quality and minimum
economi¢ 10ss Unit, operation-gbjectives typically‘includelequipmenticonstrains, safety
concernand smooth operation (process stability).
HDA process:

Plantwide objectives:

The goals of plantwide are to produce benzene product at 265 Ibmole/hr with
0.9997 purity and minimum loss of economic. We use the optimum value operation

follow by Araujo et al. (2006) for minimum utility usage in normal operating point.
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Unit operation objectives:

The goals of unit operation are avoid drift of process variables (process stability)
and control equipment constrains.

Summary:

(1) Production rate: 265 lbmole/hr
(2) Product quality: benzene purity > 99.97 %
(3) Following by Araujo et al, 2006 specify 6 variables for distillation column to
minimize economic loss.
(4) Process constrains:

1. The reactor inlet temperatlie” should be around 1150°F. This is an
optimization decision to have-beiier reaction raie:

2. The réactor.otiliét temperature should not exceed 1300°F to avoid
coking. \
3. Thesoutleifstpeam from‘: the reactor. must be quenched to 1150°F to
prevent thermal decomposition of préducts:.e;nd avoid fouling in heat-exchanger.

4. The ratio of hydrégen t&f aromatics (benzene, toluene and diphenyl)
has to be at least five at the reactor inlei-:',__l_ixt_-:ess hydrogen encourages the primary
reaction and discourages the secondary reéd’t[qn.

A

Step 2 Determine control degre‘es'of,freedorr:f‘?".»«'"

From table 46we—have—18—sffeaéy—s%ate—éegfees«1f freedom and 7 liquid levels

that need to be cc;nt'rolled which have no steady—stéie effect. So we have 20

manipulated variables for control structure design.

Table 4.6 Steady-state degree of freedom analysis (Skogestad, 2002)

Process unit DOF
Each external feed stream 2x1=2
Splitter (purge and quench) 2x1=2
Compressor 1x1=1
Adiabatic flash tank (separator) 1x0=0
Gas phase reactor 1x0=0
Heat exchanger in reaction section (furnace and cooler) 2x1=2
Heat exchanger in distillation section (3 distillation column) 3x2=6
Total 13
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Step 3 Handle safety operational and environmental constrains

Plantwide level:

Consider material recycle loop it causes a system to be born “snowball effect”.
HDA processes have two recycle streams: gas recycle and liquid recycle, we focus on
gas recycle because liquid recycle is pure toluene reactant (a little contaminates) but
gas recycle have more methane contaminate lead to snowball effect. Therefore one
method use for avoid snowball effect is control the methane composition in the process.

Unit level:

The reactor is important unit because it has gas phase exothermic reaction
(unstable unit operation). The reactor can operate.at maximum temperature of catalyst
damaging or result in a-vessel-meltdown. The-temperature and pressure of reactor

should be controlled.

Step 4 Set productionsrate v

Three positions used for set produ'étic‘)'-n rate: one reactor inlet temperature to get
high enough reaction rates,; twa quantities 6f;__tol_uene reactant (limiting reactant) feed into
reactor and three hydrogen feed streams béﬂause steady-state simulation tell us the side
reaction occur about 60% conversion of kﬁ}?ﬁne product so the hydrogen is good
sensitivity for limit side reaction: {Usually, the:_rééctor inlet temperature is fixed for safety
and side reaction \gontrol by quencher temperature indigectly, so one way for set

production rate is fixihg-fresh feed toluene.)
Step 5 Establish Keys CohtrekStructure

All processes have the key points (type and placement of process variables)
meaning!ifthe ‘disturbance ocCeurs lin the, process, the key: points-ere most varied. In a
similar way if we know what variable most affect to other variables, we can control the
direction of it (key variables) for control disturbance propagation in the process.

Because the toluene conversion in the reactor is high (~95%), the result is that
the liquid recycle (toluene recycle) is small. Therefore, we separate into reaction section
and separation section of the control structure designs. In the reaction section we select
key control variables from fixture point theorem and in the separation section we select

control variable from sensitivity method.
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Qutput (key process variables) screening

First, screening output variables for identification key process variables by using
input variables change (change one percent of manipulated variables and disturbance
variables (temperature, pressure and flow rate of fresh feed streams)).The result shown

as below (reaction section only).

Table 4.7 Key process variables screening

re variable

position A : position on flowsheet  |AE value
Reactor inlet stream — & 8.54
Reactor out streaw 8.25
Quencher outleM 8.13
Gas recycle strea 7.30
Separator inlet 7.25
Separator liquid _ 7.22
Separator vapor s o AS 7.22
Compressor inl ' 7.22
Purge stream 7.16
7.12
5.57

-
,,,,,,, \J on flowsheet IAE value

1.72
Separator vaporstream 1.72
Separatorll uid stfeam 1.72
oo UNFHYNNT
Reactor di.ltlet stream ROUT 1.66

1.66
‘Eﬁmﬁﬁﬂ'ﬁm wﬁ'mmaﬂ
Mlxture stream 1.57
Total toluene stream TOTTOL 1.57

Gas recycle stream G-REC 1.57




Table 4.7 (Continue) Key process variables screening
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Flow variable

position Symbol of position on flowsheet IAE value
Quencher outlet stream m2out 72.63
Separator inlet stream 13 72.52
Mixture stream 8 70.77
Reactor inlet stream RIN 70.74
Reactor outlet stream 70.67
Separator vapor stream 67.83
Compressor inlet stream 64.30
Gas recycle stream 64.30
position Symk - osition on flowsheet IAE value
Separator vapor stre 0.0185
Compressor inlet 0.0185
Gas recycle stream 0.0185
Purge stream 0.0185
Reactor outlet strea 0.0172
Quencher outlet strea 0.0166
Mixture stream 0.0152
Reactor inlet stream 0.0152
position on flowsheet IAE value
Separator vapor: 0.0199
Compressor inlet 0.0199
Gas recycle strea 0.0199
Purge stream ) PURGE 0.0199
Reactor — : 0.0188
A ANENINYINS
Mixture stréam ¢ 8 0.0173

Reactorinlet s

0.0173

pqition Symbol of position on flowsheet |IAE value
Separator liquid stream LIQ 0.0179
Liquid stream to stabilizer column F1 0.0179
Quencher outlet stream m2out 0.0027
Reactor outlet stream ROUT 0.0023




Table 4.7 (Continue) Key process variables screening
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Toluene composition variable

position Symbol of position on flowsheet IAE value
Liquid stream to stabilizer column F1 0.0238
Separator liquid stream LIQ 0.0238
Quencher outlet stream m2out 0.0024
Reactor outlet stream ROUT 0.0017
sition variable
position of position on flowsheet IAE value
Liquid stream to stabili 0.0072
Separator liquid strea 0.0072
Quencher outlet str( 0.0007
Reactor outlet str \ 0.0005
position c IAE value
Reactor inlet stream \ \- aromatic ratio 0.3907
PFR \;K \ i 0.0260

section)

4

J'-Hf'i. \
Table 4.8 Ranks of key p .' ables .w\ ture point analysis. (Reaction
il

Rank ) ! Sum IAE
1 | temperature i, 4 22.81
2 actor inlet temperature £ 21.49
3 Rﬁ: m 21.03
4 arator pressure 16.96
5 r&or inlet pressureu
AU NN T o
7 Mixer outlet temperature
8 Mixer outlet press re
QW AR 12 B
| Gas recycle temperature
11 Quencher outlet pressure 7.64
12 Separator inlet temperature 6.74
13 Reactor inlet pressure 4.15

14 Reactor outlet pressure 4.09
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Decision of key controlled variables using fixture point theorem (Reaction section)

Table 4.8 shows the result of fixture point; we found the first point which should
be controlled is quencher outlet temperature because quencher outlet temperature has
the most effect to other process variables. The second point should be controlled is
reactor inlet temperature.

Composition variable tests are very hard to add imitation stream into the process
simulation because addition pure component stream affect to flow rate variable so we
consider indirect way by using. the result from other variables test and evaluation
affectation of each variable to. composition variation: The rank of composition is show in
table 4.9. -

Use the fixture points fordecision and selecting the controlled variables.

As step 1 the key parameter;s, are quencher temperature, reactor inlet
temperature, reactor outlet tempeature ar‘l_d’,hydrogen to aromatic ratio in reactor inlet.

The fixture pointsfankingis sh@wn fa table 4.8. If we compare the result of fixture
point with operation constraints, it fakes C'éafl;y quencher temperature, reactor inlet and
reactor outlet temperature which are the firé£'§et;of controlled variables.

As step 3 we provide a Key saféfyf—-_.parameter, methane composition which
should be controlled for preven't Snowbalﬁﬂ;‘ct. The fixture points imply methane
composition content at separator vapor streé};}ix&'hich should be fixed. (At the point has

higher sensitivity).

The temperature at reactor outlet constraint is to ‘maintain within 1300°F. From
the steady-state simulation model, it can be seen that-the reactor outlet temperature
(1201.2°F) is well below®800°F in order témake sure that the higher reactor outlet
temperature (1271 .3°F) is also below 1300°F from the fixture point test. The reactor outlet
temperature maynot be controlled by:directly.

The primary-Key-controlied variables (CVs)‘are

1) Quencher outlet temperature
2) Reactor inlet temperature

(

()

(3) Separator pressure

(4) Hydrogen to aromatic ratio
(5)

5) Methane composition at separator overhead vapor



Table 4.9 Ranks of key composition variables
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Ranking Key composition variables Variation
1 Hydrogen to aromatic ratio in reactor inlet stream 7.28
2 Hydrogen composition of separator vapor stream 3.78
3 Hydrogen composition of compressor inlet stream 3.78
4 Hydrogen composition of reactor outlet stream 3.51
5 Methane composition of separator vapor stream 3.50
6 Methane composition of eampressor inlet stream 3.49
7 Hydrogen composition of gueneher outlet stream 3.41
8 Methane compesition of reactor-outlet stream 3.33
9 Hydrogen compeosition of mixeroutletsiream 3.25
10 Hydrogenseomposition of reactor inlet stream 3.25
11 Methane.eompesition of quencher outlet stream 3.16
12 Methane gempesition of mi§<er outlet stream 2.97
13 297

Methane coffipgéition of seactor inlet stream

—
i
1
i

/

Table 4.10 Maximum Scale Gain between Key process variables and manipulation.

.-!p

i N
CVs . _ﬁam
V1 2 S Qfur
1 200001 | 00015° | 0.0042 00074 | 0.0193
2 0.0069 -0.0003 0:0044 " | -0.0065 0.0303
3 00179 0.0093 -0.0065 00132 | 0.0852
4 0.0109 0.0127 0.0090 0.0074 | -0.0304
5 0,0139 0.0132 0.0082 00127 | 0.0294

Note: 1= quencher Qutlet temperature2= reactar inlet tempgrature'8= separator pressure

4= hydrogen to aromatic ratio 5= methane.composition at separator overhead vapor

The major costs withygag reCycle-are Compressor capital investment ahd eompressofwork, so this work we

fixed the compressor poweriat nominal point:

Selection of manipulator for primary controlled variables

From the process knowledge and maximum scale gain between key process

variables and manipulation variables (show in table 4.10), we can pair flows of cooling

stream to quencher (V6) used to control the quencher outlet temperature. The reactor

inlet temperature is controlled by furnace heat duty (direct action and fast response).
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The hydrogen to aromatic ratio at the reactor inlet is maintained by toluene fresh feed
stream (V2). One reason, we use the toluene fresh feed stream control hydrogen
aromatic ratio because H2:Toluene approximate 1:5 so, if process use toluene 1 lbmole
(1 Ibmole x 1.14 $/Ilbmole=1.14$%), it must use 5 lbmole of hydrogen (5 kgmole x 6.04
$/Ibmole=30.2%). We can see toluene more expensive than hydrogen. The methane

composition at separator overhead vapor stream is maintained by purge gas valve (V5).

Step 6 Energy management

To avoid heat removals from the ‘themmalssinks and prevent propagation of
thermal disturbance. Heatfrom the adiabatic reactoris carried in the effluent stream and
is not removed from the process unlil it/is dissipated to utility in the separator cooler. The
temperature is fixed at separator inlet stream by cooler utility for heat removal and

.

hydrogen separation condition: _~
| A
Step 7 Establish remaining individual unit operations

Reaction section: ';J-"._

The objective in this steplis fo prevéﬁtithe plant from accumulate or run away
from desired operating point..Separator Iic}u?d,le\zel is manipulated by stabilizer feed
valve. The pressure §bou|d be controlled somewhere—in the reaction section. From
fixture point ranking, the: separator pressure should be controlled. Hydrogen fresh feed
valve  manipulate pressure at separator. Fresh  toluene and  fresh
Hydrogen gas feedyratesshouldrbe controlled-far preventdriftyof:upstream. Toluene fresh

feed valve and hydrogen fresh feed valve are manipulating the fresh toluene and fresh

gas hydrogen.feed rate;

Separation 'section:

First levels are controlled; the reboiler liquid level is controlled by bottom flow
rate, condenser liquid level is controlled by distillate flow rate and exemption the
stabilizer column. Condenser liquid level at stabilizer column is controlled by condenser
heat duty because the distillate stream is a gas phase and fast dynamic response for
pressure condenser control. Condenser pressure in product column and toluene column

are controlled by condenser heat duty.
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We use the steady-state data for distillation columns follow by Sigurd Skogestad
and Antonio, 2006. They specify 6 values of composition variables for minimize
economic loss at distillation column (flat utility usage).

Temperature control in distillation column is an effective means of maintaining
composition control for column from a control and economic standpoint. We improved
the fixture point theorem for selection tray. The major type of load disturbances in
distillation columns is feed composition.

1. Stabilizer column

Temperature gradient 9 For the stabilizer, Figure 4.4
oF 400 6* B shows. that the choice from a
300 ! sensitive point of view would control
200 - 1 temperature around stage 6 (TS6)
100 414 since the temperature and methane
i 5 4
Cond g 3 1—Reb composition sensitivity is higher at
0 € Fmb. gy y s e
Tray nlimber -’3 this location. The nominal tempera-
] N o ture  and methane composition
Figure 4.2 Temperature gradient ; - , _
i ~ /.. profiles (Figure 4.3) show that the
Nominal temperature and' Compasition | lintersection between temperature
rofiles — —
400 . e~ | 100 =l and methane com-position around
2 300 < : Y080 @ L,
2 / \ \ & @ | stage 6 namely temperature change
g 00 - \_x' v 040 & = the most, affect to methane
g 0 / om0 tlon ch w boil
; composition change. We use reboiler
-100 &;—g—ﬁ—v— }-—a—v-— 0.00 PO | 9
heat duty (qr1) as the manipulated
—e— Temperature tray Tray number

) variable.
—a— methane.mole fraction

Figure 4.3 Nominal temperature and €¢omposition profiles

Sensitivity with feed composition disturbance
120.00 J 1.30
:g 80.00 -—.:\‘ + oso &
40.00 - 1 1 030 g g
0.00 ‘ I ‘ ‘ —& | ;
é -40.00 Conn_ ot 5 4 3 2 1 Reb | ~0-20 é E
S -80.00 - ! T -0.70
-120.00 -1.20
—o—températu re Tray number
—=— methane composition

Figure 4.4 Temperature and composition sensitivity with feed composition disturbance

Note: Symbol; # is feed tray, * is Luyben controlled variable and ** is Antonio controlled variable.



2. Benzene column
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oF Temperature gradient

30.00

25.00
20.00

15.00

10.00

5.00
0.00 -

Tray number

Qﬁb(’bflx'ng‘,Q

—=— Benzene mole fractl'en

350 1.00
300 0.80
'g 250 '
E 150 0.40
100
F 0 0.20
0 TTIENYT ¥ W, . \-\"'—-rl#-.--r- 0.00
cP&q/ '1? ,,;b,f ,;\”e- »&,{F*,\/'»,S,OQ%’\GO)D‘%Q/»Q@O
Al 3
—e— Temperature dient Tray nimber

Benzene nole fractior

Figure 4.6 Nominal temperature:gnﬁ;_'compoéj.ﬁgﬁ;profiIes
.

—~eo— lemperature !

—=— benzene composition

‘= =__Sensitivity with feed composition disturbarice

45.00 0.90
-? 35.00 - 0.70
=] 25.00 0.50
g 15.00 - 0.30
% 5.00 0.10
B  -5.00 i
E -15.@19&— -0.10
g -25.00 -0.30

-35.00 -0.50

-45:00 -0.70

Tray number

benzene composition
sensitivity

Figure 4.7 Temperature and composition sensitivity with feed composition disturbance

Note: Symbol; # is feed tray, * is Luyben controlled variable and **

is Antonio controlled variable.

For the product column, Figure 4.7 shows that the choice from a sensitive

point of view would control temperature around stage 10 (TS10) since the temperature
and benzene composition sensitivity is higher at this location. We use reboiler heat duty

(gr2) as the manipulated variable.
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3. Toluene column

Temperature gradient

oF 120 3 2%

100
0

S oo [T Tm e
g 500 _ar iy d
E 400 ;s

& 300

2 200

£

(<]

[

—e— Temperature
—a— Toluene mole frac

14.00 - 0.10
2‘ | c
2 9.00 - 0.05 2
e 400 ' g2
2 I E 2
‘g -1.00 - s ] - 0.00 § E’
L e[ 1 g
2 U : +-005 2

-11.00

; s haw

q —* temperature Tray number

—a—toluene compos ition

Figure 4.10 Temperature and composition sensitivity with feed composition disturbance

Note: Symbol; # is feed tray, * is Luyben controlled variable and ** is Antonio controlled variable.

For the toluene column, Figure 4.10 shows that the choice from a sensitive point
of view would control temperature around stage 4 (TS4) since the temperature and
benzene composition sensitivity is higher at this location. We use reboiler heat duty (qr3)
as the manipulated variable.
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4.3.2 Summary of loops control structure for REF1, REF2 and control structure CS1

Manipulated variable (MV)

Controller Controlled variables (CV)

REF1 REF2 CS1
TCO1 Quencher outlet temperature V6 V6 V6
TCO02 Reactor inlet temperature Qfur Qfur Qfur
TCO3 Separator inlet temperature Qcooler Qcooler Qcooler
RCO1 Hydrogen to aromatic ratio at reactor inlet Wkcomp - SP FC-02
PC-RIN Reactor inlet pressure V5 - -
PC-SEP Separator pressure '/// VA1 SP FC-01
CCO01 Mixer outlet metha SP FC-01 - -
CC-RCH4  Compressor in ole.'acn V5 -
CC-GCH4  Separator VW facti “-‘ - V5
CC02 Quencher M ioh 1C-02 - -
LC-SEP Separator liqui V4 V4
LC1 qcl qcl
LC2 V13 V13
LC3 V10 V10
LRC1 V12 V12
LRC2 V14 V14
LRC3 qr3 V15
PC1 V11 V11
pPC2 qc2 qc2
PC3 Condenser p qc3 qc3
C17TS-3 Temperatu | at tray 3 in stabilizer column - -
C1TS-6 Temperature af 6 in stabilizer colrhn arl ar1
crn hbmiadiahan T T
C2TSs-12 Temyerature attray 12in b%azene column -

qr2

AR AERIEAAT 912 ﬂ El

Temperature at tray 5 in toluene column Reflux rate
C3 TS-Avg Average trays temperature ( tray 1-4 ) in - V15
toluene column

C3TS4 Temperature at tray 4 in toluene column - -

ar3
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Controller Controlled variables (CV) Manipulated variable (MV)
REF1 REF2  CS1
CC11 Benzene mole fraction in distillate of stabilizer column Reflux rate - -
CC12 Methane mole fraction in bottoms of stabilizer column SP C1TS-3 - -
CC21 Toluene mole fraction in distillate of benzene column Reflux rate - -
CC22 Benzene mole fraction in bottoms of benzene column ~ SP C2 TS-20 - -
CC31 Biphenyl mole fraction in distillate of toluene column SP C3-TS5 - -
CC32 Toluene mole fraction in bottoms of toluene column qr3 - -
FCO1 Fresh hydrogen feed flowrate V1 - V1
FCO02 Fresh toluene feed flowrate V2 - V2
FC-TOT Total toluene feed flowrate i - V2 -

4.3.3 Dynamic responsegof control structulre CS1 compare with REF1 and REF2

')

The differences ofgthis work with‘}Am_ionio are (1) Araujo control reactor inlet
pressure with purge valve jand this ‘'work does not control but control pressure at

separator pressure with fresh feed hydrogéd , -(2) Araujo control hydrogen to aromatic

i

ratio with compressor power and this Workr}WéJ-!pontrol it with fresh feed toluene , (3)

Araujo prevent accumulation of-methane tﬁ:ontrol methane composition at mixture

stream with fresh feed hydrogeh’—and this W(Srk \7ve control ymethane composition at gas

separator stream Wifh_;'pﬂrge valve., (4) Araujo control béri;éne composition by control

toluene composition of distillation of benzene column (X g%, ) and control benzene

composition of bottom of benzene column (ng{,‘en .) This work does not control purity of
product by direetly:

The differences of this work with Luyben are (1) Luyben does not control
hydrogen to-aroematic ratio, (2) Luyben ,control methane.compaosition at gas recycle
stream withfpurge valve(3) Luybenicontrol separator pressure like'this:work.

Figure 4.14 shows the response to increase load disturbance of fresh feed
methane composition from 0.03 to 0.05. The reaction section of this work, we can see
hydrogen to aromatic ratio is smooth operation, reactor inlet pressure has a little
decreasing but it can return to set-point within 1 hr and Xmet,mix has a little increasing

but it can return to set-point within 1.3 hr and response of this work of Xmet,mix better

than Araujo and Luyben.
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Figure 4.15 shows the response to step increase quencher outlet temperature
from 1150 °F to 1170 °F. The reaction section of this work, we can see hydrogen to
aromatic ratio is smooth operation, reactor inlet pressure has a little offset and Xmet,mix
has a little oscillation and less than Araujo.

Table 4.11 and Figure 4.16 show the IAE results for change in the disturbance of
quencher outlet temperature and the |AE results for change in the methane mole fraction

of fresh feed gas.

CS1 control structure is the most effective on

For change in the disturbance

AULINENINYINS
AN TUNN NN Y
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Figure 4.12 The Flowsheet of Simulation Hydrodealkylation (HDA) process of the Reference Control Structure 2(REF2) (Luyben; 1998)
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Figure 4.13 The Flowsheet of Simulation Hydrodealkylahon (HDA) process of Designed control structure 1 (CS1)
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Figure 4.14 Comparison dynamic responses ofistep cr:rhange in freshygas feed rate methane mole fragtion from 0.03 to 0.08 (increase 0.05)

between: this work, Araujo et al.(2006) and Luyben’s configuration.
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Figure 4.15 Comparison dynamic responses of step Change in quench outlet temperature from 1150 °F t6™1170 °F (increase 20 °F)

between: this work, Araujo et al.(2006) and Luyben’s configuration.
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Table 4.11 The IAE results of loop control of the CS1 control structure compare with

REF1 and REF2 references to change in the disturbance load.

Disturbance = increase quencher outlet temperature

CS REF1 REF2 CS1
Tquench 1.051 0.975 0.974
Trin 2.657 0.167 0.175
Psep - 1.139 0.861
rH2 1.959 - 0.041
Xmet,sep vap - - 1.000
Xmet,GREC -
FFH2 0.301
FFTOL 0.148
TSEP 1.374
Xmet,mix -
Prin -
Xtol,quench -
Ftottol -
SUM 4.875
CS CS1
Tquench 0.745
Trin 0.019
Psep 0.539
rH2 0.048
Xmet,sep vap 1.000
Xmet,GREC -
FFH2 0.078
FFTOL 0.092
TSEP 1.405
Xmet,mix . -
Prin 1000, . & -
waaers 0918 ANENT WY giik) -
Ftottol "4l ' - . -~ 1.00
SUM 14.913 o 4160 o/ 3.926

1Q,W’T JASH TMMNCINASL

14 Oﬁ | \' I d D o J h nbe' n Me e[n-ble fraction

B Change in Quencher outlet temp

Integral Absolute Error

REF1 REF2

csi1

Figure 4.16 The IAE results of change the methane mole fraction in fresh feed gas and

change the quencher outlet temperature.



CHAPTER V

CONTROL STRUCTURE ALTERNATIVES

5.1 Selecting controlled output: Fixture point method.

The fixture point theorem is base on the idea of the most disturbed points must be
satisfactorily controlled by giving them consideration*before other controlled variables. The
assumption can easily be used for selectirfg the primary controlled output. In chapter 4
shows a case study for the steps airconirol structure design and use the first set from fixture
point for controlled variable.in reaction sectio}w. The separation section we use heuristics for
design the control configuration and user the ijz&ure point for selection the tray temperature
for purity control. - , "

In practice, we can seléct conttalled gUtput from the next rank of variable (in the
results of fixture point ranking).: Therefore, Wef c;hoose 3 sets of controlled variables to
propose the fixture point that are glven the apg,to‘prlate set of controlled variables. The
difference controlled variables shown in Table 5 1"'Tﬁe difference of SET1 and SET2 are
position of methane moI'elfracﬁUn—CUntrUt—FhE"diﬁerence of SET1 and SET3 are position of
methane mole fraction control and pressure control (SET1 control separator pressure and
SET2 control reactor inlet pressure)

In this section, we |designed’ 5 control structures in |reaction section and the
separation section are the same contro| structure (see chapter 4 for separation section
configuration). Ve ‘use’ile, maxinum’(scale) gain between manipulation and candidate key
process variables for control configuration. The maximum (scale) gain for pairing the
controlled variables with manipulated variables of control configurations (CS1-CS5) is shown
in Table 5.2-5.4. Evaluate dynamic performance compare with reference control structure

REF1 (Araujo et al., 2006) and REF2 (Luyben, 1998).



Table 5.1 Controlled variables of SET1 to SET3
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Set

Number Controlled variables

1 Quencher outlet temperature
Reactor inlet temperature
Separator pressure

Hydrogen to aromatic ratio at reactor inlet stream

a B~ W N

,,,,,,,,

10 aromatic.ra ..,{ reactor inlet stream

//---ﬁm

nixer outlet stream

a-at"’* \
B\

c rt|o at reactor inlet stream

N in mixer outlet stream
F

o X

Table 5.2 The maxmu m

R

S o0~ wWwN

2)

V1
V2
V5

gfur

wkcomp -0.0088 -0.0113  -0.0357 0.0184 -0.0264

[ 2N v

EANENTAENDT:
quenc ri s lr|!2| g G-CH4

-0.0001 0.0009 0.0179 0.0109 -0.0139

0.0015 -0.0003 0.0093 -0.0127 0.0132
0.0042 0.0044 -0.0065  -0.0090 0.0082
0.0193 0.0303 0.0852 -0.0304 0.0294




Table 5.3 The maximum (scale) gain for set 2

Rank 1 2 3 4 5
CV Tquench Trin Psep rH2 8-CH4

MV y1 y2 y3 y4 y5
1 V6 -0.0074 -0.0065 -0.0132  0.0074  -0.0111
2 V1 -0.0001 0.0009 0.0179 0.0109  -0.0118
3 V2 0.0015 -0.0003 .0093  -0.0127  0.0102
4 V5 0.0042 7 -0.0090  0.0056
5 afur 0.0193 0.0263
6 wkcomp -0.0088 -0.0215

Table 5.4 The maximum

llﬁﬂ}\\\ ;

o Todbf fro% e N\ oo

MV y5

1 | ve -0.0111
2 |V -0.0118
3 w2 10,0102
4 |vs 00042 ———0:0044——0:0069—=0:0090 | 0.0056
5 | qfur 0: 0.0304  0.0263
6 | wkcomp -omjas 0.0113  -0.0311 0.01@ -0.0215

wwess M DINING NS

CS1 [(1,1) (2,5) (3,2) (4,3) (5,4)]  work of compressor is fixed
Cs2 [(1,1) (2,5) (3,4) (4,3) (5,2)]

CS3 [(1,1) (2,5) (3,6) (4,2) (5,4)]  work of compressor is

CS4 [(1,1)(2,5) (3,2) (4,6) (5,4)] manipulation

CS5 [(1,1) (2,5) (3,4) (4,6) (5,2)]




Table 5.6 Control configurations of CS1- CS5 for SET 1-SET 3 (Reaction section)
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Manipulated variable (MV)

Controlled variables (CV)

CS1 CS2 CS3 Cs4 CS5
SET1
Quencher outlet temperature V6 V6 V6 V6 V6
Reactor inlet temperature Qfur Qfur Qfur Qfur Qfur
Hydrogen to aromatic ratio at reactor inlet ~ SP. F 02 SPFC-02 SPFC-01 Wkcomp Wkcomp
Reactor inlet pressure - -
Separator pressure '/5 Wkcomp  SP FC-01 V5
Mixer outlet methane mole fracti - - -
Separator vapor methane mol( N V5 V5 SP FC-01
A///l\\\\\\\
Quencher outlet temperature é‘t A\ 1 \ V6 V6
Reactor inlet temperature i - \ Qf Qfur Qfur Qfur
Hydrogen to aromatic ratio at reactorjinle * _'c '."r P SP FC-01 Wkcomp Wkcomp
Reactor inlet pressure & "gf‘; Rl ) - - -
Separator pressure 4-" il \ Wkcomp  SP FC-01 V5
Mixer outlet methane mole fraction " ‘gé V5 V5 SP FC-01
Separator vapor methane mole fractior ’mf A - - - -
SET3 il
Quencher outlet temperat V6 V6 V6
Reactor inlet temperature Qfu Qfur m Qfur Qfur Qfur
Hydrogen to aromatic ratio at red:ﬂinlet SP FC- O%J SP FC-02  SP FC-01 Wkcomp Wkcomp
Reactor inlet pressﬂ u 8 q v.l H% ﬁ w H ’] ﬂk‘cﬁmp SP FC-01 V5
Separator pressure -
SP FC-01

TS TNy e




64
5.2 Evaluation of the dynamic performance

The estimation of the minimum achievable variance of SISO controlled variable from
“normal” closed- loop data. Since then, minimum variance control has been widely used as
a benchmark for assessing control loop performance. However, minimum variance control
based performance assessment methods cannot adequately evaluate the performance for
controllers with constraints explicitly incorporated or for controllers where transient response
and deterministic disturbance regulation are concerned. For assessing constrained control
loop performance the proposed dynamic performance index is focused on time related
characteristics of the contioller’s- response to--sei-point changes or deterministic
disturbances. There exist severals€andidate performance measures such as settling time
and integral absolute error (IAE). Integral'absolute error is widely used for the formulation of
a dynamic performance as written below: 1

AES [l Ot

In this study, IAE method s used to':_evaluate the dynamic performance of the
designed control system. ~ ;‘ ’

5.2.1 Evaluation of the dynamic perfgrmance for__ES_];CS5 of controlled variables SET1-
SETS3. 7 ,

Table 5.7a and 6i7-b show the IAE results of control loops for the change in step
increase of quencher outlet temperature in HDA process and.the IAE results of control loops
for the disturbance Jloads of miethane mole fraction in fresh feed gas in HDA process
respectively.

For the step increase the quencher outlet temperature from 1160 °F to 1170 °F, the
control structure'2 (CS$2) of SET3yis|the mest effectivel on compared; with ithe others. The
controlled variables of SET1 and SET2 are the best set on compared with all control
structures (CS1-CS5).

For the change in the disturbance loads of methane mole fraction of fresh feed gas,
the control structure 2 (CS2) of SET3 is the most effective on compared with the others. The
controlled variables of SET1 are the best set on compared with all control structures (CS1-

CS5).
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As can be seen that the control structure 2 (CS2) is the most effective on compared
with CS1 (work compressor is fixed) and the control structure 5 (CS5) is the most effective
on compared with CS3-CS5 (work of compressor is used).

Table 5.7a The IAE results of the control loops for each set to a change in quencher outlet

temperature.
SET 1
Cs1 CS2 CS3 Cs4 CS5
Quencher Temp. 0.999 0.990 0.994 1.010 1.007
Reactor inlet Temp. 1.010 0.945 1.010 1.003 1.002
Separator Pressure 0.900 0.984 1474 0.921 0.722
rH2 Oebbul 0.279 2.069 1.250 0.846
Methane in Gas 0.810 6.889 1.231 1.261 0.809
FFH2 = 0.344 1.236 1.559 0.324
FFTOL 0493 011 76 2.445 1.243 0.942
Separator Temp. 0.974 0.974 1.017 1.018 1.016
SUM 6.980/ [ —5610 1477 9.267 6.667
) A
SEHL
Lo #% -Coghs CSs3 Cs4 CSs5
Quencher Temp. 0.999 41400904 0.991 1.011 1.009
Reactor inlet Temp. 101245552 0.978% 88 ™ .030 0.983 1.002
Separator Pressure 0.800; & 1.124_’____- . 1.333 0.845 0.899
H2 . 0572 0296  1.982 1.259 0.891
FFH2 [ w562 Pt 4=~ 1.540 0.361
FFTOL — G 0.183 2519" 1.169 0.936
Separator Temp. b 0.971 0.973 1.018 1.018 1.020
Methane in mixer 1.059 0.732 1.107 1.470 0.632
SUM 7.107 51640 117209 9.295 6.750
SET.3
CSi CS2 CS3 Cs4 CS5
Quencher Temp. 0.994 0.988 0.991 1.017 1.010
Reactor inlet Temp. 0.973 0.954 1.018 1.060 0.996
rH2 0.534 0.238 1.522 1.921 0.785
FFH2 0.891 0.571 1.978 1.080 0.480
FFTOL 0.174 0.169 2.205 1.317 1.135
Separator Temp. 0.966 0.965 1.026 1.026 1.017
Methane in mixer 0.896 0.424 1.780 1.759 0.142
Reactor inlet Pressure 0.721 0.818 1.749 0.969 0.743

SUM 6.149 5.126 12.269 10.148 6.308
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0.00 -
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—

Figure 5.1 The IAE results o( '

cher outlet temperature.

Figure 5.1 shows change in quencher outlet

temperature, can be seen YT sults.

)

I' CS4 CS5
Quencher Temp. 1.123 0.865
Reactor inlet Temp. 0.212 1.744 1.424
Separator Pressure 1. 07 0.987 0.925 1.079
rH2 ﬂuﬂﬁémﬂmwadTﬂi 1.778 1.251
Methane in Gas 1.046 0.914
FFH2 0.888 ¢ 0.875 o, 1.034 1.026 1177

ot |ONTZUHPVINEEE 5

SUM 5.290 4.698 9.658 10.580 9.775
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SET 2
CS1 Cs2 CS3 Cs4 CS5
Quencher Temp. 1.138 0.782 1.170 1.066 0.843
Reactor inlet Temp. 0.243 0.129 1.489 1.722 1.417
Separator Pressure 0.970 1.094 0.889 0.962 1.085
rH2 0.530 0.416 1.154 1.689 1.211
FFH2 0.907 0.898 1.031 1.000 1.165
FFTOL 0.102 0.042 1.769 1.286 1.802
Separator Temp. 0.477 |25 1.446 1.549 1.276
Methane in mixer 1.05§ \\\az}; 1.047 1.045 0.921
SUM P {é‘ 10.318 9.719
Cs4 CS5
Quencher Temp. 1.332 0.747
Reactor inlet Temp. 1.957 1.225
rH2 2.142 0.996
FFH2 0.821 1.050
FFTOL 0.887 1.943
Separator Temp. 1.755 1.099
Methane in mixer 1.057 0.892
Reactor inlet pressure . = 0.944 1.045
SUM 5.378=E 4. RE pas 10.597 10.896 8.997
¥
14.00 -

. 12.00

u% 10.00 -

% 8.00 -

% 6.00 -

gn 4.00{2

= 2.00

0.00 -

CS1

CS3

CS5

Control structure

Figure 5.2 The IAE results of control loop to a change the methane mole fraction in fresh

feed gas.
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Figure 5.2 shows the IAE results of the control loop to a change in methane mole
fraction of fresh feed gas, can be seen that SET1, SET2 and SET3 have the same results.

Table 5.8a and 5.8b show the IAE results of all control variables for the change in
step increase of quencher outlet temperature in HDA process and the IAE results of all
control variables for the disturbance loads of methane mole fraction in fresh feed gas in
HDA process respectively.

For the step increase of set-point of quencher outlet temperature from 1150 oF to
1170 oF, the control structure 5 (CS5) of SET2 is;the most effective on compared with the
others. The SET2 is the best set on compared with all control structures (CS1-CS5).

For the change in the disturbance loads of methane mole fraction of fresh feed gas,
the control structure 2 (CS2) of SET2.iS.the most effective on compared with the others. The
SET2 are the best set on comparediwith all cd'_ntrol structures (CS1-CS5).

As can be seen that thé control structure 2 (CS2) is the most effective on compared
with CS1 (work compressor is fixed) and the Eon:[rol structure 5 (CS5) is the most effective

4
on compared with CS3-CS54work of compressﬁr is used).

P o1
id v ol

Table 5.8a The IAE results of considerate control’[q_ci;}ariables (SET1-SET3) for CS1-CS5 to a

change in quencher outlet temperature.: '

SET 1

_ CS1 CS2 Ce4 Cs4 CS5
Quench Temp. 0.999 0.990 0.994 1.011 1.007
Reactor inlet Temp;, 1.010 0.976 1.010 1.003 1.002
Separator Pressure 0.017 0.019 0.029 0.018 0.014
rH2 0.579 0.290 2.151 1.300 0.879
Methane in.Gas 0.331 0.363 0,503 0.515 0.330
FFH2 1.738 0.388 1.394 1.758 0.365
FFTOL 0.194 0.176 2.453 1.247 0.945
TSEP 0.977 0.977 1.020 1.021 1.019
Methane in mixer 2.031 1.651 1.972 2.013 1.547
Reactor inlet Pressure 1.421 1.420 1.530 1.528 1.536
Toluene in quencher outlet 0.947 0.947 0.996 0.996 0.998
Total Toluene Flowrate 1.521 1.518 0.465 0.435 0.330

SUM 11.760 9.713 14.516 12.845 9.974
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SET 2

CS1 CS2 CS3 Cs4 CS5
Quench Temp. 0.998 0.990 0.990 1.010 1.009
Reactor inlet Temp. 1.013 0.974 1.031 0.984 1.003
Separator Pressure 0.014 0.019 0.023 0.015 0.016
rH2 0.503 0.260 1.744 1.108 0.784
Methane in Gas 1.641 1.759 1.167 1.330 1.305
FFH2 1.627 0.401 1.331 1.669 0.391
FFTOL 0.182 0.173 2.377 1.103 0.883
TSEP 0.974 0.976 1.022 1.021 1.023
Methane in mixer 0.406 0.281 0.424 0.563 0.242
Reactor inlet Pressure 1.421 1420 1.540 1.538 1.535
Toluene in quencher outlet "es. 0.952 1.004 1.005 1.004
Total Toluene Flowrate 1.668 1.662 0.462 0.430 0.459
SUM T1. 309 9.866 13.115 11.777 9.653

\
SET 3

@St I €52 CS3 Cs4 CS5
Quench Temp. 09°F CT,..'9E§8 0.992 1.018 1.010
Reactor inlet Temp. gz 0:952 1.016 1.058 0.995
Separator Pressure 2.983 .. 2l-_éZOJ; 3.156 3.182 3.126
rH2 0577 4 02;5Z 1.645 2.076 0.848
Methane in Gas 1.171‘8 - 1.0@_3;),!‘ 1.471 1.442 0.675
FFH2 0.703 04% 1.560 0.851 0.379
FFTOL 0483, 04794~ _2.323 1.387 1.195
TSEP 7 0.960 0.959 1.020 1.019 1.011
Methane in mixer % 0693 0.328 1.378:- 1.361 0.110
Reactor inlet Pressure 0.016 0.018 0.039 0.022 0.017
Toluene in guencher outlet™ 0.980 0.979 1.082 1.083 1.074
Total Toluene Flowrate 2.918 2.817 0.155 0.135 0.025
SUM 12.798 11.650 15.836 14.634 10.465

FigUre 613 and«S4, show, the 1AE results of ‘Considerate controlied ariables of every

set for the chliange in quencher outlet temperature and the change in methane mole fraction

of fresh feed gas respectively.

The SET2 gives the best set of controlled variables because the IAE results of loops

control plus loops which no control are smaller than SET1 and SET3 in every control

structures.
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Figure 5.3 The IAE results of consideraie cor’f{rolled variables to a change the quencher

outlet temperature.

7/

Table 5.8b The IAE results czf/e’c;nsiderate'g éonj%ré"lled variables (SET1-SET3) for CS1-CS5
to a change in methane mole fpa';ct_ion of¢fresh f&jed gas.

4
F i o

FAA 4
d

o

F ] asen)

aCSjI 7 ngfja CS3 Cs4 CS5
Quench Temp. 1.192— 0.86% 1.149 1.194 0.920
Reactor inlet Temp. _ 0228 % “0.285 % 1.506 1.875 1.531
Separator Pressure A 0.532 0.615 O.56£; 0.528 0.616
rH2 ? 0.563 0.458 o5 1.870 1.316
Methane in Gas 1.006 0.893 1.008 1.000 0.874
FFH2 = 0.868 0.856 1.011 1.003 1.150
FFTOL 0.112 0.069 1.886 1.511 2.026
TSEP 0.47r 0.302 1.503 1.684 1.333
Methane in mixer 1.104 0.976 1.239 1.245 1.092
Reactor inlet Pressure 1.476 1.769 0.903 0.348 1.090
Toluene in guengher outiet 1.1566 1.070 1035 1.087 0.929
Total Tolueng Flowrate 2.268 2.158 0.275 0.302 0.196

SUM 10.982 10.263 13.132 13.649 13.074
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SET 2

CS1 CS2 CS3 Cs4 CSH
Quench Temp. 1.039 0.714 1.069 0.974 0.770
Reactor inlet Temp. 0.217 0.116 1.332 1.541 1.267
Separator Pressure 0.529 0.597 0.485 0.525 0.592
rH2 0.478 0.375 1.041 1.523 1.092
Methane in Gas 1.027 0.930 1.104 1.066 0.984
FFH2 0.858 0.850 0.976 0.946 1.103
FFTOL 0.096 0.039 1.669 1.213 1.700
TSEP 0.431 0.228 1.307 1.399 1.153
Methane in mixer 0.972 0.863 0.967 0.964 0.851
Reactor inlet Pressure 1.462 T4 0.722 0.278 0.959
Toluene in quencher outlet @ 1.062 0.827 0.866 0.729
Total Toluene Flowrate Beeh #2.053 0.254 0.271 0.225
SUM 10.428 9.594 11751 11.566 11.424

|
SET 3

@51 £S52 CS3 Cs4 CS5
Quench Temp. 1.184F - 01634 .. T2 1.364 0.764
Reactor inlet Temp. Q8308 O.j*‘1 50 1417 2.017 1.263
Separator Pressure 2.706, 2454 1.276 1.959 1.023
rH2 0.536 0.355 1.056 2.242 1.042
Methane in Gas 1019 O.9J2.:31.d;!l.} 1.126 1.050 0.991
FFH2 0.847 0.847 1.672 0.884 1.130
FFTOL 0.428- 0.044 & - 1.858 0.829 1.818
TSEP 0.528 0.215 14841 . 1.819 1.139
Methane in mixer . 0.980 0.861 1.043 0.999 0.843
Reactor inlet Pressure 0.800 0.913 0.844 0.802 0.888
Toluene in quencher outlet™ 1.251 1.122 0.930 1.016 0.737
Total Toluene Flowrate 2,122 1.960 0.273 0.301 0.184
SUM 12.408 10.474 14.151 15.282 11.822

Table §9aand. b.9bshow the [IAE [results) of vaniablesthat. affect to separation

section for the change in the step increase of quencher outlet temperature in HDA process

and the |AE results of all control variables for the disturbance loads of methane mole fraction

in fresh feed gas in HDA process respectively.

For the change in the step increase of quencher outlet temperature can be seen that

the IAE results for SET1 look just the same as SET2, but IAE results for SET3 are larger than

SET2 in all control structure.
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Figure 5.4 The IAE results of considerate controlled variables to a change the methane mole

fraction in fresh feed gas.

:

Table 5.9a The IAE results of variables that affect to separation section for CS1-CS5 to a

change in quencher outlet temperature. T 4
/
.S SET_"'jf*' "
AIC3 Tl CS2 CS3 CS4 CS5
LIQ-Temp TR N 1.022 1.023 1.021
LIQ-P 577 0017 # - 0:019 0.029 0.018 0.014
LIQ-FLOW © 770989 0.989 007 1.007 1.008
LIQ - Comp Mole Frac (Be:nzene)—1—444—1—434—J 169 1.175 1.094
LIQ - Comp Mole Frac (B|Phenyl) 1.498 1.493 4198 1.199 1.127
LIQ - Comp Mole Frac (Hydrogen) 0434 0.459 | 0.362 0.345 0.364
LIQ - Comp Mole Frac (Methane) 0.272 0.274 0.219 0.222 0.218
LIQ - Comp Mole Frac (Toluene) 11461 121453 1178 1.184 1.105
SUM 7.092 7.099 6.183 6.173 5.951
SET 2

CS1 CS2 CS3 CS4 CS5
LIQ-Temp 0.976 0.976 1.022 1.023 1.016
LIQ-P 0.014 0.020 0.023 0.015 0.016
LIQ-FLOW 0.989 0.989 1.008 1.008 1.008
LIQ - Comp Mole Frac (Benzene) 1.385 1.377 1.064 1.075 1.047
LIQ - Comp Mole Frac (BiPhenyl) 1.440 1.437 1.106 1.107 1.093
LIQ - Comp Mole Frac (Hydrogen) 0.557 0.583 0.453 0.438 0.467
LIQ - Comp Mole Frac (Methane) 0.173 0.178 0.148 0.149 0.150
LIQ - Comp Mole Frac (Toluene) 1.407 1.400 1.080 1.089 1.064
SUM 6.941 6.959 5.905 5.903 5.860
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SET 3
CS1 CS2 CS3 CS4 CS5
LIQ-Temp 0.960 0.960 1.019 1.019 1.011
LIQ-P 2.683 2.670 3.156 3.181 3.126
LIQ-FLOW 0.981 0.982 1.012 1.012 1.011
LIQ - Comp Mole Frac (Benzene) 1.075 1.094 0.211 0.216 0.142
LIQ - Comp Mole Frac (BiPhenyl) 0.926 0.954 0.183 0.189 0.050
LIQ - Comp Mole Frac (Hydrogen) 2137 2112 2.115 2.111 2.064
LIQ - Comp Mole Frac (Methane) 2.382 2.439 2.700 2.720 2.755
LIQ - Comp Mole Frac (Toluene) 0.914 0.929 0.288 0.294 0.152
SUM 12.051 12.139 10.685 10.742 10.311

Table 5.9b The IAE results of variables thatlaffect to_separation section for CS1-CS5 to a

change in methane mole fraction gisfresh feed gas.

, SET 4

CST & 3% CS3 CS4 CS5
LIQ-Temp +0.509% 4 (L3116 1.487 1.667 1.325
LIQ-P Q532 'ﬂ 0.615 0.564 0.528 0.616
LIQ-FLOW . (0lq D04 009 0.397 0.406 0.355
LIQ - Comp Mole Frac (Benzene) B o e 2 -’.f';f.-d 1.044 1.072 1.119 0.967
LIQ - Comp Mole Frac (BiPhenyl)™ /==1.095. 93996 1.079 1.144 0.989
LIQ - Comp Mole Frac (Hydrogen) 1168 ?0\877 0.998 1.031 0.792
LIQ - Comp Mole Frac (Methane) ™~ 0.950  1.108 1.067 0.947 1.071
LIQ - Comp Mole Frac (Toltene) 1.116—1-023 1067 1.126 0.962
SUM y 8.611 7.983 el 31 7.969 7.078

SET 2

CS1 CS2 CS3 Cs4 CS5
LIQ-Temp 0.458 0.240 1.289 1.385 1.159
LIQ-P @529 0.597 0.485 0.525 0.592
LIQ-FLOW 2.018 1.914 0.827 0.332 0.310
LIQ - Comp Mole'Frac (Benzene) 1.130 1059 0:856 0887 0.760
LIQ - Comp Mole Frac (BiPhenyl) 1.102 1.012 0.861 0.914 0.778
LIQ - Comp Mole Frac (Hydrogen) 1.031 0.756 1.111 1.117 0.896
LIQ - Comp Mole Frac (Methane) 0.973 1.135 1.022 0.908 1.052
LIQ - Comp Mole Frac (Toluene) 1.124 1.038 0.853 0.897 0.757

SUM 8.365 7.751 6.803 6.964 6.304
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SET 3
C31 CS2 CS3 CS4 CS5
LIQ-Temp 0.559 0.220 1.461 1.792 1.133
LIQ-P 2.706 2.454 1.276 1.959 1.023
LIQ-FLOW 1.974 1.804 0.351 0.380 0.302
LIQ - Comp Mole Frac (Benzene) 1.180 1.079 0.947 1.014 0.764
LIQ - Comp Mole Frac (BiPhenyl) 1.193 1.054 0.961 1.036 0.786
LIQ - Comp Mole Frac (Hydrogen) 1.216 0.764 1.168 1.235 0.839
LIQ - Comp Mole Frac (Methane) 0.776 1.173 0.988 0.679 1.156
LIQ - Comp Mole Frac (Toluene) 1.207 1.075 0.954 1.038 0.763
SUM 1931 J 4 9.623 8.107 9.133 6.766
r 7 .
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Figure 5.5 The IAE resuli.s'é)f variables that affect to separationéection to a change the

wd
quencher outlet temperature.
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Figure 5.6 The IAE results of variables that affect to separation section to a change the

methane mole fractions in fresh feed gas.
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Figure 5.5 and 5.6 show the affect to separation section for the change in the step
increase of quencher outlet temperature in HDA process and the IAE results of all control
variables for the disturbance loads of methane mole fraction in fresh feed gas in HDA
process respectively.

As can be seen that the controlled variables of SET2 have the most effective, the IAE
results of variables in separator liquid stream are smaller than SET1 and SET3 so the

disturbance propagation to separation section are small on compared with the other.

5.2.2 Comparison our control structure with REF1 and REF2 reference.

-

Table 5.10a and 5.10b_show the [AE results for change in the disturbance of
guencher outlet temperature apd methane mQIe fraction in fresh feed gas respectively.
As can be seen that when/disturbance occurring our control structures (CS1-CS5)

are the most effective on eémpared with IiEFﬂTor]_every set (SET1-SET3). The IAE results of

4
our control structure (CS1-C85) in every set are the same with REF2,

P o1
add v ol

Table 5.10a The IAE results of the ¢ontiol loop for f_giach set to a change in quencher outlet

temperature compare with REF1 and REF2.

gl

SET

Cs1 . CS2 CSs3 CS&4 CS5 REF1 REF2
Tquench 0.989 0.979 0.983 1.000 0.996 1.066 0.989
Trin 0.333 0.321 0:333 0:331 0-330 5.036 0.317
Psep 0.897 0.981 1.471 0.918 0.720 - 1.187
rH2 0.106 0.053 0.395 0.238 0.161 5.083 -
Xmet,sep vap 0.810 0.889 1.231 1.261 0.809 1 -
Xmet,GREC - - - - - : 1.000
FFH2 0.703 0.157 0.565 0.713 0.148 3.972 -
FFTOL 0.157 0.143 1.984 1.009 0.764 1.956 -
TSEP 1.111 1.110 1.160 1.161 1.159 0.194 1.121
Xmet,mix - - - - - 3.322 -
Prin - - - - - 1.767 -
Xtol,quench - - - - - 1.000 -
Ftottol - - - - - - 1.000

SUM 5.106 4.634 8.122 6.631 5.087 23.396 5.614
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SET2

Cs1 CS2 CSs3 Cs4 CS5 REF1 REF2
Tquench 0.987 0.979 0.979 0.999 0.998 1.066 0.989
Trin 0.334 0.321 0.340 0.324 0.330 5.036 0.317
Psep 0.712 1.001 1.188 0.752 0.800 - 1.187
rH2 0.092 0.048 0.320 0.203 0.144 5.083 -
Xmet,sep vap - - - - - - -
Xmet,GREC - - - - - - 1.000
FFH2 0.660 0.162 0.540 0.677 0.158 3.972 -
FFTOL 0.147 0.140 1.923 0.892 0.714 1.956 -
TSEP 1.108 1.109 1.161 1.163 0.194 1.121
Xmet,mix 0.213 //ﬂe 0.127 3.322 -
Prin . | e 1767 -
Xtol,quench - 4 — 1.000 -
Ftottol - J" ——— ; 1.000
SUM 4253 3907 ﬂ jﬂl\ﬁ,\ 4.435 23.396 5.614

CS1 Cs5 REF1 REF2
Tquench 0.984 0.999 1.066 0.989
Trin 0.320 0.328 5.036 0.317
Psep - - - 1.187
rH2 0.106 0.156 5.083 -
Xmet,sep vap - - -
Xmet,GREC - - 1.000
FFH2 0.285 "‘3' 54 3.972 -
FFTOL 0.148 Em : 967 1.956 -
TSEP 1.091  1.091 1.160 1.159 1.149 0.194 1.121
Xmet,mix 5 3.322 -
v e Twﬁﬁs%wﬁfﬁ o
Xtol,quench .000 -
Ftottol - - i: AL anaim A ai 1.000
SUM 3686, . 3.369) L1895 | 5599 || A2l | 255% 5674
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Figure 5.7 The IAE results OM . d ct encher outlet temperature.

Table 5.10b The IAE res a change in methane mole

fraction of fresh feed gas ¢

CS1 CS5 REF1 REF2
Tquench 0.969 0.748 2.669 0.265
Trin 0.040 ST - 0.267 6.074 0.053
Psep 0.698 0.808’5’5=6f74o~ ; 1.891
rH2 0. 121“:3'l 0.099 e i e 4.923 -
Xmet,sep vap 1.052 =.4£170.934 14 - -
Xmet,GREC - j - _ - - 1.000
FFH2 0.198 0.195 0.230 0.228 0.262 4.861 -
FFTOL 1.906 -
ﬁiﬁ; ) ﬂ%jﬂzﬂqﬁ%
Xmet,mix -
Prin -
ﬂ RIANN I wnwma%ﬁ :
Ftottol 1.000

SUM 3.772 3.215 6.891 7.034 6.626 24.905 4.410
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SET2

CS1 CS2 CS3 CS4 CS5 REF1 REF2
Tqguench 0.845 0.581 0.869 0.792 0.626 2.669 0.265
Trin 0.038 0.020 0.232 0.269 0.221 6.074 0.053
Psep 0.695 0.784 0.636 0.689 0.777 0.000 1.891
rH2 0.103 0.081 0.224 0.328 0.235 4.923 -
Xmet,sep vap - - - - - - -
Xmet,GREC - - - - - - 1.000
FFH2 0.195 0.194 0.222 0.216 0.251 4.861 -
FFTOL 0.079 0.032 1.366 0.993 1.392 1.906 -
TSEP 0.544 0.483 0.202
Xmet,mix 0.799 1.773 -
Prin - 1.215 -
Xtol,quench - 1.000 -
Ftottol - - 1.000
SUM 3.298 24.905 4.410

CS1 REF1 REF2
Tqguench 0.963 2.669 0.265
Trin 0.053 6.074 0.053
Psep - - 1.891
rH2 0.116 4.923 -
Xmet,sep vap - - -
Xmet,GREC - - 1.000
FFH2 0.193 | , 4.861 -
FFTOL 0.105 Eo.o . mw 488 1.906 -
TSEP 0.667 0.272 1.871 2.298 1.438 0.483 0.202
Xmet,mix . 0 g 9 1.773 -
e @UDENERIWENEE
Xtol,quench 4 - ¢ - - .000 -
Flottol .~ ger s »~ : L2100 oA QA ﬁn i 1.000
SUM o VN3 26N ﬁﬁ .@Q 6.766 .854 |, 24.905 4.410




79

30.00

B SET 1
o 25001 ESET2
= O SET 3
45|
Q 20.00
=
3
3 15.00
<
§D 10.00
o
=]

CS1 CS2 CS3 CS{fj CS5 REF1 REF2
2 . Control structure

Figure 5.8 The IAE results of'eontrol Ioop 0 4 change the methane mole fraction in fresh

I
feed gas. -

5.2.3 Economic analysis foy/o the set of*controlled variable.

& .-"J
This section evaluates €conomies of a HDA process. The term economics refers to

the evaluation of the operating gi)sts éssocnateé{\mt}\ the operation of a HDA process. The

methods consider the continuing cofassomé@' with the daily operation of the process

-",-‘__-_1_'_
and the benefit obtained from benzene product are Comblned into meaningful economic
criteria are provided. vj _:_J

In this work, we evaluate economic of ‘€ach control structure by using benzene
product and operational (energy).cost when disturbance occurs. Two dynamic disturbances
used to evaluate gperationall cost in |10 hours. [The economic results are shown compare
with steady-state value.

Table 5141 and .12 show/the utilityl usage|compare with steady=state value of a
change in the disturbance loads of quencher outlet temperature and methane mole fraction
in fresh feed gas respectively.

Table 5.13 and 5.14 show the operating cost (product — raw material) compare with
steady-state value of a change in the disturbance loads of quencher outlet temperature and

methane mole fraction in fresh feed gas respectively. The negative value means save cost
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on compared with steady-state value. The negative value or lower positive value is the
better.

As can be seen that the high profit are control structure 1 (CS1) of SET1 for
quencher outlet temperature disturbance and control structure 1 (CS1) of SET3 for methane
mole fraction load disturbance on compared with structure is fixed work of compressor.

Comparison between structure that the work of compressor is used (Ws =

manipulated variable), can be seen that control structure 5 (CS5) of SET3 given the most

AULINENINYINS
AN TUNN NN Y



Table 5.11 The utility usage compare with steady-state value of a change.in guencher outlet temperature.

81

UTILITY USAGE - DIVIATION/FROM SS - SET1

lomole MBtu (hp) MBtu lomole
CS FFTOL FFH2 Qfur Qcooler Ws QCH1 QR1 QC2 QR2 QC3 QR3 Benzene Product
CS1 4104.37 4262.23 -29002.44 -28932.36 0.00 +18.39 566 249.76 13.90 100.54 41.13 5299.62
CS2 4418.86 4107.35 -29001.89 -28933.09 0.00 -8.36 79.86 249.42 10.18 100.49 40.77 5292.02
CS3 17.50 -1396.51 -29654.45 -29693.75 ~16755.74 -3,8% 26.36 81.84 2.9 54.54 25.69 1720.94
CS4 18.00 -1458.49 -29660.05 -29698.84 -46854". 10 +5.32 28.26 79.90 -6.57 53.39 26.20 1685.44
CS5 18.40 -1948.70 -29693.19 -29746.10 -1841 4747 14.79 20.89 64.06 -5.60 75.47 24.25 1368.17

UMEITYUSAGE - DTV[A'I:I'ON FROM SS - SET2

lbmole MBtu G EPE Y MBtu lbmole
CS FFTOL FFH2 Qfur Qcooler Ws ' e QR1 QC2 QR2 QC3 QRS3 Benzene Product
CS1 5013.62 5660.32 -28993.46 -28912.60 0.00° —852 = 3 13 270.38 14.73 99.36 40.67 5842.27
CS2 5168.06 5650.50 -28993.23 -28913.71 0.00 . —8‘.?5}@.; 82.70 273.02 14.87 108.65 41.63 5821.30
CS3 18.31 -847.10 -29713.29 -29753.57 —18492.42_ —5.1@_:{_;;‘ 28989 81.45 -4.97 54.38 24.80 1829.89
CS4 19.04 -893.44 -29718.84 -29761.88 -18652.05- —5.l§‘;}‘ 27.73 87.66 -5.99 52.46 25.09 1822.42
CS5 19.02 -734.75 -29704.99 -29742.81 -1 8_1_0@07_ ‘ —5.1’38:.___'.'5‘_@6.39 88.86 1.90 55.85 26.01 1878.92

lbmole MBtu n— (hp) - = MBtu lomole
CS FFTOL FFH2 Qfur Qcooler Ws QC1 QR1 1 QC2 QR2 QC3 QR3 Benzene Product
CS1 11383.16 15287.13 -28626.37 -28446.04 0.00 -20.34 124.28 514.71 58.56 82.75 40.44 11070.59
CS2 10959.75 14212.94 -28630.47 -28459.32 0.00 -20.03 120.05 493.89 59.58 86.39 40.03 10621.50
CS3 -18.90 296.20 -29982.41 -30103.39 -48739.50 “11.55 <11.41 76.09 15.10 -12.55 -4.45 1606.96
CS4 -18.97 308.14 -29981.01 -30103.16 -48823.63 -11.60 -6.34 74.21 16.76 -12.33 -4.74 1601.65
CS5 -19.54 196.42 -29903.12 -30009.68 -44971.76 -12.35 -8.31 87.55 13.54 3.60 0.38 1795.04

(+) utility usage or product increase from steady-state

(-) utility usage or product decrease from steady-state

I8
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Table 5.12 The utility usage compare with steady-state value of a change.in methane mole fraction of fresh feed gas.

82

UTILITY USAGE - DIVIATION/FROM SS - SET1

lomole MBtu (hp) MBtu lomole
CS FFTOL FFH2 Qfur Qcooler Ws Qe QR1 QC2 QR2 QC3 QRS Benzene Product
CS1 24854.04 1232774.24 2624.90 3003.93 0.00 of -24.07 206.03 542.87 23.39 272.54 98.69 -10819.42
CS2 28854.10 1239525.90 2741.41 3172.98 0.00 -27.:21 DSl 681.09 44,58 259.50 97.43 -14001.51
CS3 29.78 1210703.21 246.84 33.44 299520.69 0.54 <61.31 -329.04 -62.94 97.72 28.64 11202.29
CS4 28.27 1210709.15 436.18 257.93 89471435 A 006 -47.40 -317.88 -70.94 125.07 40.08 14239.39
CS5 28.50 1211619.78 130.26 -109.22 -106896.31 1 1€% -73.35 -352.30 -59.95 134.42 15.70 -7014.25

UNEITYJUSAGE - DTV[A'I'J'DN FROM SS - SET2

lbmole MBtu (D)% ™ MBtu lbmole
CS FFTOL FFH2 Qfur Qcooler. Ws ¢ QC1 QR1 QcC2 QR2 QC3 QR3 Benzene Product
CS1 24488.83 1229145.87 2615.41 2985.10 D .0B % —_2'3":25" 202.56 520.43 16.84 274.01 98.28 10882.44
CS2 28205.33 1235268.94 2730.01 3146.84 0.00, _';] —2@.’3_? 228.42 649.84 39.27 286.14 98.64 13647.70
CS3 20.05 1207798.73 417.61 215.90 -92_3(.397..1_9 —O.§_5 P -56.26 -333.06 -71.49 110.95 33.43 -7074.24
CS4 20.02 1208244.01 540.11 362.74 -8506-82 —O.LAQ}‘ -46.33 -322.86 -76.35 129.80 41.33 -6848.90
CS5 18.27 1209116.69 302.60 80.56 —9_9_398.3_0 —Q.-}‘:S__'.'i__—67.36 -343.19 -60.75 87.37 24.04 -7235.34

- ‘I‘ f

lbmole MBtu . (hp) - = MBtu lbmole
CS FFTOL FFH2 Qfur Qcooler_ | Ws QC1 QR1. Qc2 QR2 QC3 QR3 | Benzene Product
CS1 21421.05 1225146.64 2426.07  2748.74 0.00 1895 179.05  407.11 -2.20 281.28  99.46 8436.21
CS2 | 26833.98 1233942.18 2638.04  3035.71 0.00 D468 21525  598.59 36.21 26351  98.04 12643.79
CS3 14.02 1208110.39 449.61 262.22 -89566.67 -040 -561.72 -326.27 -73.45 122.08 37.40 -6962.61
CS4 12.79 1208663.05 621.88 473.08 =77879.80 044 =31.07 -314.16 -7713 155.42 50.41 -6627.94
CS5 8.02 1208868.42 264.55 30.67 -102462.04 -0.42 -73.85 -354.93 -66.50 148.13 18.41 -7501.53

(+) utility usage or product increase from steady-state

(-) utility usage or product decrease from steady-state

(4
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Table 5.13 The operating profit compare with steady-state value of a change in quencher

outlet temperature.

COST ($) - SET1

CS1 CS2 CS3 CS4 CS5
FFTOL 24790.39 26689.94 105.70 108.72 111.14
FFH2 4858.94 4682.37 -1592.02 -1662.68 -2221.51
Qfur -116009.78  -116007.57  -118617.81 -118640.20  -118772.76
Qcooler -677.02 -677.03 -694.83 -694.95 -696.06
Ws 0.00 0.00 -703.74 -709.01 -773.28
QC1 -0.20 -0.20 -0.13 -0.12 -0.11
QR1 188.89 19966 65.90 70.65 52.22
QC2 5.84 5.84 1.92 1.87 1.50
QR2 34.74 25.46 -7.26 -16.42 -14.00
QC3 2.35 2.35 1.28 1.25 1.77
QR3 102.84 101,92 64.23 65.50 60.61
Benzene Product 47908.52 47839.82 15557.25 15236.38 12368.21
SUM Cost ($) 1346711 54" #7132817.07 ~ -136934.02  -136711.78  -134618.70
1
COST ($) — SET2
CS ACSAN CS3 CS4 CS5
FFTOL 30282.26 31216:08 110.62 115.00 114.85
FFH2 645276 4.6441.5¢ 4 965.70 -1018.52 -837.61
Qfur 11597383 | -115972.90  -118853.17  -118875.36  -118819.95
Qcooler 67685 s 6765800 4 569623 -696.43 -695.98
Ws 0.00 , 7010046, 17542 -783.39 -760.45
QC1 020 AP0 =Sl, Q12 -0.12 -0.13
QR1 203.57 4Aiaf006: 75 4l 64.47 69.33 65.99
QC2 6.33 =630 1.91 2.05 2.08
QR2 368 A A0 40 -14.98 4.74
QC3 1233 2.54 VN 1.23 1.31
QR3 | ~107.68 104.07 6199 |  62.73 65.02
Benzene Product “52814.17 52624.60 1654221 16474.68 16985.44
SUM Cost ($) -182379.02  -131260.71  -137605.01  -137613.14  -137845.57
COST(3) = SET3
CS1 CS2 CS83 CS4 CS5
FFTOL 68754.29 66196.92 -114.13 -114.55 -118.02
FFH2 17427.33 16202.75 337.67 35428 223.92
Qfur L114505/507 1114521881 © -11992962. | " -119924.08  -119612.48
Qcooler -665.64 -665.95 -704.42 -104.41 -702.23
Ws 0.00 0.00 -2047.06 -2050.59 -1888.81
QC1 -0.48 -0.47 -0.27 -0.27 -0.29
QR1 310.69 300.12 -28.52 -15.85 -20.78
QC2 12.04 11.56 1.78 1.74 2.05
QR2 146.41 148.94 37.74 41.89 33.85
QC3 1.94 2.02 -0.29 -0.29 0.08
QR3 101.10 100.09 -11.11 -11.84 0.96
Benzene Product 100078.18 96018.41 14526.87 14478.92 16227.12
SUM Cost ($) -128495.99  -128244.30  -136985.10  -136905.85  -138308.87

(+) higher operating cost from steady-state
(-) lower operating cost from steady-state (high profit)
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Table 5.14 The operating profit compare with steady-state value of a change in methane

mole fraction of fresh feed gas.

COST ($) - SET1

CS1 CS2 CS3 CS4 CS5
FFTOL 150118.43 174278.76 179.87 170.78 17217
FFH2 1405362.63  1413059.53  1380201.65  1380208.43  1381246.55
Qfur 10499.59 10965.66 987.37 1744.72 521.02
Qcooler 70.29 74.25 0.78 6.04 -2.56
Ws 0.00 0.00 -4192.47 -3757.80 -4489.65
QC1 -0.56 -0.64 0.01 0.00 0.03
QR1 515.09 593.01 -153.27 -118.49 -183.38
QC2 12.70 15.94 -7.70 7.44 -8.24
QR2 58.46 111.44 -157.36 -177.36 -149.88
QC3 6.38 6.07 229 2.93 3.15
QR3 246.72 24358 71.61 100.20 39.25
Benzene Product 101268.70 128724.09 -63408.82 -60748.30 -66653.82
SUM Cost ($) 1465621.08" 1470623561 144034162  1438920.30  1443802.28
1
COST ($) — SET2

CS ACSAN CS3 CS4 CS5
FFTOL 147971260 17036019 121.10 120.95 110.38
FFH2 1401226.29 ‘1‘408206(}59‘: 1376890.55  1377398.17  1378393.02
Qfur 10461.66 10920.02, 1670.46 2160.45 1210.41
Qcooler 69.85 ‘b AT 04\ 50 8.49 1.89
Ws 0.00 101006,  -387825 -3573.23 -4174.73
QC1 0548 Agei=Sl,  TR02 -0.01 0.00
QR1 506.41 dAaaE571:05 0 140,65 -115.82 -168.40
QC2 12.18 =5 -7.79 -7.56 -8.03
QR2 42,090 =08 10U 20 73 -190.86 -151.88
QC3  —.6.41 6.70 VN 3.04 2.04
QR3 | 24570 246.60 837 v | 10333 60.09
Benzene Product “08377.30 123375.16 63951.17 ~ -61914.06 -65407.47
SUM Cost ($) 1462105.24 146712241 143851906  1437821.00  1440682.26

COST ($) =SET3

CS1 CS2 CS83 CS4 CS5
FFTOL 129383.17 162077.21 84.68 77.28 48.44
FFH2 1396667.17  1406694.08 187724584  1377875.88  1378110.00
Qfur 9704.26 10552.17 179848 24817 .53 1058.18
Qcooler 64.32 7904 6.14 07 0.72
Ws 0.00 0.00 -3761.80 -3270.95 -4303.41
QC1 -0.44 -0.58 -0.01 0.01 -0.01
QR1 447 .64 538.12 -129.30 -77.66 -184.62
QC2 9.53 14.01 -7.63 -7.35 -8.31
QR2 -5.50 90.52 -183.62 -192.81 -166.24
QC3 6.58 6.17 2.86 3.64 3.47
QR3 248.64 245.09 93.51 126.02 46.03
Benzene Product 76263.29 114299.86 -62941.99 -59916.62 -67813.88
SUM Cost ($) 1460262.07  1465987.96  1438091.09  1436949.27 144241814

(+) higher operating cost from steady-state
(-) lower operating cost from steady-state (high profit)
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Figure 5.10 The operating ;]ofit compare with steady-state valle for a change in methane

mole fraction of freafﬂ ﬁﬁj qn ﬂ w %’w ﬂ ,-] ﬂ ‘j
AT 8Y, e e

performance.

2. If we consider the performance of control loop plus other variables (include
difference variables in every set (SET1-SET3)), the SET2 gives the most effective
because a little disturbance propagate to other point (small IAE at the points are

not controlled) and the next is SET1.
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3. If we consider the disturbance propagate to separation section, SET1 and SET2
gives the same smaller disturbance propagate to separation section.

4. Control structure 2 (CS2) and Control structure 5 (CS5) are the best structure for
all set of controlled variables.

5. If we consider the cost value when disturbance occur, SET3 (CS4) gives the

small cost on compared with other.

As conclusions above we can see that

1. The fixture point theorem to bring the bestrset of controlled variable. Why we
say that although=SET4 does not give the-best response on compared with
SET2, because SE[l-and'SET2 are the same controlled variables but difference
methane mole fragtionspoesition control. Methane mole fraction in SET2 is near
the manipulated s@ thé IAE value is smaller than SET1. Therefore we can say
that the fixture'point given the besfsag of controlled variables.

2. The best contral configurations d;penq on the direction of controlled variable
with manipulated variable. J,#__ -

ey -’lj'!.l

lll-"

5.2.4 Economic analysis of this wo:rjk’_compare wiﬁl__-RI_EH and REF2.

Table 5.15 and 546 show the utility usage of reference control structure REF1 and

REF2 compare with steady-state value for a change in the disturbance loads of quencher
outlet temperature and.methané-male fraction.in.fresh feed gas respectively.

Table 5.17'and '518-show the operating'cost (preduct - raw material) compare with
steady-state value for a change in the disturbance loads=of quencher oltlet temperature and
methane mole fractiontin fresh feed gasirespectively. The negativel valuelmeans save cost
on compared with steady-state value. The negative value or lower positive value is the
better.

As Figure 5.11 the operating cost of control structure CS1-CS5 for set of controlled
variables SET1-SET3 compare with reference REF1 and REF2 when change in quencher
outlet temperature, the operating cost of this work are smaller than the REF1 and similar to

REF2.
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As Figure 5.12 the operating cost of control structure CS1-CS5 for set of controlled
variables SET1-SET3 compare with reference REF1 and REF2 when change in methane
mole fraction of fresh feed gas, the operating cost of control structure CS3-CS5 are smaller

than the REF1 and REF2.

Table 5.15 The utility usage of REF1 and REF2 compare with steady-state value of a change

in quencher outlet temperature.

UTILITY

REF2
FFTOL -3199.12
FFH2 -6445.55
Qfur -29132.83
Qcooler -29174.96
Ws 0.00
QC1 -3.82
QR1 6.10
QC2 -27.36
QR2 -33.31
QC3 101.78
QR3 36.40
Benzene Product -564.54

’-i—"” _.':-F"
(+) utility usage or prod \f C ‘

() utlity usage or product 48
AU INENTNEINS
AMIANTAUUNIINYAY

crease from steady-state
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Table 5.16 The operating profit of REF1 and REF2 compare with steady-state value of a

change in quencher outlet temperature.

Cost (%)
REF1 REF2

FFTOL -420.14 -19322.68

FFH2 -41826.32 -7347.92

Qfur -123029.93 -116531.31

Qcooler -726.60 -682.69

Ws 534.69 | | / /000

QC1 2.40 / Z0.09

QR1 1247 .37 - o) 4

QC2 o 64.82 | -0.64

QR2 T -83.07

Qc3 e 8056 5 2.38

QR3 84663 91.00

Benzene Product /%AE}QA.OG’__*‘J -5103.40

sum 'y ﬁyéftmo—; 4 -138756.59

b+ i)
-55000.00 - — A
-65000.00 1 == = E =
-75000.00 - - = = =
-85000.00 - Al E— = =
o -95000.00 ‘ﬂlﬂ = %7 %f
7 -105000.00 = = || l=-

-115000.00 - H = = =
-125000.00 - = = =
-135000.00 - | B = =
-145000.00

O SET1 @ SET2 = SET3

Figure 5.11"heoperating profitcempare with steady-stateivaluejferya.change in quencher

outlet temperature.
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Table 5.17 The utility usage of REF1 and REF2 compare with steady-state value of a change

in methane mole fraction of fresh feed gas.

UTILITY USAGE - DIVIATION FROM SS

REF1 REF2
FFTOL lomole 11.38 -8458.00
FFH2 lomole 1196760.36 1192976.73
Qfur MBtu 1706.93 2147.76
Qcooler MBtu 1565.71 2012.90
Ws haA , 9.95 0.00
QC1 MBtu 3.57
QR ' -88.89
QC2 -668.74
QR2 /B \ - 0. -175.21
Qc3 / 12,76 277.74
QR3 79.78
Benzene Product -14001.51
(+) utility usage or product incre
(-) utility usage or product decreas
Table 5.18 The operating profit of :'E:?. ,d ympare with steady-state value of a
change in methane mole-fraction of fresh fi 0
b |
.w Cost (3
REF1 REF2
e AT e i
FFH2
Qfur 6827471 8591.02
QCA1 0.05 0.08
QR1 -169.16 -222.22
QC2 -14.73 -15.65
QR2 -367.14 -438.02
QC3 0.30 6.50
QR3 -71.09 199.46
Benzene Product -97807.51 -126573.65

sum 1466303.79 1443649.05
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Figure 5.12 The operating profitcompare with steady-siate value for a change in methane

mole fraction of fresh feed gas.
5.2.5 Dynamic simulation ) 2 &

This section shows the graph reéponse?fof dynamic simulation of the SET1 (CS5) and

SET2 (CS5) compared with REF1 and'REF2.

£y
X/

§ ) Ted e ’_,J‘_.l
In order to illustrate the dynamic-behaviors of our control structures and the previous

control structures (Araujoset al., 20:C—)'6—-and Luybeﬁ 'e-tqélf, 1998), two types of disturbance are

used to test response of _fh?system: quencher outlet tempefatgre step increase 20 °F and
methane mole fraction in fresh feed gas increase from 0.03 to 0.08 respectively. The
dynamic responses of controlistructure are shown in Figures 5.13 and Figure 5.14. Note that

the disturbances are applied [1 hr after the beginning 'of each simulation run.
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5.2.5A Increase in the quencher outlet temperature from 1150 °F to 1170 °F

Quencher outlet temperature
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Figure 5.13 Dynamic responses of increase 20 °F in quencher outlet temperature for;  (A)
Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)
Benzene product
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Separator pressure
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Figure 5.13 Bynamio responses of increase 20 °F in quencher outlet temperature for;  (A)
Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)
Benzene product
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Hydrogen to aromatic ratio at reactor inlet (rH2)
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Figure 5.13 Dyna onse temperature for;  (A)
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Methane mole fraction on vapor separator stream
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Figure 5.13 Bynamic responses of increase 20 °F in quencher outlet temperature for;
Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)

Benzene product
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Toluene mole fraction in quencher outlet stream
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Figure 5.13 Dynamic responses of increase 20 °F in quencher outlet temperature for;

(A)

Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)

Benzene product
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Manipulated variable 2 : Fresh gas feed rate
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Figure 5.13 Dynamic responses of increase 20 °F in quencher outlet temperature for;  (A)
Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)
Benzene product




Manipulated variable 4 : Cooler heat duty
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Figure 5.13 Bynamio responses of increase 20 °F in quencher outlet temperature for;
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(A)

Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)
Benzene product
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(A)
D)

Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)
Benzene product



5.2.5B Increase in the methane mole fraction in fresh hydrogen feed from 0.03 to 0.08.
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Figure 5.14 Dynamic responses of increase methane mole fraction in fresh feed gas for;
(A) Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)
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Figure 5.14 '!)ynamio responses of increase methane mole fraction in fresh feed gas for;
(A) Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)
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Hydrogen to aromatic ratio at reactor inlet (rH2)
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Methane mole fraction on vapor separator stream
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Figure 5.14 '!)ynamio responses of increase methane mole fraction in fresh feed gas for;
(A) Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
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Figure 5.14 Dynamic responses of increase methane mole fraction in fresh feed gas for;
(A) Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)

Benzene product
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Manipulated variable 2 : Fresh gas feed rate
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Figure 5.14 '!)ynamio responses of increase methane mole fraction in fresh feed gas for;
(A) Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
Reactor inlet pressure, (E) Hydrogen to aromatic ratio at reactor inlet, (F) Methane mole
fraction on vapor separator stream, (G) Methane composition in separator vapor stream, (H)
Toluene mole fraction in quencher outlet stream, (I) Fresh feed toluene, (J) Fresh feed
hydrogen, (K) Furnace heat duty, (L) Cooler heat duty, (M) Work of compressor and (N)
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Manipulated variable 4 : Cooler heat duty
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(A) Quencher outlet temperature, (B) Reactor inlet temperature, (C) Separator pressure, (D)
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CHAPTER VI

CONCLUSION AND SUGGESTION FOR FURTHER WORK

6.1 Conclusion

In this research has discussed control structure design for the HDA process,
using the design procedure of Wongsri (2008): The process variables should be control
are selected by the “fixture point theore?rn”. The procedure is base on the selection of
controlled variable that thesmosi‘disiurbances propagate to plantwide, previously using
heuristic approach. The maximum (scalé) gain is used to paring controlled variables
with manipulated variablgs. Table 6.1 shojy’é. the set of controlled variables of this work

compare with various authers. J y

Table 6.1 Controlled variables selected by iig{i_gus authors (Reaction Section)

Controlled:variable - S8, authors
) 1 2 3 4*

Fresh toluene feed rate (FFTOL) —— X X X
Fresh gas hydrogen feed rate (FFH2) ' X
Recycle gas methane mole fraction - X
Reactor inlet pressure (Prin) X X
Compressor power X
Total toluene flow. rate to'the reactionsection X
Mixer outlet methane mole fraction (Ximet,mix) X
Reactor. inlettempecature (Trin) X X X X
Reactor outlet temperature (Trout) X
Separator temperature X X X X
Separator pressure X X
Separator overhead vapor methane mole fraction X X
Hydrogen to aromatic ratio at reactor inlet (rH2) X X X
Quencher outlet temperature X X X X
Quencher outlet toluene mole fraction X

Note: 1=Luyben (1998), 2=Araujo et al.(2006) 3=Chotirat Kiatpiriya (reaction section only, 2007), 4*= This work
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From this work we can conclusion

1. Easy for pre-screening output from input (MV and D are considered).

2. The appropriate set of controlled variables to achieve form fixture point
theorem.

3. The best control configurations depend on the direction of controlled

variable with manipulated variable.

6.2 Recommendations

The Fixture point. easy-and-effective tool to select controlled

variables. The fixture poin he pl evel. Therefore we will improve
steps of plantwide contr N pro orrespond to the fixture point

theorem.
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APPENDIX A

TUNING OF CONTROL STRUCTURES

A.1 Tuning Controllers

Notice throughout this work uses severalitypes of controllers such as P, Pl, and
PID controllers. They depend on the controlleép«in theory, control performance can be
improved by the use of derivative actioanut in-practice the use of derivative has some
significant drawbacks:
1. Three tuning'constants mustlbe specified.
2. Signal noisedis amplified. _‘
3. Several types of /PID Control"?lgoﬂthms are used, so important to careful
that the right algorithm :_is usec!i-:\q_/iitt} its matching tuning method.
4, The simulation is an approxifﬁa’tpn of the real plant. If high performance
controllers are req'u‘ifed to get g-'_i(;é‘dynamics from the simulation, the real

te)

plant may not work-well: IO

A.2 Tuning Flow, Level and Pressure Loops

The dynamics 'of flow ‘measurement, are fast." The" time constants for moving
control valves are small. Therefore, the controller can be turned with a small integral or
reset time ¢onstant.'A valtie of 75 013 minutés wark!in most cofifrollefs. The value of
controllef gain should be kept modest because flow measurement signal are sometime
noisy due to the turbulent flow through the orifice plate. A value of controller gain of

K¢ = 0.5 is often used. Derivative action should not be used.

Most level controllers should use proportional-only action with a gain of 1 to 2.
This provides the maximum amount of flow smoothing. Proportional control means there

will be steady state offset (the level will not be returned to its setpoint value). However,
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maintaining a liquid level at a certain value is often not necessary when the liquid
capacity is simply being used as surge volume. So the recommended tuning of a level
controlleris K, =

Most pressure controllers can be fairly easily tuned. The process time constant
is estimated by dividing the gas volume of the system by the volumetric flowrate of gas
flowing through the system. Setting the integral time equal to about 2 to 4 times the
process time constant and using a reasonable controller gain usually gives satisfactory
pressure control. Typical pressure controllertuning constants for columns and tanks are

Ke =2and 7, = 10 minutes.

A.3 Relay- Feedback Tesiing

The relay-feedbaclgtest is /a' tool that serves a quick and simple method for

identifying the dynamiC parameters tha_t.‘ are important for to design a feedback
)

controller. The results ai‘the test are-the u{timate gain and the ultimate frequency. This

information is usually sufficient to permlt u$ to calculate some reasonable controller
v ol

tuning constants. i) i rert

The method.cansists of merely inserting an-on=off (elay in the feedback loop. The

only parameter that must be specified is the height of the relay, h. This height is typically
510 10 % of the controtler output scale. The loop starts 10 oscillate around the setpoint
with the controller eutput switchingeverytime the pracesssvariable (PV) signal crosses

the setpoint. Figure'A:1"shows the' PV"and OP signalsfrom a typical relay-feedback test.

The maximum amplitude (a)“of'the' PV signal lis'used to ‘¢alculate the ultimate

gain, K, from the equation

K. =— A1
Y ar A1)

The period of the output PV curve is the ultimate period, R, from these two

parameters controller tuning constants can be calculated for Pl and PID controllers,
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using a variety of tuning methods proposed in the literature that require only the ultimate

gain and the ultimate frequency, e.g. Ziegler-Nichols, Tyreus-Luyben.

02 | —
G AT A A A
sl e LN A% LK
N/l N/ N/ \

0.2
0
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Figure A1 Inputa ” 2|ay-Feedback Test

The test has many positive fe ‘have widespread use in real plants as
well in simulation studies:

=Tz J' o
1, Oﬁ/ one pa e’fe'rhé 10 be i lay height).

odﬂike PRBS.
3. The ;[eist is closedloop, s&}he process is not driven away from the

ﬂﬂpﬁt’.]“f]ﬂﬂ‘ﬁwmﬂ‘ﬁ

4 The information o%tamed is very accurate in the frequency range that
5. The impact of load changes that occur during the test can be
detected by a change to asymmetric pulses in the manipulated

variable.

These entire features make relay-feedback testing a useful identification tool.

Knowing the ultimate gain, K, and the ultimate period, B, permits us to calculate
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controller settings. There are several methods that require only these two parameters.

The Ziegler-Nichols tuning equations for a Pl controller are:

Ko =K, /2.2

(A.2)
7, =R, /1.2

These tuning constants are frequently too aggressive for many chemical engineering

| controller are:

applications. The Tyreus-Luyben tuni thod provides more conservative settings
with increased robustness. Th T

$ 9
7 : (A.3)

A.4 Inclusion of Lags

Any real physical sy. nas g ent and actuator lags always
exist. In simulations, ho J 7-: 7 t'of the unit models. Much more
aggressive tuning is often tion than is possible in the real plant
Thus the predictions of dynamg’gipfr_‘ﬁfb_‘r an_be overly optimistic. This is poor
engineering. A con c

Realistic dyna |- S ions " ] itIy include lags and/or dead
times in all the import;jloops Usually this means controllers that affect Product quality

s cogi 91919 WW}J i)
ags to inc ude in several different

Table summarizes some recommende

types“ﬁW“TOﬁﬁﬂ‘im UANINYA Y

Table A.1 Typical measurement lags

Time constant
Number (minutes) Type
Temperature Liquid 2 0.5 First-order lags
Gas 3 1 First-order lags
Composition Chromatograph 1 31010 Deadtime




Table B.1 Tuning parameters for the reference control s

Controller Controlled variables

TCO1 Quencher outlet temperature

TCO02 Reactor inlet temperature

TCO3 Separator inlet temperature

RCO1 Hydrogen to aromatic ratio at reactor inlet

PC-RIN Reactor inlet pressure

CCO1 Mixer outlet methane mole fraction ;
CCo02 Quencher outlet toluene mole fraction s
LC-SEP Separator liquid level ﬁ V4
LC1 Reflux drum level of stabilizer column

LC2 Reflux drum level of benzene column ﬂ

LC3 Reflux drum level of toluene column

LRC1 Reboiler sump level of stabilizer column

LRC2 Reboiler sump level of benzene€olu

LRC3 Reboiler sump level of toluene Cﬂ;mw r]

¢l
VERE

—

V12 Py

ANTEItl

- AR
Manipulated variable; ———

k

01

7,

H&'\. ameter Action controller PV Range
o
- Direct 1100-1200 F
10 - Reverse 1100-1300 F
0.8 - Direct 70-120 F
- Reverse 0.1091-0.6091
- Direct 400-600 psia
- Direct 0.3190-0.8190
- Direct 0.000-0.016
- Direct 0-100 %
Reverse 0-100 %
Direct 0-100 %
Direct 0-100 %
Direct 0-100 %
Direct 0-100 %
Direct 0-100 %
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Table B.1 (Continuous) Tuning parameters for the reference contrc

W

variable

— A

e

q,F dt[:""J 7 \

ﬂ‘-:d
AL

L » I
Reflux; e:—’;{

ing parameter

Controller | Controlled variables

PC1 Condenser pressure of stabilizer column

pPC2 Condenser pressure of benzene column

PC3 Condenser pressure of toluene column

C1TS-3 Temperature at tray 3 in stabilizer column

C2TS-20 | Temperature at tray 20 in benzene column

C3TS-5 Temperature at tray 5 in toluene column

CC11 Benzene mole fraction in distillate of stabilizer column
CC12 Methane mole fraction in bottoms of stabilizer column
cc21 Toluene mole fraction in distillate of benzene col :
CC22 Benzene mole fraction in bottoms of benzene col

CC31 Biphenyl mole fraction in distillate of toluene columnm
CC32 Toluene mole fraction in bottoms of toluene column
FCO1 Fresh hydrogen feed flowrate ﬂ u &
FCO02 Fresh toluene feed flowrate

’JW&WI?WOEI”

Action controller PV Range
7 b
10 - Direct 100-200 psia
10 - Direct 20-40 psia
10 - Direct 20-40 psia
10 - Reverse 273.18-373.18 F
10 - Reverse 194.84-294.84 F
0.1 - Direct 258.54-358.54 F
50 - Direct 0.000-0.002
50 - Direct 0.0-2.0E-06
- Direct 0.0-6.0E-04
- Direct 0.0-2.6E-03
100 - Reverse 0.0-1.0E-03
50 - Direct 0.0-8.0E-04
ﬂﬁj - Reverse 0-900 Ibmole/hr
- Reverse 0-600 Ibmole/hr

Q‘W’M\‘iﬂ‘im UANINYA Y

LT1



uning parameter

Controller Controlled variables

TCO1 Quencher outlet temperature

TCO02 Reactor inlet temperature

TCO03 Separator inlet temperature

PC-SEP Separator pressure

CC-RCH4 Compressor inlet methane mole fraction
LC-SEP Separator liquid level

LC1 Reflux drum level of stabilizer column

LC2 Reflux drum level of benzene column

LC3 Reflux drum level of toluene column

LRC1 Reboiler sump level of stabilizer column
LRC2 Reboiler sump level of benzene column
LRC3 Reboiler sump level of toluene column

PCA1 Condenser pressure of stabilizer column
PC2 Condenser pressure of benzene column
PC3 Condenser pressure of toluene column
C1T7S-6 Temperature at tray 6 in stabilizer column
C2TS-12 Temperature at tray 12 in benzene Columﬂ
C3 TS-Avg | Average trays temperature (tray 1-4 ) in tomane column
FC-TOT Total toluene feed flowrate ’q q

|

- Action controller PV Range
7 b
- 0.1 - Direct 1100-1200 F
10 - Reverse 1100-1300 F
10 - Direct 70-120 F
- Reverse 427-527 psia
- Direct 0.4682-0.8682
- - Direct 0-100 %
- - Reverse 0-100 %
- - Direct 0-100 %
- - Direct 0-100 %
- Direct 0-100 %
- Direct 0-100 %
- Direct 0-100 %
- Direct 100-200 psia
- Direct 20-40 psia
10 - Direct 20-40 psia
- Reverse 241.38-341.38 F
-] ﬁ ﬁ - Reverse 183.59-283.59 F
30 - Direct 357.64-557.64 F
v Reverse 0-800 Ibmole/hr
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Table B.3 Tuning parameters for the control structure 1 (CS1)

. . - - Tuning-parameter .

Controller Controlled variables Manipulated.variable Action controller PV Range
Ke 4 b

TCO1 Quencher outlet temperature Vo6 | O 0.1 - Direct 1100-1200 F
TCO02 Reactor inlet temperature Qfur 1 2 10 - Reverse 1100-1300 F
TCO03 Separator inlet temperature Qceooler 3 e 10 - Direct 70-120 F
RCO1 Hydrogen to aromatic ratio at reactor inlet SP F@=02 :.‘1 0.8 - Direct 0.1091-0.6091
PC-SEP Separator pressure SPIFC-#1 "‘-; 2% 10 - Reverse 427-527 psia
CC-GCH4 Separator vapor methane mole fraction \%5) £, 18 - Direct 0.4682-0.8682
LC-SEP Separator liquid level V4 - L - Direct 0-100 %
LC1 Reflux drum level of stabilizer column qcl ald '-:2":-'..7 - - Reverse 0-100 %
LC2 Reflux drum level of benzene column V. ) Pl - - Direct 0-100 %
LC3 Reflux drum level of toluene column V10 ? : - - Direct 0-100 %
LRC1 Reboiler sump level of stabilizer column V12~ 2 s & - Direct 0-100 %
LRC2 Reboiler sump level of benzene column - : AVAFS 2 — - Direct 0-100 %
LRC3 Reboiler sump level of toluene column ~4{ v15 P o - Direct 0-100 %
PC1 Condenser pressure of stabilizer column V11 2 10 - Direct 100-200 psia
pPC2 Condenser pressure of benzene column N qc2 2 10_ - Direct 20-40 psia
PC3 Condenser pressure of toluene column ged s 10 - Direct 20-40 psia
C1TS-6 Temperature at tray 6 in stabilizer column qed 2 10 - Reverse 241.38-341.38 F
C2TS-10 Temperature at tray 10 in benzene column qr2 2 10 - Reverse 194.84-294.84 F
C3TS-4 Temperature at tray 4 in toluene eolumn ar3 2 10 - Reverse 277.73-377.73 F
FC-01 Fresh hydrogen feed flowrate Vi1 0.179 8.36E-03 - Reverse 0-900 Ibmole/hr
FC-02 Fresh toluene feed flowrate V2 0.174 8.38E-03 - Reverse 0-600 Ibmole/hr
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Table B.4 Tuning parameters for the control structure 2 (CS2)

Controller Controlled variables Manipulatedvariable | = JTuning-parameter Action controller PV Range
Ke 4 b
TCO1 Quencher outlet temperature Vo6 | O 0.1 - Direct 1100-1200 F
TCO02 Reactor inlet temperature Qfur 1 2 10 - Reverse 1100-1300 F
TCO03 Separator inlet temperature Qceooler 3 e 10 - Direct 70-120 F
RCO1 Hydrogen to aromatic ratio at reactor inlet SP F@=02 :.‘1 0.8 - Direct 0.1091-0.6091
PC-SEP Separator pressure V5 "‘-; 24 10 - Direct 427-527 psia
CC-GCH4 Separator vapor methane mole fraction SP F@-01 £, 18 - Direct 0.4682-0.8682
LC-SEP Separator liquid level N - L - Direct 0-100 %
LC1 Reflux drum level of stabilizer column qcl ald '-:2":-'..7 - - Reverse 0-100 %
LC2 Reflux drum level of benzene column V. ) Pl - - Direct 0-100 %
LC3 Reflux drum level of toluene column V10 ? : - - Direct 0-100 %
LRC1 Reboiler sump level of stabilizer column V12~ 2 s & - Direct 0-100 %
LRC2 Reboiler sump level of benzene column AVAFS 2 — - Direct 0-100 %
LRC3 Reboiler sump level of toluene column V15 2 . - Direct 0-100 %
PC1 Condenser pressure of stabilizer column V11 2 10 - Direct 100-200 psia
pPC2 Condenser pressure of benzene column qc2 2 10_ - Direct 20-40 psia
PC3 Condenser pressure of toluene column ged s 10 - Direct 20-40 psia
C1TS-6 Temperature at tray 6 in stabilizer column qed 2 10 - Reverse 241.38-341.38 F
C2TS-10 Temperature at tray 10 in benzene column qr2 2 10 - Reverse 194.84-294.84 F
C3TS-4 Temperature at tray 4 in toluene eolumn ar3 2 10 - Reverse 277.73-377.73 F
FCO1 Fresh hydrogen feed flowrate Vi1 0.179 8.36E-03 - Reverse 0-900 Ibmole/hr
FCO02 Fresh toluene feed flowrate V2 0.174 8.38E-03 - Reverse 0-600 Ibmole/hr
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Table B.5 Tuning parameters for the control structure 3 (CS3)

Controller Controlled variables Manipulatedvariable | = Juning-parameter Action controller PV Range
Ke 4 b
TCO1 Quencher outlet temperature Vo6 | O 0.1 - Direct 1100-1200 F
TCO02 Reactor inlet temperature Qfur l 2 10 - Reverse 1100-1300 F
TCO03 Separator inlet temperature Qceooler 1 & 10 - Direct 70-120 F
RCO1 Hydrogen to aromatic ratio at reactor inlet SP F@=01 ;1 0.8 - Reverse 0.1091-0.6091
PC-SEP Separator pressure Wkeomp "‘-:l 2 10 - Direct 427-527 psia
CC-GCH4 Separator vapor methane mole fraction \%) 5 8 - Direct 0.4682-0.8682
LC-SEP Separator liquid level V4 N L - Direct 0-100 %
LC1 Reflux drum level of stabilizer column qcl did ';2":-'.. - - Reverse 0-100 %
LC2 Reflux drum level of benzene column VI Dol ha - - Direct 0-100 %
LC3 Reflux drum level of toluene column V10 _ 5T - - Direct 0-100 %
LRC1 Reboiler sump level of stabilizer column Vi bt TR - - Direct 0-100 %
LRC2 Reboiler sump level of benzene column = 14 2 — - Direct 0-100 %
LRC3 Reboiler sump level of toluene column V15 2 . - Direct 0-100 %
PC1 Condenser pressure of stabilizer column V11 2 10 - Direct 100-200 psia
pPC2 Condenser pressure of benzene column qc2 2 10 ) - Direct 20-40 psia
PC3 Condenser pressure of toluene column ged s 10 - Direct 20-40 psia
C1TS-6 Temperature at tray 6 in stabilizer column qed 2 10 - Reverse 241.38-341.38 F
C2TS-10 Temperature at tray 10 in benzene column qr2 2 10 - Reverse 194.84-294.84 F
C3TS-4 Temperature at tray 4 in toluene eolumn ar3 2 10 - Reverse 277.73-377.73 F
FCO1 Fresh hydrogen feed flowrate Vi1 0.182 8.35E-03 - Reverse 0-900 lbmole/hr
FCO02 Fresh toluene feed flowrate V2 0.5 0.3 - Reverse 0-600 Ibmole/hr
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Table B.6 Tuning parameters for the control structure 4 (CS4)

Controller Controlled variables Manipulatedvariable | = Juning-parameter Action controller PV Range
Ke 4 b
TCO1 Quencher outlet temperature Vo6 | O 0.1 - Direct 1100-1200 F
TCO02 Reactor inlet temperature Qfur l 2 10 - Reverse 1100-1300 F
TCO03 Separator inlet temperature Qceooler 1 & 10 - Direct 70-120 F
RCO1 Hydrogen to aromatic ratio at reactor inlet Wkcamp - ;1 0.8 - Reverse 0.1091-0.6091
PC-SEP Separator pressure SPIFC-#1 "‘-:l 2% 10 - Reverse 427-527 psia
CC-GCH4 Separator vapor methane mole fraction \%5) .5 18 - Direct 0.4682-0.8682
LC-SEP Separator liquid level V4 ¥ L - Direct 0-100 %
LC1 Reflux drum level of stabilizer column qcl did ';2":-'.. - - Reverse 0-100 %
LC2 Reflux drum level of benzene column VI Dol ha - - Direct 0-100 %
LC3 Reflux drum level of toluene column V10 _ 5T - - Direct 0-100 %
LRC1 Reboiler sump level of stabilizer column Vi bt = - - Direct 0-100 %
LRC2 Reboiler sump level of benzene column 14 - — - Direct 0-100 %
LRC3 Reboiler sump level of toluene column V15 2 . - Direct 0-100 %
PC1 Condenser pressure of stabilizer column V11 2 10 - Direct 100-200 psia
pPC2 Condenser pressure of benzene column qc2 2 10 ) - Direct 20-40 psia
PC3 Condenser pressure of toluene column ged s 10 - Direct 20-40 psia
C1TS-6 Temperature at tray 6 in stabilizer column qed 2 10 - Reverse 241.38-341.38 F
C2TS-10 Temperature at tray 10 in benzene column qr2 2 10 - Reverse 194.84-294.84 F
C3TS-4 Temperature at tray 4 in toluene eolumn ar3 2 10 - Reverse 277.73-377.73 F
FCO1 Fresh hydrogen feed flowrate Vi1 0.184 8.34E-03 - Reverse 0-900 lbmole/hr
FCO02 Fresh toluene feed flowrate V2 0.5 0.3 - Reverse 0-600 Ibmole/hr
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Table B.7 Tuning parameters for the control structure 5 (CS5)

Controller Controlled variables Manipulated.ariable | Tuning.parameter Action controller PV Range
Ke 7 b
TCO1 Quencher outlet temperature V6 01 i1 - Direct 1100-1200 F
TCO2 Reactor inlet temperature Q@fur Il y. 10 - Reverse 1100-1300 F
TCO03 Separator inlet temperature Qcgaoler . 2 10 - Direct 70-120 F
RCO1 Hydrogen to aromatic ratio at reactor inlet Wkcomp. :1 0.8 - Reverse 0.1091-0.6091
PC-SEP Separator pressure V5 \ 2% 10 - Direct 427-527 psia
CC-GCH4 Separator vapor methane mole fraction SP F@-01 '.fl.5 15 - Direct 0.4682-0.8682
LC-SEP Separator liquid level V4 2 i k - Direct 0-100 %
LC1 Reflux drum level of stabilizer column qcl P ;.:-Z-'f.-_ = - Reverse 0-100 %
LC2 Reflux drum level of benzene column V13 ez, _,:.I - - Direct 0-100 %
LC3 Reflux drum level of toluene column V10 ? - - Direct 0-100 %
LRC1 Reboiler sump level of stabilizer column V12 =T S - Direct 0-100 %
LRC2 Reboiler sump level of benzene column V14 2 — - Direct 0-100 %
LRC3 Reboiler sump level of toluene column V15 2 L. - Direct 0-100 %
PC1 Condenser pressure of stabilizer column V11 2 10 ‘ - Direct 100-200 psia
pPC2 Condenser pressure of benzene column qc2 2 10 - Direct 20-40 psia
PC3 Condenser pressure of toluene column gc3 2 10 - Direct 20-40 psia
C1TS-6 Temperature at tray 6 in stabilizer column grd 2 10 - Reverse 241.38-341.38 F
C2 TS-10 Temperature at tray 10 in benzene column qr2 2 10 - Reverse 194.84-294.84 F
C3TS-4 Temperature at tray 4 in toluene column ar3 2 10 - Reverse 277.73-377.73 F
FCO1 Fresh hydrogen feed flowrate Vi1 0.186 8.38E-03 - Reverse 0-900 Ibmole/hr
FC02 Fresh toluene feed flowrate V2 0.5 0.3 - Reverse 0-600 Ibmole/hr
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APPENDIX C

DATA OF FIXTURE"/I;/@NT ANALYSIS

Table C1-1 (Fixture point )

“Key process variables

process variables FT1 | FT2 ‘ FT3 | FT4 ‘-F"‘FT 5_ J FTq‘ ‘ '=lia | FT8 ‘ FT9 ‘ FT10 FT11 ‘ FT12 FT13
\ IAE value

FFTOL Molar Flow 0.007 0.014 0.003 0.00(}l 0.016 0.015 0.005 0.030 0.003 0.031 0.003
FFTOL P 0.000 0.277 0.000 ‘0.000‘_. 4% 5,000 0.000 0.000 0.000 0.000 0.000 0.000
FFTOL Temp 0.000 0.000 0.064 l r" . 0_._000:1 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS Molar Flow 0.005 0.010 0.003 -4 0[003 4 0:020 0.019 0.006 0.038 0.004 0.039 0.004
FFGAS P 0.000 0.000 0.000 _q.'ooo 4| 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS Temp 0.000 0.000 0.000 40.064 ,J-} 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC H2 0.000 0.000 0.000 ‘_‘-ij_'_0.000 {é‘0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC CH4 0.000 0.000 0.000 ,,‘.'.-"_O'OOO ’,“T:Q- JOO 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC Benzene 0.000 0.000 0.000 - -_—0.000 ;i__é%.éoo 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC Toluene 0.000 0.000 0.000 f ~"f_j 0:000 ‘_JIJI:'ELQ@Q 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC Diphenyl 0.000 0.000 0.000 0.000 0.000 (_)060 ] 0.000 0.000 0.000 0.000 0.000
Mixer outlet Molar Flow 0.048 0.096 0.031 0.017 0.252 T)’I?Eié; 0.133 0.320 0.096 0.334 0.097
Mixer outlet P 0.050 0.100 0.031 0.001 0.083 07187 0.061 0.366 0.042 0.383 0.039
Mixer outlet Temp 0.038 0.076 0.050 0.016 0.044 0.292 0.068 0.368 0.098 0.389 0.096
Mixer outlet_CC H2 0.051 0.100 0.017 0.014 0.135 0.105 0.033 0.243 0.025 0.255 0.023
Mixer outlet_CC CH4 0.041 0.082 0.015 0.012 0131 0.089 0.036 0.220 0.023 0.231 0.024
Mixer outlet_CC Benzene 0.003 0.005 0.003 0.001 0.005 0.018 0.005 0.029 0.007 0.031 0.007
Mixer outlet_CC Toluene 0.007 0.013 0.001 0.001 0.001 0.002 0.002 0.007 0.002 0.007 0.002
Mixer outlet_CC Diphenyl 0.000 0.000 0.00C 0/000 0000 0.000 0000 0.000 0.000 0.000 0.000
FUR IN Molar Flow 0.048 0.096 0.081 0077 0.252 0.185 0133 0.320 0.096 0.334 0.097
FURINP 0.044 0.087 0.029 0.001 0.059 0.172 0.167 0.356 0.071 0.372 0.078
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Table C1-1 (Continue)

Key process variables

brocess variables FT1 FT2 FT3 e | s hoFe L) grr | Fro | FTi0 i1 | Fmi2 | Fmis
FUR IN Temp 0.012 0.025 0.037 0.003 0.010 099 L. 0206 0.047 0.513 0.047 0470 | 0.049
FUR IN_CC H2 0.050 0.100 0.017 0.032 001 0135 0.105 0.032 0.243 0.025 0.255 | 0.023
FUR IN_CCCH4 0.041 0.082 0.015 0.028 0.0112 0.131 0.089 0.035 0.220 0.023 0.231 | 0.024
FUR IN_CC Benzene 0.003 0.005 0.003 0.000_f 0.00 0.006 0:018 0.005 0.029 0.007 0.031 | 0.007
FUR IN_CC Toluene 0.007 0.013 0.001 0.003 o.oog 0.001 0.002 0.002 0.007 0.002 0.007 | 0.002
FUR IN_CC Diphenyl 0.000 0.000 0.000 0.000 41 J-.0.0003 4 0,000 0'000 0.000 0.000 0.000 0.000 | 0.000
RIN Molar Flow 0.048 0.096 0.031 0.027_ 0017 | 0282 0.185 0.133 0.320 0.096 0.334 | 0.097
RIN P 0.035 0.070 0.035 0.040 4. Oloot'\ |4 0%55 0.203 0.114 0.380 0.143 0402 | 0.140
RIN Temp 0.003 0.010 0.038 0.008 4 000904| 0253 0.209 0.068 0.496 0.054 0520 | 0.050
RIN_CC H2 0.050 0.100 0.017 0.032 0014k 0135 0.104 0.032 0.242 0.025 0.254 | 0.023
RIN_CCCH4 0.041 0.082 0.015 0.028 |l gral A 0.131 0.089 0.035 0.220 0.023 0.231 | 0.024
RIN_CC Benzene 0.003 0.005 0.003 0.000 00§72 .0.001 j:f@gm 0.018 0.005 0.029 0.007 0.031 | 0.007
RIN_CC Toluene 0.007 0.013 0.001 0.003 0.009 =000 +0.001 0.002 0.002 0.007 0.002 0.007 | 0.002
RIN_CC Dipheny| 0.000 0.000 0.000 0.000 0,000+ 6000 /< 0:000 0.000 0.000 0.000 0.000 0.000 | 0.000
ROUT Molar Flow 0.048 0.096 0.031 0027 | 0080 0.017 0252 | 0.85) | 0.132 0.320 0.096 0.334 | 0.097
ROUT P 0.037 0.074 0.036 0.040/, | 0.120 0.001 0057 | 0208 0.112 0.387 0.141 0410 | 0.133
ROUT Temp 0.004 0.010 0.033 0.008;: 0.027 0.007 0.247 07t 78 0.077 0.438 0.047 0.458 | 0.049
ROUT_CC H2 0.055 0.110 0.018 0.033%"|  0.097 0.015 0.149 0112 0.038 0.260 0.027 0.273 | 0.025
ROUT_CCCH4 0.047 0.093 0.017 0.030 0,088 0.013 0.149 0.102 0.042 0.248 0.026 0.260 | 0.029
ROUT_CC Benzene 0.007 0.013 0.003 0.002 0l008 0.60" 0,014 0.020 0.003 0.037 0.004 0.039 | 0.004
ROUT_CC Toluene 0.001 0.002 0.003 0:001 0°004 0.000 0.020 0.015 0.005 0.035 0.004 0.037 | 0.003
ROUT_CC Diphenyl 0.001 0.001 0.001 0.000 0.000 0.000 0.005 0.005 0:001 0.011 0.001 0.011 | 0.001
Quencher Molar Flow 0.051 0.101 0.081 ¢0ps 0.083 017 0.246 0.184 0128 0.317 0.092 0.330 | 0.093
Quencher P 0.037 0.074 0.086 0040 0.120 0004 0.057 0.208 0.412 0.387 0.141 0410 | 0.133
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Table C1-1 (Continue)

Key process variables

process variables FT1 FT2 FT3 FT4 ‘ FT5 FT_@ y ‘ FT7 | FT8 FT9 FT10 FT11 ‘ FT12 ‘ FT13
"‘rf"’:ﬁE value

Quencher Temp 0.022 0.043 0.025 0.002 0.005 0.007 ‘ “’6759 0.142 0.032 0.359 0.037 0.377 0.040
Quencher_CC H2 0.053 0.105 0.018 0.032 0094 J0.014 0.146 0.110 0.038 0.254 0.026 0.266 0.024
Quencher_CCCH4 0.045 0.090 0.016 0.029”'1__, 0085 | 0.013 0.139 0.095 0.038 0.234 0.024 0.246 0.026
Quencher_CC Benzene 0.005 0.011 0.005 O.M 002 0.002 0.028 0.028 0.006 0.054 0.006 0.057 0.006
Quencher_CC Toluene 0.001 0.002 0.004 OV/ 07‘.006 &3.001 0.028 0.022 0.008 0.051 0.005 0.054 0.005
Quencher_CC Dipheny! 0.001 0.002 0.001 (:).OQO 0.008 0.008 0.002 0.017 0.002 0.017 0.002
FEHE HOT-SIDE Molar Flow 0.051 0.101 0.031 0.017 0.246 0.184 0.128 0.316 0.092 0.330 0.093
FEHE HOT-SIDE P 0.035 0.071 0.039 01004 0.056 0.226 0.090 0.405 0.122 0.428 0.114
FEHE HOT-SIDE Temp 0.037 0.075 0.056 Cfﬁﬁfi? 0.181 0.321 0.045 0.516 0.089 0.545 0.088
FEHE HOT-SIDE_CC H2 0.053 0.105 0.018 OO’I&‘ % '0.146 0.109 0.038 0.253 0.026 0.266 0.024
FEHE HOT-SIDE_CCCH4 0.045 0.090 0.016 O.Qﬁ_ﬁu 0139 0.095 0.038 0.234 0.024 0.245 0.026
FEHE HOT-SIDE_CC Toluene 0.001 0.002 0.004 003:1,—?:’:‘ 0.028 0.022 0.008 0.051 0.005 0.054 0.005
FEHE HOT-SIDE_CC Diphenyl 0.001 0.002 0.001 0.000 | 0.008 0.008 0.002 0.017 0.002 0.017 0.002
SEP INLET Molar Flow 0.051 0.101 0.031 O.O‘;J{'--“‘~4""‘O.246 0.184 0.128 0.316 0.092 0.330 0.093
SEP INLET P 0.035 0.070 0.039 0.001 0.056 _{Q..ZZG 0.089 0.405 0.122 0.428 0.114
SEP INLET Temp 0.051 0.101 0.050 0.017 0.062 :_d.296 0.097 0.478 0.136 0.505 0.133
SEP INLET_CC H2 0.053 0.105 0.018 0.014 0.146 n 0.109 0.038 0.253 0.026 0.266 0.024
SEP INLET_CCCH4 0.045 0.090 0.016 0.013 0.139 ™" 0.095 0.038 0.234 0.024 0.245 0.026
SEP INLET_CC Benzene 0.005 0.011 0.005 0.002 0.027 0.028 0.006 0.054 0.006 0.057 0.006
SEP INLET_CC Toluene 0.001 0.002 0.004 0.001 0.028 0.022 0.008 0.051 0.005 0.054 0.005
SEP INLET_CC Diphenyl 0.001 0.002 0.004 0.000 0.008 0.008 0.002 0.017 0.002 0.017 0.002
SEP GAS Molar Flow 0.054 0.108 0.026 0.016 0.227 0.157 0.127 0.265 0.095 0.276 0.095
SEP GAS P 0.035 0.070 0.039 0007 0.056 0.226 0.089 0.405 0.122 0.428 0.114
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Table C1-1 (Continue)

Key process variables

brocess variables FT1 FT2 FT3 e | s hoFe L) grr | FT9 FT10 i1 | Fmi2 | Fmis
SEP GAS Temp 0.051 0.101 0.050 0.007 0.019 0.017 008 L. 0206 0.097 0.477 0.136 0505 | 0.133
SEP GAS_CC H2 0.057 0.113 0.020 0.034 ["w0M01 0.016 OFET™ IS0 123 0.040 0.285 0.029 0299 | 0.027
SEP GAS_CCCH4 0.054 0.107 0.017 0.034 WG 0590 0.0115 0.155 0.103 0.046 0.251 0.026 0.263 | 0.032
SEP GAS_CC Benzene 0.003 0.006 0.003 0.000_f 0.00 0.006 0:021 0.005 0.034 0.008 0.036 | 0.008
SEP GAS_CC Toluene 0.000 0.000 0.000 0.000 o.oo& 0.001 0.000 0.000 0.001 0.000 0.001 | 0.000
SEP GAS_CC Diphenyl 0.000 0.000 0.000 0.000 /1 J-0.6003 4f, " 0,000 0'000 0.000 0.000 0.000 0.000 | 0.000
SEP LIQ Molar Flow 0.004 0.007 0.005 0.002_ " 0001 | 00w 0.027 0.005 0.051 0.006 0.053 | 0.005
SEPLIQP 0.035 0.070 0.039 0.041 4 0ot |4 0l56 0.226 0.089 0.405 0.122 0428 | 0.114
SEP LIQ Temp 0.051 0.101 0.050 0.007 4 DO 0062 0.296 0.097 0.477 0.136 0505 | 0.133
SEP LIQ_CC H2 0.000 0.001 0.000 0.000 40,0004 6,002 0.000 0.001 0.001 0.001 0.001 | 0.001
SEP LIQ_CCCH4 0.003 0.005 0.001 0.002 | #ad00! A 0.008 0.003 0.006 0.004 0.006 0.004 | 0.006
SEP LIQ_CC Benzene 0.017 0.033 0.028 0.019 05§37 7.0.002 j:f@‘,}% 0.139 0.054 0.329 0.034 0.345 | 0.035
SEP LIQ_CC Toluene 0.007 0.014 0.041 0.017 0.054 =0.007 0,279 0.217 0.076 0.500 0.053 0.524 | 0.049
SEP LIQ_CC Dipheny! 0.008 0.017 0.014 0.001 0,003 6004 /50076 0.081 0.017 0.172 0.019 0.180 | 0.018
COMP INLET Molar Flow 0.050 0.100 0.025 0023 | 0067 0.014 0215 | 0.0, | 0.121 0.252 0.091 0.263 | 0.091
COMP INLET P 0.035 0.070 0.039 0.47 | 0.125 0.001 0056 | 0226 0.089 0.405 0.122 0.428 | 0.114
COMP INLET Temp 0.051 0.101 0.050 0.0072': 0.019 0.017 0.062 07296 0.097 0.477 0.136 0.505 | 0.133
COMP INLET_CC H2 0.057 0.113 0.020 0.034%"|  0.101 0.016 0.161 0123 0.040 0.285 0.029 0299 | 0.027
COMP INLET_CCCH4 0.054 0.107 0.017 0.034 0,099 0.015 0.155 0.103 0.046 0.251 0.026 0.263 | 0.032
COMP INLET_CC Benzene | 0.003 0.006 0.003 0i000 0001 0.60" 0.006 0.021 0.005 0.034 0.008 0.036 | 0.008
COMP INLET_CC Toluene | 0.000 0.000 0.000 0:000 0°000 0.000 0.001 0.000 0.000 0.001 0.000 0.001 | 0.000
COMP INLET_CG Diphenyl |  0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0:000 0.000 0.000 0.000 | 0.000
GAS RECYCLE Molar Flow |  0.050 0.100 0.025 603 0.067 014 0.215 0.184 Q2 0.252 0.091 0.263 | 0.091
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Table C1-1 (Continue)

Key process variables

NG

FT1 ‘ FT2 | FT3 ‘ FT4 | FT5 FT7 ‘ FT8 | FT9 | FT10 FT11 FT12 | FT13
process variables S !
\E\&‘ F{ alue
GAS RECYCLE P 0.050 0.100 0.031 0.032 008 | o‘.’om g 0.187 0.061 0.366 0.042 0383 | 0.039
GAS RECYCLE Temp 0.052 0.103 0.050 | 017 0.296 0.088 0.477 0127 0504 | 0.124
&
GAS RECYCLE_CC H2 0.057 0.113 0.020 : ;(f, 01016, 0.123 0.040 0.285 0.029 0299 | 0027
GAS RECYCLE_CCCH4 0.054 0.107 0.017 / 0. 15\ _ 103 0.046 0.251 0.026 0263 | 0032
GAS RECYCLE_CC Benzene | 0.003 0.006 0.003 ey 4 021 0.005 0.034 0.008 0036 | 0.008
)y 2 )

GAS RECYCLE_CC Toluene 0.000 0.000 0.000 " ~0.000 . 0.000 0.000 0.001 0.000 0.001 0.000
GAS RECYCLE_CC Diphenyl |  0.000 0.000 0.000 000 0.000 0.000 0.000 0.000 | 0.000
PURGE Molar Flow 0.004 0.008 0.001 0.006 0.013 0.004 0014 | 0.005
PURGE P 0.000 0.000 0.000 0.000 0.000 0.000 0000 | 0.000
PURGE Temp 0.050 0.100 0.050 0.097 0.473 0.136 0500 | 0.133
PURGE_CC H2 0.057 0.113 0.020 0.040 0.285 0.029 0299 | 0027
PURGE_CCCH4 0.054 0.107 0.017 0.046 0.251 0.026 0.263 0.032
PURGE_CC Benzene 0.003 0.006 0.003 0.005 0.034 0.008 0036 | 0.008
PURGE_CC Toluene 0.000 0.000 0.000 0.000 0.001 0.000 0.001 0.000
PURGE_CC Dipheny 0.000 0.000 0.000 0.000 0.000 0.000 0.000 | 0.000
TOL RECYCLE Molar Flow 0.000 0.000 0.000 0 0.000 0.000 0.000 0.000 0.000 0.000 | 0.000
TOL RECYCLE P 0.050 0.100 0.031 0.032 ¢ |, 0.098 0.001 g}y 0.201 0.187 0.061 0.366 0.042 0383 | 0.039
TOL RECYCLE Temp 0.000 0.000 o.ooﬂ 1‘0 og‘l jomJ_?GIJﬁ Wog‘)l '1 ﬂ(ﬁ' 0.000 0.000 0.000 0.000 | 0.000
sum IAE | 2642 5545 1858 | 1577 | 497 755 | 8956 | 10536 | 4.460 20516 4154 21490 | 4.000
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Table C1-2 Key process variables
process variables FT14 ‘ FT15 FT16 FT17 FT18 ‘ FRIOF J %FT2O ‘ FT21 ‘ FT22 FT23 FT24 FT25 FT26
Jﬁéyalue

FFTOL Molar Flow 0.030 0.012 0.033 0.012 6.0’11 - 0.011 0.010 0.015 0.002 0.002 0.026
FFTOL P 0.000 0.000 0.000 O.OUJO 0.000 ~0.000 0.000 0.000 0.000 0.000 0.000
FFTOL Temp 0.000 0.000 0.000 0.0[%O 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS Molar Flow 0.038 0.015 0.041 0.01l 0.014 0.014 0.012 0.019 0.002 0.003 0.032
FFGAS P 0.000 0.000 0.000 0.00S 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS Temp 0.000 0.000 0.000 O,'OOG'__ 4 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC H2 0.000 0.000 0.000 10,0007 . 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC CH4 0.000 0.000 0.000 f ‘-E).OOO“%; . 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC Benzene 0.000 0.000 0.000 -..£0.000 .; 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC Toluene 0.000 0.000 0.000 -aJ_"O.OOO '-_jdr.:r‘0.000 0.000 0.000 0.000 0.000 0.000 0.000
FFGAS_CC Diphenyl 0.000 0.000 0.000 A 0,000 "’:5':290 0.000 0.000 0.000 0.000 0.000 0.000
Mixer outlet Molar Flow 0.332 0.174 0.361 0.265 0.167 _"4—0.326 —3.166 0.302 0.116 0.186 0.085 0.097 0.324
Mixer outlet P 0.370 0.147 0.402 0.258 0.1_62“' it 0.144 <~ "J\(i)‘l'?:é' 0.139. 0.117 0.183 0.024 0.029 0.315
Mixer outlet Temp 0.384 0.027 0.418 O.Wé 0.220 0.137 0.204 0.1_39 ot 0.181 0.242 0.074 0.085 0.129
Mixer outlet_CC H2 0.245 0.114 0.267 OTS#; 0.086 0.184 0.095 OL?‘% 0.068 0.101 0.047 0.054 0.233
Mixer outlet CC CH4 0.221 0.116 0.241 0.193 0.071 0.167 0.083 0.156 0.059 0.086 0.037 0.043 0.225
Mixer outlet_CC Benzene 0.030 0.001 0.032 0.008 0.017 0.012 0.013 0.012 0.011 0.018 0.006 0.006 0.012
Mixer outlet_CC Toluene 0.006 0.001 0.007 01004 0.002 01005 01001 0005 0.001 0.002 0.005 0.006 0.004
Mixer outlet_CC Diphenyl 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
FUR IN Molar Flow 0.332 0.174 0.361 0.265 0.167 0.326 0.166 0.302 0.1416 0.186 0.085 0.097 0.324
FURINP 0.360 0.190 0.391 0:296 0159 047y 0.135 0:168 0:408 0.176 0.028 0.034 0.356
FURIN Temp 0.495 0.222 0.538 0:379 0.163 0.305 0.176 0:284 0130 0.185 0.088 0.100 0.453
FURIN_CC H2 0.245 0.114 0.267 0.197 0.086 0.184 0.095 0.172 0.068 0.100 0.047 0.054 0.233
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Table C1-2 (Continue)

Key process variables

process variables FT14 FT15 FT16 ‘ . FT20 ‘ FT21 | FT22 FT23 FT24 FT25 FT26
FURIN_CCCH4 0.221 0.116 0.241 0.059 0.084 0.037 0.042 0.225
FUR IN_CC Benzene 0.030 0.001 0.032 0.011 0.018 0.006 0.006 0.012
FUR IN_CC Toluene 0.006 0.001 0.007 0.001 0.002 0.005 0.005 0.004
FUR IN_CC Diphenyl 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
RIN Molar Flow 0.332 0.174 0.361 0.116 0.186 0.085 0.097 0.324
RIN P 0.390 0.239 0.424 0.127 0.210 0.029 0.035 0.417
RIN Temp 0.480 0.236 0.522 0.132 0.191 0.084 0.096 0.460
RIN_CC H2 0.245 0.114 0.266 0.068 0.100 0.047 0.054 0.233
RIN_CCCH4 0.221 0.116 0.241 0.059 0.084 0.037 0.042 0.225
RIN_CC Benzene 0.030 0.001 0.032 0.011 0.018 0.006 0.006 0.012
RIN_CC Toluene 0.006 0.001 0.007 0.001 0.002 0.005 0.005 0.004
RIN_CC Diphenyl 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
ROUT Molar Flow 0.332 0.174 0.360 0.116 0.186 0.085 0.097 0.324
ROUT P 0.397 0.244 0.432 0.130 0.215 0.028 0.033 0.425
ROUT Temp 0.488 0.229 0.461 0.113 0.161 0.086 0.098 0.432
ROUT_CC H2 0.263 0.125 0.286 Fj : 0.073 0.108 0.056 0.063 0.253
ROUT_CCCH4 0.250 0.131 0.272 . ﬂ ﬁ 0.067 0.098 0.048 0.054 0.255
ROUT_CC Benzene 0.038 0.007 0.041 0.01 0.019 0.028 0.017 " 0.013 0.021 0.012 0.014 0.024
ROUT_CC Toluene 0.035 0.017 0.039 0.029 £20.012 0.026 0.014 0.024 0.010 0.014 0.006 0.007 0.034
ROUT_CC Diphenyl 0.010 0.004 0.011 F MEJ Q% %7 Wi ’q 30.003 0.005 0.002 0.003 0.009
Quencher Molar Flow 0.328 0.184 0.357 .166 322 A 0.2 0.115 0.185 0.086 0.098 0.332
Quencher P 0.397 0.033 0.432 i 0.352 0.195 @ 0247 0.168, 0.233 0.430 0.215 0.028 0.033 0.425
Quencher Temp 0.409 0.203 0.131 0.082 0.094 0.399
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Table C1-2 (Continue)

Key process variables

. FT14 | FT15 FT16 FT17 FT18 ‘ FTTb | L FT20 ‘ FT21 ‘ FT22 FT23 FT24 | FT25 ‘ FT26
process variables
-’fl;f,wlue
Quencher_CC H2 0.256 0.120 0.279 0.203 | "0"1‘017 0.189 0.072 0.105 0.054 0.061 0.245
Quencher_CCCH4 0.236 0.128 0.257 0‘.'#86 0.090 0.173 0.063 0.090 0.045 0.052 0.245
Quencher_CC Benzene 0.056 0.011 0.060 01043 0:024. | 0.041 0.018 0.028 0.014 0.016 0.036
Quencher_CC Toluene 0.051 0.025 0.056 0.537 0.020 0.035 0.014 0.021 0.009 0.011 0.050
Quencher_CC Diphenyl 0.016 0.007 0.018 0.011 _ 0.007 0.010 0.005 0.007 0.003 0.004 0.014
FEHE HOT-SIDE Molar Flow 0.328 0.184 0.357 I -0.3'2-2J‘; 0.165 0.298 0.115 0.185 0.086 0.098 0.332
FEHE HOT-SIDE P 0.415 0.013 0.451 51-0.2?III *i 0.184 0.262 0.141 0.234 0.027 0.032 0.465
FEHE HOT-SIDE Temp 0.542 0.052 0.589 N2 3 0.239 0.234 0.200 0.271 0.095 0.108 0.284
FEHE HOT-SIDE_CC H2 0.256 0.120 0.280 oy e 0.20.3.;-} + 0.102 0.189 0.072 0.105 0.054 0.061 0.245
FEHE HOT-SIDE_CCCH4 0.236 0.128 0.259 : ' 0.18§{J:,‘ 0.092 0.172 0.063 0.090 0.045 0.052 0.245
FEHE HOT-SIDE_CC Benzene 0.056 0.011 0.061 0.043:_,’;;,_,*19.025 0.041 0.018 0.028 0.014 0.016 0.036
il "
FEHE HOT-SIDE_CC Toluene 0.051 0.025 0.056 OA037,:-—:— 0.020 0.035 0.014 0.021 0.009 0.011 0.050
P -

FEHE HOT-SIDE_CC Diphenyl 0.016 0.007 0.018 0/011 4 ~0.007 (‘)‘,010 0.005 0.007 0.003 0.004 0.014
SEP INLET Molar Flow 0.328 0.184 0.356 0.322 e @:.'278 0.115 0.185 0.086 0.098 0.332
SEP INLET P 0.415 0.012 0.451 0.280 0.184 ;(7?263 0.141 0.234 0.027 0.032 0.163
SEP INLET Temp 0.500 0.045 0.544 0.186 0.214 . 0.182 0.184 0.316 0.096 0.110 0.157
SEP INLET_CC H2 0.256 0.120 0.279 0.203 0.101 0.188 0.072 0.106 0.054 0.061 0.244
SEP INLET_CCCH4 0.236 0.128 0.256 0.210 0'076 0,186 0:090 0172 0.063 0.092 0.045 0.052 0.245
SEP INLET_CC Benzene 0.055 0.011 0.060 0:029 0.025 0.043 0024 0040 0.018 0.029 0.014 0.016 0.036
SEP INLET_CC Toluene 0.051 0.025 0.056 0.042 0.018 0.037 0.020 0.035 0.014 0.021 0.009 0.011 0.050
SEP INLET_CC Diphenyl 0.016 0.007 0.018 Q1041 0.007 0.011 0.007 0.010 ©.005 0.007 0.003 0.004 0.014
SEP GAS Molar Flow 0.277 0.156 0.301 0.231 0.142 0.301 0.145 0.277 0.099 0.158 0.082 0.094 0.281
SEP GAS P 0.415 0.012 0.451 0.111 0.212 0.280 0.184 0.263 0.141 0.234 0.027 0.032 0.163
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Table C1-2 (Continue)

Key process variables

. FT14 s | Fme | Frmiz | rmen) BT L Froo | P | Fr22 FT23 FT24 FT25 FT26
process variables TN \J !
AN rgcLe
N o
SEP GAS Temp 0500 | 0045 | 0.543 0.093 \ 0.186 _,_,1 214 0182 | 0.184 | 0.316 0.096 0.109 0.157
SEP GAS_CC H2 0288 | 0.135 0.313 0222 011" 0.207 | 0.081 0.118 0.059 0.067 0.275
SEP GAS_CCCH4 0253 | 0.137 0.276 0209 0 10194 | 0068 | 0.097 0.052 0.059 0.263
SEP GAS_CC Benzene 0.035 | 0.001 0.038 0014 | 0:015 0014 | 0013 | 0.021 0.007 0.008 0.014
SEP GAS_CC Toluene 0.001 0.001 0.001 18] .0:000 0.001 | 0.000 | 0.000 0.000 0.000 0.001
SEP GAS_CC Dipheny| 0.000 | 0.000 0.000 0.000 | 0000 | 0000 | 0.000 0.000 0.000 0.000
SEP LIQ Molar Flow 0.051 0028 | 0.056 0,020, 020 | 0017 | 0.026 0.004 0.005 0.051
SEPLIQP 0415 | 0.012 0.451 0263 | 0.141 0.234 0.027 0.032 0.163
SEP LIQ Temp 0500 | 0045 | 0.543 L0182 | 04184 | 0316 0.096 0.109 0.157
SEP LIQ_CC H2 0.001 0.002 0.001 0.002 | 0.000 | 0.000 0.000 0.000 0.003
SEP LIQ_CCCH4 0.002 | 0.010 0.002 0.008 | 0.002 | 0.005 0.001 0.001 0.012
SEP LIQ_CC Benzene 0.335 | 0.166 0.365 0239 | 0092 | 0.136 0.061 0.069 0.329
SEP LIQ_CC Toluene 0502 | 0242 0.546 0348 | 0.141 0.206 0.094 0.107 0.482
SEP LIQ_CC Diphenyl 0.168 | 0069 | 0.182 0.050 | 0.076 0.034 0.039 0.143
COMP INLET Molar Flow 0263 | 0147 | 0286 | 02 0.136 0.094 | 0.152 0.089 0.102 0.266
COMP INLET P 0415 | 0.012 0.451 I_gﬁﬂ 0.212 0.141 0.234 0.027 0.032 0.163
COMP INLET Temp 0499 | 0045 | 0.543 ﬂ:% ~a.287 3.182 0.184 | 0.316 0.096 0.109 0.157
!
COMP INLET_CC H2 0288 | 0.135 0.313 253 | 0101 | 0.222 0.113 207 | 0.081 0.119 0.059 0.067 0.275
COMP INLET_CCCH4 0253 | 0.437 0.276 0.226 4, 0081 | 0209 @f 0.098 0194 | 0068 | 0.099 0.052 0.059 0.262
COMP INLET_CC Benzene 0.035 | 0.001 o.oﬂ ‘uo.&j Svi EJ ﬂﬁ ‘Iﬁtﬂ "] ﬂ‘j 0.013 | 0.021 0.007 0.008 0.014
COMP INLET_CC Toluene 0.001 0.001 0.00y [0 0.0 001 | "ol 10001 ¥ 0.000 | 0.000 0.000 0.000 0.001
COMP INLET_CC Dipheny 0.000 | 0.000 0.000 0.000 | 0.000 {f 0.000 0.000 0.000 | @000 | 0.000 0.000 0.000 0.000
GAS RECYCLE Molar Flow 0.263 aosg | 0152 0.089 0.102 0.266
LJ
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Table C1-2 (Continue)

Key process variables
A

. FT14 FT15 FT16 FT17 ‘ FTQ\\ fﬂg FT20 ‘ FT21 ‘ FT22 FT23 FT24 FT25 ‘ FT26
process variables O 17

GAS RECYCLE P 0.370 0.147 0.402 0.139 0.117 0.183 0.024 0.029 0.315
GAS RECYCLE Temp 0.500 0.036 0.543 0.180 0.248 0.316 0.098 0.112 0.165
GAS RECYCLE_CC H2 0.288 0.135 0313 0.207 0.081 0.119 0.059 0.067 0.275
GAS RECYCLE_CCCH4 0.253 0.136 0.276 " 0194 0.068 0.099 0.052 0.059 0.262
GAS RECYCLE_CC Benzene 0.035 0.001 0.038 0.014 0.013 0.021 0.007 0.008 0.014
GAS RECYCLE_CC Toluene 0.001 0.001 0.001 0.001 0.000 0.000 0.000 0.000 0.001
GAS RECYCLE_CC Diphenyl 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
PURGE Molar Flow 0.014 0.009 0.015 0.005 0.004 0.006 0.008 0.009 0.016
PURGE P 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.277 0.000
PURGE Temp 0.496 0.046 0.538 0.179 0.183 0.314 0.096 0.107 0.153
PURGE_CC H2 0.288 0.135 0313 0.207 0.081 0.120 0.059 0.067 0.275
PURGE_CCCH4 0.253 0.137 0.276 0.194 0.068 0.101 0.052 0.059 0.262
PURGE_CC Benzene 0.035 0.001 0.038 0.014 0.013 0.021 0.007 0.008 0.014
PURGE_CC Toluene 0.001 0.001 0.001 001 0.000 0.000 0.000 0.000 0.001
PURGE_CC Diphenyl 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000 0.000
TOL RECYCLE Molar Flow 0.001 0.000 0.001 0.000 0.000 0.000 0.000 0.000 0.000 0.000
TOL RECYCLE P 0.370 0.147 0.402 0.139 0.139 0.117 0.183 0.024 0.029 0.315
TOL RECYCLE Temp 0.000 0.000 0. u gobﬂ ﬂﬁ 0.000 0.000 0.000 0.000 0.000

sum IAE | 21.034 7.637 22.!3@?' "7 goa9 "|" 13.300 6.735 10435 | 3.734 4.551 16.964
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Note:

FT1 = Fresh toluene feed flowrate

FT2 = Pressure of fresh feed toluene stream

FT3 = Temperature of fresh feed toluene stream
FT4 = Fresh hydrogen feed flowrate

FT5 = Pressure of fresh feed hydrogen stream
FT6 = Temperature of fresh feed hydrogen stream
FT7 = Mixer outlet pressure

FT8 = Mixer outlet temperature

FT9 = Furnace inlet pressure

FT10 = Furnace inlet ten ature _ FT19 = Compressor inlet pressure
FT11 = Reactor i v FT20 = Compressor inlet temperature
FT21 = Gas recycle pressure

FT22 = Gas recycle temperature
FT23 = Separator inlet temperature
FT15 =.@len of pres \ FT24 = Purge flowrate

| FT25 = Purge pressure

FT17$ FEL ide outlet-pressure FT26 = Separator pressure
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Figure D.1 The Flowsheet of Simulation Hydrodealkylation (HDA) process of Designed control structure 1 (CS1)
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Table D.1 Steady-state controlled variables selected by various authors (Reaction section)

Controlled variable (Reaction section) authors
1 2 3 | 4/1* | 4/2* | 4/3*

Fresh toluene feed rate (FFTOL) X X X X X
Fresh gas hydrogen feed rate (FFH2) X X X X
Recycle gas methane mole fraction X
Reactor inlet pressure (Prin) X X X
Compressor power X
Total toluene flow rate to the reaction section X
Mixer outlet methane mole fraction (Xmet,mix) X X X
Reactor inlet temperature (Trin) X X X X X X
Reactor outlet temperature (Trout) X
Separator temperature X X X X X X
Separator pressure X X X
Separator overhead vapor.methane mole fraction X X
Hydrogen to aromatic ratio.at reactor/inlet (rH2) X X X X X
Quencher outlet temperature X X X X X X
Quencher outlet toluene molefraction . X

Note: 1=Luyben (1998), 2=Araujo et:al.(2006) 3= KiatpTriya C. (reaction section only, 2007), 4*= This work
(4/1 = SET1 (Set of CVs) 4/2.= SET2 and 4/3=SET3)"

Table D.2 Steady-state controlled varables selected by various authors (Separation section)

#

— J-:

Controlled variable (Separation section‘)_-.'_;;. ) authors
3 | 4/1* | 4/2* | 4/3*

Benzene mole fractiontin stabilizer column distillate

Methane mole fraction in stabilizer column bottoms

Benzene mole fraction-in benzene column distillate

Benzene mole fraction in benzene column bottems

Toluene mole fraction in toluene column‘distillate

Diphenyl mole fraction in"toluene column distillate

Temperature in stage 3 of the stabilizef column

Temperature in stage 20 of the benzene column

X X X[ X[ X[ X|X[X|X]|N

Temperature'in stage 5 of the toluene column

Temperature in stage 6 of the stabilizer column X

x

Temperature in stage 12 of the benzene column

Average temperature of stagel-4 of the toluene column X

Temperature in stage 6 of the stabilizer column X X X

Temperature in stage 10 of the benzene column X X X

Temperature in stage 4 of the toluene column X X X

Note: 1=Luyben (1998), 2=Araujo et al.(2006) 3= Kiatpiriya C. (reaction section only, 2007), 4*= This work
(4/1 = SET1 (Set of CVs) 4/2 = SET2 and 4/3=SET3)
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