CHAPTER 4

FUNDAMENTAL OF GAS-LIQUID-SOLID FLUIDIZATION

The expression of three-phaseflaidization was used to discribe fluidizaton of solid

e the fluidizing media used in the

applications. Studies of thr idi at@n of interest and their numerous

applications existed in ( ial p h varied in size from bench to

commercial scale. In \\\\\\\ ould be reactants, products,

catalysts, orinert. So ] Jthire on applications were shown in
Table 4-1. -

In general, a gas-li i diz be tinuous liquid phase would flow
upwards while gas phase es flowing cocurrently. To apply gas-
liquid-solid fluidization syste o alge s, it was necessary to understand the
phenomena, as we 5 ir Y : the . 7 fluidized bed on the cell
disruption

mical processing

Aerdbi “Diological waste
and polyvinylchloride hydrosulfite treatment
Dust collection Methanol fermentation Production of animal cells
Crystallization Electrode Enzyme immobilization
Sand filter cleaning Coal liquefaction Ethanol fermentation
Drying of granular material Coal gasification Antibiotic production
Lactose granulation Fuel gas desulfurization Conversing of sucrose to

glucose by plant cells
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4.1 Gas-Liquid-Solid Fluidization

As mentioned previously, the gas-liquid-solid fluidization was an operation, in
which the solid particles layer, fluidized by gas and liquid and then behaved like a fluid.
In general, the state of the particle motion in the fluidized bed operation by the upward
flow of the fluid could be subdivided into three basic operating regimes: the fixed bed

regime, the expanded bed regime, and the transport regime.

N

fluidization and marked th \setiof the_expe ~-\-. 1 regime. With a further increase in
i flu ~s~ velocity, the solid bed would

change to the expand d fe e dnti gas or d velocity reached the terminal
velocity of the particleS i g i \ .- gas or liquid velocity above Ut :

4.2 Hydrodynami PRV
Hydrodynamic ﬂha 0 |zem bed reflected the complex
interactions between th%mdlwdual phase The most prominent interaction occurred

o o G T Qe o

regions above he gas-liquid dlst?butor were |dent|f|able based on the prevailing

e LKL E e L= ] aa

board r ion. A schematic diagram was shown in Figure 4-1.

The distributor region referred to the region immediately above the gas-liquid
distributor where gas spouts might occur. It included the region from initial bubble
formation to the establishment of the final bubble shape. The hydrodynamic behavior in
the distributor region inherently depended on the gas-liquid distributor design and the

physical properties of the liquid-solid medium.
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The bulk fluidized bed region included the main portion of the fluidized bed. The
hydrodynamic behavior in the bulk fluidized bed region varied drastically over large
ranges of operating conditions. However, for a given operating condition, there was a

minimum axial transport property variation in the region.

Drastically different from the previous regions, the freeboard region mainly
contained entrained particles from the bulk fluidized bed region. Particle entrainment led

to a solids hold up profile above the fluidi bed surface that decreased axially in a

manner similar to that in a gas- . . Generally, the demarcation between

@on was much more distinct for

o, J——
I adaation

Figure i m ﬂlﬂ,j ﬁgd for cocurrent
upward ﬁg ntj uﬁ as th (Redrawn from
Muroyama and Fan. AIChE J. 1985, 31, 1, p.7)
4.2.1.  Pressure Drop and Phase Holdup
When consider a fluidized bed column, which was partly filled with a fine

granular material as shown schematically in Figure 4-2. The column was opened at the

top and had a porous plate at the bottom to support the bed and to distribute the flow
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uniformly over the entire cross section. Fluid was admitted below the distributor plate at
a low flow rate and passes upward through the bed without causing any particle motion.
If the particles were quite small, flow in the channels between the particles would be
laminar and the pressure drop across the bed would be proportional to the superficial
velocity. As the fluid velocity was gradually increased, the pressure drop increased, but
the particles did not move and the bed height remained the same. At a certain velocity,

the pressure drop across the bed counterbalances the force of gravity on the particles

or the weight of the bed, and a grease in velocity caused the particles to
move. This was point A on he bed expanded slightly with the
grains still in contact SW - e@sity, € could offset an increase
of several percent in sup and e S 'ure drop AP constant. With a

oy 5 .-"‘5-’#‘.#? ; . .
superficial velocity . ededta.‘fkﬁghﬁ;’ e was much less than the terminal

If the flow rgte to the f|u1d|zed bed was gradually reduced, the pressure

drop remameﬁ ‘HaEJ 5} ﬂ %Jj‘ﬁ.aﬁ Wrﬂs&' ﬂl&ﬁng the line BC that was

observed for m'Ureasmg velocities. Ia{owever the flnal bed height mlght be greater than
W LGRS H G e
tightly than solids slowly settling from a fluidized bed state. The pressure drop at low
velocities was then less than in the original fixed bed. On starting up again, the pressure
drop offset the weight of the bed at point B, and this point, rather than point A, should be

considered to give the minimum fluidization velocity, u_ . To measure u,_, the bed should

mf?
be fluidized vigorously, allowed to settle with the fluid turn off, and the flow rate
increased gradually until the bed starts to expand. More reproducible value of u_, could
sometimes be obtained from the intersection of the graphs of pressure drop in the fixed

bed and the fluidized bed.
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Figure 4-2. Pressure dr icial velocity for a bed of solid.

(Redrawn from Mc %l& ti | emical engineering. 1993, p.165)
sl
The pressure dro e/ O s st related to the individual phase
holdup in the bed. The ph ip was the fraction of the solids, liquid or
gas phase to volume of the. - b2 idized bed section with low solids

entrainment rates, t

el
AUL INNIWINT
Q W""’-"}*a\%‘ﬂ"ﬁ"% MCM ﬂér%%}ﬁ}ﬁu Hongly depended

on the ﬂ%w regimes and hence, on both particle and liquid properties. Gas holdup in

(4-1)

three-phase fluidized beds could be lower than that in a corresponding bubble column
because the particles promoted bubble coalescence, however it could also be higher
than that in a corresponding bubble column when the particles helped break up gas
bubble in some certain operating ranges. Furthermore, gas holdup was important for

determining residence time of the gas in liquid. Kato et al. (1985) had proposed that the
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gas holdup in a system of gas-liquid-solid fluidization could be approximated by the

following equation;

1.15,

€ = 0.3W" /(1+11W ) (4-2)

DIV WU gD,  (4-3)

(4-4)
Under the steady stais ' Is > {otal axial pressure gradient (static
pressure gradient) at any ¢ eofion in olumn represented the total weight of the
b < 2
bed consisting of the three phaSes¢ It as given by
Y (4-5)

L
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where € ., 8= gas, liquid, and sohd holdup (-), respectlvely

Q’W’Wﬁﬁﬂﬁﬂiﬂﬁ%@ﬂ‘fﬂeﬂ

= weight of solid particle in the bed (kg).
S = cross-section area of empty column (m).
H = effective height of bed expansion (m).
g = gravitational acceleration (m/sz).
dP/dz = static pressure gradient.
D, = column diameter (m)
P, = liquid density (kg/ms)

O = surface tension (mN/m)
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V, = kinematic liquid viscosity (m’/s)

U, = gas velocity

The frictional drag on the wall of the column and the acceleration of the gas

and liquid flows could be neglected. In equation (4-3), the term €,P, in the right hand
side was usually negligibly small compared to the other terms. The evaluation of
individual phase holdups based on the pressure gradient method, € could be directly

obtained from equation (4-1) with the f : / ed expansion measured experimentally
le €, : ey é’, .

-2). Finally, €, could be calculated

experimentally measured static

-.l;' nter with high velocity and
stirred the bed violen@ The nmeﬁedominated at low liquid and
high gas velocities. In the l&spersed bubbWeglme no bubble coalescence occurred

LT OTTE IE T Ee——

predominated a‘lhlgh liquid velocutlgs and at Iow and mtermedua%gas velocities. In a
small Qnﬁ@ﬁuﬂeﬁg m %d)%’g}a’}%lﬂ '}1@ Mgrew to the size
of the cOlumn diameter at high gas ﬂdw rates creating “slug” bubbles which occupied
nearly the whole cross section. In columns of large diameter, however, slugging might
not occur. The flow regimes varied significantly with the column diameter. Particle
properties also profoundly affected the prevailing flow regime at given gas and liquid
velocities and terminal velocity of the fluidized particles affected the liquid velocity of

transition from the coalesced to the dispersed bubble regime
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4.3 Agitation

In this experiment, agitator was used to increaseing efficiency of microorganism
disruption. Details of those were as follows;

43.1 Classification of Agitators

Agitators were divided into two classes: those that generate currents

parallel with the axis of the agitater! sheft and those that generated currents in a

tangential or radial direction, The fist wert al-ﬂow agitators, the second radial-

flow agitators. ——
The th of "::\\\\.\ opeller, paddle, and turbine.
Some of them were sHOwnifl Fifufel4-3

-

i

i
s
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blade turbine; (e) pitched-blade turbine (Redrawn from McCabe et al, Unit operation of

chemical engineering. 1993, p.238)

1. Propellers
A propeller was an axial-flow, high-speed agitator for liquids of low
viscosity. The flow currents leaving the agitator continued through the liquid in a given

direction until deflected by the wall or the floor of the column. The highly turbulent
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swirling column of liquid leaving the agitator entrained stagnant liquid as it moves along.
The propeller blades vigorously cut or sheared the liquid. Because of the persistence of
the flow currents, propeller agitators were effective in very large vessels. In a deep tank
two or more propellers might be mounted on the same shaft, usually direction the liquid
in the same directions, or in the same direction. Sometime two propellers worked in
opposite directions, or in “push-pull,” to create a zone of especially high turbulence

between them.

2.

lerate speeds in the center of a

Pa ‘Q
column. They pushedM Tale \\‘ with almost no vertical motion at

the agitator unless the b itched: The cu they generated travel outward

NS ’““‘i pine were shown in Fig 4-3 b, c, d,

and e. Most of turbines re m‘ﬁlt-i" paddle agitators with short blades as

. . ’T__-" ! . .
turning at high spee_d on a shaftounted cer n.the column. The blades might have
straight or curved, pHEhea-0EVERICal=—turoHIES-Woit ”‘E‘ over a very wide range of
‘o
viscosity. In low wsi it >d strong currents that persisted

throughout the column, siekmg out and destroymg stagnant pockets. Near the agitator

was a zone Ofﬁuﬁq .q'gl. Wﬁ WMﬁﬁ The principle currents

were radial andifangential. The tangenhal components induced vortexmg and swirling,

o QYRR PR I L Ees e v

effectiveq

Because the results in this experiment required, fluidization must have
enough power for cell disruption. Thereby turbines were used for piercing of liquid in
column. Finally solid phase would collide with themselfand turbulence flow would

happen.
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43.2 Flow Patterns in Agitated Column

In general case, type of flow on an agitated column depended on the
type of agitator; the characteristics of the fluid; and the size and proportion of tank,
baffles, and agitator. The velocity of the fluid at any point in the tank had three
companents, and the overall flow pattern in the tank depended on the variations in these
three-velocity components from point to points. The first velocity component was radial

and acts in a direction perpendicular t haft of the agitator. The second component
& h the shaft. The third component was

was longitudinal and acts in a

tangential, or rotational, a ~ 're t to a circular path around the
shaft. In the usually ca( Ce ally located in the column, the
radial and tangential™C \~ . plane and the longitudinal
component was ve L \\-\o nal components were useful and
provide the flow nece ,. , - ally disadvantageous due to

the tangential flow follo i Iar.m

liquid, as shown in Figure -4 ?@
i

to throw the particles to m.u e by:

laft and creates a vortex in the
ent, circulatory currents tended
ifugal force, from where they moved
downward and to the center of 4f ; at tf tom. Instead of mixing, its reverse, the
solid concentration ..» 1 | v i , ............. nof the column. In unbaffled

— L)
% ! > 5 A
column, circulatory flew, o atars, whether axial flow or radial

flow. If the swirling was storng, the flow pattern in the €olumn was virtually the same

s et ol TTI’ Em:ﬁmm‘ﬁ m@fﬁl@?ﬁi@fiﬁ
ST Ingn At
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433
There was fows {0 an agitator of any type of agitator from all
directions, because it was no,t'ﬁ‘ﬁb"é‘é?tﬁep ol-ef soli ces. In most applications of
. . . : - — — - —— - 'A o - = o .
agitator mixers this 6" nota limitation, but when the ¢ clidf and velocity of flow to the

suction of the agitator ?ﬂfé to

These devices might be yseful when high shear at the agitator itself was desired, as in

the manufactuﬂ)fﬂrﬂw %%ﬂ Wr% nﬂﬂcﬁ %t tended to float on the

surface of the I|&I|d in the tank were}o be dlspersed in the liquid. Draft tubes could add

the ﬂmq W’ﬁl ﬁ qsﬂwﬁ m ﬂg»ﬁ % |Wl&’é?| ﬂnﬁi the rate of flow

so that they were not used unless they were required.

ubes ymre used, as shown in Fig. 4.5.
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Baffle }

Draft tube

- Buffle

Figure 4-5. Flow patter \ ffled column with draft tube.

(Redrawn from McCabgfet al, Unitopere C u engineering. 1993, p.392)
4.4 Design Parametérs

In principle, the d i siglers] liquid-solid fluidized bed were
necessary to estimate thesé design:parar

2rminal velocity, minimum porosity,

the height of bed at min Y | inimu fluidization velocity. The

ln

stated in this section.
441Teﬂﬂﬂ”&“ﬂﬂﬂ§ﬂﬂ’]ﬂ‘j

wl:ﬁﬁ m m ewg(] (ﬁdered with an
assumptq)n th particle moving through a fluid under the action of an external force.

If the external force was the acceleration of gravity, g, which was constant. Also, the
drag force always became larger with an increasing in velocity. The particle quickly
reached a constant velocity, which was the maximum attainable under the
circumstances, and which was called the terminal velocity. The equation for the terminal

velocity was
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u, (4-4)
where g = acceleration of gravity (m/sz)
Ps = density of particle (kg/m®)
P = density of fluid (kg/m°)
m = mass of particle (kg)
A = projected were of p d in plane perpendicular to direction of
motion of particle
C_ = drag coefficient {se=
If the parti
(4-5)
and
(4-6)
Substitution of m a (o)'s
\Z
)
(4-7)

ﬂUﬂ?ﬂﬂﬂ Wﬁﬂﬂﬁ
In general case, the termin@l velocity comid be found I?édnal and error after

ovssi) HARSD LA 2NN

the relatlon between Reynolds number and drag coefficient was shown in Figure 4-6.

cient, C,, which
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-of chemical engineering. 1993, p.158)

4.4.2. MinimuM Dorositvesm =gt 2 Ghit Of LeC Minimum fluidization

The mmlmuﬂm porosity was- the minimum voidage, which could be

determined bﬁﬁrﬁjﬂf}f% 8 W%nw&fa']ﬂ ‘r‘g‘;tmg the bed height at

incipient particlé! notion or mmlmum fluidization. The correlation between the minimum

"”"S"&I“W”Tﬂ\ﬁ’ﬂﬁtm”mﬂﬂﬂ NYRY

where W = weight of solids in the bed
L, = height of bed at fixed bed
L .« = height of bed at minimum fluidization

A = cross section area of column.
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Fixed bed systems were low mixing, yield small axial dispersion of phases and

so on, so fluidization was importance in many application. Therefore minimum porosity

was significance to find minimum fluidization velocity.
4.4.3. Minimum fluidization velocity, u,

Minimum fluidization velocity was the velocity of fluid, which the solid

particles moved apart and few vibrate. The equation for minimum fluidization velocity

—p) (4-9)

where L = fluid viscOsit
€.+ = minimum-Por

d)s = sphericity (-

If €, and the physigal erties” of fluic particle were given, u_, could

determine by equatiomi{ igles, only the laminar flow term
T

of Ergun equation waﬂigni ICa , the e@ation for minimum fluidization
velocity became

ﬂ‘lJEl’NIEJ'ﬂﬁWEJ"]ﬂ‘i

e

amaqnimwnﬂﬁnaa

Many empirical equations state that u_, varied with somewhat less than the
2.0 power of the particle size and not quite inversely with the viscosity. Slight deviations
from the expected exponents occurred because there was some error in neglecting the
second tern of Ergun equation and because the void fraction € , might change with
particle size. For roughly spherical particles, €, generally laid between 0.40 and 0.45,

and increases slightly with decreasing particle diameter. For irregular solids, the
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uncertainty in € ; was probably the major error in prediction of u_. Usually, equation (4-

10) was applied for particle about 30 -300 [im in size.

However, fluidization was also used for particles larger than 1 mm, as in the
fluidized bed combustion of coal. In the limit of very large sizes, the laminar flow term
became negligible, and u, varied with the square root of the particle size. The equation

forN,, > 10° was

(4-11)
444  Standard t
A turbine ag Figure 4-7 was commonly used
Typical proportions w
D,/D,=1/3 J/ID, =112
T - v
E /D,=1/3 ety L/D,=1/4

17

where D, = diameter ‘i agitate

D, =diameter ofpnk

E ‘“ﬁ“u&}ﬁ%‘lﬂfﬂw BINI

H = de of liquid in colqu

RGN UNIINYAY

= length of agitator blades
W = agitator width

The listed “standard” proportions were widely accepted and were the basis

of many published correlation of agitator performance.
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(Redrawn from Mc@abe
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