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This study concentrated on the design and analysis of a fluid catalytic cracking
process consisting of a reactor and a regenerator and can be divided into three main
parts. Firstly, the performance improvement of a catalytic regenerator in the fluid
catalytic cracking (FCC) process for gasoline production to achieve a higher burning
efficiency was focused. This study performed a systematic model-based analysis of a
downer-type regenerator to recover the activity of FCC catalyst by using a one-
dimensional model of the regenerator coupled with its hydrodynamic characteristics
and the kinetics of catalyst regeneration. The results of a sensitivity analysis showed
that higher carbon content on spent catalyst causes a higher regeneration temperature.
Ratio of the recycled-to-spent catalyst flow rate in range of 1.0-3.5 and temperatures
of the spent catalyst in range of 703.15-803.15 K have insignificant effects on the
overall performance of the regenerator. The suitable superficial gas velocity and the
spent catalyst flow rate are in range of 4-7 Tasd 20-40 kg i s?, respectively.

Next, the performance of the regeneration of the FCC catalyst by considering the
steam gasification reaction with burning reaction was studied. The simulation results
show that the steam gasification reaction which is an endothermic reaction can help
reduce the regeneration temperature and gives hydrogen as a valuable byproduct.
Finally, an integrated downer reactor and riser regenerator system was studied based
on the one-dimensional model of the downer reactor and riser regenerator. The
simulation results on the effect of the catalyst-to-oil (CTO) ratio which is the key
parameter in designing the FCC reactor reveal that at the CTO ratio of 20, the
integrated system can operate efficiently with the conversion of gasoil of 0.85 and the
yield of gasoline of 0.55. Moreover, the heat balance of the system can be maintained
under this operating condition.



Vi

ACKNOWLEDGEMENTS

| wish to express my foremost and deep sense of gratitude to Assistant
Professor Amornchai  Arpornwichanop for his considerable encouragement,
meticulous guidance, and continuous support throughout the period of study. | am
very fortunate to have such an expert academician who has been a source of
inspiration and perseverance in completing of this research work.

| am very sincerely acknowledged to the member of examiners, Associate
Professor Muenduen Phisalaphong, Assistant Professor Apinan Soottitantawat,
Assistant Professor Soorathep Kheawhom, and Assistant Professor Woranee
Paengjuntuek for their valuable comments and hel pful suggestions.

Much appreciation is extended to Professor Jesse Zhu, Particle Technology
Research Center (PTRC), Department of Chemical and Biochemical Engineering,
Faculty of Engineering, The University of Western Ontario who give me the excellent
opportunity to join his research group. His helpful discussion, encouraging guidance,
and wonderful ideas are great of benefit to me and these bring great understanding
and improvement of comprehensive skillsin the gas-solid fluidization area.

| am thankful to PTT public company limited for their grant support during
my study and the Graduate School of Chulalongkorn University for giving the 90th
Anniversary of Chulalongkorn University Fund (Ratchadaphiseksomphot Endowment
Fund), Conference Grant for Ph.D. Student and Ph.D. Scholarship for research
abroad. Financia support from the Computational Process Engineering research
group, the Special Task Force for Activating Research (STAR), Chulalongkorn
University Centenary Academic Development Project is aso gratefully
acknowledged.

My sincere thanks are due to Dr. Yaneeporn Patcharavorachot, Dr. Dang
Saebea, and Dr. Suthida Authayanan who always encourage, advice, and assist me
both morally and technically. | would thank my fellow students in the Control and
Systems Engineering Research Center; especially AritsaraSaengchan, Narissara
Chatrattanawet, Bhawasut Chutichai, Phanicha Tippawan and Prathak Jienkulsawad
for their help, friendship and encouragement.

Finally and most importantly, | wish to express my greatest appreciation
toward my beloved father, mother and sister for their endless love and continuous
support. They are the source of inspiration and encouragement. This research work
cannot be accomplished without them.



CONTENTS

PAGE

ABSTRACT IN THAI e v

ABSTRACT IN ENGLISH ..ot e v

ACKNOWLEDGEMENTS ...t Vi

CONTENT Sttt ettt e e ae e et e s ae e e sbe e s ae e s areesaeeenseesneenaneans vii

LIST OF TABLES . ... ot Xii

LIST OF FIGURES ... e Xiii

LIST OF ABBREVIATIONS . ... XVi
CHAPTER

| INTRODUCTION ... 1

1.1 Background and MOtIVALION ......c..eeveeueenierie e 1

1.2 ResearCh ODJECHIVE ..ot 3

1.3 SCOPES Of IESBAICN....c..eiitieieriie et 4

[l LITERATURE REVIEWS..... .o 5

2.1 Investigation on riser reactor MOdElS.........oocvvereerenieneereneeseens 5

2.2 Investigation on FCC regenerators ........coceveeeeereeresieeseeseeseeseeneens 6

2.3 Investigation on downers in FCC ProCeSSES........ccvvreereereeseesenneens 9

2.3.1 Experimental StUAIES........ccccecuereerieeie e 9

2.3.2Simulated StUIES ..o 11

2.4 Steam reforming in FCC PrOCESSES........ovvereeeeseerieeeeseeesseseesseeneens 12

LT THEORY oo 14



CHAPTER PAGE
3.1 Fluid Catalytic Cracking (FCC) ......ccoueiiieeiinineee e 14
3.1.1 Technology of the fluid catalytic cracking ..........ccccceeeevennne 14
3.1.2 Fluid catal ytic cracking process description...........cccceeeeruene 16
3.1.2.1 FEed Preneat. .. ..cccovereerieeieeeeee e s 18

3.1.2.2 RiSEr-reactor-StriPPer ......cccveeeereeeeeieeseeseeeeesreeseesneens 19

3.1.2.3 Regenerator-heat/catal yst recovery .........ccoocvverreennnne. 23

3.1.2.4 Main fraCtioNalorsS .........ccoeveeerrerrerenereeseeese e 28

3.2 Downer reactor and eqQUIPMENES ........ecceveereeeeseereeeeseesee e seeeens 28
3.2.1 Gas and solids diStribULOr...........cceeereiieieeeee e 28
3.2.2 DOWNEY TEACTON .....ccuviiuiiieiirier st 30
3.2.3 Gas-SOlIidS SEPAIELON ........coveeeeeeeeieeie e e 31

3.3 Reforming of coke-on-catalyst with steam or carbon dioxide.......... 32
[V MATHEMATICAL MODEL ....ooiii e 34
4.1 Hydrodynamic model of dOWNEX .........ccocceveeieciere e 34
4.2 Hydrodynamic model Of FSEr .......ccvceeveeeeseee e 37
4.3 Burning reaCtion MOEL ..........cccoveieriere e 40
4.3.1 Complete burning reaction...........cccccoveeeveevesceneece e 40
4.3.1.1KineticSmMOE! .......cccorioeiiriireee e 40

4.3.1.2 Mass and energy balances..........ccccooeeveieeieniescennns 41

4.3.2 Partial burning reaction...........c.cceeeierienenieneeseee e 42
4.3.2.1 KiNetiCSMOE .........cceiviriiiirieeeeieeeeesee s 42

4.3.22MaSShalanCe ..o 44



CHAPTER PAGE
4.3.2.3 Energy balanCe ..o 46

4.4 Steam gasification reaction MOdel ...........ccoooeeveneneninnierene e, 46

4.4.1 Kinetics of steam gasification reaction...........cccoceeevreerennenne 46

4.4.2 Mass and energy balanCes.........cccccveveeeeveeresieseee e a7

4.5 Model of cracking reaCtionS..........ccccceereeieesieeseeieeseesee e seeeeseeneens 48

4.5.1 Mass balance and KineticS Model ............ccoevrereeeneneienenne 48

4.5.2 Energy balance........c.cocoiviieiecce e 50

V A SYSTEMATIC MODEL-BASED ANALYSIS OF A DOWNER

REGENERATOR IN FLUID CATALYTIC CRACKING PROCESSES

..................................................................................................................... 52
S. L INErOTUCTION ...t 52
5.2 Systematic model-based analySIs.......ccccoveereriininn e, 53

5.2.1 Process ODJECLIVE........ccoveiiieieeece e 53
5.2.2 Description of adowner regenerator.........c.cccceeveeereeseeneenn 53
5.2.3 Mathematical MOdE.............cooerriniiieee e 55
5,24 MOEl @NalYSIS.....ccoeeeeieenieeiieeeseeiee e e see et 57
5.2.5 MO SOIULION ... 58
5.2.6 SENSItIVILY @NalYSIS.....cccieerueeieeiereee e 60
5.3 ResUItS aNd AISCUSSION .......ocueveiiiiriesie s 61
5.3.1 Effect of flow rate ratio of recycled to spent catalysts............ 61
5.3.2 Effect of superficial gas VElOCItY .......cccevereneenenn e 66

5.3.3 Effect of spent catalyst flOw rate .........ccooeeeieenencn i 67



CHAPTER PAGE
5.3.4 Effect of carbon content on spent catalyst ..........cccccoveeeriennnne 70

5.3.5 Effect of spent catalyst temperature.........c.ccoeceeveecnieenienenne 70

5.4 CONCIUSIONS. .....uiiiieieeitieie ettt sttt se e et sneesseennens 73

VI NUMERICAL ANALYSIS OF THE FCC  CATALYST

REGENERATION VIA STEAM GASIFICATION AND BURNING

REACTION IN A DOWNER-TYPE REGENERATOR........ccccccvrnenne 74
6.1 INErOTUCTION ...ttt 74
6.2 ProCeSS diagralm ......cocveeiueeeieiiecisie e et ste et 75
6.3 Mathematical MOE ...........ccoeiiiiiiiiner s 75
6.4 ResUItS aNd diSCUSSIONS........ceueiueeieieieriesie et 78

6.4.1 The simulation results at standard condition ..............c.cceceueee. 78

6.4.2 Burning reaction versus burning and gasification reactions... 80

6.4.3 Regeneration characteristics at higher carbon content on spent

VII THEORETICAL ANALYSIS OF A DOWNER REACTOR AND

RISER REGENERATOR INTEGRATED SYSTEM IN FCC

PROGCESS . 88
7.1 INEFOAUCTION ...ttt 88
7.2 ProCess dESCIPLION. .....ccouiieeieeee et 89
7.3 Mathematical MOE ............cooomeiiiiiee s 91

7.4 Model validation and equations solving scheme..........ccccceeeerennnnne. 98



Xi

CHAPTER PAGE
T7ALIMode validation .......coooeeeeeeeeee e 98

7.4.2 EQuation SOIVING SCNEME .......cceeiiriiieeie e 99

7.5 ReSUILS AN AiSCUSSIONS.....ccieeiiiieecieeeeeee e e e eseeiereeesee s s s saesrreeeeessesaanns 102

7.5.1 The product yields and coke burning at standard condition...102

7.5.2 The effect of catalyst-to-oil ratio (CTO)....c.ccevveververenrenenee. 106

7.6 CONCIUSIONS. ...t e e et e e e e e e e e e et et e eeeeeeaaeeneeeeeeeeeaaaans 110

VIII CONCLUSIONSAND RECOMMENDATIONS. ..., 111
8.1 CONCIUSIONS. ...ttt e e e e e e e e e e e e e e e e e eeeeeeaeens 111

811 A systematic model-based anadysis of a downer-type
regenerator in fluid catalytic cracking processes.................... 111
8.1.2 Numerical analysis of the FCC catalyst regeneration via steam

gasification and burning reaction in a downer-type regenerator

8.1.3 Theoretical analysis of a downer reactor and riser regenerator

integrated system in FCC ProCeSS........covevueeeenieeseeseeseeseenns 112

10.2 RECOMMENELIONS.......ceueeueeieiesiesie st 113
REFERENGCES........co ettt 114
APPENDICES.......o ottt 123
APPENAIX A .ot es 124
APPENAIX B ... e 131



Xii

LIST OF TABLES

TABLE PAGE
21  Important aspects of FCC riser model ..........ccoveriiiinninieneeeee e 7
3.1  Reactions 0CCUr iN the regenerator.........cccueoeveereeieeseeseee e ee e 24
3.2 ASPECES Of rEQENEIaliON. ......cccveeiesieeieeeeste e eee s e et ae e es 27
4.1  Thekinetic parameters for regeneration reaCtion..........c.cceeveveereeeeeseeseeseenn 45
4.2  Thekinetics parameters for four-lump cracking reactions............cccccceveenee 49
5.1  Themathematical model used in chapter V..., 55
5.2  Classification of variablesin the FCC regenerator model ...........ccccceeeeenennee. 58
5.3  Parameters used for ssmulation of a downer regenerator at standard condition
...................................................................................................................................................................... 60
54  Operating conditions for the downer regenerator ............cccveveveeceeseereeseenen 61
6.1 Theequationsused in chapter V... 75
7.1  Themathematical for downer reactor model used in chapter VII ................. 93
7.2  Themathematical for riser regenerator model used in chapter VII ............... 95
7.3 Product yields of downer reactor from experimental and predicted data. ..... 99
7.4  Reactor and regenerator dimensions and catalyst properties. .........ccceeeeveenee. 103
7.5  Operating condition at standard CoNdition.............ccocerveneenienienceeneee e 103
7.6 FeedStOCK Properties.......cooviiiiieii e s 104
7.7  Someimportant variables at different CTO ....ccoccevvecvcereee e 106



Xiii

LIST OF FIGURES

FIGURE PAGE
3.1  Typical schematic diagram of Exxon’s flexicracker...............cccccoeeiviiiiinnnnnnn. 15
3.2  Typical schematic diagram of UOP FCC............covvuiiiiiiiiiiiiiieee e 15
3.3  Typical schematic diagram of SWEC stacked FCC unit..........ccccoeeeeeeeeeeennn. 16
34  Atypical high conversion refiNery......ccccccceiiiee i 17
3.5 Typical feed preheat SYStEM .......cooeiiiiiiiiiiiiiii e 18
G ST Y/ o o= | ST T PP 20
3.7 A two-stage CYCloNe SYSIEM ....c.coiiiiiiiiiiiiii e 22
3.8  An example of a two-Stage StrPPEr ....ccceeieiieeeeeeeerrre e e e 23
3.9 Downer gas and solids diStribUtor.........cccoviiviieiiiiiiccre e 29
3.10 Schematic diagram of a concurrent down-flow circulating fluidized bed
(CDCFB) ...ttt ettt e e e e e e e e e e e e e e e a i a e e e e e aarees 30
311 GaS-SOlAS SEPAIALON ...uuvuuii i iie ettt e e e e s 32
4.1  Comparison between simulation results and experimental data at
Ug=4.33aN0 6.14 M S..oiiiiiiccieiiecee e 37
4.2  Comparison between simulation results and experimental data of riser reactor
........................................................................................................................ 40
4.3  Four-lump cracking reaction SCheme. ... 48
5.1  Process flow diagram of the FCC UNIt. ........ooviiuiiiiiiiiiieeeeeeeeeeeeeeiin 54
5.2  Schematic diagram of numerical model solution................ccoevvrvviviiiiiiiennn. 59
5.3 Effect of flow rate ratio of recycled to spent catalysts on (a) void fraction
L0 I (o) I 01 €21 YU 62
54  Effect of flow rate ratio of recycled to spent catalysts on (a) carbon
concentration, (b) hydrogen concentration, (c) oxygen concentration and (d)
EEMPEIALUIE. ...t e e e e e e e e e e e e eaa s 65
5,5  Dependency of reaction rates on operating temperatures .............ccccceeeeeeennn. 66



Xiv

FIGURE PAGE

5.6

5.7

5.8

5.9

6.1

6.2

6.3

6.4

6.3
7.1

1.2
7.3
7.4
7.5
7.6

Effect of superficial gas velocity on (a) void fraction and pressure and
(b) carbon, hydrogen and oxygen concentrations and temperature at the
(0 01y =T = | SR UUUPPPPPPRRTRTRRPN 67
Effect of spent catalyst flow rate on (a) carbon concentration,
(b) oxygen concentration and (C) temperature. ............ccoeevvveiiiiiiiiiiiiiieennnn 69
Effect of carbon content on the spent catalyst on carbon, hydrogen and oxygen
concentrations and temperature at the downer exit............c.cccevvvveviciiiiiennennn. 71
Effect of spent catalyst temperature on (a) carbon concentration,
(b) oxygen concentration and (C) temperature. ............ccoeevvveieeiviiiiiiiiiiinennn 73
Simulation results of downer regenerator at the standard condition.
For (a) carbon, hydrogen concentration and temperature, and
(b) oxygen, carbon dioxide, carbon monoxide, water, gas hydrogen
(olo] g o= 011 2=V [0 o [ PP TP TP P PRSPPI 79
Comparison of regeneration with gasification and without gasification
reactions of (a) carbon concentration, (b) oxygen concentration,
(c) temperature and (d) gas hydrogen concentration.................uuvvvveeiinenneennn. 82
The variations of (a) carbon concentration, (b) temperature, and (c) hydrogen
concentration at different rates of gasification reaction................ccccccceeeeennn. 84
The variations of (a) carbon concentration, (b) oxygen concentration, (c)
temperature, and (d) hydrogen concentration at different carbon content on
SPENT CALAIYST ... e 86
Hydrogen production at different rates of gasification reaction .................... 84

Schematic diagram of integrated system of downer reactor and riser

[(=T0 =T 01T = (o] (ST PP 90
Calculation diagram for dOWNEr reaCIOr .........cceeeeeeeiiiieieeeeeree e 100
Calculation diagram for riSer regenerator .............oouveveiuiiieiiiiiiieee e eee e eeeeeeee 101
Product yields along the downer regenerator..............ccccceeeeeeeeveeiicie e eeciiinnn 104
Temperature of gas and catalyst phases along the downer reactor ................ 105

Carbon concentration, oxygen concentration, and temperature along the riser

[(=T0 =T 01T = (o] PP 105



XV

FIGURE PAGE
7.7  Conversion of gas oil along the length of the downer reactor at different CTO
5= 1o PRSPPI 107
7.8  Yield of gasoline along the length of the downer reactor at different CTO ratio
..................................................................................................................... 107
7.9 Yield of G-C4 gases along the length of the downer reactor at different CTO
= Lo PRSPPI 108
7.10 Yield of coke along the length of the downer reactor at different CTO ratio 108
7.11 Temperatures of gas and catalyst along the length of downer reactor at
IffErent CTO FALIO......eiieiiiiiiiii it e e e e e e e e e eeeeeeennnnes 109
7.12 Carbon concentration along the length of riser regenerator at different CTO
= 11T o IR 74/ A T PP 109
7.13 Temperature along the length of riser regenerator at different CTO ratio.....110



XVi

LIST OF ABBREVIATIONS

API API gravity

a Recycled to spent catalyst flow rate ratio (= Gg/Gss)

A Cross-sectional area[m?]

A, Coefficient of the Antoine equation for gasoil feedstock

A Effective interface heat transfer area per unit volume between catalyst

and gas phases in reactor [m? m™]

B, Coefficient of the Antoine equation for gasoil feedstock
C Concentration [kg kg catalyst™ ; kmol m™]

Ces Carbon content on spent catalyst [kg kg catalyst™]

C, Drag coefficient

Cos Standard drag coefficient

Cq Coefficient of the Antoine equation for gasoil feedstock
C, Heat capacity [kJ kg K™

Con Mean heat capacity [kJ kgt K™]

d, Diameter of catalyst particle [m]

D Diameter of riser or downer [m]

E, Activation energy [kJ kmol™]

E, Activation energy for CO/CO, ratio at surface (given in the form of

E/R) [K]



XVili
Activation energy for catalytic CO combustion (given in the form of
E/R) [K]
Activation energy for overall coke combustion (given in the form of
E/R) [K]
Friction coefficient between gas and wall
Friction coefficient between solid and wall
Mass flow rate [kg s
Drag force between gas and particle [kg m s
Friction force between gas and wall [kg m s

Friction force between solid and wall [kg m s

Froude number, Fr =Ug/(gd, )ﬂ2

Acceleration due to gravity [m s

Gas flow rate (based on cross-sectiona area of downer) [kg m™? s™]
Total solid flow rate (based on cross-sectional area of downer
(=G +G, ) [kgm?s']

Recycled catalyst flow rate (based on cross-sectiona area of downer)
[kgm?s?]

Spent catalyst flow rate (based on cross-sectional area of downer) [kg
m? s’

Interface heat transfer coefficient between the catalyst and gas phases

in the reactor [kd m? s* K]



k3c,0

Ksn

k3h,0

Xvili
Rate constant for incomplete burning reaction [kPa™* s™]
Rate constant for incomplete burning reaction [kPa™ s™]
Rate constant for catalytic combustion of CO reaction [kmol m? s?]
Pre-exponential factor for catalytic CO combustion reaction [kmol kg™
kPa’®s]
Rate constant for homogeneous combustion reaction [kmol m™ kPa’
s
Pre-exponential factor for homogeneous CO combustion reaction
[kmol m™® kPa” 5%
Rate constant for hydrogen burning reaction [kPa® Y]
Pre-exponential factor for hydrogen burning reaction [kPa™* s™]
Carbon combustion reaction constant [kPa* 5]
Pre-exponential factor for overall coke combustion [kPa™ s™]
Thermal conductivity of hydrocarbon [kJs* m™* K™
Rate constant for gasification reaction [ s
Hydrogen combustion reaction constant [kPa™ s]
Watson characterization factor [K*]
Molecular weight [kg kmol ]
Mean molecular weight [kg kmol™]
Total mole [mol]

Partial pressure of oxygen [kPal



XiX
Pressure [kPa]
Pseudo-critical pressure [kPa)
Pseudo-reduced pressure [kPa]
Rate of heat generation of removal by reaction [kJ s‘l]
Reaction rate [s™*; kg kg catalyst™ s
Reaction rate of incomplete burning reaction [kg kg catalyst™ s™]
Reaction rate of complete burning reaction [kg kg catalyst™ s™]
Reaction rate of catalytic CO combustion reaction [kmol m™ s?]
Reaction rate of homogeneous CO combustion reaction [kmol m™® s

Ideal gas constant (=8.314) [ kJ kmol ™ K]

Aromatics to naphthenes ratio in aliquid feedstock

- p,U.D

Reynolds number defined by Re; = 979
Hq
d,p, V, -V,
Reynolds number defined by Re, = M
Hg

Specific gravity
Temperature [K]

Air temperature at inlet [K]
Regenerated catalyst temperature [K]
Molal average boiling temperature [K]

Mean average boiling temperature [K]



Greek letters

Be

Peo
AH,
AH,
AH,,

AH.

Pseudo-critical temperature [K]
Pseudo-reduced temperature [K]

Spent catalyst temperature [K]

Normal boiling point [K]

Volume average boiling temperature [K]
Superficial gas velocity [m s™]
Cross-sectionally averaged velocity [m s

Weight fraction

Reactor or regenerator length [m]

Mass ratio of hydrogen to carbon in coke

Catalyst deactivation coefficient
Pre-exponential factor of catalyst deactivation coefficient

Exponent for representing .
Molar ratio of CO; to CO in the flue gas

Initial ratio of CO/CO; at catalyst surface
Pre-exponential factor for CO/CO; ratio at surface
Enthal py due to carbon combustion [kJ kg™]

Heat of formation [kJ kmol™]

Enthalpy due to hydrogen combustion [kJ kg™

Heat of reaction for four-lump cracking reaction [kJ kg]

XX



vig

Hm
e
Hix
Yo,

2

Subscripts
0

ck

C

CL

CcO

CO,

ds

FS

g

Heat of reaction [kJ kmol™]

Heat of vaporization of liquid feedstock [kJ kg™]

Cross-sectionally averaged voidage
Cross-sectionally averaged solid holdup
Correction factor for drag coefficient
Viscosity [Pas]

Mean viscosity [Pa s

Pseudo-critical viscosity [Pas]
Pseudo-reduced viscosity [Pa 5|

Density [kg m™]

Catalyst deactivation function

Initial condition
Coke

Carbon atom

Catalyst transport line
Carbon monoxide
Carbon dioxide
Disperse steam

Feed vaporization section

Gas phase

XXi



of

go

gs

H,O

out
ref
reg

rxt

Gasification

Gasoline

Gasoil

C,-C4 gases

Hydrogen atom

Water

Liquid feedstock (gas oil)

Outlet condition

Reference condition (273.15 K)
Regenerator

Reactor

Gas phase

Water vapor

XXii



CHAPTERI|

INTRODUCTION

1.1 Background and motivation

A fluid catalytic cracking (FCC) is an important process in oil refinery
industries. The purpose of this process is to crack low-value heavy hydrocarbons (e.g.,
gas oil) to valuable light products (e.g., gasoline). It is known that FCC and its
ancillary units provide about 45% of the total gasoline production and the revenue
about 40% of the total refinery’s income (Sadeghbeigi, 2000; Ramachandran et al.,
2007; Roman et al., 2009). Due to environmental awareness and requirement of high-
quality products, a further improvement of FCC performance is still needed.

In general, an FCC process is composed of two major units: a reactor and a
regenerator. The strong interaction between these two units causes the complexity of
the process. Cracking reactions of long-chain hydrocarbons are carried out in the FCC
reactor. In the past, it was mostly operated in a riser mode in which hydrocarbon
feedstock and catalyst were fed at the bottom of the reactor. Presently, a gas-solid
concurrent down-flow reactor, which is also known as a downer, is found to be a
promising reactor for the FCC process because it can overcome the drawback of a
conventional up-flow reactor (or the riser) caused by the catalyst back-mixing
(Talman and Reh, 2001; Chen et al., 2005; Qi et al., 2008; Wu et al., 2008). In the
downer, gas and solid catalyst move downward; this can avoid the back-mixing of
catalyst and reduce hot spots that may occur in the riser reactor (Zhu et al., 1995).
Many previous studies showed that the operation of the downer reactor nearly reaches
the plug-flow condition (Wei and Zhu, 1996; Talman et al., 1999; Liu et al., 2006;
Cheng et al., 2008; Qi et al., 2008; Wu et al., 2010; Zhao et al., 2010). In addition,
both experimental and simulated results suggest that using the downer as a reactor in a
fluid catalytic cracking process can improve both yield and selectivity of the desired
products (Abul-Hamayel, 2004; Wu et al., 2009). However, the knowledge of the



downer reactor in the literature usually considers only the downer itself, with only a
few studies give details about the accompanying regenerator (Shaikh et al., 2008).
Since the reactor and the regenerator are operated simultaneously, the study of the
integrated system would be beneficial for understanding the behaviour of the system.

In the FCC regenerator, coke deposited on catalyst’'s surface is eliminated by
combustion reactions (Sadeghbeigi, 2000). The recent trend of using low-quality
feedstock for the FCC process causes high carbon content on the spent catalyst
surface. This leads to the rapid deactivation of catalyst and extreme regeneration
operation with high temperatures, which will deactivate the catalyst permanently.
Different types of the FCC regenerator have been proposed to improve its burning
efficiency. An example of a regenerator design is a high-efficiency regenerator in
which the bottom chamber of the regenerator is operated in the turbulent fluidized bed
state, thereby resulting in a better gas-solid contact efficiency and smaller vessel. A
regenerator with two-stage combustion is another design. The first stage combustion
is used to burn most of the hydrogen-rich compounds and also the majority of the
carbon deposited on the catalyst surface at low temperatures within a short time,
whereas the second one is applied to combust the remaining carbon at high
temperatures with a longer time. This prevents the exposure of catalyst to high
temperature steam occurred from the burning of hydrogen-rich components that may
cause the permanent deactivation of the catalyst (Avidan and Shinnar, 1990).

The other new developed regenerator is referred to as a riser regenerator
because it operates in the riser mode having the advantages of high heat and mass
transfers and high solid-gas contact efficiency (Bai et al., 1997, 1998). However, the
operation of the riser in which gas and solid flowing against the direction of gravity
suffers from the severe back-mixing and non-uniform flow structure causing the wide
residence time distribution of the gas and solid phases (Werther and Hirschberg,
1997; Jin et al., 2002). Since the radial distributions of gas and solid in a downer is
more uniform than that in a riser, the use of the downer as a regenerator would be a

promising approach.



Another approach for enhancing of regeneration is considering the reactions,
some research works have been done on studying the possibility of the coke steam
gasification reaction for converting some part of coke into hydrogen in the
regeneration environment while the another part is still eliminated by burning for
maintaining the system heat balance. Consideration of gasification reaction together
with the burning reaction has the benefit of temperature reduction. Since the steam
reforming reaction is the endothermic reactor, thereby, it can help reduce the high
temperature caused by burning high amount of carbon deposited on spent catalyst

from reactor.

In this study, the performance of a downer regenerator of FCC process is
analyzed based on a systematic model-based approach. A one-dimensional model of
the downer regenerator, which consists of mass and energy conservative equations,
hydrodynamic characteristics, and regeneration kinetics of FCC catalyst under steady
state condition, is employed to perform a sensitivity analysis of the regenerator with
respect to key operating parameters such as recycled and spent catalyst flow rates,
superficial gas velocity, carbon content on spent catalyst, and spent catalyst

temperature, on the catalyst regeneration performance.

However, the steam gasification can proceed at the limited condition.
Therefore, this work also investigates the steam gasification together with combustion
for regeneration of the FCC catalyst in a downer-type regenerator via simulation

study.

Moreover, this work carries out a theoretical analysis of an integrated system
between downer reactor and riser regenerator in the FCC process for investigation of
the performance of this integrated system.

1.2 Objective of Research

The objective of this research is mainly focus on a performance analysis and
design of a regenerator in the FCC process operated with the down-flow operation as
well as the theoretical investigation on an integrated system of a downer reactor and a

riser regenerator.



1.3 Scopes of Resear ch

The scopes of this research are listed as follow:

- Analyze the performance of the downer regenerator using a systematic
model-based process analysis.

- Investigate the steam gasification reaction together with combustion
reaction for regeneration of the FCC catalyst in the downer regenerator
using one-dimensional model of hydrodynamic characteristics and kinetic
models including burning and gasification reactions.

- Analyze the performance of the integrated system of a downer reactor and
a riser regenerator using one-dimensional model of hydrodynamic
characteristics of both riser and downer incorporated with kinetic models

of cracking reactions and coke burning reactions.



CHAPTERI I

LITERATURE REVIEWS

This chapter presents the literature review about the researches focusing on the
fluid cataytic cracking (FCC) unit and its crucial characteristics in various aspects.
The content begins with the investigation on riser reactor model. Next, the evolution
of FCC regenerator is discussed. Then, the works on downers in FCC process as well

as the steam reforming process were reviewed.
2.1 Investigation on riser reactor models

Riser has been used as areactor in the fluid catalytic cracking for a long time
(Avidan and Shinnar, 1990). Numerous models have been published to predict and
analyze the performance of the riser and even the whole processincluding steady-
state model (Araujo-Monroy and Lopez-Isunza, 2005; Heydari et al., 2010), dynamic
model (Han and Chung, 2001; Bollas et al., 2007; Fernandes et al., 2007; Roman et
a., 2009), computationa fluid dynamic model (CFD) (Theologos et a., 1996; Das et
a., 2003; Lan et al., 2009; Lopes et a., 2011; Ahsan, 2012), computational fluid
dynamic model with discrete particle technique (CFD-DEM) (Wu et a., 2010), model
for controlling purpose (Jia et al., 2003; Roman et al., 2009) and model of other
relevance behavior (Han et al., 2004; Hernandez-Bargas et a., 2006). These models

contain different degrees of assumptions and simplifications.

A crucia assumption affecting to the yield prediction of the model is kinetic
of cracking reaction. In FCC process, the pseudo-component or lump technique has
been used to represent the group of hydrocarbon with close boiling points.

The simplest kinetic of cracking reaction for the purpose of modeling was
developed by Weekman and Nace, (1970). This scheme has divided the components
involving in the reactions into three groups, i.e., gas oil, gasoline, and gastcoke , and
was used to predict the conversion and gasoline yield in isothermal fixed, and fluid



bed reactors. However, The three-lump model of Weekman and Nace, (1970) contains
major disadvantage of predicting coke yield, since coke yield is predicted together
with the gas yield. The four-lump cracking reaction model has been introduced to
overcome this situation (Lee et al., 1989). The four-lump scheme separates the coke
yield to be an independent lump, therefore; this scheme is more useful for predicting
the cracking reactions. Since the coke yield prediction is needed for prediction in
characteristics of burning reactions in the regenerator which are the source of heat
needed for cracking reactions. Models of cracking reactions with more lumps have
been proposed and used in the literature for example five-lump model (Larcoca et al.,
1990; Jaurez et al., 1999; Bollas et al., 2007), six-lump model (Coxon and Bischoff,
1987; Takatsuka et al., 1987), seven-lump model (Ou-guan et a., 2006), nine-lump
model (Hongjun et a., 2006), ten-lump model (Jacob et al., 1976), twelve-lump
model (Cerqueiraet a., 1997) and the nineteen-lump model presented by Pitault at al.
1994. The advantage of these schemes is the ability of predicting the details of
cracking products, however; more the kinetic parameters need to be evaluated and
cause the complexity of calculation.

Other important assumptions used for FCC riser modeling in the literature are
shownin Table 2.1.

2.2 Investigation on FCC regenerators

The regenerator used in the conventional operation of FCC is operated in
turbulent or bubbling fluidization regime. This causes the slow burning reactions that
entail the long residence time of the catalyst in the regenerator. Due to the
characteristics of the operating regime of the conventional of the regenerator. The
behavior of the conventional regenerator was usually described by the two-regime
(dense bed and freeboard) and two-phase (emulsion and bubble) behavior model (Han
and Chung, 2000; Alaradi and Rohani, 2002; Cristea et al., 2003).



Table 2.1 Important aspects of FCC riser model.

Vaporization Temperature Gasand Gas expansion | Kinetic model Catalyst
variation catalyst deactivation
velocity
Ali eta., 1997 Instantaneous | Adiabatic Not considered | Constant Four-lump Constant
Araujo-Monroy Vaporization | Adiabatic Constant slip Included Six-lump Non-selective
and Lpez-lsunza, | followed by factor based on time
2006 cracking on stream
Fernandes et d., Instantaneous | Adiabatic Momentum Included Six-lump Non-selective
2007 balance for based on coke
solid, continuity content
for gas
Ahari et d., 2008 | Instantaneous | Adiabatic Usedlip factor | Included Four-lump Non-selective
based on time
on stream
Haydari et d., Instantaneous | Adiabatic Constant Included Four-lump Non-selective
2010 based on time
on stream
Han and Chung, Vaporization | Considered heat | Momentum Included Four-lump Non-selective
2011 followed by | loss balance based on coke
cracking content




A number of regenerators have been designed and implemented to FCC
processes globally to improve the burning efficiency. Therefore, the modeling works
of these designs are needed for prediction, monitoring and control of the FCC
processes. An example of the regenerator design is the high-efficiency regenerator
which is operated in the fast-fluidized followed by the plug flow as shown in Figure
3.2. This enables the better gas-solid contact efficiency. In this design, the bottom part
of the regenerator acts as a mixing chamber. The burning reactions occur in the lift
pipe and the upper chamber. The bottom part and lift pipe are modeled as a plug-flow
where the upper chamber is modeled as CSTR (Fernandes et al., 2007). Another
design is a two-regenerator R2R technology that uses for processing the high coke
content in the residua cracking. In this configuration, the first regenerator (located at
the bottom part) uses for burning 40-70% of the coke on the catalyst in a lower
temperature. Then, the partially regenerated catalyst is transport to the second
regenerator (located at the position above the first regenerator) using air. The partialy
regenerate catalyst will be burned using higher temperature with low steam partial
pressure and dlightly air excess to eliminate the remaining coke without catalyst
deactivation. The dense bed of this regenerator was modeled using the CSTR model
and the lift pipe was modeled as a plug flow reactor (Gauthier et a, 2000; Fernandes
et al., 2007).

Due to the trend of using more resid feedstock which causes more carbon
content on the spent catalyst, some researchers have investigated the using of the
alternative configurations of the regenerator to cope with this issue. Considering the
burning reactions that occur in the lift pipe, this part is in the fast fluidization regime
in which particles are transferred from the bottom to the top of the pipe. This pipe can

be categorized as ariser type reactor.

Since riser has severa advantages (i.e., high gas-solid contact efficiency, high
heat and mass transfer and high throughput) compared to the conventional turbulent
bed, it is a promising type of a reactor for using as a regenerator. Bai et a. (1998)
developed models for steady-state simulation of riser regenerator in plug flow mode
and CSTR mode. Their models include the hydrodynamic model and kinetics of
regeneration model as well as mass and energy balance. This model was validated



with the riser section in the industria high-efficiency regenerator and found that the
models and the industrial data were in a good agreement. Moreover, the same authors
(Bal et d., 1997) further simulated the performance of the FCC riser regenerator by
proposing two designs of riser regenerators to improve the performance and the
flexibility of the single riser regenerator. The first design separates the supplied air to
feed at severa levels aong the axial distance of the riser. The simulation results
revealed that this design improves the operation performance, flexibility and stability
with higher solids inventory and longer solids residence time. The second design is a
two-stage riser regenerator where two riser regenerators are connected in series. This
design couple the advantages of the riser regenerator and the conventional two-stage
turbulent bed regeneration. This double-stage regeneration can separately control air
flow rates and temperatures. The simulation results showed that the second stage
regenerator can operate at a much higher temperature without hydrothermal catalyst
deactivation because most of the hydrogen is burnt in the first stage and this leads to
high regeneration efficiency and flexibility.

2.3 Investigation on downersin FCC processes

Due to the disadvantages of the riser such as particle back-mixing and particle
clustering leading to widely distribution of the solids residence time, therefore; a
down-flow operation which can overcome the drawbacks of the riser such as less
back-mixing, more uniform particle distribution in radia direction, shorter residence
time and closer to plug flow operation is now in attention (Wang et al., 1992; Zhu et
al., 1995).

Both experimental and simulated studies have been conducted for clarifying

the hydrodynamic characteristics and the cracking reactions in the downers.
2.3.1 Experimental studies

The very first catalytic cracking in the downer has been performed using
cumene as a feedstock in a bench-scale downer with high catalyst-to-oil ratio. It is
found that the measured conversion is lower than that of predicted by a plug-flow
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model at this high catalyst-to-oil ratio. This is because high solids flux operation
results in the cluster flow of particles. Moreover, the incomplete break-up of the
solids entering the downer causes lower surface area and resistant of mass transfer
resulting in the lower conversion. (Talman and Reh, 2001).

The experimental study of the downer reactor showed that the downer
improves the selectivities and yields of desired products, i.e., propylene and gasoline,
significantly while the unwanted product yields, i.e, dry gas and coke, were
suppressed in comparison with the operation of the riser at the same condition. The
flow patterns of the gas and solids in the downer that almost reach plug flow
condition enabl e the suitable condition for the DCC process (Deng et a., 2002).

The pilot-plant scale of 0.1 b/d. and the demonstration plant of 30 b/d. of the
high severity FCC process were successful operated in Saudi Arabia. These two
processes aim at increasing in light olefin production. The comparison of the riser and
downer operations have been performed and found that the FCC downer provided the
increased yield of gasoline and reduced coke and dry gas. The main reason behind
these results is the reduction of back-mixing that causes the gasoline over cracking.
Despite the yield of light olefin in the downer reactor is lower than that in the riser
due to suppression of back-mixing, the yields of useful products including gasoline
and light olefin in the downer is higher. However, with the use of catalyst with light
olefin maximizing additive namely ZSM-5, the yield of light olefin can be increased
from 28.7 wt.% to 39.3 wt.% in pilot-plant and 25.7 wt.% to 43.9 wt.% in
demonstration plant (Abul-Hamayel, 2004; Abul-Hamayel et a., 2005; Fujiyama et
al., 2005) .

Though the downer reactor offers advantages, the disadvantages were aso
reported i.e., sensitivity to hydrodynamics, limited mixing of gas and solids, very
dilutes gas-solids flow causing limited catalytic capability. Therefore, some works
have studied on designing a downer to riser (DtoR) reactor (Deng et a., 2005; Liu et
al., 2005; Liu et al., 2008; Wu et a., 2008, 2009) for extending the advantages of the
downer reactor with the riser reactor. This type of reactor is used for controlling of

reactions pathway by reducing olefin content in the gasoline yield. They firstly
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studied the hydrodynamic and mixing behavior in the coupling reactor. Riser reactor
used in the DtoR was the annular riser which offers the more uniform radial structure
than the conventional riser. Then, they ssimulated the reactions and conducted the hot
experiment and finally the test in industrial pilot plant for residual fluid catalytic
cracking had been done. This process increases the yield of LPG and propylene by
8.15 and 4.30 wt.% and reduces the content of olefin in gasoline by 17 wt.% in

comparison with the riser reactor.

2.3.2 Simulated studies

Apart from simulation studies that were mentioned in the experimental works
above. The modeling and simulated work on downers have been proposed to clarify

their behavior and performance.

Bolkan-Kenny et al. (1994) developed a novel hydrodynamic model of a
downer, that combines the hydrodynamic of the downer with the reaction kinetic of
the FCC process, to simulated the performances of the downer FCC. The simulated
results are in the range of industrial FCC units. Moreover, the calculated results also
showed that the downer introduces more uniform flow, better reaction control, shorter
residence times with narrower residence time distributions (RTD), and higher
catalyst/oil ratios compared to the riser. The operation of the downer can improve the
conversions, yields as well as the selectivities of the FCC in case of using the

commercial silica-alumina catalysts.

Shaikh et al. (2008) developed the mathematical model and performed the
simulations of the downer in a pilot plant scale that operate under high severity
conditions. The model consists of the steady-state non-isothermal model of the heavy
oil cracking in a down-flow reactor and a catalyst regeneration in fluidized-bed
reactor. The model based on the four-lump kinetics of the cracking reactions and the
complete combustion kinetics for the regenerator reactions. Model predictions of the
conversion, product yields, and temperatures in the downer reactor are satisfactory
when they are partially validated with the data from the pilot plant that was operated
in the high-severity mode.
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Due to the advance in computational technology, the more complex model has
been used to simulated the behavior of the downer reactor. The computational fluid
dynamics (CFD) technique has been used to simulate the downer reactor. Liu et a.
(2006) used this technique to incorporate the effect of molar expansion due to
cracking reactions in the non-reactive flow model of Zheng et a. (2002). Wu et al.
(2009) proposed the two-dimensional model based on the empirica study for
revealing the performance of the downer reactor in comparison with the riser reactor.
Their model can capture the key characteristics of the gas-solids flow with reactions
in the riser and downer reactor. The results provided the better understanding of both
types of reactors. Moreover, Wu et al., (2010) use the CFD with discrete element
method (DEM) to simulate the reactive flow in the riser and downer reactor by
considering the particle-scale behavior in a discrete manner which provides severa
advantages i.e., the catalyst activity can be calculated in time, therefore; the effect of
residence time distribution on the catalyst activity should be well revealed.

As mentioned above, several works have been performed on the studying of
the downer due to its potential for fast reaction which intermediates are desired
products. However, most works focusing on the use of the downer do not address the

accompanying regenerator.
2.4 Steam reforming in FCC processes

Generally, the regeneration of the spent catalyst has been done by oxidization
reaction of coke with air. Thereis awork that performed a study on reduction of coke
on FCC catalyst by the steam gasification reaction and found that coke on zeolite-type
spent catalyst could undergo the reaction with steam at temperature about 810-922 K.
This produced hydrogen, carbon dioxide, carbon monoxide and methane as products.
(Hsing and Mudra, 1993).

A catalyst activity is adso one of the main factors that affects to the
performance of the FCC operation. The main feature of the cracking catalyst is to
maximize the yield of the desired products and reduce the yield of undesired product.
However, some catalyst additives have been used to promote the coke combustion
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reaction in regenerator (Luo et a., 2007). There is aresearch work on the synthesis of
a steam gasification catalyst for using in regenerator (Corma et al., 2011), since this
reaction is advantage in reducing carbon on catayst and the temperature of the
regenerator in case of high coke content on spent catalyst.



CHAPTER |11

THEORY

3.1 Fluid Catalytic Cracking (FCC)

Fluid catalytic cracking (FCC) is a main conversion unit in the petrochemical
industry. This unit is used for cracking of high-boiling point petroleum fractions, i.e.,
heavy gas oil to lower-boiling point, e.g., gasoline using a microspheroidal catalyst

(i.e., zeolite), which behaves like a fluid when properly aerated by air.

3.1.1 Technology of the fluid -catalytic cracking
(Sadeghbeigi, 2000)

A large number of fluid catalytic cracking units (also called cat cracker) are
operating in the petrochemical process worldwide with the different configurations
and licensers. However, the main objective of each FCC units is to upgrade the low-
value petroleum fraction into the more valuable product fractions. It is also known
that the 45% of the gasoline pool comes from the FCC and its ancillary units, such as

alkylation unit.

Since the first commercial FCC unit was started up in 1942, the configuration
of the FCC unit has always been adapted to meet the demands of the market. The
improvements are aimed to upgrade the mechanical reliability and the capability of

handling heavier feedstocks.

The typical FCC unit configuration of some licensermmely Exxon’s
flexicracker, UOP FCC and SWEC stacked FCC unit are shown in Figure 3.1 through
Figure 3.3.
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Figure 3.2 Typical schematic diagram of UOP FCC (Sadeghbeigi, 2000).
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Figure 3.3 Typical schematic diagram of SWEC stacked FCC unit
(Sadeghbeigi, 2000).

3.1.2 Fluid catalytic cracking process description
(Sadeghbeigi, 2000)

In petroleum refinery, there are lots of processing units using for convert raw
crude oil into the products such as gasoline, diesel, and fuel oil. Generally, crude oil
contains water, inorganic salts, suspended solids, and water-soluble trace metals. In
order to prevent corrosion, plugging, and fouling of equipment and poisoning of the
catalysts in the process, the contaminants must be removed by desalting (dehydration)

before processing of crude oll.

The desalted crude oil is sent to the atmospheric distillation tower for distilling
into several intermediate products; naphtha, kerosene, diesel, and(§aguocd 3.4).
The heavy fraction that cannot be distilled in the atmospheric tower will be heated and
sent to the vacuum distillation tower. Here, the heavy fraction is split into gas oil and

tar.

Then tar will be sent to be processed in a delayed coker, deasphalting unit, or

visbreaker, or be sold as fuel oil or road asphalt. The gas oil will be used as the feed
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for the fluid catalytic cracking unit. However, tiieedstocks for the fluid catalytic

cracking unit are also derived from the atmospheric tower and the delayed coker.

The FCC process is a complex process and consists of many parts. Therefore,
the process has been separated into six sections for better understanding including,
feed preheat, riser-reactor-stripper, regenerator-heat/catalyst recovery, main

fractionators, gas plant and treating facilities.

3.1.2.1 Feed preheat

Generally, the gas oil produced in the any refinery is sufficient for providing
to the FCC unit. However, some refineries cannot produce the gas oil to meet the
capacity of the FCC unit. Therefore, it would be economical to blending some residue
to the feedstocks or purchasing the gas oil from the other sources. These feedstocks
including the gas-oil and the supplement feedstocks are mixed and sent to the surge
drum. The surge drum is used in order to offer the steady flow of the feed to the
pump. Moreover, this surge drum can be used for separate the water and vapor in the

feedstocksKigure 3.5).
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Figure 3.5 Typical feed preheat system (Sadeghbeigi, 2000).

-~




19

Then, the feed from the surge drum is heated with rttain fractionators

pumparound and fired heaters to the temperature ofC2&D 370C. The feed is

pumped through heat exchangers to heat up by the hot streams from the main
fractionators, i.e., top pumparound of light cycle oil product and the bottoms
pumparound. It can be noted that the process of removing heat from the main

fractionators is as important as preheating of the feed.

The fired heaters are commonly use for the finahga¢ of the FCC unit. The
feed preheater provides control over the catalyst-to-oil ratio which is a key variable of
the process. The increasing of the preheat temperature enables the increasing of the

throughput in the FCC unit that the air blower is constrained.
3.1.2.2 Riser-reactor -stripper

In the modern FCC process, it can be stated that the reactor and the
regenerator are the main units. The cracking reactions take place in the reactor for 1.5-

3.0 s before separation by cyclones.

The feedstock from preheater is fed to the riser reactor near the base and
contacts with the hot regenerated catalyst flowing from the regenerator (temperature
ranges from 67732C) and then vaporized (Figure 3.6). The catalyst from the

regenerator acts as the heat carrier transferring the heat from regenerator to the
reactor. The hot regenerated catalyst provides heat for vaporization of the feed, for
heating the feed to the desired reactor temperature and for endothermic cracking
reactions in the riser. The typical range of the catalyst-to-oil ratio used in the riser

reactor is in the range of 4-9 by weight.

The vaporization of the feed causes the expanding volume of gases which is
the main driving force that carry the catalyst up along the riser reactor. The cracking

reactions occur in the riser reactor while the catalyst moves upward with the gases.

The riser reactor is a vertical pipe with a 10-13tbimck refractory lining for

insulation and abrasion resistance. The typical diameter of the riser is 60-180 cm and
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25-30 m in length. The ideal operation of the riser is in a plug flow mode. The gas and

catalyst travel up along the length of the riser without or minimum back mixing.
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Figure 3.6 Typical riser (Sadeghbeigi, 2000).

At the entrance of the riser reactor, steam is used to atomize the feed into
smaller oil droplets. Because the efficient contacting of the feed and the active site of
catalyst is crucial for achieving the desired cracking reactions, the small droplets
increase the possibility of feed to act with the reactive acid sites on the catalyst.
Nowadays, the cracking reactions take 3 seconds or less, with the highly active zeolite
catalyst.

The outlet vapor velocity of riser reactor is about 15.2-22.8 m/s based on the
outlet conditions. As cracking reactions proceed, a hydrogen-deficient material which
is called coke will deposite on the surface of the catalyst and reducing the catalytic
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activity of catalyst. Therefore, the catalyst needs to eliminate the coke for restoring

the cracking activity.

The catalyst and gases that are composed of cracked products and uncracked
feed are quickly separated in the cyclones. The cyclones are installed in the cyclone
housing at the top of the riser reactor. The typical FCC units use single or two-stage
cyclones to separate the catalyst from the gas (Figure 3.7). The spent catalyst from
cyclones will drop to the stripper and the gases will be sent to the main fractionators
for splitting into various fraction. The efficiency of a typical two-stage cyclone

system is more than 99%.

The catalyst and vapors need to be separated as soon as they exit the riser
reactor because the extended contact time of catalyst and the vapors will cause the
over-cracking of the desirable products into unwanted products. Moreover, the

extended contact time also causes the thermal cracking of the desirable products.

In the stripper (Figure 3.8), the steam at a rate of 0.2-0.5 wt. % will be used to
remove the entrained hydrocarbon vapors locating between the catalyst particles.
However, not only the entrained hydrocarbons are carried with the spent catalyst but
the hydrocarbons that adsorbed on the catalyst surface or fill in the catalyst pores are
also went into the stripper. Here, the stripping steam does not address hydrocarbon

desorption and hydrocarbons filling the catalyst pore.

In the stripper, there are some cracking reactions which are driven by the
temperature and the residence time of catalyst in the regenerator still occur. They are
the cracking reactions of the adsorbed hydrocarbon into the clean lighter product. The
stripper is usually designed to allow the efficient contact between the catalyst and the
steam with the superficial gas velocity of 0.23 m/s and a flux of catalyst ranges
between 2.4 to 3.4 kg Ms™. If the operation is in the high flux state, the falling

catalyst will entrain steam causing the reduction of the stripping steam efficiency.

The stripping steam cannot remove all the hydrocarbon vapors in the catalyst
pores. Therefore, some of hydrocarbon vapors will be carried with the spent catalyst

to the regenerator. It should be noted that the amount of hydrocarbon vapors entrained
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to the regenerator need to be minimized. Since these hydrocarbons have a higher
hydrogen-to-carbon ratio than the coke, the disadvantages of allowing these

hydrocarbons to the regenerator are:

- Loss of the valuable product. This fraction of hydrocarbon should be

recovered in the main fractionator as the product instead of burning in the regenerator.

- Loss of throughput. Since the burning of hydrogen to water gives the heat
higher than combustion of carbon to carbon dioxide about 3.7 times. Burning of these
hydrocarbons causes higher temperature of regeneration. This will affect to the
regenerator internals. Therefore, the unit will be forced to operate in the lower feed

rate.

- Loss of catalyst activity. The higher regenerator temperature and the steam at
high temperature would destroy the catalyst’'s crystalline structure causing the

permanent deactivation of the catalyst.

Figure 3.7 A two-stage cyclone system (Sadeghbeigi, 2000).
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Figure 3.8 An example of a two-stage stripper (Sadeghbeigi, 2000).

In the earlier FCC unit, the transport of spent catalyst from the reactor to the
regenerator is designed to use lift air. Presently, the flow of spent catalyst is usually
controlled by a slide valve which is controlled by the level of catalyst in the stripper.
The catalyst height in the stripper causes the pressure head that push the spent catalyst
to flow to the regenerator. The surface of the slide valve is lined with the refractory to

resist erosion.

3.1.2.3 Regener ator-heat/catalyst recovery

The burning of coke in the regenerator is not only designed for restoring the
catalyst activity but also for providing heat to the endothermic cracking reaction in the
reactor. Typically, the coke content on spent catalyst flowing to the regenerator is in
the range of 0.4-2.5 wt%. This amount of coke depends on the quality of feedstock.
The main compositions of coke are carbon, hydrogen, and trace amounts of sulfur and
nitrogen. These burn according to the reactions as shown in Table 3.1.
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Table 3.1 Reactions occur in the regenerator (Sadeghbeigi, 2000).

Reactions Heat of reaction
(kcal/kg of C, Hor S)

C+1/2 —» CO 2,200
CO+12Q - COy 5,600

C+O» -5 COp 7,820
Ho+1/20p —  HOo 28,900

StxO > SOy 2,209

N+xO —  NOy

Air from one or more blowers is supplied to the regenerator in order to provide
oxygen to the system. Oxygen is used in the combustion reactions of coke containing
carbon, hydrogen, sulfur and nitrogen. The air is fed to the regenerator from the
bottom and the air blowers need to supply sufficient air velocity and pressure to
maintain fluidized bed of the catalyst in the regenerator. The air distributor at the
bottom of the regenerator is important to the regeneration, since the efficient contact
of air and catalyst depends on the configuration of the air distributors. In typical
design of air distributors, the pressure drop is 7-15 kPa for ensuring that air flow
through all nozzles.

In general, the regenerator operating with the air velocity of 0.6-1.2 m/s and
can be divided into two regions: the dense phase and the dilute phase. The dense
phase is located from the air distributor to the top of the bed and the dilute phase is in
the region above the dense phase up to the cyclone inlet. The bulk of catalyst is in the
dense phase and the small amount of catalyst is in the dilute phase.

After regeneration, the catalyst called regenerated catalyst contains the coke
level of 0.05%. The regenerated catalyst flows down a standpipe which is a transfer
line. In the standpipe, the pressure head of the catalyst allows the circulation of the

catalyst from the regenerator to the reactor.
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Some standpipes are designed to extend into the regenerator with the hopper at
the top section. The hopper is the inverted cone design which is used for providing

extra time for the regenerated catalyst to be de-bubbled before entering the standpipe.

The typical size of the standpipes is designed for the catalyst flux of 500-1,500
kg m? s*and the bulk density of catalyst in the range of 560 to 720%gh® flue
gas will be carried down with the regenerated catalyst to keep fluidized state in the
standpipes. External aeration of air, steam, nitrogen, or fuel gas may be used in the
long standpipes to ensure the fluidization.

The flow of regenerated catalyst from the regenerator to the reactor is
controlled by the pressure differential between the reactor and the regenerator. The
flow rate of the catalyst is regulated by a slide or plug valve which is controlled by the
reactor temperature. The function of this valve is to supply the catalyst for heating

feed to the desired reactor temperature.

Some of catalysts are entrained with the flue gas from dense phase to the
dilute phase. The flue gas superficial velocity is determined the amount of entrained

catalyst. The particles with the size of 5086 can fall back to the dense bed while

the small particle (0-50 m)will flow up to cyclones.

In FCC regenerator, 4-16 sets of primary and secondary cyclones are used to

recover the entrained catalyst particles with a diameter greater thann20The

catalyst particles captured by cyclones are returned to the regenerator through the

diplegs.

The centerline of the inlets of the primary cyclones should be higher than the
distance referred to as the transport disengaging height (TDH). This height is the
distance above the dense catalyst bed which the flue gas velocity is stabilized.
Moreover, the catalyst concentration in the flue gas at this height is constant as no
catalyst return to the dense phase. Therefore, if the centerline of the primary cyclone
inlets is lower than the TDH, a large amount of catalyst will be taken away with flue
gas. This causes the extremely loss of catalyst.
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Regeneration of the catalyst can be done in the different temperatures and
different compositions of products. There are two modes of operations for burning of
the coke on catalyst: partial combustion mode and complete combustion mode. In
partial combustion, oxygen fed to the system is limited so carbon is in excess
condition. An increased in coke content would allow more CO to be formed. In
complete combustion, oxygen will be fed to the system in the excess condition,
therefore; the combustion of carbon in coke will form ;G a product. This
condition would allow more combustion and would generate more heat. in case of

high coke yield

In another approach, the FCC regeneration can be divided into three types
based on the ranges of temperature, i.e., low, intermediate, and high tempEnature.

low temperature operation (about 62D cannot undergo the complete combustion.

Therefore, the gaseous products in flue gas that is mainly composed ©@OQand

COcare in the high level. This operation was used in the early design of FCC process.

Then, the high temperature regeneration was invented. The high temperature
regeneration is aimed to burn all of the oxygen and low carbon on the regenerated
catalyst. The flue gas of this operation mode contains either no oxygen and small
amount of CO or no CO and small amount of oxygen. However, if high level of CO
presents in the flue gas, it will be called partial combustion.

The intermediate temperature regeneration is developed with the combustion
promoter. It is used to reduce the temperature of regeneration while the combustion is
still in full combustion mode. The reduction of regeneration temperature can be done
by promoting of CO combustion in dense phase. However, without the combustion
promoter, the intermediate temperature is not stable. Table 3.2 summarizes various
aspects of regeneration. The columns of regeneration temperatures and the operating
modes illustrate the limitations of each operating regions. The regeneration can be
operated in partial or complete combustion mode at low, intermediate, or high
temperatures. At low temperature operation, the regeneration proceeds only in the

partial combustion mode with quite high carbon content on spent catalyst. The
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afterburn occurs when the combustion air is increased. At intermediate temperature,

the carbon content on regenerated catalyst is reduced.

Table 3.2 Aspects of regeneration (Sadeghbeigi, 2000).

Operating region Partial combustion mode | Full combustion mode

regenerator combustion

Low temperature Stable (small afterburning) Not achievable
(nominally 640C) 0O, CO, and CQin the
flue gas

Intermediate temperature Stable (with combustion | Stable with combustion
(nominally 690C) promoter); tends to have | promoter
high carbon on regenerated

catalyst

High temperature Stable operation Stable operation
(norminally 730C)

It can be seen that the full combustion mode tends to show the better
regeneration performance than the partial combustion mode. However, this mode
contains some disadvantages. The advantages and disadvantages associated with full

combustion mode are shown:
Advantages of full combustion mode:

- Energy efficient
- Heat-balances at low coke yield
- Minimum hardware (no CO boiler)

- Better yields from clean feed

Disadvantages of full combustion:

- Narrow range of coke yields unless some heat removal system is
incorporated.
- Greater afterburn, particularly with an uneven air or spent catalyst

distribution system.
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- Low cat/oil ratio

The mode of regeneration is based upon the feed quality. The full combustion
mode is suitable for clean feed and the partial combustion mode with the heat removal
system is suitable for low quality feed or the resid feed.

3.1.2.4 Main fractionators

The main fractionators or main column is used to recover the liquid products
from reactor vapors. The hot vapors of the products from the reactor flow to the main
fractionators at the base of the column, then the vapors will be condensed and re-
vaporized. The hydrocarbon components will be separated as they flow upward

through the trays in the main fractionators.

The operation of the main fractionation contains two different points differing
from the crude distillation unit. First, the feed is the vapors from FCC reactor and
need to be cooled before the fractionation can be started. Second, a large amount of
gases will travel overhead with the unstabilized gasoline that is needed to be separated

in other process.
3.2 Downer Reactor and equipments (Zhu et al., 1995)

Beside of a long tubular shape, operation of a downer reactor requires the
auxiliary equipments for example a gas and solids distributor and a gas and solids
separator. The following section describes the function and operation of the downer

reactor and the accessories.

3.2.1 Gasand solidsdistributor (Zhu et al., 1995)

The operation of a downer reactor greatly relies on the uniform distribution of
the solids at entrance since solids acceleration in a downer depends on gravity and
drag. This is clearly different from the operation of the riser. In riser, uniform
distribution of gas is more important because the acceleration of solids is totally

depends on gas drag.
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The gas and solids feeding system of the downer is shown in Figure 3.9. It can
be seen that there is a fluidized bed on the top of the feeding system. A lot of small
vertical tubes are placed in the fluidized bed for transportation of the solids to the
downer column. The fluidized bed is kept around minimum fluidization without any
bubbles because the bubbles will block the flowing of the solids into the tubes. The
solids flow rate can be controlled by adjusting the bed height and the flow rate of the
fluidization air. Solids that flow to the top of the distributor may come from the

transport lines or other solids flow controls such as a vibratory feeder.

Apart from the solids distribution system as shown in Figure 3.9, there are
other alternatives for feeding the solids to the downer such as using a set of
interchangeable distribution plates with different number of holes to provide different
solids feed rates. The main air can be feed into the downer through the same small
distributor tubes of solids distribution or can be fed into the downer directly using the

horizontal tubes located below the distributor.

Downer gas and solids distributor

Distributor sheil
(0.2mid)
Auxiliary fluidization| ¥ #
air distribution grid _'f’___,w_%fif
Auxiliary
S 4 fluidization

Solids feed tubes - L
(12mmid.) |

main air

Figure 3.9 Downer gas and solids distributor (Zhang, 1999).
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3.2.2 Downer reactor (Zhu et al., 1995)

A downer reactor is composed of a vertical column with a gas and solids
distributor at the top and a gas and solids separator at the bottom. In the fluid catalytic
cracking process, the catalyst need to be regenerated in the regenerator and re-
circulated back to the distributor of the downer reactor. However, in a cold model of
downer reactor, the recirculation and down flow of catalyst will be performed in a
concurrent downflow circulating fluidized bed (CDCFB). In this system, the solids
and gas will be separated at the bottom of the downer and solids are re-circulated
upward in an accompanying riser to the distributor at the top of the downer as shown
in the equipment in Figure 3.10.

Downer

Cyclone and distributor air

downer distributor
Downer
(0.1 m i.d./9.30 m)

Air out

Riser /
(0.1 mi.d/15.1 m) \

Fast separator

Tertiary cyclone

Secondary cyclones

Diverter

w
Storage tank

Solids flow
control valve

Riser distributor ajr

4 Riser main air

Figure 3.10 Schematic diagram of a concurrent down-flow circulating fluidized bed
(CDCFB) (zhang, 1999).
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The operation of the CDCFB in Figure 3.10 starts at the point that the solids in
the storage tank located at the bottom of the downer flow to the riser base and then
they are entrained upward along the riser length. Next, solids and gas are separated
using a cyclone. Solids flow into the gas and solids distributor at the top of the
downer and then flow into the downer as shown in Figure 3.9. The superficial gas
velocity and solids flux in the downer are controlled by the condition in the riser for
simplicity. At the bottom of the downer, the gas and solids are separated by the quick
inertial separator as shown in Figure 3.11. However, detailed of the quick separator
will be discussed in the next topic. Most of the solids are captured by the quick
separator. Moreover, the three stages of cyclones are used to recover the remaining
solids before they flow into the storage tank. The solids circulation rate can be
measured by switching the solid to the measuring tank instead of the storage tank.

3.2.1 Gas-solids separator (Zhu et al., 1995)

Typically downer is designed to use with the fast reaction that the intermediate
is the desired product. Therefore, a fast separation is extremely important. It is not
appropriate in the case that the residence time of the gas and solids in the downer is

lower that a second while a cyclone use 1-2 seconds to separate gas and solids.

In some hydrocarbon process, a short residence time of reaction can be
achieved by quenching the products from reactor. The quenching of the total mass is
needed for a slow gas and solids separation. The Stone and Webster hold a patent of a
novel one-quarter turn cyclone. This cyclone takes 30 ms for separation of gas and
solids with the efficiency of 98%. Therefore, there is 2% left for quenching which is

safer than quenching of the total mass.

As described above, another type of a quick gas-solids separator has been
invented as shown in Figure 3.11. It is a inertial separator that the gas and solids will
pass through a specially designed nozzle and then move on a curved guiding plate.
This separator can be separated more than 96% to 99% of the solids and take about
0.05-0.3s.
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Figure 3.11 Gas-solids separator (Zhang, 1999).

3.3 Refor ming of coke-on-catalysts with steam or carbon
dioxide (Cormaet al., 2011)

In the regenerator, there are possibilities of reactions to proceed with different
heat of reactions. Therefore, each reaction offers a different impact on heat balances
of the FCC system. The main reactions are the coke burning reactions which are
generally considered to be composed of C and H in the different ratio. The burning

reactions are:
(:+%o2 —CO AH =-110kJ mol (3.1)

co+10, - CO, AH =-283kJ mol* 3.2)
2

H+10, - 2H,0 AH = -121kJ mol (3.3)
42772



33

However, with the high amount of steam and hydrogen pressure in the
regenerator, there are reactions that are promoted i.e., steam reforming, water-gas

shift (WGS) ,methanation ana Boudouard as shown:
Gasification reactionC + H,0 —CO+H, AH =+131kJ mol™ (3.4)
Water-gas shift reactior€O+H,0 — CO, +H, AH =-41kJ mol ™ (3.5)

Methanation reactionC +2H, - CH, AH =-75kJ mol * (3.6)

Boudouard reactionC +CO, —2CO AH =+172kJ mol * (3.7)



CHAPTER IV

MATHEMETICAL MODEL

In order to analyze the performance the riser and the regenerator, the
mathematical model is needed. This chapter presents the mathematical model used in
this study including the hydrodynamic model of riser, hydrodynamic model of
downer, kinetic model of cracking reactions, kinetic model of regeneration, i.e.,

burning and steam gasification reactions.
4.1 Hydrodynamic model of downer

Hydrodynamic model is derived based on the conservations of mass and
momentum to estimate solid holdup and pressure variation along the axial direction of
the downer regenerator at steady state condition (Wu et al., 2008). It is assumed that
variations in the radial direction can be neglected due to the characteristics of the

downer regenerator (Deng et al., 2002).

Steady state continuity equations for the gas and solid phases are:
Gas phase:

d _
LIGVA) =0, whereG, = z,p,V, = constan (4.1)

dz
Solid phase:
d(gap V) =0, whereG, = £,p)V, = constan (4.2)
z

The relationship of the two phases g+, =1

The momentum conservation equations are:
Gas phase:

d(egpVy) ) _dP

dz dz Fo~Fi * 80050 (4-3)
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Solid phase:

d(z,pV7)
dz

The drag forcer, , can be expressed as:

FD_Ffs+Es(ps_pg)g (44)

V,|(Vy -Vz) (4.5)

where C, is the drag coefficientwhich can be determined by the following

expression.
c, 141%274G,/6,)] @)
Coe - Fr '

The drag force and drag coefficient can be used in the range ofd,340 m/s and

30 < G, < 180 kg/s.

The Froude numberHr ) can be expressed as:

Ug
Fr = o 4.7)
p

The standard drag coefficienE{, ) can be determined by:

C,. = 24 == (1+0.15R¢**) for Re, < 100C (4.8)

S

Cp. =0.44 for Re > 100C (4.9)

The Reynolds numbeiRg ) is defined as:

d V., -V,
Re :m (4.10)
Hq
The friction force between gas and wel() can be expressed as:
2f e,p,V
g = —‘[’) : (4.11)
where f; is the gas and wall friction coefficient expressed as:
16
f, =——, whenRe, < 230( (4.12)

Re,’
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~0.079

- 0.313?
° Re,

f whenRe, > 230( (4.13)

The Reynolds numbeREg, ) is defined as:

p,U.D
Re, =gﬂ—g (4.14)
9

The friction force between particle and wal () is:

— 2fSESpS\7§

F.= 4.15
fs D ( )

where f, is the particle and wall friction coefficient which can be defined as:

~ 0.0285/gD

fi=——"—— 4.1
s (GS / psgs) ( 6)
The superficial gas velocity and the solid velocity are defined as:
_ U G
V,=—r=—2 (4.17)
89 pg{;‘g
- G
V,=—2
Y (4.18)

The change in superficial gas velocity is calculated by the changing in the total molar flow
rate of gas as:
nRT,

u
°" PA

(4.19)

The hydrodynamic model of the downer regenerator is validated against the
experimental data reported by Deng et al. (2004). Figure 4.1 shows the comparison of
the simulation results and experimental datdat 4.33 and 6.14 ni's It can be seen
that the prediction results agree very well with the experimental data. This ensures the
validity of the hydrodynamic model used in this simulation. It is noted that the model
can be used to explain the FCC regenerator operated under the soliGJland
superficial gas velocityUy) in a range of 30-180 kg fns® and 1.3-10 m'§
respectively.
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Figure 4.1 Comparison between simulation results and experimental data
at Uy;=4.33and 6.14 m's

4.2 Hydrodynamic model of riser

Hydrodynamic model of the riser reactor is similar to that of the downer and
some equations are identical to the model for downer. The difference of these two
models is the calculation of drag force and drag coefficient.

Steady state continuity equations for the gas and solid phases are:

Gas phase:

d(&,05Y,)
dz
Solid phase:
d(z,0V,)

d—s =0, whereG, = £_p V. = constan (4.21)
Z

=0, whereG, = ¢ p,V, = constan (4.20)



The momentum conservation equations are:
Gas phase:

d(e,p,V, ) dP _
gdZ E_ I:D - ng _ggpgg

Solid phase:

d (55105\/5 )
dz

The drag forcef, ., can be expressed as:

=F, —Fs—&(ps—py)0
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(4.22)

(4.23)

(4.24)

The drag coefficient@, ) used in this work is a modified drag coefficient can be

expressed as:

C R -0.932 d 0.105
~o ~1.405(F, )2.322[_erj (—”j
C Re D

Ds

The correlation factor due to column diameter)(is shown below:

O EeB(D—O.B)
p=1-2%
1+ ¢ (D-0.8)

The standard drag coefficient{,) can be determined by:

24(

Cps = ——(1+0.15Re”*") for Re, < 100C

S

Co =0.44 for Re, > 100(

The Reynolds numbeRg, ) is defined as:

PgUp Vg = Vs
Hy

Re =

The friction force between gas and waf() can be expressed as:

= \72
_ 2fg¢9‘gngg
fg — D

where f is the gas and wall friction coefficient expressed as:

(4.25)

(4.26)

(4.27)

(4.28)

(4.29)

(4.30)
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16

f =——, whenRe, < 230( (4.31)
° Re, ’

0.079
f, = R 03 whenRe, > 230( (4.32)

9

The Reynolds numbeREg, ) is defined as:

ubD
Reg :pg—g (433)
Hy

The friction force between particle and wal () is

— 2fSES 5\75

F.= 4.34
fs D ( )

where f, is the particle and wall friction coefficient which can be defined as:

. _0.0285/gD

= 4.35
s (GS / psgs) ( )
The superficial gas velocity and the solid velocity are defined as:
- u G
V,=—=—2 (4.36)
gg '0989
- G
v, =—2
- (4.37)

The change in superficial gas velocity is calculated by the changing in the total molar
flow rate of gas as:
_NnRT,

¢ PA

Due to the limited availability of the data in the literature, he hydrodynamic

U (4.38)

model of riser is validated against the experimental data (Zhang et al., 1999) as shown
in Figure 4.2. The results reveal that the model prediction and the experimental data

of solid holdup in riser reactor are in good agreement.
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Figure 4.2 Comparison between simulation results and experimental data of riser

reactor.

4.3 Burning reaction model

4.3.1 Complete burning reaction

4.3.1.1 Kinetics mode

A regeneration of spent catalyst is the process that involves the burning of
carbon and hydrogen depositing on the catalyst surface and the combustion of CO

adsorbing on the catalyst surface as shown in the following expression:

£+0.5
f+1

p 1
+3a |0,——CO,+—CO+ axH C 4.39
j 2 p+1 2 p+1 ( )

CH,,, +{

where o is the mass ratio of hydrogen to carbon ghds the molar ratio of Coto

CO in the flue gas.
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Here, the regeneration is assumed to be in a complete combustion mode,

therefore the value of reaches infinity and the above reaction can be shown as:
CHp, +(1+32)——> CQ+ & H C (4.40)
In this case, the regeneration of cok€H, ) that contains carbon and

hydrogen is found to be two steps: carbon burning and hydrogen burning. The
reaction kinetics of the two burning processes obtained from fitting with experimental
data are given as (Wang et al., 1986):

e = kc pOZCC (441)
r =Ky Po,Ch (4.42)
k. =1.65x 16 ex Zx2 10 (4.43)
RT
2.44x10 ex- 1.57% 10 RT ))T.< 973K (4.44)
| 2.44¢16 exp- 1.572 £0 RT )) 4 2.67 10 exp( 7:34°10 | > 973K
The partial pressure of oxygen is calculated from the ideal gas law as:
Po, = Co, RT (4.45)

4.3.1.2 Mass and energy balances

In this study,coke is considered to be mainly composed of carbon and
hydrogen. Sulfur and nitrogen are neglected due to a small portion in coke formation.
Mass and energy balances along the length of a downer regenerator at steady state

condition can be expressed as:

Coke:
dCC _ _GCs(l_Eg)
. G, (4.46)
Hydrogen:
dC -, 1-¢
Ho_ s g) (4.47)

dz G
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Oxygen:
dC02 —(ro 112+, 1 4)p, (1- &, )
. Ug (4.48)
Carbon dioxide:
dCCO2 (. 112)p, (1- &)
. Ug (4.49)
Water:
dCHZO (2ry 14)p,(1-&;)
. Ug (4.50)
Energy:
dT  pQ-&,)(AH: +1, AH,)
—= it A" (4.51)
dz ngngyg + Gst,s

The concentration of carbon and hydrogen on the catalyst and the feed

temperature at the regenerator inlet can be determined by the following relations:

C. = G.Ce +Gy CC,out
- - (4.52)
aG$CCS + Gsr CH out
_ , 4.53
- 2 (4.59
Ty = GG Te + G Cp Ty ot Y2, Cr g Ta (4.54)

G.C,.+G,C,,+U,p,C

p.9

4.3.2 Partial burning reactions

4.3.2.1 Kinetics model

The main objective of the regeneration process is to recover the cracking
activity of the FCC catalyst caused by ttieposition of coke. Generally, coke is
considered to be composed of carbon and hydrogen atoms at a different ratio. This
ratio is obtained by a laboratory determination and found that H/C ratio in coke ranges
from 0.5 to 1.0 (Wang et al., 1986). Burning reactions involve with the burning of

carbon and hydrogen atom in coke as well as the combustion of carbon monoxide to
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carbon dioxide which are shown below: (Arbel et al., 1995; Han and Chung, 2001a;

Affum et al., 2011).

Reaction 1: C+%OZL>CO (4.55)
Reaction 2: C+0,—%CO, (4.56)
Reaction 3 1 §
CO+>0, e CO, (4.57)
(heterogeneous): 2
Reaction 3 1 .
CO+—02 ng)coz (458)
(homogeneous): 2
. 1 v 1
Reaction 4: H+-0,——>—-H,0 (4.59)
4 2

The initial ratio of CO/C0o, at catalyst surface which relates to burning rate of

carbon to CO and C{ran be expressed by;
CO k

=P =B o eXPEE, /RT) (4.60)

N1
CO, Kk,
The rate constant for complete and incomplete burning reaction (Reaction 1

and 2) can be explained in term of overall coke burning rate as shown:

k, =—§§l_<f1 (4.61)
K, = ﬂ:il (4.62)

wherek. =k +k, =k ;exp(-E, /RT).

The rate constant for catalytic and homogeneous combustions of CO as well as
the rate constant for hydrogen burning can be express as:

Kse = Ky 0 €XPEEs, /RT) (4.63)

Ko = Ky, 0 €XPEE,, /RT) (4.64)

k,oexp(~E, / (RT)),T < 973K
K
P | kioexp(-E, /RT))[ 1- 2.6% 18 exp( 7.3¢ 10T/ |)T,> 973K (4.65)
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The rates of all burning reactions are shown below:

n=kR,Ce (4.66)
r,= kzPOZCC (4.67)
oo = EPsKs P, o (4.68)
Fan = EgKan P, Feo (4.69)
r,= k4POZCH (4.70)

4.3.2.2 M ass balance

Therefore, mass balances of species concentration in the downer regenerator

are:
Carbon
dCC _(r1+r2)psgs
= 4.71
dz G, (4.71)
Hydrogen:
dc:H _ _ersEs
e G, (4.72)
Oxygen:
dC,, 1 1r 1, r4j _ 1 1
— = || =g -4 FpuIna<r
dz UQK 212 12 4)% ( 2% 23“j (4.73)
Carbon monoxide:
dC,, 1 rlj _
=X +(=r,. —r
dz Ug [(12 PsEs ( 3c 3h) (4.74)
Carbon dioxide:
dCco 1 rzj _
—=—| == +( Ty +T.
iz UQH12 PsEs (3c 3h) (4.75)
Steam:
dCho 1
22 _ r =
dz U [410585] (4_76)

g
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In regeneration process, the recycled stream is used, therefore; the initial
condition for carbon, hydrogen and temperature can be calculated using the relations
as shown below:

_ GC.+G,C.

out
, 4.77
0 G, +G, @.77)
aGC.+G_.C
C — s~C s ~“H,out 478
H.0 G, +G, (4.78)
T = GCoslona * CaCoTg outUg 0% Lpg o (4.79)
Gst,s + GS'CD,S +U 9,0p9~0CP 9.0

Table 4.1 The kinetic parameters for regeneration reaction (Arbel et al.,1995)

Parameters Value
Pre-exponential factor for CO/G@atio at surfaces. ,(-) 9.53x10"
Activation energy for CO/Cératio at surfacef, 6795.56

(given in the form of E/R, K)

Pre-exponential factor for overall coke combustiky, (1/(kPas)) | 1.055¢ 10°

Activation energy for overall coke combustidf, (E/R, K) 18889

Pre-exponential factor for catalytic CO combustiky,, 1.136x10°

(kmol/(kg kP&s))

Activation energy for catalytic CO combustioB,_ (E/R, K) 13889
Pre-exponential factor for homogeneous CO combuskigg, 493210
(kmol/(m® kP& s))

Activation energy for homogeneous CO combustiBn(E/R, K) 35556

Pre-exponential factor for hydrogen burning reaction(1/(kPa s)) | 2.44% 10°

Activation energy for hydrogen burning reactidg, (K) 1.577<10°
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4.3.2.3 Energy balance

In this work, we assume that the temperature of the catalyst and gas in the
regenerator are in thermal equilibrium so the temperature variation along the
regenerator length can be expressed as shown below:

c(;—-lz_: U p.C 1+G c {(pls;s (rlAH1+r2AH2)j+...

gPg%pg TOsbps
+13AH , + Ty AH o+ (p2.,AH, )}

(4.80)

4.4 Steam gadification reaction model

4.4.1 Kinetics of steam gasification reaction

Gasification reaction is the reaction of coke on spent catalyst with steam to
form CO and HO. Actually, there are four main reactions involving in the
gasification reaction including gasification, water-gas shift, methanation, and

boudouard reaction.

Gasification reaction: C+H,0->CO+H, (4.81)
Water-gas shift reaction: CO+H,0—CO,+H, (4.82)
Methanation reaction: C+2H,—>CH, (4.83)
Boudouard reaction: C+CO, —» 2CO (4.84)

In this work, we assume that there is only the gasification reaction proceed
with burning reaction and the rate of gasification reaction can be expressed as

fe =Ky Ce (4.85)
The rate constant obtained from the experimental determination of Corma et al., 2001

can be expressed in the Arrhenius equation form as shown:

k, =4022530exp{ 239000RT (4.86)
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4.4.2 Mass and ener gy balances

In this study, the steam gasification reaction occurs along with the burning
reactions (assumed the complete burning reaction). Mass and energy balances along
the length of a downer regenerator at steady state condition can be expressed as:
Coke:

dCC _ _(rC + r.gf )ps(l_ gg)

4.87
dz G, (4.87)
Hydrogen:
dc, -rpl-g,)
= 4.88
dz G, (4.88)
Oxygen:
dC, —(r. 112+r1, 14)p. (1-¢,)
O, _ C H s g
= U, (4.89)
Carbon dioxide:
dC002 (rc 112)p, (1~ & )
. U, (4.90)
Carbon monoxide:
dCco . rgf ps(l_ g)
i U, (4.91)
Water:
dC:HZO ((ZrH /4)_ rgf )ps (1_ gg )
. 0, (4.92)
Gas hydrogen:
dCH2 rye Ps(1—24)
r_— U, (4.93)
Energy:
dr _ P&, )(rcAH +1r,AH 1, AH ) (4.94)
dz ngng’g + GSCp’S

The concentration of carbon and hydrogen on catalyst and the feed
temperature at the regenerator inlet can be determined by the following relations.
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G Co +G,C.
C.o- é — C,out (4.95)
aG$C s+GsrC o
CH’O _ GC +G H out (496)
To= G CpsTs + G5 Cp Ty on TU P CrTa (4.97)

G.C,+G,C,+U p,C

p.9

4.5 M odéd of cracking reactions

4.5.1 Mass balance and kinetics model

Mass fraction of each lump is calculated based on the four lumps reaction
scheme (Figure 4.3) which can be expressed as shown:

% psEsMc

= r., wherei = o, gl, gs, andck
@ F go,gl,g (4.98)
Gas Oil Gasoline
CCCCcO——— (o
Kk, ks
Kk, K,

Coke C,-C4 Gases

Figure 4.3 Four-lump cracking reaction scheme.

In this work, we calculated coke deactivation as a function of the coke content

on the catalyst while the coke deactivation coefficiest)(is also a function of

temperature and feedstock composition. The deactivation function and the

corresponding coefficient can be expressed as:

¢c = exp(_accc) (499)
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where the coefficient, = a, exp = Rf\‘,i
RTQ
The kinetics parameters of cracking reactions used in this simulation are in the

form of Arrhenius equation as shown below:

RT.

k = kiyoexp(_—aj fori=1,2,3,4and £ (4.100)
¢}

The cracking of gas oil is considered to be second order respect to the gas oill

concentration (or fraction of gas oil) while the cracking reactions of other species are

first order reactions. The rate of reactions can be described as shown below:

fo = = (K + Ky +K3) Y5 (4.101)
ry = K Yeo —KiYy —KsYy (4.102)
M = Ko Yoo + Ky Yy (4.103)
Fy = K3 Yo + KoYy (4.104)
F =0 (4.105)

Table 4.2 The kinetics parameters for four-lump cracking reactions

Four-lump cracking Pre-exponential Activation energy Heat of

reactions factor (1/s) (kJ/kmol) reaction
(kJ/kg)

Gasoil to gasoline 1457.%0 57359 393

Gasoil to G-C, gases 127.89 52754 9758’

Gasoil to coke 1.98 318206 1200

Gasoline to ¢C4 gases 256.81 65733 1150

Gasoline to coke 6.2010* 66570 157

Deactivation function 1410 49000 o, =0.1177

%ata from Han and Chung, 2001b.
Pdata from Shaikh et al.,2008.
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4.5.2 Energy balance

At the entrance of the downer reactor, the preheated liquid feedstock will be
fed using feed atomization to form small droplets. Those droplets will be assumed to
be vaporized instantaneously during contacting with the hot regenerated catalyst.
After vaporization, the temperature of vapor hydrocarbon can be calculated using
Antoine equation and the temperature of the catalyst can be calculated by the energy

balance as shown below:

Gas phase:
B
Tors = - -G 4.106
o Ag - IOQ( PFsygo,Fs) I ( )
Solid Phase:
1
Ts,FS = Ts,out - F _C |:Flgcp,lg (Tg,FS _Tlg ) + Fdst,ds (Tg,FS _Tds) +...
s,CL>p,s (4107)
I:IgAHvIg]

Then, we can estimate the temperature profile of both phases along the length

the downer reactor from the following energy balance equations:

Gas phase:

dT A

~9_ _ —

iz F,C,, [hpAp(Ts Tg)+Ps€sQream] (4.108)
Solid Phase:

dT. AhpAb

—= =P (T T,

dz FC,, ( 9 S) (4.109)

The heat of reactiond,_,), the interface heat transfer coefficient between
phases [,) and the thermal conductivity of hydrocarbdq J can be calculated from

the equations below:

Heat of reaction:

Que = ~(AH K Y5 + AH K,Y5, + AHGK, Y, + AH K,y +AHKY, )¢, (4.110)
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Heat transfer coefficient between phases:

/3
k |V, -V.|p,E
h =0.03—-2 P 55| P g} (4.111)

p dg3 ﬂg

Thermal conductivity of hydrocarbon:

k, =10°x(1.9469- 0.37M1,, + 1.4835 IWM2 + 0.1028 (4.112)



CHAPTERYV

A SYSTEMMATIC MODEL-BASED ANALYSIS
OF A DOWNER REGENERATOR IN FLUID
CATALYTIC CRACKING PROCESSES

5.1 Introduction

In the typical FCC regenerator, coke deposited on catalyst’'s surface is
eliminated by combustion reactions in the turbulent bed regenerator. To improve the
burning efficiency of the regeneration, the riser regenerator has been invented (Bai et
al., 1997, 1998). However, some theoretical and experimental studies indicated that
the operation of the riser in which gas and solid flowing against the direction of
gravity suffers from the severe back-mixing and non-uniform flow structure causing
the wide residence time distribution of the gas and solid phases (Werther and
Hirschberg, 1997; Jin et al., 2002). Since the radial distributions of gas and solid in a
downer is more uniform than that in a riser, the use of the downer as a regenerator

would be a promising approach.

Model-based process analysis is the effective way to understand a process
behavior and the obtained data can be employed for design and enhancement of the
process. Singh et al. (2009) proposed the model-based, computer-aided system
approach for design and analysis of the pharmaceutical process including the
monitoring system and this case study was extensively studied by Gernaey et al.
(2010). Anenas et al. (2006) used the same approach to design the copolymerization

process.

In this study, the performance of a downer regenerator of FCC process is
analyzed based on a systematic model-based approach. A one-dimensional model of
the downer regenerator, which consists of mass and energy conservative equations,

hydrodynamic characteristics and regeneration kinetics of FCC catalyst under steady
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state condition, is employed to perform a sensitivity analysis of the regenerator with
respect to key operating parameters such as recycled and spent catalyst flow rates,
superficial gas velocity, carbon content on spent catalyst, and spent catalyst
temperature, on the catalyst regeneration performance.

5.2 Systematic model-based analysis

A systematic procedure for model-based analysis and design of processes
starts with defining a process objective. This step is important because the designed
process has to be satisfied with this process objective. Then, details of the process
configuration are considered and a mathematical model is developed for analysis of
the process behavior. After the model analysis is performed, a suitable model solution
approach is selected for process simulation. A sensitivity analysis is then carried out
to determine key process parameters, which are used for optimal design of the

process.
5.2.1 Process obj ective

The objective of a FCC downer regenerator is to eliminate coke deposited on
the surface of catalyst. Therefore, the required final product is the regenerated catalyst
that has low carbon and hydrogen contents. However, a temperature of the
regenerated catalyst should not be higher than the refractory limit of the catalyst.

5.2.2 Description of a downer regenerator

Figure 5.1 shows an FCC process consisting of a riser reactor and a downer
regenerator. The feedstock consisting of heavy hydrocarbons is preheated and then
injected with steam at the bottom of the reactor through a distributor. The injected
feedstock contacts the hot regenerated catalyst circulated from the regenerator, and
then vaporizes. Feedstock vapor and catalyst move upward and cracking reactions
occur at the same time, increasing the gas velocity due to a molar expansion. As the

cracking reactions occur, coke is deposited on the catalyst surface and is needed to be
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Products ' g8 _ 8% L~ -3
/JJ\ Spent catalyst

Reactor Regenerator

Recycled
catalyst

-

Gas oil feed  Soww mb _J ST ——Eee >, Flue gas

Regenerated catalyst

Figure 5.1 Process flow diagram of the FCC unit.

cleaned out, otherwise it causes the catalyst deactivation. At the top of the riser
reactor, the gaseous products and catalyst with coke are separated. Hydrocarbon
products and uncracked feedstock are sent to a fractionator to split into various
product fractions. A deactivated catalyst is sent to the downer regenerator to burn
coke away. The deactivated catalyst and the recycled catalyst along with the
preheated air are fed at the top of the regenerator through gas and solid distributors.
Then, coke depositing on the surface of the catalyst particles is eliminated by
combustion reactions. The heat produced by the burning reactions is transferred to the
reactor by the circulation of the catalyst and used for vaporizing the feed stream and
raising the temperature of gases for the endothermic cracking reactions occurring in
the FCC reactor. It is noted that when gas and catalyst enter a downer, the gas velocity
is higher than the catalyst velocity (nearly zero). Then, the catalyst velocity will
increase due to the drag force and the gravity. This section is called the first
acceleration zone. When the catalyst velocity is equal to the gas velocity, the drag
force becomes zero, indicating the end of the first acceleration zone. Once the catalyst
velocity is higher than the gas velocity, the drag force changes its direction to be the
resistance of the catalyst flow. However, the catalyst is still accelerated by the gravity
force with a lower rate. This section is called the second acceleration zone. When the

drag force balances the gravity, the particles will flow under the constant velocity
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which is called the constant velocity zone (Zhu et al., 1995; Deng et al., 2004;
Karimipour et al., 2006). This unique feature of the downer is quite different from that

of the riser where the gas velocity is always higher than the particles velocity.

In this study, the downer regeneration is mainly focused. To analyze the
performance of the FCC catalyst regenerator, hydrodynamic model, mass and energy

balances and kinetics of catalyst regeneration are required.

5.2.3 Mathematical model

The details of the models and model validation are described in Section 4.1
and 4.3.1 of Chapter IV. The following table summarizes the equations used in this

study.

Table 5.1 The mathematical model used in chapter V.

d _
(& c/log Vo) =0, whereG, = g,p,V, = constan (5.1)
z
% =0, whereG,_ = z_pV, = constan (5-2)
g,+&,=1 (5.3)
d(z,pV?) dP Ly 5.4
$:_E_FD_ng+ggpgg (5.4)
d(e _
( Sp ) FD_Ffs+8s(ps_pg)g (55)
dz
3G, — 1T
F, = v d': -V,|(V, - V%) (5.6)
Cy _ 14.1[1+ 2.74G, /GS)] (5.7)
Coe Fr
U
Fr=—-2 (5.8)

gd,
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Table 5.1 The mathematical model used (@ontinued).

24
=7 (1+ 0.15Re™®") | Re< 10C
C,. = Rq( + ) .Re (5.9)
0.44,Re > 1000
Re — Pty Vo V. (5.10)
Hy
- AR A (5.11)
L
;—6,Reg < 2300
f 10 (5.12)
971 0.079
—=~ Re, > 230(
Reg0.3l3 [¢]
Re, _£YP (5.13)
Hy
Fo 2fz.pV?: (5.14)
D
° (GS/pS(C’_‘S)
dC. _ —Teps(1-2y) (5.16)
dz G,
dC, _ —1yPs(1-¢;) (5.17)
dz G,
dCo, _—~(rc/12+1, /4)p, (1-,) (5.18)
dz U,
d_T: ps(1- Eg)(rCAHC +1y AHY) (5.19)
dz U,0,C,s +GLC,
re =KePo,Cc (5.20)

=k pOZCH (5.21)
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Table 5.1 The mathematical model used (@ontinued).

k. =165« 10 exé_%J (5.22)

2.44x 10 exp- 1.57% 0 RT ))T < 973K
ky =1 2.44x10 exf- 1.57% £0 RT )x (5.23)
[1-2.67« 16° exp¢ 7.34 107 ) T> 973

Po, = COz RT (5.24)
CC 0= GssCCs + GsrCC,out (525)
’ Gy +G,
— aG$CCs + Gsr CH,out (526)
"o G, +G,
T = GGy T + GGy Ty o ¥ 06C0 T (5.27)
0 G.C,.+G,C,,+U p,C,

5.2.4 Model analysis

The model of the downer regenerator consists of 21 algebraic equations (Egs.
(5.1)-(5.3), (5.6)-(5.15) and (5.20)-(5.27)) and 6 differential equations (Egs. (5.4),
(5.5) and (5.16)-(5.19)) and the number of variables involved is 50, which can be
classified into two groups: known and predicted variables. The known variables are 5
design parameters and 15 process parameters, whereas the predicted variables are 6
differential variables and 24 algebraic variables, as shown in Table 5.2. It can be seen
that the number of predicted variables is higher than that of the equations and thus, a

iteration solution approach needs to be implemented (Singh et al., 2009).
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Table 5.2 Classification of variables in the FCC regenerator model.

Known variables Predicted variables
Process Design Differential Algebraic
parameters parameters variables variables
Ps Py 9d, 1 U, G. G, C T, g, PC.C,Co &V VFy F Ry
D AH. AH,, T C, Cy F. Re Re,
CcChxaR fy fore ry ke Ky
Tajr Gg Gs po2 CC,out CH,out

Tg,out CC,O c:H,O To

5.2.5 Moddl solution

In this work, the mathematical model of the downer regenerator mentioned
above is coded by Matlab and numerically solved by Euler's method to determine the
variations in solid holdup, pressure, gas compositions and temperature along the
length of the regenerator. Figure 5.2 shows the iterative, numerical approach for the

model solution. In the figure, initial conditions for void fractiafy Y and pressureP)

are first specified together with initial guesses of the unknown variables: the outlet

concentrations of carbonC{ ,,) and hydrogen G, .,) and the outlet temperature

(T,..u)- TO obtain the solution at each length step, a set of differential and algebraic

out
equations describing the hydrodynamic characteristics, species concentrations and
temperature within the downer regenerator is solved. The calculation continues until
the step reaches the end of the downer and then the unknown variable is recalculated.
This procedure is repeated until the difference in the values of the unknown and
calculated variables satisfies a desired accurac$)(10
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Specifies the initial conditions for void fraction and pressure
and guesses the unknown outlet variables:
CC, out? CH, out ? T,

g, out

\ 4

Calculates initial conditions for species concentrations and temperature
(Eq. (5.24)-(5.27))
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<
4

A

Calculates the void fraction, pressure and species concentrations in each
length step (Eq. (5.4)-(5.5), (5.16)-(5.19))

(' Obtains the values of outlet variables: f’
By PoCoi Gy Co T |

g’

Differences of the values

No
between unknown and outlet

variables < 107

a N

‘ end )

./

Figure 5.2 Schematic diagram of numerical model solution.
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5.2.6 Sensitivity analysis

Simulations of the downer regenerator for a given set of initial conditions are
performed to investigate the effect of key operational parameters. Table 5.3 lists the
values of model parameters and known initial conditions used in this study. A range
of the catalyst flow rate and superficial gas velocity are chosen based on the validity
of the hydrodynamic model. Regarding the objective of the downer regenerator to
eliminate coke on the surface of catalyst without causing high temperatures, key
parameters affecting this effect are investigated. Five scenarios are selected to
perform the sensitivity analysis; the regenerator is operated with different recycled
catalyst flow rate, spent catalyst flow rate, carbon content on spent catalyst, spent
catalyst temperature and superficial gas velocity. The standard conditions of the
regenerator and their operational ranges examined in this study are shown in Table

5.4. The results of the analysis are presented in the next section.

Table 5.3 Parameters used for simulation of a downer regenerator at standard

condition.
spent catalyst flow rates() 40 kg m* st
recycled catalyst flow rates) 120 kg n¥ st
total solid flow rate G,) 160 kg ¥ s*
carbon content on spent catalyStd) 0.0125 kg carbon kg cataly/st
mass ratio of hydrogen to carbon in cokg ( 0.087
spent catalyst temperaturg) 763.15 K
inlet air temperaturerg) 313.15K
superficial gas velocityl{) 4m s
gas flow rate Gy) 1.83 kg n¥ st
catalyst density) 1545 kg nt
diameter of catalyst particlel) 0.000059 m
downer diameteX) 0.14 m
inlet averaged voidages( ) 0.6
inlet pressureR) 506.625 kPa
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Table 5.4 Operating conditions for the downer regenerator.

Parameters Standard Operational
condition range
1. Recycled catalyst flow rate ¢Gkg/nTs) 120 20-120
2. Superficial gas velocity)q (m/s) 4 1-10
3. Spent catalyst flow rate &&kg/n?s) 40 20-60
4. Carbon content on spent catalyss C 0.0125 0.010-0.035
(kg/kg catalyst)
5. Spent catalyst temperaturg,(K) 763.15 703.15-803.15

5.3 Results and discussion

5.3.1 Effect of flow rateratio of recycled to spent

catalysts

The effect of the flow rate ratio of recycled to spent catalyst Gs/Gs) On
the regeneration performance is studied by varying the flow rate of the recycled
catalyst while the spent catalyst flow rate is kept constant §.5-3.0). Figure 5.3a
shows that at each flow rate ratio, the void fraction increases along the downer length
with high rate of increasing near the entrance of the first and second acceleration zone
and then keeps constant in the constant velocity zone (Eq. (5.5)). When the flow rate
ratio increases, the void fraction decreases due to the higher total flux of catalyst in
the downer. It can be seen from Figure 5.3b that for each catalyst flow rate ratio,
pressure drop occurs at the inlet and then rises along the length of the downer. This is
because in the first acceleration zone, changing in gravitation energy and momentum
cannot compensate the loss of energy due to the drag force and friction; therefore, the
pressure decreases to balance those effects (Eq. (5.4)). After entering the second
acceleration zone, the drag force becomes the resistance of particles acceleration
where its value becomes positive. Therefore, the drag force together with the
gravitational energy and momentum cause an increase in the pressure. The pressure

drop and elevated pressure increase with the increased flow rate ratio of recycled to
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spent catalyst because a lower void fraction increases the drag force (Eq. (5.6)) that

directly affects the pressure.

As burning reactions proceed, carbon, hydrogen and oxygen concentration
decrease along the downer length while temperature increases due to the heat of
reactions as shown in Figure 5.4a-Figure 5.4d. When the flow rate ratio of recycled to
spent catalyst increases, the concentrations of carbon and hydrogen on the catalyst
surface at the inlet decrease because of a higher fraction in the recycled flow rate of
the catalyst, which has lower carbon and hydrogen contents. Actually, this would lead
to a lower reaction rate and lower amount of oxygen consumed. However, since the
increased flow rate of the recycled catalyst with high temperature causes a higher
operating temperature (Figure 5.4d) and the decreased void fraction (Figure 5.3a)
improves the amount of carbon and hydrogen to be burned, the burning reactions
within the regenerator are more pronounced, resulting in high consumption of oxygen
(Figure 5.4c). Moreover, it can be seen from Figure 5.4 that the burning reactions
hardly occur ad = 0.5 as a result of the insufficient heat needed for starting reaction.
At the higher flow rate ratio (e.ga,= 1.0), the concentrations of carbon and hydrogen
on the catalyst surface and the amount of oxygen consumed near the inlet decrease
gradually because the reactions proceed slowly, which is caused by low temperatures.
After the temperature rises, the reactions proceed faster. At the high flow rate ratio,
the recycled catalyst brings more heat to the reactor and therefore the burning
reactions are more rapid as the flow rate ratio increases. The effect of temperature on
the rate of reactions is indicated in Figure 5.5; the burning reactions start rapidly at
temperature around 800 K. It is noted that an increase in the flow rate ratio would
improve the regeneration performance. Operation of the downer regenerator at too
low flow rate ratio (low recycled catalyst rate) would lead to a quenching effect of the

reactions.
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Figure 5.5 Dependency of reaction rates on operating temperatures.

5.3.2 Effect of superficial gasvelocity

The superficial gas velocityJg) is an important parameter that affects the
operation of the downer regenerator. In this work, the effect of superficial gas velocity
on the regeneration performance was studied in the rarigd®in §. Figure 5.6
shows the simulation results at the downer exit. The increadyg lofvers the solid
holdup in the downer and the pressure along the downer length. At the relatively low
Ug (1-3 m §"), the amount of oxygen supply is insufficient for complete burning
reaction (Figure 5.6b) and thus high carbon and hydrogen contents on the regenerated
catalyst at the regenerator outlet are observed. However, the amount of carbon and
hydrogen burned is escalated when the amount of oxygen supply is highlgr as
increases. This leads to an increase in the outlet temperature. Moreover, it can be seen
that whenUy is increased, more oxygen is supplied for the burning reactions and the
completed regeneration can be achieved. Howevet)fer 4-7 m &, an increase in
Uy decreases the regeneration temperature because more heat is taken away from the

downer, resulting in the reduced rate of the burning reaction. Additionally, atgigh
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(e.g.,Ug = 8-10 m g), most of heat needed for the reaction is removed by gas flow

and thus the reactions are less pronounced as a quenching effect.

The increasingUy mainly affects the regeneration performance caused by
oxygen supply to and heat removal from the system. This simulation results clearly
show that the suitablédy should be carefully determined since too loywould lead
to an insufficient oxygen condition but too higly would lead to a quenching effect.
From this simulation condition, the rangeldy in which the downer regenerator can

be operated successfully is 4-7 th s
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Figure 5.6 Effect of superficial gas velocity on (a) void fraction and pressure and

(b) carbon, hydrogen and oxygen concentrations and temperature at the downer exit.

5.3.3 Effect of spent catalyst flow rate

The spent catalyst flow rateG§) is the parameter depending upon the
operation of the FCC reactor. In this simulation, the effect of the spent catalyst flow
rate is studied in the range of 20-60 kg g1. It is found from the simulation results
that the increased spent catalyst flow rate at constant recycled flow rate affects the
void fraction and pressure in the same manner as in case of increasing the flow rate

ratio of the recycled to spent catalyst. This is due to the raising of a total catalyst flux.
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Figure 5.7a-Figure 5.7c show that at 18 (e.g., 20 kg i§ s%), the burning
reactions are slow due to the low amount of carbon and hydrogen on the catalyst
surface which results in the slow rate of burning reaction and oxygen consumption,
and raising temperatures. Increasing the spent catalyst flowGalemhile keeping
the recycled flow rate constant results in the increased carbon and hydrogen contents
on the catalyst at the regenerator inlet. Further, a higher content of coke raises the
temperature of the regenerator. These effects accelerate the rate of combustion
reaction in the regenerator. Although the increa&gdenhances a regeneration
process, too highs (Gs =50-60 kg nf s*) would reduce the inlet temperature of the
downer because more low-temperature catalyst are added (see Figure 5.7c). This
effect lowers the regeneration performance. Moreover the spent catalyst flow rate is
limited by the amount of oxygen supplied. It is found that at BghGs = 50-60 kg
m? s1), the supplied oxygen is insufficient for the burning reaction. As a result, there
is the significant amount of carbon and hydrogen remaining on the regenerated
catalyst. To handle with the high spent catalyst flow rate, the regenerator should be
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operated with higher gas flow rate. However, it should be mentioned that the higher
gas flow rate would also lower the temperature of the regenerated system. This effect
together with the effect of high flow rate of low-temperature catalyst may cause the

guenching effect. Considering the conditions used in this work, the optimal value of

Gs for the downer regenerator that can regenerate the catalyst effectively is in the
range of 20-40 kg ms™.

5.3.4 Effect of carbon content on spent catalyst

The amount of coke deposited on the surface of spent catalyst padigles (
affects the heat balance of the system because coke burning is the source of heat used
for the endothermic cracking reactions and feed vaporization in the FCC reactor. The
simulation result (Figure 5.8) shows thatCat = 0.010 kg kg cataly$t the burning
reactions proceed completely but at higli&s, the oxygen depletes before the
reactions are complete. Therefore, there is some carbon and hydrogen remaining on
the spent catalyst at the exit of the downer. It is noted that to deal with a high amount
of the carbon content on the spent catalyst, the downer regenerator could operate at a
higherUq to supply more oxygen. However, increasyg provides a higher burning
intensity that consumes more oxygen and causes higher regenerator temperatures. The
higher content of coke on the spent catalyst is useful for the burning reaction by
supplying more heat; however, too higbs will cause the hydrothermal deactivation
that deactivates the catalyst permanently. Therefore, this problem has to be considered
in the operation of the downer regenerator. However, the operation with a Uigher

not only supply more oxygen, but also help remove the excess heat of regeneration.
5.3.5 Effect of spent catalyst temperature

The spent catalyst flowing to the regenerator contains useful heat, which can
be employed for cracking reactions. Heat from the spent catalyst affects the inlet
temperature of the downer regenerator. As shown in Figure 5.9, increasing the spent
catalyst temperature causes a higher inlet temperature of the regenerator that can
promote the combustion reactions. As a result, the contents of carbon and hydrogen

on the catalyst surface as well as the amount of oxygen decrease rapidly. The
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increased rates of the combustion reactions also raise the regeneration temperature.
However, the increase of the inlet temperature leads to a lower oxygen concentration
at the entrance of the downer. Therefore, in casesof 7T63.15 K the amount of
oxygen is depleted before the reactions are carried out completely. As a consequence,
the higher carbon content at the outlet is observed. The simulation results suggest that
the spent catalyst temperatures in the range of 703.15-803.15 K do not much affect
the overall performance of the regenerator since the carbon content on the regenerated
catalyst at outlet is quite low for all cases. However, it should be noted that a high
temperature of the spent catalyst may lead to the extreme regeneration temperature

that would cause a catalyst deactivation.
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Figure 5.8 Effect of carbon content on the spent catalyst on carbon, hydrogen and
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5.4 Conclusions

In this study, the performance of a novel downer regenerator was analyzed
based on a systematic model-based approach using one-dimensional regenerator
model taking into account mass and energy balances, hydrodynamic and kinetics of
FCC catalyst regeneration. The simulation results showed that the efficient operation
of the downer regenerator is influenced by various key parameters, e.g., recycled
catalyst flow rate, carbon content on the spent catalyst and spent catalyst temperature.
Parameters that affect the temperature of the downer regenerator should be carefully
selected as they have the most significant effect on a regeneration process. High
regeneration temperature could deactivate the catalyst permanently but low
temperature operation lowers the regeneration performance. The results obtained from
this model-based analysis are beneficial for an understanding of the downer

regenerator, leading to an optimal design and efficient operation of the FCC process.



CHAPTER VI

NUMERICAL ANALYSISOF THE FCC
CATALYST REGENERATION VIA STEAM
GASIFICATION AND BURNING REACTION IN A
DOWNER-TYPE REGENERATOR

6.1 Introduction

The way to upgrade the regeneration performance can be done in two ways
including the enhancement of regenerator configuration and the improvement of
reactions. The studies on the improvement of regeneration configuration are discussed

and shown in the previous chapter.

For improvement of reactions occuring in the regeneration, Corma et al.
(2011) studied possibility of the coke steam gasification reaction for converting some
part of coke into hydrogen in the regeneration environment while the another part is
still eliminated by burning for maintaining the system heat balance. They found that
FCC equilibrium catalyst (E-cat) has ability to catalyze the steam gasification of coke
on the catalyst surface. In addition, they also developed the gasification catalyst for
using in the FCC regeneration environment and proved that the new synthesized
catalyst can enhance the gasification ability while it still gives the acceptable cracking

activity.

Consideration of gasification reaction together with the burning reaction has
the benefit of temperature reduction. Since the steam reforming reaction is the
endothermic reactor, thereby, it can help reduce the high temperature caused by
burning high amount of carbon deposited on spent catalyst from reactor.

However, the steam gasification can proceed at the limited condition.
Therefore, this work ams to investigate the steam gasification together with
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combustion for regeneration of the FCC catalyst in a downer-type regenerator via
simulation study using one dimensional hydrodynamic model, material and energy
balances and kinetics of reactions. The simulation results obtained suggest the
possibility of the operation of the downer-type regenerator that processes high coke

content on spent catalyst.
6.2 Process diagram

The schematic depiction of the FCC process that operate in downer mode both
reactor and regenerator and the general process descriptions are shown in chapter V
(Figure5.1).

However, there is a possibility for other reactions to proceed in the regenerator
i.e., steam gasification, boudouard, methanation, and water-gas shift reactions. These
reactions also affects to the regeneration and heat balance of the FCC process. In this
work, we considered that the endothermic gasification reaction of carbon atom with
some amount of steam proceeds and forms carbon monoxide and hydrogen gas in the
regeneration environment. After the regeneration, a part of regenerated catalyst is sent
to the top of the downer reaction to continue the loop of operation and another part is
recycled back to the regenerator.

6.3 Mathematical model

The mathematical models used in this work are consist of hydrodynamic
model, kinetics of burning reactions, kinetics of gasification reactions and mass and
energy balance. The details of each model are described in section 4.1, 4.3.1 and 4.4
of chapter IV.

Table 6.1 The equations used in chapter VI.
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Table 6.1 The equations used in chapter VI (Continued).
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6.4 Results and discussions

6.4.1 The ssimulation results at standard condition

The simulation results obtained at standard condition (the same condition as in
Chapter 1V) are shown in the Figure 6.1. It can be seen that as the reactions proceed,
the carbon and hydrogen on the catalyst and oxygen are reduced along the downer
whereas carbon dioxide, carbon monoxide, water and gas hydrogen are produced.
Carbon can be removed by two reactions, burning reaction and gasification reaction
but hydrogen in coke is eliminated by burning reaction only. In burning reaction,
carbon and hydrogen oxidize with oxygen to form carbon dioxide, water and heat.
This causes the raising of temperature along the downer. However, gasification
reaction which is the reaction of carbon in coke with water and produce carbon
monoxide and gas hydrogen is endothermic. Therefore, this reaction will reduce the
downer temperature. However, the gasification reaction rate is slower than burning
reaction, therefore, the gasification can eliminate small amount of carbon. The total
heat of both reactions is still exothermic which is necessary for the endothermic
cracking reaction in the reactor. It is noted that because there is no steam at the inlet
of the downer, the gasification reaction can proceed after the burning reaction

producing steam as a product.
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6.4.2 Burning reaction versus burning and

gasification reactions

To confirm the advantage of gasification reaction, the comparison of

regeneration with and without gasification reactions were studied.

Figure 6.2a and Figure 6.2b reveal that the carbon content on the catalyst and
the amount of oxygen in the burning without gasification reaction case (B) reduces
faster than the regeneration by burning with gasification reaction (BGF) case. Thisis
because the temperature of the burning without gasification case is higher than
another case (Figure 6.2c), therefore; the rate of carbon combustion is higher.
However, both cases can eliminate the carbon from the catalyst efficiently. Another
benefit of gasification reaction is the production of gas hydrogen as shown in Figure
6.4d.

Although, the currently used catalyst can produced only small amount of gas
hydrogen, but if the new catalyst additive with higher activity of gasification reaction
has been synthesized and implemented to the FCC process, the hydrogen production
rate would be higher as shown in Figure 6.3c and the steam gasification reaction in
the regenerator will play the important role as the reaction for reducing the
temperature from burning of high coke content and produce gas hydrogen as
byproduct. However, it can be from Figure 6.3a that at this simulation condition
(carbon content on spent catalyst of 0.0125 kg kg catalyst™) the higher rate of
gasification reaction would reduce the regeneration performance since higher carbon
content is left at higher rate of gasification reaction. Thisis because the temperature is
lower in case of higher rate of gasification reaction catalyst additive is used (Figure
6.3b).

6.4.3 Regeneration characteristics at higher carbon

content on spent catalyst

The steam gasification reaction of carbon to carbon monoxide and hydrogen is

expected to be useful for reducing regeneration temperature in case of high coke
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content on spent catalyst. The regeneration characteristics at different carbon content,
eg., 0.01, 0.02, and 0.03 kg kg catalyst™ are studied. Figure 6.4a revedls that at
Ccs=0.01 kg kg catalyst the carbon is regenerated efficiently but a higher Ccs,
carbon cannot be regenerated efficiently with significant amount of carbon is
remained at the downer exit. This is because all oxygen is consumed before reactions
are accomplished (Figure 6.4b).

When the burning reaction is dominant in case of Cc=0.01 kg kg catalyst™,
the temperature of the regenerator is raised. However, when oxygen is totaly
consumed in case of Cce=0.02 and 0.03 kg kg catalyst™, the endothermic steam
gasification is the only reaction in the regenerator, therefore; the temperatures of the
regenerator begin to be reduced after entire oxygen are consumed (Figure 6.4c). Thus,
higher amount of hydrogen are obtained (Figure 6.4d).

Interestingly, Corma et al. (2011) was successfully improved the steam
reforming activity of the FCC catalyst. Their new catalyst has the rate of gasification
reaction higher than the conventional e-cat about seven times and still has a good

cracking activity.
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6.5 Conclusions

This work investigated the steam gasification with combustion for
regeneration of the FCC catalyst in a downer-type regenerator by simulation study
using one dimensional hydrodynamic model, materia and energy balances and
kinetics of reactions. The simulation results show that steam gasification and burning
reaction can well reduce the amount of coke deposited on the catalyst surface.
Although the rate of gasification reaction of E-cat catalyst currently used in FCC
process is quite slow, the gasification reaction is the supplementary reaction helping
to reduce the coke on catalyst and the regenerator temperature and gives the valuable

hydrogen as a byproduct.



CHAPTER VII

THEORETICAL ANALYSISOF A DOWNER
REACTOR AND RISER REGENERATOR
INTEGRATED SYSTEM IN FCC PROCESS

7.1 Introduction

A fluid catalytic cracking (FCC) unit plays an increasing role in the petroleum
and petrochemical industries. This unit had been used a commercial operation in 1942
(Letzsch, 2008). It is used for modification of the hydrocarbon molecules by cracking
of long chain molecules into smaller molecules which have higher demand and value.
In general, FCC unit in the current generation is composed of two main units, i.e.,
riser reactor and turbulent bed regenerator. The profit margin obtained from this unit
in combination with facing new constraints, such as more residual feedstock, higher
product quality, and environmental concern, stimulates the improvement of its

operation and performance.

From the hydrodynamic point of view, it is found that the concurrent up-flow
reactor (riser) provides several drawbacks compared to the concurrent down-flow
reactor (downer). Flow direction of gas and solids in downer reactor is in the same
direction of the gravitational force; therefore, the disadvantage of gas and solids back-
mixing of the riser reactor have been reduced. This enables more uniform flow
structure and narrower solids residence time distribution (Zhu et al, 1995; Jin et al.,
2002). In addition, both experimental and simulated results suggest that using the
downer as a reactor in a fluid catalytic cracking process can improve both yield and
selectivity of the desired products (Abul-Hamayel, 2004; Wu et al., 2009). However,
the knowledge of the downer reactor in the literature usually considers only the
downer itself, with a few studies that provides details about the accompanying
regenerator. Shortcomings of the conventional regenerator, such as high solids
inventory and long residence time, enable the development of the regenerator. The



89

high efficiency regenerator with turbulent fluidized bed at bottom part and the
entrained fast fluidized is the effective design that allows the invention of a
concurrent up-flow regenerator (the riser) that operates in fast fluidization regime
having advantages of high heat and mass transfer, low catalyst inventory and high
throughput (Bai et al., 1997, 1998).

In the Chapter V and VI, the downer is used as a regenerator of the FCC
process but in this Chapter, the downer is used as a reactor. The main reason behind
this selection is that the reducing in back-mixing is more useful for the reactor than
that of the regenerator. The back-mixing occurred in the reactor would lead to the
over cracking of the desired products and lower their yields affecting to the profit
margin of the process while the back-mixing in the regenerator only affects to the
regeneration performance which is not the main objective of the process. Moreover,
from the concept of circulating fluidized bed, the integrated system should be
composed of one up-flow column and one down-flow column. Therefore, if the down-
flow operation is used as a reactor, the up-flow operation will be used as a
regenerator. The integrated system is the system of a downer reactor and a riser

regenerator.

This work carries out a theoretical analysis of an integrated system between
downer reactor and riser regenerator in the FCC process. Simulation of the FCC
process is performed using a one-dimensional model of hydrodynamic and kinetics of
cracking and burning reactions. Obtained results provide useful information about the
operation of a downer reactor with a riser regenerator, which can be used for optimal

design of the reactor and regenerator system in the FCC process.

7.2 Process description

The process diagram of the integrated system of downer reactor and riser
regenerator and its ancillary unit in fluid catalytic cracking process are shown in
Figure 7.1. It consists of a downer reactor, a riser regenerator, a storage tank for
regenerated catalyst, a quick separator, a stripper and a set of cyclones installed in a

cyclone housing. The routine operation begins with the injection of the feedstock
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together with steam for atomization. After contacting with high-temperature
regenerated catalyst flowing from the storage tank, feedstock vaporizes and moves
downward with catalyst. The endothermic cracking reactions proceed while feedstock
vapour is contacted with the catalyst. As a by-product of the reactions, the
carbonaceous material (coke) forms on the catalyst surface causing the reduction of
the catalytic activity. Therefore, a regeneration process is needed for restoring the
catalyst activity. Moreover, this process provides heat for vaporization of the
feedstock and endothermic cracking reactions that occur in the reactor.

At the exit of downer reactor, spent catalyst and gaseous products including
cracked and un-cracked feedstock are separated using a quick separator. Due to the
fact that the desired product of the cracking reactions is gasoline which is an
intermediate substance, the fast separation is required. A quick separator is used for
separation of the gaseous products and spent catalyst because the separation resident
time is less than that of cyclones. The products are sent to a main fractionator for
separation (not shown here) and the spent catalyst falls into the stripper where steam
is used to remove the entrained products. Then, spent catalyst and air are fed together
at the bottom of the riser for starting the regeneration proCeg®is oxidized with
oxygen in air to form CO, COand HO inside the regenerator. Flue gas and
regenerated catalyst are separated by a set of cyclones installed in the cyclone
housing. A portion of regenerated catalyst are recycled back to the bottom of the riser
regenerator to maintain heat balance of the regeneration process and the rest is stored

in the storage tank before feeding to the downer reactor.

7.3 Mathematical model

The models are derived based on the following assumption.

1. The main objective of this study is to analyse the performance of the
integrated system of downer reactor and riser regenerator, therefore,
we assume that there is no effect of ancillary units such as the
cyclones, quick separator, storage tank and stripper, on the
performance of the integrated system.
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2. It was assumed that the cracking reactions only take place in a downer

reactor and coke burning reactions proceed in the riser regenerator.

3. The model of a downer reactor used in this work is one-dimensional
model. Although, two- and three-dimensional model may be better
predicted the performance of the downer reactor, a report on three-
dimension model of riser reactor indicates that one-dimension model
can be well used to predict the overall performance of the mass and
energy in riser. (Theologos and Markatos, 1993).

4. The model of a riser regenerator was also modeled in one-dimensional
model since there is limited data on this type of reactor. Only data

available in the literature are proposed by Bai et al., 1997.
5. Reactor and Regenerator are operated in an adiabatic condition.

6. Gas and catalyst phases in the riser regenerator are in thermal
equilibrium, therefore; temperatures of gas and catalyst phase are the

same.
7. Dispersion and adsorption inside the catalyst particles are neglected.
8. Coke does not affect to the flow characteristic.

9. All Conradson Carbon Residue is converted to the coke depositing on

the catalyst.

The mathematical models used in this study including the model of downer
reactor, and the model of riser regenerator. The equations are shown in Table 7.1 and
Table 7.2.
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Table 7.1 The mathematical for downer reactor model used in chapter VII.
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Table 7.1 The mathematical for downer reactor model used in chapter VII.
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Table 7.1 The mathematical for downer reactor model used in chapter VII.

(Continued).
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Table 7.2 The mathematical for riser regenerator model used in chapter VII.
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Table 7.2 The mathematical for riser regenerator model used in chapter VII.

(Continued).
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Table 7.2 The mathematical for riser regenerator model used in chapter VII.

(Continued).
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Table 7.2 The mathematical for riser regenerator model used in chapter VII.

(Continued).
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7.4 Simulation results and discussion

7.4.1 Modd validation

Predicted data of the downer reactor is compared with the available
experimental data in the literature. The comparison of product yields and outlet
temperature obtained fropilot plant (Abul-hamayel, 2004) and model of downer
reactor using the same feed properties at the catalyst/oil ratio of 20 and 80%
conversion are shown in Table 7.3 It can be seen that the simulation data obtained by
the model prediction is very close to the experimental data obtained from pilot plant.

Hence, the model predictions are likewise reasonable.



99

Table 7.3 Product yields of downer reactor from experimental and predicted data.

Parameters Pilot plant Model Deviation
(Abul-hamayel, 2004) (%)
Conversion (%) 80 80 -
Catalyst to oil ratio (CTO) 20 20 -
Downer outlet temperature (K) 873.15 882.07 1.02

Yield (wt.%)

C:-C,Gases 29.50 30.66 3.93
Gasoline 48.50 47.86 -1.32
Coke 2.00 1.55 -22.5

Due to the limited availability of the data in the literature, the hydrodynamic
model of riser is validated against the experimental data (Zhang et al., 1999) as shown
in Figure 4.2 of Chapter IV. The results reveal that the model prediction and the
experimental data of solid holdup in riser reactor are in a good agreement. The kinetic
model of the regeneration used in this work is obtained from the literature. This model
was used to predict the regeneration characteristics in several works (Arbel et al.,
1995; Affum et al., 2011).

7.4.2 Equation solving scheme

In order to obtain the profile of temperatures and yields in the reactor and
regenerator, the set of differential algebraic equations (DAE) together with the
parameters and initial conditions of both reactor and regenerator were solved by
Euler's method to obtain the variations of the species concentration and temperature

profile along the length of the reactor and the regenerator.

The solving scheme initiates with calculations of the yields and temperatures
profiles in downer regenerator (Figure 7.2). To obtain these, the operating conditions

for the downer reactor and the feedstock properties are needed to be specified and

unknown inlet variables from riser regenerator T8, ., » C. eox - N€€ded to be

guessed. Then the temperature of gas and catalyst will be calculated from Antoine
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Equation and energy balances, respectively. The species fractions and temperature
profiles along the length of the downer reactor were calculated in each infinitestimal
length step until reach the final step. Then, outlet variables of the downer regenerator
are obtained. (The point A in Figure 7.2 indicates the link between point A in Figure
7.2 and point A in Figure 7.3.) The next step of the calculation is for riser regenerator
(Figure 7.3). It was started from specifying the operating condition for the riser
regenerator and guessed the unknown outlet variables of riser regenerator the
occurred from the recycled stream. Then the species concentrations and temperature
of the riser regenerator will be calculated. After calculation of the final step in riser
regenerator, the unknown outlet variables that we guessed before calculation will be
compared. The calculation will be finished if the guessed and the calculated value is
less than tolerance () (The point B in Figure 7.3 links with point B in Figure 7.2)

7.5 Results and discussions

7.5.1 The product yields and coke burning at standard
condition

The product yields variation along the downer reactor length according to the
reactor and regenerator dimensions and catalyst properties, operating condition and

feedstock properties in Table 7.4 to Table 7.6 are shown in Figure 7.4

The simulation results reveal the fact according to the nature of the cracking
reactions that the reactant of the reaction i.e., gasoil reduces along the length while the
products containing C1-C4 gases, gasoline and coke inci¢eseemperature of gas
phase increases while the temperature of catalyst reduces due to the transfer of heat
from the catalyst to gas. The temperatures of gas and catalyst phases at inlet condition

in Figure 7.5 are the temperatures after vaporization of the feedstock. The entrance

feedstock {,) at temperature of 535 K is heated to the vaporized temperature

(around 675 K) which depends on the properties of feedstock and the operating
pressure. Then the feedstock is vaporized at the aforementioned temperature.
Temperature of catalyst flowing from the regenerator drops from 1040 to 1015 K due

to the vaporization of the feedstock.
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Table 7.4 Reactor and regenerator dimensions and catalyst properties.

Dimensions

Downer reactor height,,, (m) 3
Downer reactor diameteb,,, (m) 0.3
Riser regenerator height, (m) 30
Riser regenerator diametér, (m) 0.3

Catalyst properties

Averaged diameted,, (zm) 70
Density,p, (kg/n) 1500
Heat capacityC  , (kJ/(kg K)) 1.15

Table 7.5 Operating condition at standard condition.

Downer reactor operating condition at standard condition
Mass flow rate of liquid feedf; (kg/s) 0.5
Entrance temperature of liquid feedstoEk, (K) 935
Temperature of steani,, (K) 773
Reactor pressureh,, (kPa) 250
Catalyst-to-Oil Ratio, CTO (-) 20
Catalyst flux,G,,,, (kg/n¥s) 141.47

Riser regenerator operating condition at standard condition
Ratio of regenerated to spent catalysy, ., /Gg o () 3.0
Catalyst flux,G, ., (kg/nT’s) 565.88
Regenerator pressurg,,, (kPa) 250
Air inlet temperatureT, (K) 573.15

The operation of the accompanying riser regenerator is shown in Figure 7.6. It
is clearly seen that most of coke on the catalyst surface is removed with this operating
condition. It is reduced from 0.00083 kg/kg catalyst at inlet of the riser regenerator to
approximately 0.0002 kg/kg catalyst. Actually, coke content on spent catalyst flowing
from the reactor is 0.0030 kg/katalyst (see Table 7.7). With this amount of coke,
the regenerated catalyst shows the satisfying cracking activity (Figure 7.6). The heat
obtained from coke burning raises the temperature of the regenerator up and this
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amount of heat is adequate for providing to the downer reactor and thus, the heat

balance of the system is maintained.

Table 7.6 Feedstock properties.

Parameters Value

Weight fraction of Conradson Carbon 0.5
Residue (CCR) in feedstock,, (wt.%)
Aromatics to naphthenes weight ratio in 21
feedstock,R,, (-)
Specific gravity of liquid feedstocks,; (-) 0.894 (API=26.8)
Alpha, o (-) 0.067
H/C atomic ratio in coke 0.8
Distilled volume (%) TBP distillation temper atures (K)

10 554.3

30 605.4

50 647.0

70 688.2

90 744.8

Yidd (-)

Distance (m)

Figure 7.4 Product yields along the downer regenerator.
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Figure 7.5 Temperature of gas and catalyst phases along the downer reactor.
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In the operation of the FCC process, the main parameter that has a major effect
on the performance and operation is the catalyst-to-oil (CTO) ratio. This ratio
indicates the amount of catalyst used at the constant feedstock and affects to the
intense of reactions as well as the heat balance of the system.

7.5.2 The effect of catalyst-to-oil ratio (CTO)

In this work, the value of CTO ratio that keeps this system run stably ranges
from 10 to 20. The simulation results indicate that the increasing of CTO ratio enables
the higher conversion resulting in higher yields of the three products (Figure 7.7 to
Figure 7.10). Although the yield of gasoline is increased as increasing of CTO ratio,
this trend occurs at near inlet of downer only. At the outlet of downer, the yields of
gasoline are almost the same. Moreover, they are likely to be reduced beyond 3 m. of
the downer reactor. This is different from the yields @Gy gases and coke that
increase as CTO ratio increases but their trends always increase. This is because the

higher CTO ratio, the higher gasoline would be cracked to,&, @ases and coke.

Table 7.7 Some important variables at different CTO.

CTO=10 | CTO=15 CTO=20
G,,, (kg/nTs) 70.73 106.10 141.47
G, ¢, (Kg/nY’s) 282.94 424.41 565.88
Ce e o (KQ/Kg catalyst) 0.0051 0.0037 0.0030
Ce reg0 (Ka/kg catalyst) 0.00130 0.00094 0.00083

The effects of the increased CTO ratio on temperature of both phases are
shown in Figure 7.11. It can be seen that increasing of the CTO ratio affects to the
heat balance of the system. Though yield of coke is higher at high CTO ratio, the
higher amount of catalyst causes the lower amount of carbon content on spent catalyst
flowing to the riser regenerator (Table 7.7). Therefore, the temperature of
regeneration in the case of high CTO ratio, i.e., CTO = 20 is lower than that of lower
CTO ratio. However, the high catalyst flow rate also affects to the temperature of the

reaction. As it is indicated in Figure 7.13 that at CTO=10, catalyst accommodate the
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highest temperature than other cases but the temperature of gas is the lowest. This is

because the lower catalyst flow rate carries lower heat for providing to the gas phase.

10

Conversion (-)

0.0 05 1.0 15 20 25 30

Distance (m)

Figure 7.7 Conversion of gas oil along the length of the downer reactor at different
CTO ratio.

Yield of gasoline (-)

0-0 T T T T T T
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Figure 7.8 Yield of gasoline along the length of the downer reactor at different CTO
ratio.
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Figure 7.10 Yield of coke along the length of the downer reactor at different CTO
ratio.
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Figure 7.11 Temperatures of gas and catalyst along the length of downer reactor at
different CTO ratio.
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Figure 7.13 Temperature along the length of riser regenerator at different CTO ratio.

7.6 Conclusions

This work presents the theoretical analysis of an integrated system between a
downer reactor and riser regenerator. The model used for simulation consists of the
hydrodynamic model and reaction kinetics of both the downer reactor and riser
regenerator. From simulation studied, the ranges of catalyst to oil (CTO) ratio that can
maintain heat balance of the system are 10 to 20. However, the catalyst to oil (CTO)
ratio equal to 20 is the most suitable for operating for this integrated system as this
ratio provides the satisfying gasoline yield and keep the regeneration temperature in
the acceptable range (should not over 1100 K). The results obtained from this study
enable the better understanding on the complex integrated process of the downer
reactor and the riser regenerator and can be used for optimal design the FCC process

with this type of reactor and regenerator.



CHAPTER VIII

CONCLUSIONS AND RECOMMENDATIONS

8.1 Conclusions

The aim of this study is to design and analyze the performance of a fluid
catalytic cracking process for gasoline production. Generally, the fluid catalytic
cracking process includes two main units; a reactor and a regenerator. Therefore, this
work accommodates the investigation on both units. In order to design and evaluation
of the performance, the mathematical models of each unit were used and validated
against the experimental data that are available in the literature. In this work, the issue
of the work is separated into three parts, an analysis of a downer-type regenerator
using a systematic model-based approach, a numerical analysis of FCC catalyst
regeneration via steam gasification and burning reaction in a downer-type regenerator,
and the theoretical analysis of a downer reactor and a riser regenerator integrated
system. The conclusionsin each part are listed in the following section.

8.1.1 A systematic model-based analysis of a downer-

typeregenerator in fluid catalytic cracking processes

In this part, a systematic model-based analysis approach was adapted to
evaluate the performance of a novel downer regenerator. The one-dimensional model
for a downer regenerator taking into account the hydrodynamic characteristics, and
kinetics of the FCC catalyst regeneration as well as mass and energy balances were
used in the approach. Five scenarios were selected to perform a sensitivity analysis
including effect of flow rate ratio of recycled to spent catalysts, effect of superficial
gas velocity, effect of spent catalyst flow rate, effect of carbon content on the spent
catalyst and effect of spent catalyst temperature. The simulation results showed that
the efficient operation of the downer regenerator is mainly influenced by parameters

that affect to the temperature of the downer regenerator e.g., recycled catalyst flow
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rate, carbon content on the spent catalyst and spent catalyst temperature. These
parameters should be carefully selected as they have the most significant effect on a
regeneration process. High regeneration temperature could deactivate the catalyst
permanently but low temperature operation lowers the regeneration performance. The
results obtained from this model-based analysis are beneficial for an understanding of
the downer regenerator, leading to an optimal design and efficient operation of the

FCC process.

8.1.2 Numerical analysis of the FCC catalyst
regeneration via steam gasification and burning reaction in

a downer -type regener ator

This work performed an investigation of an approach for reducing the high
temperature of regeneration caused by burning of high coke content. The steam
gasification reaction was selected as the approach due to an endothermic nature. In
this work, the steam gasification reaction was considered together with the burning
reaction. The investigation was done by simulation study using one dimensional
hydrodynamic model, material and energy balances and kinetics of reactions. The
simulation results show that steam gasification and burning reaction can well reduce
the amount of coke deposited on the catalyst surface but the rate of gasification
reaction is quite slow compared to the rate of burning reaction. Although the rate of
gasification reaction of E-cat catalyst currently used in FCC process is quite slow, the
gasification promotion additive was successfully developed. Therefore, the
gasification reaction is the promising approach for reduction of the coke on catalyst
and the regenerator temperature. Moreover, this reaction gives the valuable hydrogen

as a by-product.

8.1.3 Theoretical analysisof a downer reactor and riser

regenerator integrated system in FCC process

This work presents the theoretical analysis of an integrated system between a

downer reactor and a riser regenerator. In order to design and evauate the
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performance, the one-dimensional model of both units were used for simulation
studies. The models consist of the hydrodynamic model and reaction kinetics of both
the downer reactor and riser regenerator. The results from the simulation reveal that
catalyst-to-oil (CTO) ratio that can maintain heat balance of the system and keep the
system running efficiently are in the ranges of 10 to 20. However, the CTO ratio equal
to 20 is the most suitable for operating for this integrated system as this ratio provides
the satisfying gasoline yield and control the regeneration temperature in the
acceptable range (should not over 1100 K). The results obtained from this study
enable the better understanding on the complex integrated process of the downer
reactor and the riser regenerator and can be used for optimal design the FCC process

with this type of reactor and regenerator.

8.2 Recommendations

The recommendations rel ated to this work are list below:

1. In the operation of the downer regenerator, there is a recycled stream that
brings the regenerated catalyst back to the inlet of downer regenerator again. In
practical, air is used for transportation of the regenerated catalyst. This would enable
the recycled pipe to be another regenerator as burning reactions would proceed.
Therefore, if air is used for transportation of catalyst, this point should be aware of.
However, in this work we assumed that the transportation media is the flue gas
derived from burning of the coke in the downer regenerator which contains low
oxygen. Therefore, no burning reactions proceed in the recycled pipe.

2. In the operation of the downer regenerator and the integrated system, the
effect of the ancillary unit such as the cyclones, the stripper, and the separators should

be included since they might have some effects on the operation of the system.
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APPENDIX A

PROPERTIESESTIMATION

A.1 Hydrocarbon properties

All equations for hydrocarbon properties estimation used in this work obtain
from Han and Chung, 2001.

A.1.1 Volume average boiling temperature (K)

Tonge =0.2(Tyo+ Too+ T+ T0+ T (A.1.1)

A.1.2 Molal average boiling temperature (K)

Tunee = Tyage —0.5556exp— 0.5638 ... (A.1.2)
0.008( 1.8, — 4916 '+ 3.04(9 )°'3333}

A.1.3 Mean average boiling point temperature (K)

TMeABP:TVABP_O-5556eXFp_ 0.9440 ... (A.1.3)
0.0087 1.8, — 491.60 '+ 2.9978)" |

where(9)=0.0125T,, - T,)
A.1.4 Specific gravity

1415 (A.1.4)
° (API)+131.5
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A.1.5 Watson characterization factor

(1'8]-MeABP )1/3 (A15)
S

g

K, =

A.1.6 Molecular weight of gasoil and gasoline lump

MW=42.965[ exip 2.09% 10T,,,o— 7.787+ (A.1.6)
2.085¢ 10T,050S, )] X T,L26007 09008

A.1.7 Average molecular weight

n A17
M, =1/;(I\Z’—Wj (A17)
A.1.8 Gas phase heat capacity of C,-C, gases lump
C,=0.2457+ 5% 10T - 2.1527 1Tr? (A.1.8)
A.1.9 Liquid phase heat capacity of gas oil lump
Coiy =+, +a T? (A.1.9)

where

4.814066- 0.194838, )

o, =-4.90383+ ( 0.099319 0.104281)K, + (

Sg
27634
a,=(7.53624 10')( 1.8 0.82463){ 1.1217 5 J
o, =(-1.35652% 10)( 1.8 o.824@3)x[ 2 902 .70958J
9
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A.1.10 Gas phase heat capacity of gasoil and gasoline lump

C,=B+ BT +BT° (A.1.10)
where

B, =-1.492343 0.12443, + ﬁ4x[ 1.235% '04021

g

B, =(~7.53624 104)[ 2.9247( 1.5524 0.05343K,

+B, {(6.028& 5'2694]}]

B;=(1.35652% 10°)( 1.6946 0.08834)

,34{[%3—1.0}(1.&1}2'0}(59—0.885)(59 ~ 0.79( 10) 2,

f f

for 10.0< K, < 12.¢

Otherwise;

B,=0
A.1.11 Mean heat capacity of n component mixture

T n A.1.11
J, XIyCa (T)aT A
m T _Tref

A.1.12 Mean viscosity of gas phase hydrocarbon lumps

M__p2? (A.1.12)
wm' pe

Ly = My My, =3.515¢ 108,upr

The availability ranges are:

0.75<T, =Tl<o.3 ,and 0.01<P, = <0.2

pc pc

where



127
s, =0.435expp( 1.3316 T3P, |T,, +0.015E

A.1.13 Critical propertiesof hydrocarbon

T, =17.1419 exp- 9.3146 10N, — 0.5484+ (A.1.13)

6.479X 104T|V|6ABPSg ):| XT@&SSSQO'S%M
P, =4.6352 16| exp- 8.506 1M, o~ 4.803¢+ .. (A.1.14)

5.749¢ 10T, 0055, ) | X T S,

A.1.14 Heat of vaporization of gasoil (availablein the ranges of

molecular weight from 200 to 400)

- A.1.15
AH,,, =0.3843 . + 1.0878 10 e{p—i\ggmj— 98.1 ( )
A.1.15 Vapor pressureof gasoail
Pg — 0133322< 16000.5380— 6.7615(3q/ 43- 0.987@7 (A116)
for > 0.0022
Pg — 0133322< 16663.1290— 5.994296(/ 95.76- 0.97251 (A117)
for 0.001X w< 0.002
Pg — 0133322< 16770.0850— 6.412631(/ 36- 0.989@7 (A118)

for w < 0.0012

where

— Tiesg /T, ~0.00051608, .5,
748.1- 0.386T,_ .

Tl\:IeABP =TMeABP_1-388&¥X(Kf - 13 |OQ€ 0.009868%)
a =1for Ty e > 477.8K
a =0for Ty,..ep > 333.3K
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@ = (L1.8T,oup — 659.7 /200f0r 366.7K Lo < 477.8

A.1.16 Three coefficientsin Antoine equation for gas oil vapor

pressure

In order to evaluate the three coefficients in Antoine equation, the vapor
pressures are estimated using the equations A.1.15.1 to A.1.15.3 at three temperatures

.., Tyonspr Twensr —15: Tyense +15.
F (AgBy:Cy)=(T, + G,y )[ A, -log(R,)]-B, =0, i=12c  (AL19)
A.1.17 Thermal conductivity of hydrocarbons

k,=1x10°(1.9469- 0.37MI, + 14815 To47 + 0.102% (A.1.20)

A.1.18 Interface heat transfer coefficient between solids and

hydrocar bon gases
\\7g -V,
Mg

2/3
c

& (A.1.21)
h =003 { /’ggg]
p . A

A.2 Gasproperties
A.2.1 Viscosity of gas (kg/m s)

The mean viscosity of gases can be estimated from the following equation
(Han and Chung, 2001):

- A21
) ) [1+(,ui I, )1/2(ij M., )1/4}2 f ( )

lum = Zlui 1+Z
j=1

i=1

J8[1+m,, /M, 1" )

j#1

where the viscosities of each species are (Yaw, 1999):
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Oxygen Mo, =44.224+ 5.6208 10T - 1.1360 T0°
Carbon dioxide  y, = 35.086+ 5.065&¢ 10T - 1.3334 10°

Carbon monoxide zi,, =11.336+ 4.9918 10T - 1.08% T0°

Nitrogen Uy, =42.606+ 4.7500 16T — 9.8860 10?2
Hydrogen my, =27.758+ 2.120@ 10T - 3.2860 10°
Water My o =-36.826+ 4.2908 10T - 1.6260 TO?

A.2.2 Enthalpy of formation (kJ/kg mal)

In order to calculate the heat of reaction, the enthalpy of formation
Is needed. The enthalpies of formation listed below obtain from Han and
Chung, 2001.

AHr =Z(nAHf)Droducts_Z(nAHf)reactants (A22)
Coke AH, , =-4800.22+ 16.T
Oxygen AH, , =-10364.88- 34.6D+ 0.000%5

Carbon dioxide  AH ., =—406909.1% 43.26+ 0.00575

Carbon monoxide AH , ., =-118975.04 27.61+ 0.00251

Water AH, o =-252111.38 34.3D+ 0.0003I5

A.2.3 Heat capacity of gas (J/mol K) (Yaw, 1999)

Oxygen:

C,o0, =29.526- 8.8999 10T+ 3.8083 T0°- 3.2629 0+ 8.8607 10

Carbon dioxide:

C,co =29.556- 6.580% 16T+ 2.0130 T0*- 12227 0+ 2.261710
Carbon monoxide:

Coco, =27.437+ 4.2315 16T - 1.9555 T0*+ 3.9968 °0-  2.9872"°10

Nitrogen:
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C,n, =29.342- 3.539% 10T+ 1.00% T0°- 4.3M6°0+ 2.5935"10

Hydrogen:

C,n, =25.399+ 2.0178 16T - 3.8549 T0°+ 3.1880 70—  8.7685"T0
Water:

Cono =33.933- 8.4186 16T+ 2.9966 TU*- 1.7825 M0+  3.6934“T0
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