
C H A P T E R  I I I

PLANTW IDE CONTROL FUNDAMENTALS

A chemical plant may have thousands of measurements and control loops. By the 
term plantwide control it is not meant the tuning and behavior of each of these loops, 
but rather the control philosophy of the overall plant with emphasis on the structural 

decisions. So Plantwide Process Control involves the system and strategies required to 
control entire plant consisting of many interconnected unit operations.

3.1 Incentives for Chemical Process Control

A chemical plant is an arrangement of processing units (reactors, hea*exchangers, 
pumps, distillation columns, absorbers, evaporators, tanks, etc.),integrated with one 

another in a systematic and rational manner. The plant’s overall objective is to con­
vert certain raw materials into desired products using available source of energy, in the 
most economical way.

There are three general classes of needs that a control system is called on to satisfy: 
suppressing the influence of external disturbances, ensuring the stability of a chemical 
process, and optimizing the performance of a chemical process.

3.1.1 Suppressing the Influence of External Disturbances

Suppressing the influence of external disturbances on a process is the most common 
objective of a controller in a chemical plant. Such disturbances, which denote the effect 
that the surroundings (external world) have on a reactor, separator,heat exchanger, 
compressor and so on, are usually out of the reach of human operator.Consequently, 
we need to introduce a control mechanism that will make the,proper change on the
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process to cancel the negative impact that such disturbances may have on the desired 

operation of a chemical plant. In other words:’ iri order to face all disturbances entering 
the process, the strategies for control are very important.

3.1.2 Ensuring the Stability of a Chemical Process

The process is stable or self-regulating, if the process variable such as temperature, 
pressure, concentration, or flow rate stay at a certain point or at a desired steady 
state value as time progresses. Otherwise, the process is unstable and requires external 
control for the stabilization of their behavior.

3.1.3 Optimizing the Performance of a Chemical Process

Safety and the satisfaction of product specifications are the two principal operational 
objectives for a chemical plant. Once these are achieved, the next goal is how to make 
the operation of the plant more profitable. Given the fact that the conditions that 
affect the operation of the plant do not remain the same. It is clear that we would like 
to be able to change the operation of the plant (flow rates, pressures, concentrations, 
temperatures) in such a way that an economic objective (profit) is always maximized.

3.2 Integrated Processes

Three basic features of integrated chemical processes lie at the root of the need to 
consider the entire plant’s control system, as follows: the effect of material recycle, the 
effect of energy integration, and the need to account for chemical component inven­
tories. However, there are fundamental reasons why each of these exists in virtually
all-real processes.
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3.2.1 Material recycles

Material is recycled for six basic and important reasons

1. Increase  conversion: For chemical processes involving reversible reactions, con­
version of reactants to products is limited by thermodynamic equilibrium con­
straints. Therefore the reactor effluent by necessity contains both reactants and 
products. Separation and recycle of reactants are essential if the process is to be 
economically viable.

2. Im prove econom icsrln most systems it is simply cheaper to build a reactor 
with incomplete conversion and recycle reactants than it is to reach the neces­
sary conversion level in one reactor or several in series. A reactor followed by a 
stripping column with recycle is cheaper than one large reactor or three reactors 
in series.

3. Im prove yields: In reaction system such as,A —> B —» c  —» where B is the 
desired product, the per-pass conversion of A must be kept low to avoid producing 
too much of the undesirable product c. Therefore the concentration of B is kept 
fairly low in the reactor and a large recycle of A is required.

4. P rov ide  th e rm a l sinkdn adiabatic reactors and in reactors where cooling is 
difficult and exothermic heat effects are large, it is often necessary to feed excess 
material to the reactor (an excess of one reactant or a product) so that the reac­
tor temperature increase will not be too large. High temperature can potentially 
create several unpleasant events: it can lead to thermal runaways, it can deac­
tivate catalysts, it can cause undesirable side reactions, it can cause mechanical 
failure of equipment, etc. So the heat of reaction is absorbed by the sensible 
heat required to rise the temperature of the excess material in the stream flowing
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through the reactor.

5. P rev en t side reactions:A  large excess of one of the reactants is often used so 
that the concentration of the other reactant is kept low. If this limiting reactant 
is not kept in low concentration, it could react to produce undesirable products. 
Therefore the reactant that is in excess must be separated from the product 
components in the reactor effluent stream and recycled back to the reactor.

6. C on tro l p ropertiesrln  many polymerization reactors, conversion of monomer is 
limited to achieve the desired polymer properties. These include average molec­
ular weight, molecular weight distribution, degree of branching, particle size, etc. 
Another reason for limiting conversion to polymer is to control the increase in 
viscosity that is typical of polymer solutions. This facilitates reactor agitation 
and heat removal and allows the material to be further processed.

3.2.2 Energy integration

The fundamental reason for the use of energy integration is to improve the thermody­
namics efficiency of the process. This translates into a reduction ill utility cost. For 
energy-intensive processes, the savings can be quite significant.

3.2.3 Chemical component inventories

A plant’s chemical spc”ciescan be characterized into three types: reactants, products, 
and inerts. A material balance for each of these components must be satisfied. This 
is typically not a problem for products and inerts. However, the real problem usually 
arises when reactants (because of recycle) are considered and accounted for their in­
ventories within the entire process. Because of their value, it is necessary to minimize
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the loss of reactants exiting the process since this represents a yield penalty. So we 
prevent reactants from leaving. This means we must ensure that every mole of reactant 
fed to the process is consumed by reactions.

3.3 Effects of Recycle

Most real processes contain recycle streams. In this case the plantwide control problem 

becomes much more complex. Two basic effect of recycle is: Recycle has an impact on 
the dynamics of the process. The overall time constant can be much different than the 
sum of the time constants of the time constants of the individual units. Recycle leads 

to the ’’snowball” effect. A small change in throughput or feed composition can lead 
to a large change in steady-state recycle stream flowrates.

3.4 Basic Concepts of Plantwide Control

3.4.1 Buckley Basic

Page Buckley (1964) was the first to suggested the idea of separating the plantwide 
control problem into two parts: material balance control and product quality control. 
He suggested looking first at the flow of material through the system. A logical ar­
rangement of level and pressure control loops is establishes, using the flowrates of the 

liquid and gas process streams. Note that most level controllers should be proportional- 
only (P) to achieve flow smoothing. He then proposed establishing the product-quality 
control loops by choosing appropriate manipulated variables. The time constants of 
closed-loop product quality loops are estimated. พ e try to make these as small as 
possible so that good, tight control is achievabled, but stability constraints impose 
limitations on the achievable performance.
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3.4.2 Douglas doctrines

Because of the cost of raw materials and the valves of products are usually much 

greater than the costs of capital and energy, Jim Douglas (1988) leads to the two 
Douglas doctrines:

1. Minimize losses of reactants and products.

2. Maximize flowrates through gas recycle systems.

The first idea implies that we need tight control of stream compositions exiting the 
process to avoid losses of reactants and products. The second rests on the principle 
that yield is worth more than energy. Recycles are used to improve yields in many 
processes. The economics of improving yields (obtaining more desired products from 
the same raw materials) usually outweigh the additional energy cost of driving the 
recycle gas compressor.

3.4.3 Downs drill

Jim Downs (1992) pointed out the importance of looking at the chemical component 
balances around the entire plant and checking to see that the control structure handles 
these component balances effectively. We must ensure that all components (reactants, 
product, and inerts) have a way to leave or be consumed within the process. Most of the 
problems occur in the consideration of reactants, particularly when several chemical 
species are involved. Because we usually want to minimize raw material costs and 
maintain high-purity products, most of the reactants fed into the process must be 
chewed up in the reactions. And the stoichiometry must be satisfied down to the last 
molecule. Chemical plants often act as pure integrators in terms of reactants will result 
in the process gradually filling up with the reactant component that is in excess. There
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must be a way to adjust the fresh feed flowrates so that exactly the right amounts of 
the two reactants are fed in.

3.4.4 Luyben laws

Three laws have been developed as a result of a number of case studies of many types 
of system:

1. All recycle loops should be flow controlled. A stream somewhere in all recycle 
loops should be flow controlled. This is to prevent the snowball effect.

2. A fresh reactant feed stream cannot be flow controlled unless there is essentially 
complete one pass conversion of one of reactants. This lav/ applies to systems 
with reaction types such as A +  B —» products. In system with consecutive 
reactions such asA  +  B —» M +  c  and M +  B —>D +  c , the fresh feed can be 
flow controlled into the system, because any imbalance in the ratios of reactants 
is accommodated by a shift in the amounts of the two products (M and D) that 
are generated. An excess of A will result in the production of more M and less 
D. And vice versa, an excess of B results in the production of more D and less M

3. If the final product from process comes out the top distillation column, the column 

feed should be liquid. If the final product comes out from the bottom of the 
column, the column feed should be vapor. Changes in feed flowrate or feed 
composition have less of a dynamic effect on distillate composition than they do 
on bottoms composition if the feed is saturated liquid. The reverse is true if the 
feed is saturated vapor: bottom is less affected than distillate.
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3.4.5 Richardson rule

Bob Richadson suggested the heuristic that the largest stream should be selected to 
control the liquid level in a vessel. This makes good sense because it provides more 
muscle to achieve the desired control objective. An analogy is that it is much easier 
to maneuver a large barge with a tugboat than with a life raft. The point is that the 
bigger the handle you have to affect a process, the better you can control it. This is 
why there are often fundamental conflicts between steady-state design and dynamic 
controllability.

3.4.6 Shinskey schemes

Greg Shinskey (1988) has proposed a number of ’’advanced control” structures that 
permit improvements in dynamic performance. These schemes are not only effective, 
but they are simple to implement in basic control instrumentation. Liberal use should 
be made of ratio control, cascade control, override control, and valve-position (opti­
mizing) control.

3.4.7 Tyreus tuning

Use of P-only controllers for liquid levels, turning of p controller is usually trivial: 
set the controller gain equal to 1.67. This will have the valve wide open when the 
level is at 80 percent and the valve shut when the level is at 20 percent- For other 
control loops, suggest the use of PI controllers. The relay-feedback test is a simple and 
fast way to obtain the ultimate gain (Ku) and ultimate period (Pu). Then either the 
Ziegler-Nichols setting or the Tyreus-Luyben (1992) settings can be used:
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K ZN — Ku/2.2 TZN — Pu/t-2
Ktl = Ku/3.2 ttl = 2.2 Pu

3.5 Step of Plantwide Process Control Design Procedure

The nine steps of the design procedure center around the fundamental principles of 
plantwide control: energy management; production rate; product quality; operational, 
environmental, and safety constraints; liquid level and gas pressure inventories; makeup 
of reactants; component balances; and economic or process optimization.

Stepl: Establish control objectives

Assess steady-state design and dynamic control objectives for the process. This is 

probably the most important aspect of the problem because different criteria lead to 
different control structures. These objectives include reactor and separation yields, 
product quality specifications, product grades and demand determination, environ­
mental restrictions, and the range of operating conditions.

Step 2: Determine control degrees of freedom

Count the number of control valves available. This is the number of degrees of freedom 
for control, that is, the number of variables that can be controlled. The valves must be 

legitimate (flow through a liquid-filled line can be regulated by only one control valve).
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Term energy management is used to describe two functions. First, we must provide a 
control system that remove exothermic heats of reaction from the process. If heat is not 

removed to utilities directly at the reactor, then it can be used elsewhere in the process 
by other unit operations. This heat, however, must ultimately be dissipated to utilities. 
If heat integration does occur between process streams, then the second function of 
energy management is to provide a control system that prevents propagation of the 
thermal disturbances and ensures that the exothermic reactor heat is dissipated and 

not recycled. Process-to-process heat exchangers and heat-integrated unit operations 
must be analyzed to determine that there are sufficient degrees of freedom for control.

Heat removal in exothermic reactors is crucial because of the potential for thermal 
runaways. In endothermic reactions, failure to add enough heat simply results in the 

reaction slowing up. If the exothermic reactor is running adiabatically, the control 
system must prevent excessive temperature rise through the reactor (e.g., by setting 
the ratio of the flow rate of the limiting fresh reactant to the flow rate of a recycle 
stream acting as a thermal sink).

Increased use of heat integration can lead to complex dynamic behavior and poor 

performance due to recycling of disturbances. If not already in the design, trim 
heaters/coolers or heat exchanger bypass lines must be added to prevent this. En­
ergy disturbances should be transferred to the plant utility system whenever possible 
to remove this source of variability from the process units.

S t e p  3 :  E s t a b l i s h  e n e r g y  m a n a g e m e n t  s y s t e m
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Establish the variable that dominate the productivity of the reactor and determine the 
most appropriate manipulator to control production rate. To obtain higher production 
rate, we must increase overall reaction rates. This can be accomplished by raising tem­
perature, increasing reactant concentrations, increasing reactor holdup, or increasing 
reactor pressure. The variable we select must be dominant for the reactor

We often want to select a variable that has the least effect on the separation section 
but also has a rapid and direct effect on reaction rate in the reactor without hitting an 
operational constraint.

Step 5: Control product quality and handle safety, operational, 
and environmental constraints

Select the best valves to control each of the product-quality, safety, and environmen­
tal variables. We want tight control of these quantities for economic and operational 
reasons. Hence we should select manipulated variables such that the dynamic rela­
tionships between controlled and manipulated variables feature small time constants 
and dead times and large steady-state gains. The former gives small closed-loop time 
constants, and the latter prevents problems with the range-ability of the manipulated 
variable (control-valve saturation)

Step 6: Fix a flow in every recycle loop and control inventories 
(pressure and level)

Determine the valve to control each inventory variable. These variables include all liq­
uid levels (except for surge volume in certain liquid recycle streams) and gas pressures.

S t e p  4 :  S e t  p r o d u c t i o n  r a t e
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An inventory variable should typically be controlled with the manipulated variable that 
has the largest effect on it within that unit.

Proportional-only control should be used in non-reactive control loops for cascade 
unit in series. Even in reactor-level control, proportional control should be considered 
to help filter flow-rate disturbances to the down stream separation system. There is 
nothing necessarily sacred about holding reactor level constant.

In most processes a flow controller should be present in all liquid recycle loops. This 
is a simple and effective way to prevent potentially large changes in recycle flows that 
can occur if all flows in recycle loops are controlled by levels. Two benefits result from 

this flow-control strategy. First, the plant’s separation section is not subjected to large 
load disturbances. Second, consideration must be given to alternative fresh reactant 
makeup control strategies rather than flow control. In dynamic sense, level controlling 
all flows in recycle loop is a case of recycling of disturbances and should be avoided.

Step 7: Check component balances

Component balances are particularly important in process with recycle streams because 
of their integrating effect . We must identify the specific mechanism or control loop to 

guarantee that there will be no uncontrollable buildup of any chemical component 
within the process (Downs drill).

In process, we don’t want reactant components to leave in the product streams 

because of the yield loss and the desired product purity specification. Hence we are 
limited to the use of two methods: consuming the reactants by reaction or adjusting 
their fresh feed flow. The purge rate is adjusted to control the inert composition in 
the recycle stream so that an economic balance is maintained between capital and
operating costs.
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Establish the control loops necessary to operate each of the individual unit operations. 

A tubular reactor usually requires control of inlet temperature. High-temperature 
endothermic reactions typically have a control system to adjust the fuel flowrate to a 
furnace supplying energy to the reactor.

Step 9: Optimize economics or improve dynamic controllabil­
ity

After satisfying all of the basic regulatory requirements, we usually have additional 
degrees of freedom involving control valves that have not been used and setpoints in 

some controllers that can be adjusted. These can be used either to optimize steady- 
state economic process performance (e.g. minimize energy, maximize selectivity) or 
improve dynamic response.

3.6 Plantwide Energy Management

Energy conservation has always been important in process design. Thus, it is common 
practice to install feed-effluent heat exchangers (FEHEs) around rectors and distillation 
columns. In any process flowsheet, a number of steams must be heated, and other 
streams must be cooled. For example, in HDA process, the toluene fresh feed, the 
makeup hydrogen, the recycle toluene, and the recycle gas stream must be heated up to 
the reaction temperature 621.1 c. And, the reactor effluent stream must also be cooled 
to the cooling water temperature to accomplish a phase split. Therefore, the energy 
integration is required to reduce the utility cost and also to improve thermodynamic

S t e p  8 :  C o n t r o l  i n d i v i d u a l  u n i t  o p e r a t i o n s

efficiency of the process.
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3.6.1 Heat Exchanger Dynamics

Heat exchangers have fast dynamics compared to other unit operations in a process. 
Normally the time constant is measured in second but could be up to a few minutes 
for large exchangers. Process-to-process exchangers should be modeled rigorously by 

partial differential equations since they are distributed systems. This introduces the 
correct amount of dead time and time constant in exit stream temperatures, but the 
models are inconvenient to solve.

For the purpose of plantwide control studies it is not necessary to have such detailed 
descriptions of the exchanger dynamics, since these units rarely dominate the process 
response. Instead, it is often possible to construct useful models by letting two sets of 
well-stirred tanks in series exchange heat. This simplifies the solution procedure.

3.6.2 Heat pathways

The most of energy required for heating certain streams within the process is matched 
by similar amount required for cooling other streams. Heat recover from cooling a 
stream could be recycled back into the process and used to heat another stream. This 
is the purpose of heat integration and heat exchanger networks (HENs).

From a plantwide perspective we can now discern three different ’’heat pathways” 

in the process. See Fig. 3.1 for an illustration. The first pathway dissipates to the 
environment heat generated by exothermic reaction and by degradation of mechanical 
work (e.g. compression, pressure drop, and friction). This pathway is from inside the 
process and flow out. It is of course possible to convert some of the heat to work as it 
is removed from high temperature in the process.
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E n v iro n m e n t

P a th P a th  #2

Figure 3.1: Heat pathways

A second pathway carries heat from utilities into the process. Mechanical work is 
extracted from the heat as it flows from a high supply way goes through the process 
and is needed to satisfy the thermodynamic work requirements of separation. Work 
is also extracted from the heat stream to overcome process inefficiencies with stream 
mixing and heat transfer.

The third pathway is internal to process. Here heat flows back and forth between 
different unit operations. The magnitude of this energy path depends upon the heating 
and cooling needs and the amount of heat integration implemented. Whenever the 
internal path is missing, and there is a heating requirement, the heat has to be supplied 
from utilities. The same amount of heat must eventually be rejected to the environment 
elsewhere in the process.

3.6.3 Heat recovery

We can make great improvements in the plant’s thermal efficiency by recycling much of 
the energy needed for heating and cooling process streams. There is of course a capital 
expense associated with improved efficiency but it can usually be justified when the
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energy savings are accounted for during the lifetime of the project. Of more interest to 
us in the current context is how heat integration affects the dynamics and control of a 
plant and how we can manage energy in plants with a high degree of heat recovery.

3.7 Control of process-to-process exchanger

Process-to-process (P /P) exchangers are used for heat recover within a process. We can 

control the two exit temperatures provided we can independently manipulate the two 
inlet flowrates. However, these flowrates are normally unavailable for US to manipulate 
and we therefore give up two degrees of freedom for temperature control. We can 
restore one of these degrees of freedom fairly easily. It is possible to oversize the P /P  
exchanger and provide a controlled bypass around it as in Fig. 3.2a. It is possible to 
combine the P /P  exchanger with a utility exchanger as in Fig 3.2b.

Figure 3.2: Control of P /P  heat exchangers (a) Use of bypass; (b) use of auxiliary 
utility exchanger.

3.7.1 Use of auxiliary utility exchangers

When the P /P  exchanger is combined with a utility exchanger, we also have a few 
design decisions to make. We must first establish the relative sizes between the recovery 
and the utility exchangers. From a design standpoint we would like to make the 
recovery exchanger large and the utility exchanger small. This gives US the most heat
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recovery, and it is also the least expensive alternative from an investment standpoint. 
However, a narrow control range and the inability to reject disturbances make this 
choice the least desirable from a control standpoint.

Next, we must decide how to combine the utility exchanger with the p /p  exchanger. 
This could be done either in a series or parallel arrangement. Physical implementation 
issues may dictate this choice but it could affect controllability. Finally, we have to 
decide hoe to control the utility exchanger for best overall control performance.

Consider a distillation column that uses a large amount of high-pressure stream in 
its thermo siphon reboiler. To reduce operating costs we would like to heat-integrate 
this column with the reactor. A practical way of doing this is to generate stream in 
a waste heat boiler connected to the reactor as suggested. We can then use some or 

all of this steam to help reboil the column by condensing the stream in the tubes of a 
stab-in reboiler. However, the total heat from the reactor may not be enough to reboil 
the column, so the remaining heat must come from the thermo siphon reboiler that 
now serves as an auxiliary reboiler. The column tray temperature controller would 
manipulate the stream to the thermo siphon reboiler.

3.7.2 Use of Bypass Control

When the bypass method is used for unit operation control, we have several choices 
about the bypass location and the control point. Figure 3.5 shows the most common 
alternatives. We may ask ’’Which option is the best? It depends on how we define 
’’best” . As with many other examples, it boils down to a trade-off between design and 
control. Design considerations might suggest we measure and bypass on the cold side 
since it is typically less expensive to install a measurement device and a control valve 
for cold service than it is for high-temperature service. Cost considerations would
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also suggest a small bypass flow to minimize the exchanger and control valve sizes. 
From a control standpoint we should measure the most important stream, regardless 
of temperature, and bypass on the same side as we control. This minimizes the effects 
of exchanger dynamics in the loop. We should also want to bypass a large fraction of 

the controlled stream since it improves the control range. This requires a large heat 
exchanger.

Cold Stream Cold stream
Cold S tream Cold Stream

(ช 'ุ)

Figure 3.3: Bypass control of process-to-process heat exchangers, (a) Controlling and 
bypassing hot stream; (b) controlling cold stream and bypassing hot stream; (c) control­
ling and bypassing cold stream; (d) controlling hot stream and bypassing hot stream.

3.8 Valve Position Control

Shinskey (1976) proposed the use of type of control configuration that he called valve 
position control. This strategy provides a very simple and effective method for achiev­
ing ’’optimizing control” The basic idea is illustrated by several important applica­
tions.

Since relative volatilities increase 111 most distillation systems as pressure decrease,
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the optimum operation would be to minimize the pressure at all times. One way to 
do this is to just completely open the control valve on the cooling water. The pressure 
would then float up and down as cooling water temperatures changed.

However, if there is a sudden droop in cooling water temperature (as can occur 
during a thunder shower or ’’blue norther”), the pressure in the column can fall rapidly. 

This can cause flashing of the liquid on the tray, will upset the composition and level 
controls on the column, and could even cause the column to flood.

To prevent this rapid drop, Shinskey developed a ’’floating-pressure” control system. 
A conventional PI pressure controller is used. The output of the pressure controller goes 

to the cooling water valve, which is AC so that it will fail open. The pressure controller 
output is also sent to another controller, the ’’valve position controller” (VPC). This 
controller looks at the signal to the valve, compares it with the VPC setpoint signal, 
and sends out a signal which is the setpoint of the pressure controller. Since the valve 
is AC, the setpoint of VPC is about 5 percent of scale so as to keep the cooling water 

valve almost wide open.

The VPC scheme is a different type of cascade control system. The primary control 
is the position of the valve. The secondary control is the column pressure. The pressure 
controller is PI and tuned fairly tightly so that it can prevent the sudden drops in 

pressure. Its setpoint is slowly changed by the VPC to drive the cooling water valve 
nearly wide open. A slow-acting, integral-only controller should be used in the VPC.

Luvben show another of the application of VPC to optimize a process as figure 3.4. 
We want to control the temperature of a reactor. The reactor is cooled by both cooling 
water flowing through a jacket surrounding the reactor and by condensing vapor that 
boil off the reactor 111 a heat exchanger that is cooled by a refrigerant. This form of 
cooling is called ’’autorefrigeration” .
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Figure 3.4: Use of VPC to minimize energy cost.

From an energy-cost perspective, we would like to use cooling water and not refriger­

ant because water is much cheaper. However, the dynamic response of the temperature 

to a change in cooling water may be much slower than to a change in refrigerant flow. 
This is because the change in water flow must change the jacket temperature, which 
then changes the metal wall temperature, which then begins to change the reaction- 
mass temperature. Changes in refrigerant flow quickly raise or lower the pressure in 
the condenser and change the amount of vaporization in the reactor, which is reflected 
in reactor temperature almost immediately.

So, from a control point of view, he would like to use refrigerant to control tempera­
ture. Much tighter control could be achieved as compared to using cooling water. The 

VPC approach handles this optimization problem very nicely. Simply control temper­
ature with refrigerant, but send the signal that is going to controller which will slowly 
move the cooling water valve to keep the refrigerant valve nearly closed. Since the 
refrigerant valve is AC, the setpoint signal to the VPC will be about 5 to 10 percent
of full scale.
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