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Ak  pre-exponential factor for reaction k  [various units] 

Asingle cell active area of SOFC single cell  [m2] 
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Aj  active area of j-th control volume  [m2] 
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d  diameter of inner tube of membrane reactor [mm]  

dp  CaO sorbent particle size   [µm] 

D  carbonator bed diameter   [m] 

KiD ,   Knudsen diffusivity of component i  [cm2 s-1] 

BAD −   ordinary diffusivity of gas A versus gas B [cm2 s-1] 

)(effmD   effective diffusion coefficient of  

electrode m     [cm2 s-1] 

)(, effKiD   effective Knudsen diffusivity of  

component i     [cm2 s-1] 

)(effBAD −  effective ordinary diffusivity of gas A  

versus gas B     [cm2 s-1] 

Dp  catalyst pore diameter    [µm] 

DEN  term given for the reforming kinetics  [-] 

e  extent of electrochemical reaction  [mol s-1] 
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E  theoretical open-circuit voltage of the cell [V] 

E0  theoretical open-circuit voltage of the cell  

at standard pressure    [V] 
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Eact  activation energy    [kJ mol-1] 

Ecarb  CO2 capture efficiency   [-] 

Ep  activation energy for hydrogen permeation [J mol-1] 

f0  inlet molar fraction of CO2   [-] 

 

fa  volumetric fraction of CaO that reacts in  

the carbonator     [-] 

fe molar fraction of CO2 at equilibrium of  

carbonation reaction    [-] 

ff gas friction factor    [-] 

fP solid friction factor    [-] 

F  Faraday constant (9.6495x104)  [C mol-1] 

eq,CHF
4

  methane equivalent flow   [mol s-1] 

F0  Fresh CaO supplying rate   [mol s-1] 

FR  CaO-circulating rate    [mol s-1] 

2COF   CO2 flow rate in gas mixture   [mol s-1] 

g  gravity acceleration (9.81)   [m s-2] 

kG∆   Gibb’s free energy of reaction k  [kJ mol-1] 

h  heat transfer coefficient   [W m-2 K-1] 

H  energy flow of gas stream   [kW] 

HP  power consumption in compressor  [HP] 

kH∆   heat of reaction k    [kJ mol-1] 

∆Hi  heat of adsorption for component i  [J mol-1] 

i  current density     [A cm-2] 

oi   exchange current density   [A cm-2] 

kk  reaction rate constant for reaction k  [various units] 

kS  kinetic constant of carbonation reaction [mol m4 s-1] 

Ki  adsorption constant for component i  [various units] 

Kk  equilibrium constant of reaction k  [various units] 

la  thichness of anode electrode   [µm]  

lc  thichness of cathode electrode  [µm]   

L  thickness of electrolyte   [µm] 
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CHAPTER I 
 

INTRODUCTION 

 

With the increasing concern on environmental problems, many countries are 

pursuing efforts to develop more sustainable energy systems to replace conventional 

combustion heat engines. Solid oxide fuel cell (SOFC) power generation shows great 

promise to serve as an alternative in the near future. For SOFC, the chemical energy 

can be transformed directly into the electrical energy. Therefore, the energy loss in an 

SOFC is lower than that in the conventional heat engines. Furthermore, additional 

efficiency can be gained by incorporating with a steam/gas turbine cycle to recover 

heat from the hot gas exhausted from the SOFC which is typically operated at high 

temperatures between 1073 and 1273 K. By the same reason, various types of fuel, 

e.g. methane, methanol, ethanol, natural gas, and oil derivatives, can be directly used 

as fuel in SOFC. Biogas is also one of the interesting alternatives. It can be derived 

from an anaerobic digestion of plant. The major components in biogas are methane 

(40-65%) and carbon dioxide (30-40%) (Dayton, 2001). By using biogas in power 

generation, zero greenhouse gas emission can be achieved since CO2 released from 

the process could be consumed in the photo-synthesis of plant. 

  

An SOFC system can be divided into three main parts: 1) a fuel processor to 

reform the raw fuel into hydrogen gas, 2) SOFC stacks which subsequently generate 

electricity and useful heat from the reformed gas and 3) an afterburner where the 

residual fuel is combusted in order to supply heat to preheaters and the fuel processor. 

When biogas is considered as a feedstock for the SOFC system, three main chemical 

reactions, namely; steam reforming, dry reforming and partial oxidation can take 

place in the fuel processor (Ferreira-Aparicio et al., 2005). Dry reforming is perhaps 

the most interesting option for the conversion of biogas since the major constituents 

of the biogas are carbon dioxide and methane.  However, the quantity of carbon 

dioxide available is not sufficient to convert all methane in biogas into hydrogen. Air 

and steam are the common reforming agents to combine with CO2 in the fuel 

processor. The determination of a suitable reforming agent when the fuel processor is 

integrated with an SOFC system is still a matter for further investigation. Moreover, 
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boundary of carbon formation should also be determined to investigate the degree of 

carbon deposition in SOFC system fed by different reforming agents. 

  

 Due to the presence of CO2 in biogas, the H2 yield of the fuel processor 

reduces due to the reaction between CO2 and H2 via reverse water gas shift reaction, 

RWGS. Furthermore, the presence of large amounts of CO2 in the SOFC feed gas can 

decrease the cell potential. Suwanwarangkul et al. (2006) reported that when H2 

concentration decreases from 100 to 20%, the SOFC cell potential decreases by 20% 

due to the impact of the RWGS reaction. Hence, the separation of CO2 from the 

biogas feed is the interesting way to increase the performance of biogas-fuelled SOFC 

system. Nowadays, there are several available CO2 separation technologies, e.g. 

membrane and adsorption technology. Membrane technology is the interesting 

alternative since it could handle feed streams with variable flow rates and 

compositions. Polyimide membrane could be a promising  CH4/CO2 separation 

membrane because it offers higher permselectivity and permeability compared to 

membranes derived from other polymers (Shekhawat et al., 2003). It should be noted 

that a common problem arising from the use of polymeric membranes is the 

instability of the membranes at high operating temperature (Amelio et al., 2007). For 

the adsorption technology, CaO-CO2 acceptor (CaO carbonation) is one of attractive 

options. With this operation, CO2-rich gas reacts with CaO in the carbonator and 

CaCO3 is generated. CaCO3 is then fed to regenerate in the calcinator. Unlike 

membrane technology, 100% selectivity of CO2 capture can be achieved for an CaO-

CO2 acceptor. Nevertheless, make-up CaO is required to be fed to CaO-CO2 acceptor 

owing to sintering of CaO sorbent after several cycles of carbonation-calcination 

(Abanades, 2002; Grasa et al., 2008) and operating cost therefore increases. 

  

The use of pure-H2 as an SOFC feed is also an interesting alternative to 

improve SOFC performance; however; pure-H2 is not available in natural resources. 

The use of a hydrogen-selective membrane reactor can offer pure hydrogen with high 

methane conversion. Palladium membrane is the attractive candidate due to its 

extremely high H2 selectivity (Lu et al., 2007). The use of palladium membrane 

reactor for hydrogen-generating reactions has been widely investigated (Basile et al., 

2003; Gallucci et al., 2004; Patel and Sunol, 2007). Under this operation, pure-H2 

could be obtained at the permeation side. Moreover, higher methane conversion can 
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be achieved when compared with the conventional fuel processor. A superior SOFC 

performance was reported as pure-H2 is used as feedstock of SOFC system instead of 

reformed gas (Suwanwarangkul et al., 2006). To increase a driving force of H2 

permeation, The idea of membrane reactor operating with both high pressure 

compressor and vacuum pump was proposed (Vivanpatarakij et al., 2009). Even if the 

results indicate that this operation mode could offer higher performance compared 

with conventional SOFC system, this work did not take into account the thermal 

management within the integrated systems. 

 

Although the use of pure-H2 or CO2-removed reformed gas as SOFC feed can 

offer fast electrochemical reaction and thus high power density, solid parts in an 

SOFC stack may be damaged due to extreme increase in the irreversibility. Steep 

temperature profile of the solid parts in SOFC cell could be found when severe 

electrochemical reaction takes place. The maximum allowable temperature gradient 

for YSZ which is widely employed as the electrolyte in SOFC is around 10 K cm-1. 

To control the temperature gradient of YSZ at the reasonable value, SOFC feedstock 

should be carefully selected. Moreover the tuning of operating conditions; i.e., 

operating voltage, fuel feed rate and oxidizing agent feed rate which also affect the 

rate of electrochemical reaction is also interesting issue in thermal consideration. To 

investigate thermal behavior in SOFC cell, one dimensional analysis (1-D analysis) is 

an attractive approach. Sorrentino et al. (2008) have employed this simulation method 

for computing the temperature and current density profiles along the flow direction of 

SOFC. It was found that the simulation results can well predict the experimental 

results. 

 

 According to the reasons mentioned above, this research was, hence, focused 

on the biogas-fuelled SOFC system. The objectives of this research were: 

 

1. To predict the boundary of carbon formation for DIR-SOFCs fueled by 

mixtures of methane and carbon dioxide and investigate the influences of electrolyte 

type, operating temperature, extent of electrochemical reaction, and steam/air addition 

on the carbon deposition. 

2. To determine a suitable reforming agent when the fuel processor is 

integrated with a SOFC system fuelled by desulferized biogas. 
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3. To find the best plant configuration of SOFC system fed by desulferized 

biogas considering technical and economic indicators. 

4. To investigate performance and thermal behavior of SOFC system fuelled 

by four types of feedstock; i.e. desulferized biogas, desulferized biogas-reformed 

feed, methane-reformed feed and pure-H2 employing 1-D analysis. 

 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 



CHAPTER II 

 

THEORY  

 

2.1 Fuel Cell Description 

2.1.1 Fundamental principle 

Fuel cells are electrochemical devices that transform the chemical energy 

directly into electrical energy. Generally, the basic physical structure of a fuel cell 

consists of an electrolyte layer in contact with a porous anode on one side and a 

cathode on the other. Fuel cells and batteries are similar in the point of view that both 

of them can generate the electricity via the chemical reaction; however, the batteries 

must be recharged after being used up but fuel cells can be theoretically operated as 

long as raw fuel is continuously fed into them. Generally, most types of fuel cell are 

based on the following chemical reaction (Eq. 2.1). 

 

)(222 2

1
gOHOH →+    (2.1) 

 

As shown in Figure 2.1, fuel cell consists of four main components, i.e. 

electrolyte, anode, cathode and interconnector. The required properties for each 

component can be summarized as follows. 

 

  

 

Figure 2.1 Components of a fuel cell and its operation 
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a) Cathode/anode  

As shown in Figure 2.1, the cathode surrounded in the oxidizing atmosphere at 

high temperature provides pathway of electrons. Therefore, the properties that the 

cathode should have are presented as follows. 

 

- High electronic conductivity  

- Chemical and structural stability during operation and fabrication  

- Suitable thermal expansion with other components (electrolyte and 

interconnector)  

- Less reactivity in the vicinity of the electrolyte and interconnector  

- Sufficient porosity for gas transport into the cathode  

 

For the anode, the high electronic conductivity is also needed. Because the 

anode is operated in the reducing atmosphere as presented in the scheme, the required 

properties are different from that of the cathode. The anode should tolerate a reducing 

atmosphere. In some cases, the anode is used for catalytic reforming reaction in 

hydrocarbon-based fuelled system.  

 

b) Electrolyte  

The electrolyte provides the pathway of ion produced from electrochemical 

reaction at the electrodes. The required properties of electrolyte are:  

- High ion conductivity  

- Less electrical conductivity  

- Thermal stability during operation  

- Dense electrolyte for preventing gas mixing  

 

c) Interconnector  

The interconnector is the component which collects current from the SOFC 

cell; therefore, its required properties are:  

- High electronic conductivity  

- Chemical and structural stability during operation and fabrication  

- Suitable thermal expansion with other components  

- Less reactivity with vicinity electrolyte and interconnector  
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2.1.2 Type of fuel cell 

Fuel cells can be categorized according to the types of electrolyte into the 

following five major types:  

 

1. Proton exchange membrane fuel cell (PEMFC) 

2. Alkaline Fuel Cell (AFC) 

3. Phosphoric Acid Fuel Cell (PAFC) 

4. Molten Carbonate Fuel Cell (MCFC) 

5. Solid Oxide Fuel Cell (SOFC)   

 

The descriptions for these types of fuel cell are summarized in Table 2.1.  

 

Table 2.1 Descriptions for each type of fuel cell (Rayment and Sherwin, 2003): 

 PEMFC AFC PAFC MCFC SOFC 

Electrolyte Ion Exchange 

membrane 

Mobilized or 

Immobilized 

Potassium 

Hydroxide 

Immobilized 

Liquid 

Phosphoric 

Acid 

Immobilized 

Liquid Molten 

Carbonate 

Ceramic 

Operating 

Temperature 

 

353 K 

 

338-493 K 

 

473 K 

 

923 K 

 

1073–1273 K 

Catalyst Pt Pt Pt Ni Perovskite 

Fuels H2 H2 H2 CO, H2 CO, H2, CH4 

Poisons CO, S* CO, CH4, 

CO2, H2O, S* 

CO, S* S* S* 

Diluents CO2, H2O, 

CH4 

- CO2, H2O, 

CH4 

CO2, H2O CO2, H2O 

S* = Sulfur compound for example H2S and COS 

 

Fuel cells have been used as electrical power generators for many stationary, 

mobile and portable applications. To indicate which type of fuel cell is suitable for 

each type of application, the operating temperature and the size of power generation 

can be utilized as the indices.  
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2.2 Solid oxide fuel cell (SOFC) 

 Solid oxide fuel cell is a high temperature fuel cell. Because it employed a 

ceramic as electrolyte, it can reduce corrosion problems which always occur in the 

liquid-phase electrolyte fuel cells. Due to its intermediate to high operating 

temperature (between 873 and 1273 K), it offers several advantages as summarized 

below:  

 

- SOFC offers the highest electrical performance (electricity output to fuel input 

heating value ratio)  

- The solid-phase electrolyte can be utilized as part of the structural members of 

the cells which make the SOFC stack more durable compared to liquid-phase 

electrolyte fuel cells.  

- The internal reforming of fuel gas within the cell is possible. This promotes 

rapid reaction rate even with non-precious materials. 

- The SOFC can generate high quality heat from the electrochemical reaction 

which can subsequently be utilized in other systems such as combined heat 

and power system and SOFC-Gas Turbine system for upgrading the plant 

performance. 

- The SOFC can be applied in a small-scale stationary application. 

- The SOFC is flexible to use various types of fuel, such as methane, methanol, 

ethanol, natural gas or gasoline.  

 

The widely used electrolyte of SOFC is a solid, nonporous ceramic yttria 

(Y2O3)-stabilized zirconia (ZrO2), which can be briefly called as YSZ. Nickel/ yttria-

stabilized zirconia (Ni/YSZ) is chosen as the material in SOFC anode, hence, 

hydrocarbons can be reformed directly in SOFC anode. SOFC cathode is made of Sr-

doped LaMnO3.  

 

2.2.1 Characteristics of SOFC 

2.2.1.1 Open circuit voltage   

Open circuit voltage (OCV) is the maximum possible voltage that can be 

achieved when operated at a specific condition. Due to different concentration of 

components between the anode and the cathode, this causes different potential at the 
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anode and cathode and results in OCV of the cell. OCV drives electrons from one 

electrode to another and generates current.  

 

2.2.1.2 Overpotentials 

Though the OCV is the theoretical maximum possible voltage, the actual 

voltage of SOFC is always less than the theoretical value due to presence of 

overpotentials. Overpotentials can be categorized into four types.  

 

a) Activation overpotential  

Activation overpotential is the overpotential which occurs from 

electrochemical reaction at the electrodes. Some energy is required as an activation 

energy for electrochemical reaction, e.g. adsorption of reactant on the electrode 

surface and desorption of product out of the surface. Normally, activation 

overpotential dominates at low current density and the characteristics curve also 

exhibits non-linear. However, at the high operating temperature like SOFC 

temperature, the rate of this step is very fast, resulting in small value of activation 

overpotentials. The linear characteristics curve can be observed.  

 

b) Ohmic overpotential 

Ohmic loss results from the resistance of flow of electrons through the 

electrodes and an interconnectoror and the resistance of flow of ion passing through 

an electrolyte.  

 

c) Fuel crossover or internal current overpotential 

Generally, an electrolyte should transport only ions through the cell and no 

fuel cross over the electrolyte. However, fuel crossing through an electrolyte or 

electrons leaking to an electrolyte is possible. Normally, fuel crossover loss is very 

small.  

 

d) Concentration overpotential  

Concentration overpotential is caused by the large reduction in concentration 

of fuel or oxidizing agent when operating SOFC at high current density or high fuel 

utilization. The difference between the concentration of gas in the bulk and the 
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concentration of gas on the electrode surface causes this type of overpotential. At 

lower fuel utilization and current density, concentration overpotential is very small. 

 
2.2.2 SOFC system components  

In the electricity generation of SOFC, some additional process equipments are 

required. The processes in addition to the SOFC, which is the most significant process 

for electric generation, are called ‘balance of plant’. Normally, the SOFC system can 

be classified into four major sections: fuel processing section, electric generating 

section, heat recovery section and electric power conditioning section.  

 

2.2.2.1 Fuel processing section 

Prior to be fed to SOFC stack, hydrocarbon fuels should be pre-conditioned in 

the fuel processing section in order to avoid carbon formation in the SOFC stack. 

Considering biogas as fuel, the major equipments in fuel processor are listed below.  

 

- A blower which is used for transporting reactants (fuels and 

oxidants) into equipments.  

- A desulferization process which is used in removing sulfer 

compounds which are prone to SOFC stack and other components. 

- A vaporizer which is used in steam generation before feeding into a 

reformer.  

- A reformer which is employed in converting hydrocarbon fuels 

into the hydrogen fuel for the SOFC unit.  

 

2.2.2.2 Electric generation section 

The main unit operation is an SOFC stack. The synthesis gas from the fuel 

processing section and the preheated air are fed to the anode and cathode, 

respectively. The SOFC produces DC power via electrochemical reaction. 

  

2.2.2.3 Heat recovery section  

The heat recovery system consists of heat exchangers and an afterburner used 

for burning unreacted fuel from the anode chamber with depleted air from the cathode 

chamber. The heat obtained from the afterburner is used to provide energy to other 

equipments. Moreover, the anode off-gas can also be used for preheating streams.  
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2.2.2.4 Electric power conditioning  

The electric power conditioning consists of a direct current-alternating current 

(DC-AC) inverter which is used for converting DC into AC for actual utilization.  

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 



CHAPTER III 

 

LITERATURE REVIEWS 

 

3.1 Biogas source and its application as SOFC fuel 

Up to now, fossil fuels (such as natural gas, oil, etc.) are mostly used in 

electricity generation due to its high heating value. The demand for fossil fuel in 

electrical power generation has significantly increased in the past decade due to the 

rapid changes in global economic activities. This upsurge in fossil fuel consumption 

poses serious fuel supply insecurity and increases the amount of greenhouse gases 

accumulating in the environment. To alleviate these problems, several environmental-

friendly fuels have been proposed as alternatives to conventional fossil fuels. Biogas 

is an attractive fuel as it is derived renewably from the anaerobic digestion of 

biomass. This type of fuel is suitable for Thailand since it can be easily found as 

shown in Table 1.1. It mainly consists of methane (CH4) and carbon-dioxide (CO2), 

both of them are the greenhouse gas. Therefore, the usage of biogas in generating the 

electrical power does not only help relieve the fossil fuel shortage crisis but also 

diminishes the quantities of greenhouse gas released to the environment. 

 

Table 3.1 Quantities of biomass from agricultural activities in Thailand (Biomass 

Potential, Energy for Environmental Foundation, 2006) 

Agricultural product Type of biomass Quantities of biomass (tones per year) 

Rice Husk 100,000 

Rice Rice Straw 1,000,000 

Sugar Cane Bagasse 500,000 

Rubber Sawdust 500,000 

Palm Palm Chips 400,000 

Cassava Cassava Residue 800,000 

Corn Corn-cob 700,000 
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 A common problem for biogas utilization is that most biogas is derived from 

small-scale sources, e.g. farm and municipal wastes. Hence, the use of biogas is 

applicable to a small-size power generation (5-100 kW) (Van Herle et al., 2004). 

Moreover, the biogas composition fluctuates markedly, depending on its source 

(Dayton, 2001). The major components of biogas derived from the anaerobic 

digestion process, on a dry basis, are: CH4 (55-65%), CO2 (30-40%), N2 (1-10%), and 

less than 0.5% O2. Trace anaerobic digester gases include up to 200 ppm H2S, 4 ppm 

halogens, and other hydrocarbons. 

A solid oxide fuel cell (SOFC) is an appropriate technology for generating 

electricity from biogas due to its high efficiency (30-40%) for small size power 

generations (< 20 kW) (Van Herle et al., 2004). Recently, a 100 kW class SOFC 

system fed by biogas has been proposed, and the electrical efficiency of almost 48.7% 

(Van herle et al., 2004) was reported compared to 41.5% of a conventional system 

(Layi Fagbenle et al., 2005). Additionally, its performance is still remarkable even at 

low methane contents in biogas. In laboratory test, the performance of SOFC drops 

only 5% when the biogas composition (CH4:CO2) is reduced from 70:30 to 30:70 

(Jenne et al., 2002). The equimolar CO2/CH4 composition is the most favorite biogas 

composition for SOFC operation. With this feed composition, power densities up to 

51.6 mW/cm2 could be achieved (Goula et al., 2006).  Carbon dioxide presenting in 

biogas could improve the direct internal reforming SOFC (DIR-SOFC) system 

efficiency since it aids the internal reforming in SOFC stack. However, the carbon 

formation is the major problem of this operation (Staniforth and Kendall, 1998).  

 

3.2 H2 generation reaction 

3.2.1 Steam reforming 

 Steam reforming is the highest performance hydrogen generation reaction in 

term of the quantities of H2 generated per mole of reactant. However, it is an 

endothermic reaction; therefore, external heat source is required. Generally, natural 

gas steam reforming and water gas shift reaction (WGS) can operate simultaneously 

at 773 K and are carried out over Ni-supported catalyst (Dicks, 1996). The major 

problem of steam reforming is the coke deposition on the catalyst surface. The coke 

generated is clogged up on the catalyst surface or in its pore which reduces its 

activity. There are many solutions to resolve this disadvantage. In real operation, 

steam to carbon ratio is set to be higher than 1.4 to maintain the catalytic activity.  Air 
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addition can also improve the resistance to coke deposition and reduce the heat energy 

consumption (Dias and Assaf, 2004). In addition, adding some additives such as ceria 

into Ni-supported catalyst has been reported in suppressing the coke deposition 

(Laosiripojana et al., 2005). Alkaline earth oxides can also inhibit the coke formation 

when adding into Ni-supported catalyst (Takeguchi et al., 2002). For performance 

investigation of methane steam reforming, several works concentrated on the 

equilibrium calculations (Hufton et al., 1999; Ding and Alpay, 2000). The kinetic 

study of methane steam reforming was also carried out by Xu and Froment (Xu and 

Froment, 1989). The result obtained is the intrinsic rate equation of methane steam 

reforming which can be extensively used in the performance approximation and 

reformer design of reformer. 

 

3.2.2 Dry reforming 

 Dry reforming or carbon dioxide reforming has been a popular method for 

syngas production. However, like methane steam reforming, its main problem is the 

coke deposition on catalyst surface. The carbon deposition in dry reforming is more 

severe than that in steam reforming (Edwards and Maitra, 1995). It was suggested the 

use of excess CO2 for the dry reforming can reduce the prone to coke formation 

(Assabumrungrat et al., 2006). Nickel and cobalt are usually applied as the catalysts 

for this reaction. Modifications of the catalysts by adding additives such as alkaline-

earth metal oxides and noble metals such as Pt, Ni and Ru showed a major 

improvement on the catalytic stability by reducing the metal oxidation and coke 

deposition (Bouarab et al., 2004; Nagaoka et al., 2004). Effect of promoters such as 

Cu, La and Mo in the Ni catalysts supported on Al2O3 for methane dry reforming was 

also investigated and the results showed that all these promoters can improve both the 

activity and stability of the catalyst (Xiao et al., 2003; Lee et al., 2004; Martinez et al., 

2004). In the performance analysis, both equilibrium model and kinetic model can be 

utilized. For the kinetic study, all kinetic parameters of dry reforming are estimated 

and the rate determining step is also indicated (Cui et al., 2006). These kinetic models 

are the important tools for the reformer design. 

 

3.2.3 Partial oxidation and autothermal reforming 

 Partial oxidation is the interesting syngas processing reaction because it can 

produce syngas without relying on heat from other sources. It can be carried out at 
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high temperature without the use of catalyst (Docter and Lamm, 1999). This feature 

of partial oxidation implies that it can handle much heavier petroleum fractions than 

other catalytic reactions and is therefore suitable in case that diesels or logistic fuels 

play a role as fuel. However, the quantities of H2 generated from partial oxidation per 

mole of fuel are less than those produced from steam reforming reaction. In high 

temperature operation, some soot can normally generate but it can be removed in a 

separate scrubber (Joensen and Rostrup-Nielsen, 2002). Catalytic partial oxidation 

can also take place. Its residence times are very short, in order of milliseconds 

(Hickman and Schmidt, 1992). For natural gas conversion, the catalysts used in partial 

oxidation are Ni and Rh. The selectivities obtained are higher than 90% and the 90% 

conversion can be achieved (Bharadwaj and Schmidt, 1994; Torniainen et al., 1994). 

The other side reactions comprise of further oxidation of hydrogen and carbon-

monoxide product.   

 Autothermal reforming is the combination of the exothermic partial oxidation 

and endothermic steam reforming. With the proper oxygen to carbon ratio and steam 

to carbon ratio, the partial combustion can supply the heat for the endothermic steam 

reforming. Dvorak et al. (1998) determined the relatives of the steam reforming and 

the partial oxidation and the results showed that the oxidation reaction became 

equilibrium faster than the steam reforming over Ni catalyst. However, over 

supported ruthenium catalysts, both oxidation reaction and partial oxidation occur in 

parallel.  

 

3.3 SOFC modeling 

 3.3.1 Electrochemical model 

The set of mathematical models which is called “electrochemical model” is a 

necessary tool for the SOFC system design and performance analysis. In the 

electrochemical model, the correlations used in the calculation of overpotentials in 

SOFC are given. The overpotentials could be divided into three major types; i.e., 

activation overpotential, ohmic overpotential and concentration overpotential. Several 

expressions are proposed to predict the activation overpotential; e.g. semi-correlation 

model (Achenbach, 1994), Butler-Volmer equation (Larminie and Dicks, 2003), Tafel 

equation, etc. The comparison of these correlations was investigated by Hernandez-

Pacheco et al. (Hernández-Pacheco et al., 2005). It was found that Butler-Volmer was 

the best model which gives only 5% error related to the experimental result. The 
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semi-correlation model could well predict the activation loss at the temperature range 

of 1173-1273 K. The activation overpotential is found in both cathode and anode; 

however, the activation overpotential of cathode is higher than that of anode due to 

the lower exchange current density of the former. The activation overpotential 

significantly increases with current density at low current density and gradually 

increases at high current density (Chan and Xia, 2002). The activation overpotential 

vary with current density and anode thickness but inverse to hydrogen molar fraction 

(Costamagna et al., 2004). Moreover, the addition of H2O in fuel stream diminished 

the activation overpotential since H2O could enhance the dissociative 

adsorption/diffusion of H2 on the electrode surface (Jiang and Badwal, 1997; Jiang 

and Badwal, 1999). For intermediate temperature direct internal reforming (IT DIR-

SOFC); cathode activation overpotential represents the major sources of voltage loss 

for co-flow operated at steady state condition (Aguiar et al., 2004). Considering the 

ohmic overpotential, it was found that the electrical conductivities of the 

interconnection and electrodes are extremely higher compared with that of the 

electrolyte. Hence, their influences on the ohmic overpotential can be neglected 

(Ferguson et al., 1996; Ni et al., 2007). For concentration overpotential, several 

models; i.e., Dusty gas model, Stefan-Maxwell and Fick’s law were proposed to 

explain it. The investigation of these concentration loss model was conducted 

(Suwanwarangkul et al., 2003). It was found that Dusty gas model can well predict 

the concentration loss due to the presence of Knudsen effect. Moreover, the 

dimension and size of the anode pore also affects the concentration loss. 

 

3.3.2 Macro-modelling 

 In SOFC system investigation, the electrochemical model given in Section 

3.3.1 is employed in macro-modelling. There are several macro-modelling approaches 

based on their complexities (Bove and Ubertini, 2006). In this study, two approaches 

are considered; i.e. zero-dimensional analysis and one-dimensional analysis. 

 

3.3.2.1 Zero-dimensional analysis 

Zero-dimensional analysis which could be so-called “black box model” was 

the simplest method for the performance evaluation of SOFC stack. This kind of 

approach could save computational time while maintaining an acceptable accuracy in 

the SOFC performances evaluation. With this approach, the variation of operating 
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condition, compositions of anode and cathode gases and power density with cell 

dimension were not taken into account.  SOFC model was considered as one black 

box including the sets of mathematic equation. A zero-dimensional model could be 

developed to investigate the impact of inlet composition, fuel utilization, operating 

temperature and operating pressure on the performance of an SOFC in terms of 

efficiency and characteristic curve. This black box model was always employed in the 

investigation of SOFC based energy systems, e.g. SOFC-GT (combined SOFC and 

gas turbine) system, SOFC-CHP (combined heat and power system), etc. In these 

systems, several unit operations, i.e. SOFC, compressor, fuel processor, burner were 

simulated using independent box models and the results of each box is the input of the 

next box (Costamagna et al., 2001). Lunghi and Ubertini (2001) have used a zero-

dimensional model in studying the performance of different SOFC-GT systems. The 

inputs of the calculations consist of operating temperature, operating pressure, inlet 

gas flow rate, gas composition and fuel utilization. Bove et al. (2005) have studied in 

the change of the characteristic curve with inlet and outlet gas compositions 

employing zero-dimensional approach.    

 

3.3.2.2 One-dimensional (1-D) analysis 

In 1-D analysis, only one geometry dimension of SOFC cell is considered. 

This indicates that the variations of all operating conditions and gas compositions in 

the other dimensions are neglected. This kind of approach can be employed in 

calculating the power density and temperature distribution along the cell length. 

Temperature distribution along the cell length should also receive closer attention 

since large amount of heat could generate in the electrochemical process. With 

inappropriate operating conditions, solid part in SOFC stack may be damaged due to 

extremely increase in its temperature. At the present state-of-the-art of SOFC, YSZ 

using as an electrolyte material, the maximum allowable temperature gradient is 

around 10 Kcm-1(Lim et al., 2005). A selection of suitable feedstock for SOFC is also 

an interesting issue in thermal consideration. Although the use of pure-H2 as SOFC 

feed can offer high power density, its rapid electrochemical reaction may cause high 

temperature gradient in solid part of SOFC. One dimensional analysis (1-D analysis) 

is an attractive technique to investigate the thermal behavior of SOFC stack. 

Sorrentino et al. (Sorrentino et al., 2008) have employed 1-D analysis in investigating 

temperature and current density profiles in the flow direction of planar SOFC fed by 
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reformed gas. The results obtained from the simulation shows the good level of 

accuracy compared with the experimental results. The investigation on the operation 

of indirect internal reforming SOFC (IIR-SOFC) fed by methane employing 1-D 

analysis is performed by Lim et al. (Lim et al., 2005). The results indicated that the 

temperature gradient of SOFC is extremely high at the exit of anode section (entrance 

of reforming section) due to high extent of endothermic steam reforming reaction. 

Several methods were also proposed in this literature to minimize the temperature 

gradient of SOFC, i.e. catalyst activity reduction, the use of nonuniform distributed 

catalyst and autothermal reforming.  

Aguiar et al. (2002) have studied on the thermal behavior of IIR-SOFC 

towards the change in catalyst activity, fuel inlet temperature, current density and 

operating pressure utilizing 1-D analysis. It was concluded that the increase in 

operating pressure can diminish both temperature gradient and overall temperature of 

IIR-SOFC due to the inhibition in reforming reaction rate and the improvement of 

electrochemical reaction rate. The deeply details of the SOFC temperature gradient 

reduction by minimize the catalyst activity was also given by Aguiar et al. (Aguiar et 

al., 2004). With this idea, less active catalyst is used in the reforming chamber of IIR-

SOFC, therefore, the local cooling effect caused from the reforming reaction is 

inhibited. However, the local cooling also generates, causing from the reforming 

reaction of unreacted methane at the entrance of the anode chamber. The results 

indicated that considerable decrease in temperature gradient can be achieved by 

reducing reforming activity of catalyst in both reforming chamber and anode 

chamber.  

 

3.4 Palladium membrane reactor and its application in SOFC system 

In general, the performance of SOFC depends on the composition of fuel gas 

fed to the anode chamber of SOFC.  Baron et al. (2004) have reported that the 

presence of methane in the SOFC feed decreased the SOFC performance due to 

carbon deposition and partial blocking of anode pores. Likewise, the SOFC 

performance also decreases as the amount of carbon monoxide in anode feed gas 

increases due to increases in activation and concentration polarizations (Eguchi et al., 

2002; Baron et al., 2004). The presence of carbon dioxide could also lower the SOFC 

performance via the reverse water gas shift reaction (RWGS) (Suwanwarangkul et al., 

2006). From these reasons, pure hydrogen seems to be an ideal fuel for SOFC; 
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however, it is not available in natural resources. Various types of fuels such as 

alcohols, natural gas, coal and petroleum-based compounds may be used to produce 

hydrogen. Considering the conventional hydrogen generator fuelled by biogas, the 

presence of carbon dioxide (30-40 mol%) in biogas inhibits the production of H2 due 

to the effect of the RWGS. Effendi et al. (Effendi et al., 2005) proposed the 

installation of high-temperature and low-temperature shift reactors with the biogas-

fed reformer. They showed that hydrogen product with the purity of 68 mol% can be 

achieved. To remove carbon dioxide, an adsorption unit can be employed but requires 

high running costs.  

 The use of a hydrogen-selective membrane reactor can offer pure hydrogen 

with high methane conversion. A suitable membrane is chosen based on its ability to 

offer high hydrogen permeability and selectivity. Although some polymeric 

membranes can offer high hydrogen selectivity, they cannot be operated at high 

temperatures necessary for steam reforming reaction. An inorganic membrane 

particularly a palladium membrane is a preferred choice due to its high selectivity of 

hydrogen (Lu et al., 2007). The use of palladium membrane reactors (the combined 

palladium membrane and steam reforming reactor) for hydrogen-generating reactions 

has been widely investigated (Basile et al., 2003; Gallucci et al., 2004; Patel and 

Sunol, 2007). Under this operation, hydrogen gas produced in the reaction side 

permeates through the palladium membrane to the permeation side where pure 

hydrogen is collected. The simultaneous removal of hydrogen from the reaction side 

helps improve the reaction conversion. The increase in the operating pressure at 

permeation side can improve the methane conversion. Moreover, the methane 

conversion in palladium membrane reactor also varies with membrane thickness, 

reactor length and operating temperature (Gallucci et al., 2004). The palladium 

membrane reactor could offer higher methane conversion yield and could be operated 

under milder conditions than the conventional fixed bed reformer (Fernandes and 

Soares Jr, 2006). 

When pure hydrogen instead of a conventional reformed gas is fed to an 

SOFC, a superior SOFC performance is reported (Suwanwarangkul et al., 2006). 

Sangtongkitcharoen et al. (2008) analyzed performance of methanol-fueled solid 

oxide fuel cell system incorporated with a palladium membrane reactor. It was 

demonstrated that when the membrane reactor (operated under high pressure 

compressor mode) is employed, the maximum power density was about 13% higher 
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than that from the system with the conventional reformer. Comparison between the 

two SOFC systems which provide the same net electrical efficiency indicates that the 

SOFC system with the membrane reactor requires a smaller SOFC stack than the 

conventional SOFC system. However, the former requires an extra cost on palladium 

membranes and extra electrical power for operating the compressor for the membrane 

reactor. Preliminary economic analysis reveals that the use of the membrane reactor to 

the SOFC system is not cost-effective due to high cost of palladium membranes. A 

further study was carried out for methane-fed SOFC systems considering three 

operation modes of membrane reactors; i.e., high pressure compressor, combined low 

pressure compressor and vacuum pump and combined high pressure compressor and 

vacuum pump (Vivanpatarakij et al., 2009). Their overall SOFC system 

characteristics are compared with those of the SOFC system with the conventional 

reformer. The economic analysis reveals that the total capital cost/net electrical power 

is dependent on hydrogen recovery, net electrical efficiency and operation mode. At 

high electrical efficiency, the replacement of the conventional reformer with the 

membrane reactor becomes attractive. It was also demonstrated that the combined 

high pressure compressor and vacuum pump is the best operation mode for integration 

with the SOFC system. However, this work did not take into account the thermal 

management within the integrated systems. 

 

3.5 CO2 separation technology 

Currently, there are various available CO2 separation technologies e.g. 

chemical absorption, adsorption and membrane technology (Gottlicher and Pruschek, 

1997). For the absorption technology, a chemical solvent such as monoethanolamine 

is used to absorb CO2 in absorber and CO2 is then released from the solvent at 

stripper. The energy demand in the absorber comprises of the compression and 

pumping of the solvent which consume about 0.03 kWh per kg CO2 removed from the 

gas (Condorelli et al., 1991). When considering the energy consumption for the 

stripper (Regeneration process), it consumes about 0.34 kWh per kg CO2 removed 

(Smelser et al., 1991).  

Membrane technology has been widely tested and presently applied in the 

capture of CO2 in natural gas (Granite and O'Brien, 2005). Compared with CO2 

absorption technology which is conventionally used, membrane technology offers the 



 21 

 

advantages of operational flexibility in handling feed streams with variable flow rates 

and compositions. Polymeric membrane is one of the interesting choices due to its 

low capital investment costs compared with other types of membrane (Alexander 

Stern, 1994). Moreover, the process equipment for the polymeric membrane operation 

is also simple and easy to handle. Selection of polymeric membrane for gas separation 

is based on two parameters; permeability and permselectivity. Polyimide membrane is 

the more attractive gas separator because it offers higher permselectivity and 

permeability compared to membranes derived from other polymers (Shekhawat et al., 

2003). The use of capillary module with polyimide membrane for the CH4 enrichment 

in biogas mixtures (CH4, CO2 and H2S) was also investigated and the results showed 

that CH4 concentration in biogas increases from 55-85% up to 91-94.4% 

(Harasimowicz et al., 2007). Poly(dimethylsiloxane) (PDMS) and poly(1-

trimethylsilyl-1-propyne) (PTMSP) can be utilized in the separation of acid gases 

(CO2 and H2S) from syngas at room temperature due to their high CO2/H2 selectivity. 

Nonetheless, H2 permeance increases at elevated temperature (Merkel et al., 2001). It 

should be noted that a common problem arising from the use of these polymeric 

membranes is the instability of the membranes at high operating temperature (Amelio 

et al., 2007). For the energy consumption using membrane technology, it is in the 

range of 0.04-0.07 kWh/kg CO2 in case of a shifted coal-derived fuel gas. CO shift 

reaction coupled with membrane reactor can diminish the energy losses owing to the 

lower steam demand in the syngas processing part (Bracht et al., 1996). 

The other CO2 separation technology which is under development is the 

removal of CO2 by the carbonation of CaO to CaCO3. The kinetic of carbonation 

reaction is studied by Lee et al (2004). The results indicate that the kinetic model for 

this reaction is distinguished into two regimes; chemical reaction control regime and 

diffusion control regime. The activation energy in the carbonation of the mesoporous 

CaO and CO2 is 72 kJ/mol and 102.5 kJ/mol for chemical reaction control regime and 

diffusion control regime, respectively. The circulating fluidized bed is the interesting 

operation for the CaO-CO2 carbonation reaction since the CO2 capture process can 

take place continuously and CaO particle can be recycled (Grasa et al., 2008). 

However, make-up CaO is required to be fed to CaO-CO2 acceptor due to sintering of 

CaO sorbent after several cycles of carbonation-calcination (Abanades, 2002; Grasa et 

al., 2008) and operating cost also increases. As this technology is installed in the fuel 

processing section, not only CO2 is captured but also the partial pressure of H2 in 
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reformate increases due to the forward shift of water gas shift reaction 

(Balasubramanian et al., 1999; Lee et al., 2006; Wang et al., 2006). The combined 

operation of the carbonation reaction, methane steam reforming reaction and H2-

selective membrane (palladium membrane) is also studied by Chen et al (Chen et al., 

2008). This operation could provide very high hydrogen yields. Moreover, the heat 

supply is not required for the reformer since the heat released from the exothermic 

carbonation reaction could compensate the heat demand in endothermic steam 

reforming reacton. The overall heat required in this process would be supplied to a 

separate calciner performing as a sorbent regenerator. Vivanpatarakij et al. (2008) 

studied on the use of CaO-CO2 acceptor in methane-fuelled SOFC system. It is found 

that the removal of CO2 from syngas prior to be fed to SOFC stack can improve 

SOFC performance. Nevertheless, this configuration is not superior in environmental 

point of view since CO2 generated in SOFC stack via WGS reaction cannot be 

captured and must be released to the environment. The use of the carbonation of CaO 

in the phosphoric acid fuel cell (PAFC) system have also been examined (Iordanidisa 

et al., 2006). The results imply that PAFC can operate at high-efficiency mode despite 

of the high carbon to hydrogen ratio of bio-fuel. 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 



CHAPTER IV 

 

MODELLING 

 

This chapter presents all mathematical models and calculation procedures used 

in the performance evaluation of solid oxide fuel cell (SOFC) fuelled by biogas.  

Several unit operations; e.g., fuel processor, palladium membrane reactor, CO2 

separator, heater, cooler, afterburner, vaporizer, etc., are included in this consideration 

to calculate the actual performances of different SOFC systems. The correlations used 

in the calculation of the boundary of carbon formation of SOFC with different 

electrolytes are given in this chapter. Costing models, expressions and parameters 

used in the economic consideration is also presented in this chapter. It should be noted 

that all mathematical models used in this study are written in Visual Basic. The ideal 

gas is assumed in the thermodynamic calculation in this study. 

 

4.1 SOFC modelling  

In this section, the electrochemical model and the calculation procedures are 

given. The calculations are classified into two levels of consideration; i.e., zero-

dimensional analysis and one-dimensional analysis. In zero-dimensional analysis, 

mass balance, energy balance and electrochemical performance evaluation of SOFC 

stack take place without the consideration of cell dimension. For one-dimensional 

analysis, temperature profiles and power density profiles in SOFC cell are computed 

in order to examine the operating viability and the performance of SOFC. 

 

4.1.1 Electrochemical model 

In this section, equations used for calculating SOFC performances (e.g. open 

circuit voltage, overpotentials, power density, power, electrical efficiency) are 

presented. It should be noted that, for the SOFC stack, Ni-YSZ, YSZ and LSM-YSZ 

are used as the materials in the anode, electrolyte and cathode, respectively. The 

parameters of SOFC stack and operating conditions used in the calculation is given in 

Table 4.1.  
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4.1.1.1 Open circuit voltage 

 The open circuit voltage (E) of the cell can be calculated from the Nernst 

equation which is expressed as:  
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 The actual cell potential (V) is always less than the open circuit voltage (E) 

owing to the existence of overpotentials as shown in Eq. (4.2). The overpotentials can 

be categorized into three main sources: ohmic overpotential ( ohmη ), activation 

overpotential ( actη ) and concentration overpotential (concη ).  

 

   concohmactEV ηηη −−−=                (4.2)  

 

Table 4.1 Summary of model parameters (Ni et al., 2007).  

Parameters Value 

n 

ξ  

Dp 

da 

dc 

L 

TSOFC 

PSOFC 

0.48 

5.4 

1 µm 

750 µm 

50 µm 

50 µm 

1073 K 

1 bar 

 

 4.1.1.2 Overpotentials 

 In the calculation, overpotentials are categorized into three major types; i.e., 

ohmic overpotential, activation overpotential and concentration overpotential. 

 

a) Ohmic overpotential (η Ohm) 

This overpotential is the resistance to flow of electron through the electrodes 

and the interconnections as well as resistance to the flow of ions through electrolyte. 

This voltage drop is the vital one in all types of cells and is linearly proportional to 
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current density (i). Due to the higher electronic conductivity of the electrodes 

compared to the electrolyte, only ohmic overpotential in the electrolyte is concerned. 

Hence, the ohmic overpotential of SOFC can be expressed by (Ferguson et al., 1996): 
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b) Activation overpotential (η Act) 

Activation overpotential is controlled by the kinetics at the electrode surface. 

It is directly related to the activation barrier to be overcome by the reacting species in 

order to conduct the electrochemical reaction. The electrode reaction rate at high 

temperatures is fast, leading to low activation polarization as normally observed in 

SOFC. 

These activation overpotentials in electrodes can be expressed by the Butler-

Volmer equation,  
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In case of SOFC, α  and z are set to 0.5 and 2 (Chan et al., 2001). Therefore, 

the activation potential at the anode and cathode can be explicitly written as: 
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 The exchange current density (i0) for the anode side depends on partial 

pressure of both hydrogen and water as well as the operating temperature (Jiang and 

Badwal, 1997; Jiang and Badwal, 1999). For the cathode side, i0 depends on oxygen 

partial pressure and operating temperature as expressed in Eqs. (4.6)-(4.7) (Fleig, 

2003). The values of all parameters used in the calculation of i0 are given in Table 4.2. 
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Table 4.2 Summary of activation polarization parameters (Ni et al., 2007).  

Parameter Value 

γa (A m-2) 

γc (A m-2) 

Eact,a (J mol-1) 

Eact,c (J mol-1) 

1.344× 1010 

2.051× 109 

1.0× 105 

1.2× 105 

 

c) Concentration overpotential (η Conc) 

The concentration overpotential is the electrical loss owing to the difference 

between the reactant concentration on the reaction site and that in the bulk of the gas 

stream. This is due to the effect of the diffusion of the reactant gas into the pore of the 

electrochemical catalyst. It can be calculated by Eqs. (4.8) and (4.9): 
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where 
2Oδ , Da(eff) and Dc(eff) can be expressed by: 
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The correlation between the effective parameter and the normal parameter can be 

expressed by Eq. (4.15) 
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Knudsen diffusivity can be computed by the correlation below: 
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Ordinary diffusivity can be calculated by Chapman-Enskog equation (Eq. (4.17)) 

(Massman, 1998): 
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where ABσ  is the collision diameter (Å) which is equal to 
2

BA σσ +
. DΩ  is computed 

from (Yakabe et al., 2000): 
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where Tk is equal to 
AB

T

ε
 and A, C, E and G are constants for each gas.   

 

Table 4.3 The parameters used in collision integral computation (Yakabe et al., 

2000). 

 

4.1.2 Zero-dimensional analysis 

The details for the calculation of zero-dimensional analysis consist of mass 

balance, energy balance and calculation procedure. 

  

4.1.2.1 Mass balance equations 

Theoretically, two types of solid electrolytes can be employed in the SOFC; 

i.e., oxygen ion- and proton-conducting electrolytes. The reactions taking place in the 

anode and the cathode can be summarized as follows. 

 

Oxygen ion-conducting electrolyte: 

  Anode:        H2  + O2- = H2O + 2e-      (4.19) 

  Cathode:      O2 + 4e- = 2O2-       (4.20) 

Proton-conducting electrolyte: 

  Anode:       H2  =  2H+ +2e-        (4.21) 

  Cathode:   2H+ + ½ O2 + 2e- = H2O      (4.22) 

 

The difference of the SOFCs with two electrolyte types is the location of the water 

produced. For the SOFC with the oxygen ion-conducting electrolyte (SOFC-O2-), 

water is produced in the anode chamber whereas it appears in the cathode chamber for 

the SOFC with the proton-conducting electrolyte (SOFC-H+). In this study, only 

SOFC-O2- is considered since it could offer superior actual voltage and power density 

compared with SOFC-H+ (Jamsak et al., 2007). The mass balance takes place for each 

small fuel utilization region. 

Parameter A B C D E F G H 

Value 1.06036 0.15610 0.19300 0.47635 1.03587 1.52996 1.76474 3.89411 
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Figure 4.1 The scheme showing the zero-dimensional analysis of SOFC. 

 

The number of moles of each component entering each fuel utilization region 

is given by the following expressions: 
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For cathode’s components 
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 and a

f,CO
n represent moles of methane, steam, 

carbon dioxide, hydrogen and carbon monoxide, respectively, at fuel utilization 
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region f of anode section of SOFC, and c

f,O
n

2
and c

f,N
n

2
 represent moles of oxygen and 

nitrogen, respectively, at fuel utilization region f of cathode section of SOFC. a
f,steam

x , 

a

f,WGS
x  and ef stand for the converted moles associated to the steam reforming reaction 

(Eq. (4.32)), water gas shift reaction (WGS) (Eq. (4.33)) and electrochemical reaction 

(Eq. (4.19)), respectively.  

 

CH4 +  H2O     =   3H2 + CO      (4.32) 

CO  +  H2O   =   H2 + CO2    (4.33) 

 

Only hydrogen is assumed to react electrochemically with oxygen ions. It was 

observed that the H2 electro-oxidation is much faster than the CO electro-oxidation 

(Khaleel et al., 2004) and in addition the rate of WGS reaction is fast at high 

temperatures (Blom et al., 1994; Swaan et al., 1994; Bradford and Vannice, 1996). It 

is also assumed that little amount of methane remaining from the fuel processor is 

consumed via the steam reforming and that the anode compositions always reach their 

equilibrium along the cell length due to the fast kinetics at high temperature. 

Therefore, a

f,ref
x and a

f,WGS
x  are calculated employing the following equations: 
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where fip , , f,refK  and f,WGSK  represent partial pressure of component i, equilibrium 

constant of reforming reaction and equilibrium constant of WGS reaction at fuel 

utilization region f. 
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4.1.2.2 Energy balance equation 

For energy balance around SOFC stack, the heat loss to the environment is 

neglected. The energy equation takes place around the SOFC stack as presented in Eq. 

(4.37).   

 

eoutairoutfuelinairinfuel WHHHH −−−+= ,,,,0    (4.37) 

 

 The isothermal operation is assumed for the electrochemical reaction. To 

achieve a desired temperature of the SOFC stack, heat generated in the SOFC stack 

due to the irreversibility is utilized for air and H2-rich gas preheating. 

  

4.1.2.3 Calculation procedure 

The flowchart of the program used in zero-dimensional analysis is shown in 

Figure 4.2. The mathematical models were programmed using Visual Basic. The 

desired values of anode and cathode inlet flow rate of each gas component (ni,0
a and 

ni,0
c), operating voltage (V), final fuel utilization (Uf, final) and fuel utilization step size 

(∆Uf) are initially input into the program. The calculation begins at the entrance of the 

anode chamber where Uf is equal to zero. The mass balance of each component is 

firstly calculated in the first fuel utilization region employing the sets of equation 

given in Section 4.1.2.1. It should be noted that the extent of electrochemical reaction 

(xe,f) at each fuel utilization region is always equal to ∆Uf. Subsequently, the 

electrochemical calculation performs using the sets of equations shown in Section 

4.1.1. Open circuit voltage (E) is initially computed. The trial and error of current 

density (i) takes place until the difference between E and total overpotentials is equal 

to the operating voltage (V).  SOFC area of this fuel utilization region (Af) is then 

calculated using the following equation: 

 

( )
f

f
f i

UF
A

∆
=

2
    (4.38) 

  

The value of Uf,f is checked whether it reaches the Uf,final or not. If Uf,f is still 

lower than Uf,final, the mass balance and electrochemical calculation are then re-

calculated with a new Uf,f. The iteration runs until Uf,f is equal to Uf,final which means 
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that SOFC operate till it meets the desired value of Uf,final. The performances of SOFC 

are then achieved by electrochemical model. Af derived from the calculation at each 

fuel utilization region are added up to achieve total SOFC area (Atotal).  

 

 

 

Figure 4.2 The flowchart of the program used in zero-dimensional analysis of SOFC. 
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Average current density (iave), average power density (pave) and total electricity 

(We) are also computed employing Eqs. (4.39), (4.40) and (4.41), respectively. 

Finally, energy balance around SOFC stack take place. Temperature of air inlet is 

tuned up until total energy input of SOFC is equal to total energy output of SOFC. 

   

   
( )

total

finalf
ave A

UF
i

,2
=    (4.39) 

   Vip aveave =     (4.40) 

   
total

ave
e A

p
W =     (4.41) 

 

For model validation, the computed results are compared with the 

experimental results of Zhao et al. (2005) and Tao et al. (2005). The feed 

compositions and the SOFC stack dimensions used in model validation are 

summarized in Table 4.4. As shown in Figure 4.3, the simulation shows good 

agreement with the experimental data using pure hydrogen fuel (Zhao and Virkar, 

2005) for all temperature levels particularly at the operating temperature of 1073 K 

which is used in the subsequent studies of this work. Moreover, with inlet gas 

containing various fuel types (CH4-CO-H2), the simulation could also predict the 

experimental data (Tao et al., 2005) well as illustrated in Figure 4.4.  

 

Figure 4.3 Verification of SOFC model for pure hydrogen fuel. 
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Table 4.4 Feed compositions and SOFC stack dimensions used in model validation.  

Parameters Zhao et al. (2005) Tao et al. (2005) 

Fuel compositions (Mole fraction): 

     CH4 

     H2 

     CO 

     CO2 

     N2 

     H2O 

Stack dimensions: 

Type of cell 

 

      n 

     ξ  

     Dp 

     da 

     dc 

     L 

     Stack average temperature 

 

- 

0.97 

- 

- 

- 

0.03 

 

Button cell 

 

0.48 

5.4 

1 µm 

750 µm 

50 µm 

50 µm 

873-1073 K 

 

0.21 

0.4 

0.2 

0.18 

0.01 

- 

 

Planar SOFC with 100 

cm2 active surface area 

0.48 

5.4 

1 µm 

500 µm 

50 µm 

10 µm 

1073 K 

 

 

Figure 4.4 Verification of SOFC model for the feed with CH4, CO and H2 mixtures. 
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The model is further verified with the simulation results for the case with a 

lower concentration of hydrogen. Based on the condition listed in Table 4.5, the 

results shown in Table 4.6 indicate that the calculation results from our model are in 

good agreement with those from the literature (Petruzzi et al., 2003). This strengthens 

confidence in the reliability of the model for SOFC.  

 

Table 4.5 Feed compositions and SOFC stack dimensions used in model validation.  

Parameters Values (Petruzzi et al., 2003) 

Fuel compositions (Mole fraction): 

     CH4 

     H2 

     CO 

     CO2 

     N2 

     H2O 

Stack dimensions: 

Type of cell 

 

      n 

     ξ  

     Dp 

     la 

     lc 

     L 

     Stack average temperature 

 

- 

0.26 

0.24 

0.025 

0.46 

0.015 

 

Planar SOFC with 225 cm2 

active surface area 

0.48 

5.4 

3 µm 

40 µm 

40 µm 

70 µm 

1073 K 

 

Table 4.6 Model validation of the SOFC model.  

  

T = 1073 K 
Petruzzi et 

al., 2003 
Model Error (%) 

Petruzzi et 

al., 2003 
Model Error (%) 

Cell Voltage (V) 0.8 0.8 0 0.75 0.77 2.67 

Electrical Power (W) 62.9 63 0.16 70 71.6 2.29 

Fuel Utilization (%) 70 70 - 80 80 - 
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4.1.3 One-dimensional analysis (1-D analysis) 

Mass and energy balance computations take place for each control volume (1 

mm distance) in the flow direction of the SOFC stack as illustrated in Figure 4.5. To 

simplify the problem, the following assumptions are made: (i) the pressure drop 

across the cell is neglected; (ii) heat radiation between solid components of the cell is 

negligible (Sorrentino et al., 2008); (iii) heat conduction in the solid electrolyte of the 

cell and in the bulk of fluid is neglected (Sorrentino et al., 2008).  

 

 

Figure 4.5 A small element divided for the calculation in SOFC cell. 

 

For pure-H2 feed, only the electrochemical reaction (Eqs. (19) and (20)) takes 

place in the cell anode side. However, for biogas, methane and reformed gas feed, 

steam reforming reaction (Eq. (4.32)) and WGS reaction (Eq. (4.33)) also occur in the 

anode side of the cell. Thermodynamic equilibrium is assumed for the WGS reaction 

in each region since its reaction rate is very fast at high temperature. The rate of the 

reforming reaction in the SOFC stack (Achenbach and Riensche, 1994) can be 

calculated employing Eq. (4.42) and the mass balance equations for each component 

in the anode and cathode sides are given in Eqs. (4.43) and (4.44), respectively. 
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For the energy calculation, excess heat produced in the solid trilayer caused 

from reactions (4.19), (4.20) and the irreversibility of the electrochemical reaction is 

transferred to the anode and cathode channels. Energy balance equations for each 

small element in anode, cathode and solid trilayer are given in Eqs. (45)-(47), 

respectively.  
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A constant operating voltage along the cell length is assumed as the current 

collector usually has high electrical conductivity. A current density and temperature 

of each control volume is calculated employing mass balance equations (Eqs. (4.43) 

and (4.44)), energy balance equations (Eqs. (4.45)-(4.47)) and electrochemical models 

(Section 4.1.1) in order to study the performance and thermal behaviors in SOFC cell. 

The temperature and power density profiles are the outputs of the calculation. In the 

consideration, maximum temperature gradient and maximum temperature in the solid 

trilayer are determined and compared with maximum acceptable temperature gradient 

and maximum acceptable cell temperature. Also, the technical terms, i.e. average 

current density (iave), fuel utilization (Uf), electrical efficiency and %excess air, are 

defined as follows: 
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100% ×
×

=
ratefeedanodefeedanodeSOFCofLHV

powerElectrical
efficiencyElectrical  

(4.50) 

100
2

21.0
%

,4

×
×

=
eqCHF

ratefeedAir
airExcess   (4.51) 

 

It should be noted that for different types of feed, the feed rates are based on the same 

“methane equivalent flow ( eq,CHF
4

)” as defined in Chapter 10. The cell dimensions 

and the operating conditions employed in 1-D analysis are given in Table 4.7. 

 

Table 4.7 Summary of model parameters used in 1-D analysis (Aguiar et al., 2004; Ni 

et al., 2007).  

Parameters Value 

SOFC cell 

    la 

    lc 

    L 

   Cell length 

   Cell width 

   Anode channel height 

   Cathode channel height 

    ha  =  hc 

   Operating pressure  

   SOFC feed temperature  

Reformer 

   Operating temperature 

   Operating pressure 

 

750 µm 

50 µm 

50 µm 

400 mm 

100 mm 

1 mm 

1 mm 

0.2 kJ m-2 s-1 K-1 

1 bar 

998 K 

 

998 K 

1 bar 

 

 

4.2 Fuel processor modelling 

4.2.1 Conventional fuel processor 

 The main reaction in the fuel processor fed by biogas is the dry reforming 

reaction (Eq. (4.52)) due to the high content of carbon dioxide in biogas. When this is 
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supplemented with steam, Eq. (4.32) also takes place in the fuel processor. In a third 

option, air is fed along with biogas to the system so that the exothermic partial 

oxidation (Eq. (4.53)) occurs and provides the energy for the endothermic dry 

reforming and steam reforming.   

 

CH4 + CO2 = 2H2 +        2CO        (4.52) 

CH4 +        1/2O2 = 2H2 +  CO        (4.53) 

 

It should be noted that the mildly endothermic reverse water gas shift reaction 

(RWGS) (Eq. (4.54)) always takes place in the fuel processor due to the presence of 

CO2 in biogas feed. This reaction inhibits the generation of hydrogen.  

  

CO2 + H2 =  H2O +          CO                 (4.54) 

 

The thermodynamic features of dry and steam reforming are similar (since both are 

highly endothermic) while the methane partial oxidation is exothermic. However, 

carbon formation during dry reforming is more severe compared with that of steam 

reforming due to its lower H/C ratio (Edwards and Maitra, 1995). In order to simplify 

the calculations, in this study the fuel processor is assumed to operate at isothermal 

condition and the exit gas reaches its equilibrium composition. In this study, operating 

temperature and pressure of the conventional fuel processor are always kept at 973 K 

and 1 bar, respectively. The relationships of the thermodynamic equilibrium for the 

dry reforming, steam reforming, partial oxidation and RWGS are shown in Eqs. 

(4.55), (4.56), (4.57) and (4.58), respectively.   
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2

COH
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RWGS pp

pp
K =    (4.58) 

 

Where Kk, the equilibrium constant of reaction k, can be calculated from this 

expression: 
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4.2.2 Palladium membrane reactor (PMR) 

 The result in Chapter 6 indicated that steam is the most suitable reforming 

agent for the SOFC system. Given that methane (or biogas) is the feedstock, the major 

reactions taking place in the reactors are methane steam reforming (Eq. (4.32)), water 

gas shift reaction (Eq. (4.33)) and carbon dioxide methanation (Eq. (4.60)).  

 

4H2 + CO2 = CH4 + 2 H2O        (4.60) 

  

 The kinetic rates derived from the experimental results on Ni/MgAl2O4 

catalyst (Xu and Froment, 1989) were used in the calculation. The rate expressions for 

the reactions shown in Eqs. (4.32), (4.33) and (4.60) are given by; 
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H
BK i

ii exp  ; i = CO, H2, CH4, H2O   (4.66) 

 

The parameters used in the rate equations are summarized in Table 4.8.  

 

Table 4.8 Kinetic parameters for methane steam reforming (Xu and Froment, 1989). 

Parameter Pre-exponential factor (A or B) E or ∆H (kJ mol-1) 

 k1 4.225x1015 (mol atm0.5 (g h)-1) 240.10 

 k2 1.955x106  (mol (g h)-1) 67.13 

 k2 1.020x1015 (mol atm0.5 (g h)-1) 243.9 

4CHK  6.65x10-4 (atm-1) -38.28 

OH2
K  1.77x105  (-) 88.68 

2HK  6.12x10-9 (atm-1) -82.90 

COK  8.23x10-5 (atm-1) -70.65 

 

 

A palladium membrane reactor (PMR) can be divided into two main sections, 

i.e., a permeate side and a retentate side. Methane (or biogas) and reforming agent are 

compressed and fed into the retentate side of PMR where three major chemical 

reactions (Eqs. (4.32), (4.33) and (4.60)) take place to generate H2. Due to the 

difference in partial pressure, H2 in the retentate side can permeate through the 

palladium membrane to the permeate side. Therefore, pure H2 can be derived from the 

permeate side of PMR. Generally, hydrogen flux is inversely proportional to the 

membrane thickness and also varies with the operating temperature. The expression 

used for the hydrogen flux calculation is given in Eq. (4.67). 

 

  )pp)(
RT

E
exp(

Q
N 5.0

P,
5.0

R,
P0

222 HHH −
−

=
δ

              (4.67) 

 

The values of the pre-exponential factor (Q0) and the activation energy (EP) are 

6.33x10−7 mol/(m Pa1/2 s) and 15,700 J/mol, respectively (Patel and Sunol, 2007). The 

membrane thickness (δ) is set to be 4.5 µm (Patel and Sunol, 2007).  
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For the calculations, the pressure drop in the reactor was assumed to be 

negligible and the reactor was divided into several small volumes (cf. Figure 4.6). The 

finite difference method was employed in the numerical algorithm. The mass balances 

for the retentate side and permeate side of the membrane reactor are given in Eqs. 

(4.58) and (4.59), respectively. All model parameters used in the calculation of PMR 

are given in Table 4.9. 
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Table 4.9 Summary of model parameters of palladium membrane reactor.  

Parameters Value 

Palladium membrane reactor 

   T 

     P 

   cρ  

     ε  

    d 

    Reactor tube length 

   Number of reactor tube 

 

823 K 

1 bar 

2355 kg/m3 

0.5 

10 mm 

0.15 m 

1000 

 

Hydrogen recovery (ζ) is regarded as the performance indicator of PMR. It is defined 

as the mole of hydrogen extracted by the membrane divided by the mole of hydrogen 

theoretically produced based on the mole of methane feed (4 mol of H2: 1 mol of 

CH4).   
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Figure 4.6 The scheme showing the basic working of the membrane reactor. 

 

The kinetic model and H2 permeation model for the membrane reactor were 

also verified. Again, our modeling results are in good agreement with the 

experimental results reported in the literature (Shu et al., 1995; Gallucci et al., 2004) 

as illustrated in Figure 4.7.  

 

 

Figure 4.7 The comparison of the methane conversion in the fuel processor between 

the modeling results and the experimental results. (sweep gas flow rate = 3.62 x10−5 

mol/s, PR = 1.22 bar, PP = 1.1 bar, H2O/CH4 = 3) 
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4.3 Vacuum pump and compressor 

For the calculation of vacuum pump and compressor, their outlet gas 

temperature and power consumption can be estimated by using Eqs. (4.70) and (4.71), 

respectively (Kaneko et al., 2006). In this study, the efficiency of both the vacuum 

pump and compressor was determined to be 75% (Kaneko et al., 2006). 
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4.4 Afterburner and heat exchanger  

 At the exit of the SOFC stack, the anode and cathode outlet gases are mixed 

for post combustion. Complete combustion was assumed in the afterburner; hence, the 

composition of methane, carbon monoxide and hydrogen in the flue gas were deemed 

to be zero. The heat exchanger was also assumed to operate adiabatically. Negligible 

axial pressure gradient is assumed in this study. 

 

4.5 Membrane Module 

Figure 4.8 shows the configuration of the membrane tube. Feed gas containing 

CO2 is introduced to the inner side of the membrane, called “retentate side”. CO2 

permeates through CO2-selective membrane to the shell side, called “permeate side”. 

To enhance the rate of CO2 removal, the partial pressure of CO2 in permeate side can 

be reduced by using a vacuum pump at the shell side of the membrane. The increase 

in operating pressure at the retentate side can also improve the rate of CO2 removal. 

Steady-state mass balances in both tube and shell sides of the membrane provide:   
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( )iPiR
ii yPxP

pe

dA

dPE
−=

δ
     (4.74) 

  

Where Ri and PEi is flow rate of gas i in the retentate and permeate side, respectively. 

Finite difference method is used in the calculation. The permeation rate of CO2 and 

CH4 is calculated for each small membrane area. Negligible axial pressure gradient is 

assumed in this study. 

 

 

 

Figure 4.8 The configuration of membrane module. 

 

In this study, 6FDA-DAT polyimide is chosen for the separation of CO2 from 

the biogas feed due to its high CO2/CH4 selectivity (Wang et al., 2006). According to 

the high-temperature instability of membrane, the operating temperature of 298 K is 

assumed for these membrane modules. The values of parameters used in the 

calculation for the membrane module are summarized in Table 4.10.  

 

Table 4.10 Membrane thickness and permeability of each gas component 

 Polyimide membrane  

(Wang et al., 2006) 

Membrane Thickness (µm) 0.1 

Permeability (barrer)  

CH4 0.69 

CO2 39.59 

1 barrer = (10-10 cm3 (STP) cm)/(cm2 s cmHg) 
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The model of CO2 separation by membrane is verified. The feed conditions 

and the parameters used in the model are summarized in Table 4.11. Again, our 

results show good agreement with those reported in the literature (Corti et al., 2004) 

as illustrated in Figure 4.9.  

 

Table 4.11 Summary of feed characteristics and parameters used in the model 

verification of membrane separation.  

Parameters Values 

Fuel mass flow rate (kg/s)  

Fuel compositions (Mole fraction): 

     CH4 

     H2 

     CO 

     CO2 

     N2 

     H2O 

Membrane parameters: 

    Material used 

    Membrane thickness (µm) 

    Operating pressure (bar): 

                Permeate side 

                Retentate side 

    Permeability (barrer) at 298 K: 

                CH4 

                CO 

                CO2 

                H2 

                H2O 

5.89 

 

0.068 

0.6714 

0.0068 

0.1627 

- 

0.0911 

 

PDMS 

1.3 

 

1 

10 

 

940 

400 

3200 

500 

10 

  1 barrer = (10-10 cm3 (STP) cm) / (cm2 s cmHg). 
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Figure 4.9 Verification of the membrane separation model. 

 

4.6 CaO-CO2 acceptor system 

As described in Figure 4.10, CO2-rich gas is fed simultaneously with 

circulating CaO at the bottom of the carbonator in which CaO solid is fluidized and 

reacts with CO2 in gas phase (Eq (4.75)). Gas-solid mixture is discharged at the top of 

the bed and separated in the cyclone. Lean-CO2 gas is fed out of CaO-CO2 acceptor 

system and reacted-CaO is heated and then fed into the calciner bed. The calcination 

reaction which is the reverse of the carbonation reaction (Eq. (4.75)) takes place in the 

calcinations bed to regenerate CaO. Make-up CaO is also fed to the system in order to 

keep the capture efficiency to be reasonably high. 

 

CaO + CO2 =  CaCO3    (4.75) 

 

The CO2 capture efficiency is determined as the system performance indicator and 

defined as: 

 

  
gasrichCOtheinbedtheenteringCO

bedtheinCaOwithreactingCO
Ecarb −

=
22

2  (4.76) 
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It depends on the CaO-circulating flow (FR), CaO-make up flow (F0) and CaO 

inventory (WS) in the carbonation bed (Grasa et al., 2008). In this study, FR/FCO2 and 

WS are kept to be constant at 10 and 50 kg, respectively. The calculation focuses on 

the estimation of F0 to achieve the determined capture efficiency. In the calculation, 

plug flow of gas through perfectly mixed CaO bed is assumed. The average maximum 

carbonation conversion (Xave) is firstly calculated employing Eqs. (4.77)-(4.79). 
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Figure 4.10 The scheme showing the basic working of the CaO-CO2 acceptor. 
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The values of k and Xr are 0.52 and 0.075, respectively (Abanades, 2002). The capture 

efficiency can be calculated employing Eqs. (4.80)-(4.82) (Grasa et al., 2008).  
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Mole fraction of CO2 at equilibrium condition (fe) is calculated using Eq. (4.83) (Lee 

et al., 2006). With Eqs. (4.80) and (4.81), two unknown variables, i.e. fa and Ecarb, can 

be estimated. The CO2-rich gas velocity is always controlled to be higher than gas 

terminal velocity (vt). Gas terminal velocity and pressure drop along the carbonation 

fluidized bed can be calculated employing Eq. (4.84) and Eq. (4.85), respectively 

(Walas, 1988).  Model parameters employed in the calculation of CaO-CO2 acceptor 

are summarized in Table 4.12. 
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Table 4.12 Value of model parameters used in the calculation of CaO-CO2 acceptor.  

Parameters Value 

CaO-CO2 acceptor (carbonator) (Alvarez 

and Abanades, 2005; Grasa et al., 2008) 

   T 

    MCaO 

    dp 

   CaOρ  

   
3,CaCOMV  

   emax 

   kS 

  ε  

 

 

973 K 

56 g/mol 

0.3 mm 

3313.6 kg/m3 

36.9 cm3/mol  

50 nm 

4 x 10-10 m4 /(mol.s)  

0.6 

 

 

4.7 Boundary of carbon formation  

 4.7.1 Direct-internal reforming SOFC (DIR-SOFC) 

 In the calculation of the boundary of carbon formation, the equilibrium 

composition of gas mixture in the anode channel of SOFC is initially computed. For 

DIR-SOFC, it can be categorized into two types based on the electrolytes; i.e., the 

oxygen ion-conducting electrolyte (SOFC-O2-) and the proton-conducting electrolyte 

(SOFC-H+). The sets of equation employed in the calculation of equilibrium 

composition for SOFC-O2- are given in Section 4.1.2.1. For SOFC-H+, its mass 

balance equations are almost identical to that of SOFC-O2-. However, the change is 

required for the mass balance of steam component as shown in the following 

equation: 

 

aaaa
fWGSfsteamfOHfOH

xxnn
,,,21,2

−−=
+

   (4.86)  

 

The thermodynamic equilibrium composition can be determined by solving a system 

of nonlinear equations relating the moles of each component to the equilibrium 

constants of the reactions whose values are given in Figure 4.11. 
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Figure 4.11 Values of equilibrium constants. 

 

The following reactions are the most probable carbon formation reactions in 

the system (Pietrogrande et al., 1993).  

 

2CO  =   CO2 + C (Boudouard reaction)   (4.87) 

CH4   =   2H2 + C (Methane cracking)   (4.88) 

CO + H2   =  H2O + C (Reverse carbon gasification)  (4.89) 

 

It should be noted that due to the endothermic nature of the reforming of methane (Eq. 

4.32) and the mildly exothermic nature of the WGS reaction (Eq. 4.33), the amount of 

CO becomes significant at high operating temperature. All reactions are employed to 

examine the thermodynamic possibility of carbon formation by calculating the values 

of their carbon activities (αc) as defined in Eqs. (4.90)-(4.92).  

 

2

2

,
CO

COBou
Bouc p

pK
=α      (4.90) 
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2
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p
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=α �    (4.91) 
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, =α     (4.92) 

 

where KBou, KMC and KRCG represent the equilibrium constants of the reactions (4.87), 

(4.88) and (4.89), respectively, and pi the partial pressure of component i. When αc > 

1, the system is not in equilibrium and carbon formation is observed. The system is at 

equilibrium when αc = 1. It is noted that the carbon activity is only the indicator for 

the presence of carbon in the system.  It does not give the information regarding the 

amount of carbon formed. Finally, when αc < 1, carbon formation is 

thermodynamically impossible. 

To find the range of SOFC operation which does not suffer from the carbon 

formation, the operating temperature and the extent of the electrochemical reaction of 

hydrogen are specified. Then the initial values of the CO2/CH4, or H2O/CH4, or 

air/CH4 ratios are varied and the corresponding values of αc are calculated. The 

carbon formation boundary is defined as the values of these ratios whose value of (1- 

αc) is approaching zero. This value represents the minimum quantity of the reforming 

agent (CO2, or H2O, or O2) at which carbon formation in the equilibrium mixture is 

thermodynamically impossible.  

It should be noted that although recent investigators have estimated the carbon 

concentration in the reforming reactions by the method of Gibbs energy minimization 

(Grace et al., 2001), the principle of equilibrated gas to predict the carbon formation 

in this study is still meaningful since the calculations are carried to find the carbon 

formation boundary where the carbon just begins to form. In addition, other factors 

such as mass and heat transfer or rate of reactions may also affect the prediction of the 

carbon formation boundary. Local compositions which allow the local carbon 

formation may exist, although the carbon formation is unfavorable according to the 

calculations based on equilibrium bulk compositions. Moreover, other forms of 

carbonaceous compounds such as CnHm may be formed and result in comparable 

damages.  

 

 4.7.2 Conventional fuel processor  

The calculation of the boundary of carbon formation of the conventional fuel 

processor is almost similar to that of the anode channel of DIR-SOFC. Eqs. (4.23)-
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(4.29) and (4.34)-(4.36) can be used in the calculation of equilibrium composition of 

the conventional fuel processor; however, the extent of electrochemical is equal to 

zero. The probable carbon formation reactions and the equations employed in the 

estimation of carbon activities in case of the conventional fuel processor are identical 

to those in case of DIR-SOFC (Eqs. (4.87)-(4.92)).  

 

4.8. Economic consideration 

 For the economic analysis, the change in the value of money with time is 

neglected (Interest rate and inflation rate are assumed to be zero.). In the following 

consideration, the electricity output is set to be identical for all scenarios and the 

required biogas (methane) fuel feed rate in each scenario is computed. Therefore, only 

the capital costs of SOFC stack, supplementary equipments; i.e., palladium membrane 

reactor, high-pressure compressor, vacuum pump, CO2 separator and CaO-CO2 

acceptor, and fuel cost were taken into account. The economic indicator considered in 

this study is net cost saving which could be calculated, viz; 

 

Net cost saving   =   Saving in capital cost of SOFC stack   -   Additional cost of 

supplementary equipments   +   Saving in fuel cost (4.93), 

 

where saving in capital cost of SOFC stack is the difference between stack cost of 

conventional SOFC system and stack cost of interested SOFC configuration. Also, the 

saving in fuel cost is equal to the fuel cost of conventional SOFC system minus the 

fuel cost of interested SOFC configuration. Positive net cost saving indicates that the 

interested SOFC configuration is economically superior to the conventional SOFC 

system. The costing models and parameters used in the economic analysis are listed in 

Table 4.13. 

Moreover, the benefit obtained from CO2 capture is evaluated in term of “cost 

of CO2 capture”. The cost of CO2 capture stands for the additional cost (relative to 

CON-SOFC) used in CO2 capture per unit of CO2 capture and is defined as; 

 

)year(timelifePlantx)
a

ton
(captureCOofRate

($)savingtcosNet
)ton/($captureCOofCost

2

2 −=  

          (4.94) 
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Table 4.13 Costing models and parameters used in the economic analysis (Walas, 

1988; Amelio et al., 2007; Palazzi et al., 2007; Vivanpatarakij et al., 2008; Wong et 

al., 2009).  

Costing model 

Cell cost ($) Ccell  =  Asingle cell x 0.1442* 

Number of cells Ncell  =  Atotal/ Asingle cell 

Number of stacks  Nstack  =  Ncell/100 

Fuel cell stacks cost ($) Cstack  =  2.7 x (Ccellx Ncell +                          

            2 x Nstack x Asingle cell x 0.46425) 

Palladium membrane cost ($/kg) 6,700  

Project life time (year) 5 

CaO sorbent ($/ton) 60 

Plant operating hour (h/a) 8,600 

Compressor ($)  Ccompressor  =  1.49 x HP0.71 x 103 

Vacuum pump ($)  Cvacuum pump  =  2.59 x X1.03 x 105 

where: 0.01< X < 0.52 (lbs/h)/(suction 

Torr)  

*A single cell area is fixed at 200 cm2 

 

 

 

 

 

 
 
 
 
 
 
 
 
 
 
 
 
 
 



CHAPTER V 

 

DETERMINATION OF BOUNDARY OF CARBON FORMATION 

 FOR DRY REFORMING OF METHANE IN  

SOLID OXIDE FUEL CELL 

 

In this chapter, boundary of carbon formation for the dry reforming of 

methane in direct internal reforming solid oxide fuel cells (DIR-SOFCs) with 

different types of electrolyte (i.e., an oxygen ion-conducting electrolyte (SOFC-O2-) 

and a proton-conducting electrolyte (SOFC-H+)) was determined by employing the 

detailed thermodynamic analysis. The benefits of the presences of H2O, CO2 and air 

in the SOFC anode chamber on suppression of carbon formation were also 

investigated. 

 

5.1 Introduction 

Recent developments on SOFCs seem to move towards to two main issues; 

intermediate temperature operation and use of other fuels instead of hydrogen. The 

uses of various alternative fuels; i.e., natural gas, bio-ethanol, coal, biomass, biogas, 

methanol, gasoline and other oil derivatives, in SOFCs have been investigated 

(Maggio et al., 1998; Brown, 2001; Douvartzides et al., 2003). As SOFCs are 

operated at such a high temperature, these fuels can be internally reformed at the 

anode side of SOFCs producing a H2-CO rich gas, which is eventually used to 

generate the electrical energy and heat. This operation is called a direct internal 

reforming (DIR-SOFCs). Regarding the global environmental problems and current 

fossil fuel crisis, the development of SOFCs fed by renewable fuels attracts more 

attention as an alternative method for power generation in the near future. Among 

renewable sources, biogas is a promising candidate, since it is produced readily from 

the fermentation of biomasses and agricultural wastes. Typically, biogas consists 

mainly of methane and carbon dioxide. Due to the rich CO2 for biogas, carbon dioxide 

(or dry) reforming reaction would be one of the most suitable processes to convert 
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biogas to hydrogen or synthesis gas (CO and H2) for later utilization in SOFCs or 

other processes.  

However, in order to operate SOFCs on the direct feed of alternative fuels (i.e. 

biogas) rather than hydrogen, several major problems remain to be solved. One of 

them is the problem of carbon deposition on the anode, causing loss of active site and 

cell performance as well as poor durability. The growth of carbon filaments attached 

to anode crystallites can generate massive forces within the electrode structure leading 

to its rapid breakdown (Clarke et al., 1997). A number of efforts have been carried out 

to alleviate this problem. One approach is to search for appropriate anode 

formulations and operating conditions. A number of additives were added to the 

anode to lower the rate of carbon formation. For example, the addition of 

molybdenum and cerium metal oxides to Ni-based anode was reported to reduce 

carbon deposition, and in some cases, to increase fuel conversion (Finnerty and 

Ormerod, 2000; Park et al., 2000). The addition of alkali such as potassium can 

accelerate the reaction of carbon with steam and also neutralize the acidity of the 

catalyst support, hence reducing carbon deposition (Finnerty et al., 1998).  

Another conventional approach to avoid carbon deposition is the addition of 

extra oxidant to the feed. According to the dry reforming of methane, it was suggested 

that the use of excess carbon dioxide in the dry reforming reaction could avoid carbon 

formation (Ruckenstein and Hu, 1995). Experimental studies on the dry reforming 

using an excess of carbon dioxide with carbon dioxide to methane (CO2/CH4) ratios 

of 3/1 and 5/1 over nickel catalyst supported on alumina were carried out. It was 

reported that the rate of disintegration is smaller for the case with higher ratio. 

Selection of a suitable CO2/CH4 ratio is therefore an important issue (Ruckenstein and 

Hu, 1995). Carbon formation can occur when the SOFCs are operated at low 

CO2/CH4 ratio. However, use of high CO2/CH4 ratio is unattractive as it lowers 

electrical efficiency of the SOFCs by the dilution of fuel, yield of hydrogen 

production, and the system efficiency. Consequently, it is necessary to find the 

CO2/CH4 ratio at the boundary of carbon formation whose value represents the 

minimum ratio required to operate the SOFCs at carbon-free condition.     

In this chapter, a detailed thermodynamic analysis is carried out to predict the 

boundary of carbon formation for DIR-SOFCs fueled by mixtures of methane and 

carbon dioxide. The effects of electrolyte type (i.e. oxygen ion-conducting and 

proton-conducting electrolytes), operating temperature, and extent of electrochemical 
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reaction on the required CO2/CH4 ratio are investigated. Thermodynamic calculations 

have taken place to predict the required H2O/fuel ratio for SOFCs fed by methane 

(Sangtongkitcharoen et al., 2005) and methanol (Assabumrungrat et al., 2005). It was 

found that the SOFCs with an oxygen-conducting electrolyte (SOFC-O2-) require less 

H2O/fuel ratio than that with a hydrogen-conducting electrolyte (SOFC-H+) because 

extra water generated from the electrochemical reaction is available for use in the 

anode chamber. In this present work, alternative methods to alleviate the carbon 

formation by adding water or air to the system are also considered as it is practical to 

add these components along with methane and carbon dioxide in the feed to reduce 

the degree of carbon deposition.  

 

5.2 Results and discussion 

Influences of inlet CO2/CH4 ratio on equilibrium compositions of the dry 

reforming reaction in a conventional reactor at isothermal condition (T = 900 K) are 

shown in Figure 5.1. It was found that the amounts of carbon monoxide and hydrogen 

increase with increasing mole of carbon dioxide in the feed, and that some hydrogen 

is converted to water particularly at high CO2/CH4 ratio due to the reverse water gas 

shift reaction (RWGS) and methanation reaction (reverse steam reforming of 

methane). However, at higher operating temperature, the contribution of the 

methanation reaction is much less pronounced due to the high value of the 

equilibrium constant of the steam reforming of methane as shown in Figure 4.11. It 

should be noted that some methane still exists even with high CO2/CH4 ratio at 

moderate temperature of 900 K.  

For SOFC-O2- operation, hydrogen is electrochemically consumed and water 

is generated in the anode chamber. It is shown in Figure 5.2a that negligible amount 

of methane is observed because the consumption of hydrogen moves the dry 

reforming of methane forwardly and, in addition, the steam reforming of methane 

promotes the methane consumption. When the extent of carbon dioxide in the feed is 

increased, lower amount of hydrogen and higher amount of water are observed 

according to the RWGS reaction. For SOFC-H+ operation, hydrogen is also 

electrochemically consumed; however, the electrochemical water appears in the 

cathode chamber and plays no role in the anode reactions unlike in the SOFC-O2-. It 

should be noted that the SOFC-H+ behaves quite similar to a membrane reactor in 
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which the forward reaction is enhanced by removing some products (e.g. hydrogen) 

from the reaction zone. From Figure 5.2b, it was observed that the amounts of 

hydrogen and water involved in the SOFC-H+ are much less than those in the SOFC-

O2-. Moreover, when higher amount of carbon dioxide is added in the feed, more 

hydrogen is converted to water and slight increase of carbon monoxide is observed. 
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Figure 5.1 Effect of inlet CO2/CH4 ratio on mole of each component in a 

conventional reformer (a inCHn ,4
 = 1 mol, P = 101.3 kPa and T = 900 K). 
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Figure 5.2 Effect of inlet CO2/CH4 ratio on mole of each component mole: a) SOFC-

O2-, and b) SOFC-H+ ( a
inCHn ,4

 = 1 mol, e = 1.6 mol, P = 101.3 kPa and T = 900 K). 

 

The effect of inlet CO2/CH4 ratio on the carbon activity for the conventional 

reformer is shown in Figure 5.3. The carbon activity decreases dramatically with 

increasing CO2/CH4 ratio and operating temperature, implying that the opportunity of 

carbon formation can be rapidly decreased by adding CO2 in the system or operating 

the system at high temperature. Increasing the amount of CO2 in the feed promotes 

the consumption of methane and generation of water which reduce the possibility of 

carbon formation. Because the Boudard (Eq. (4.87)) and reverse carbon gasification 

(Eq. (4.89)) reactions are exothermic, the carbon activity significantly reduces at high 

operating temperature. Although the carbon formation from the methane cracking 

(Eq. (4.88)) should be more significant at high temperature, the much higher values of 

the equilibrium constants of the dry and steam reforming reactions compared to that 

of the methane cracking make it become less likely at high operating temperature (see 

Figure 4.11). It should be noted that the carbon activity calculated from Eqs. (4.90), 

(4.91) and (4.92) yield the same value, which is in good agreement with previous 

literatures (Nagata et al., 2001; Sangtongkitcharoen et al., 2005).  
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Figure 5.3 Effect of inlet CO2/CH4 ratio on carbon activity (conventional reactor, 

a
inCHn ,4

 = 1 mol, and P = 101.3 kPa).  

 

Figure 5.4 shows the required CO2/CH4 ratio at the boundary of carbon 

formation for the SOFC-O2- at different temperature and extent of electrochemical 

reaction of hydrogen (e). Lower CO2/CH4 is required for the SOFC-O2- compared to 

that of the conventional reformer due to the presence of electrochemical water in the 

anode chamber. The difference is particularly pronounced at higher extent of 

electrochemical reaction. For the SOFC-H+, at moderate operating temperature (T = 

800-1000 K) when the extent of electrochemical reaction (e) is increased, the lower 

CO2/CH4 ratio is sufficient to alleviate the carbon formation as shown in Figure 5.5a. 

However, the opposite trend is observed at higher operating temperature (T > 1000 K) 

as shown in Figure 5.5b. The trend at lower operating temperature is quite unusual as 

it has been reported earlier for the systems of the steam reforming methane 

(Sangtongkitcharoen et al., 2005) of and methanol (Assabumrungrat et al., 2005) that 

higher H2O/fuel ratio is required at higher extent of electrochemical reaction because 

hydrogen is consumed and no benefit of electrochemical water is realized in the anode 

gas mixture in the SOFC-H+. In addition, it was a general concern for using a 

membrane reactor for dehydrogenation reactions that the carbon formation problem 
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should be more severe due to the removal of hydrogen from the reaction system. 

Therefore, it is likely that for the SOFC-H+, higher carbon dioxide should be needed 

when the extent of electrochemical reaction is higher in the dry reforming system.  
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Figure 5.4 Influence of the extent of electrochemical reaction of H2 on the 

requirement of inlet CO2/CH4 ratio at different operating temperature (SOFC-O2-, 

a
inCHn ,4

 = 1 mol and P = 101.3 kPa). 
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Figure 5.5 Influence of the extent of electrochemical reaction of H2 on the 

requirement of inlet CO2/CH4 ratio at different operating temperature: a) T = 800-950 

K, and b) 950-1100 K (SOFC-H+, a
inCHn ,4

 = 1 mol and P = 101.3 kPa). 

 

To explain the reasons for the unusual behavior of the dry reforming of 

methane in the SOFC-H+ at moderate temperatures (800-1000 K), the moles of each 

species at different CO2/CH4 ratios at T = 900 K for the conventional reactor (Figure 

5.1) and the SOFC-H+ (Figure 5.2b) are compared. Note that because the carbon 

activity of all possible carbon formation reactions provide the same value when the 

gas mixtures are at their equilibrium conditions, for simplicity the carbon activity 

based on the Boudard reaction (Eq. (4.87)) is considered as an example for 

understanding the behavior of the system when carbon dioxide is added to the system. 

From the figures, when hydrogen is electrochemically removed from the anode gas 

mixture, the dry reforming of methane moves forwardly, resulting in low content of 

CH4 in the gas mixture. It is observed that the mole of CO in the gas mixture for the 

SOFC-H+ is less dependent on the CO2/CH4 ratio than that for the conventional 

reactor because the RWGS plays less significant role when smaller amount of 

hydrogen is present in the system. Consequently, the value of the carbon activity 

(K1pCO
2/pCO2) for the SOFC-H+ decreases with the increase of the CO2/CH4 ratio more 
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rapidly than that for the conventional reactor and, therefore, reaches the boundary of 

carbon formation (αc = 1) at lower value of CO2/CH4 ratio.  

In real operation, it is unlikely to add carbon dioxide to the system to suppress 

the carbon formation. Other components such as water and air are more practical 

choices. The calculations were carried out to find the required H2O/CH4 or air/CH4 

ratio for different inlet CO2/CH4 ratio, extent of electrochemical reaction and 

operating temperature. This information is important for selecting a suitable feed 

composition which is safe from the carbon formation problem. Figures 5.6 and 5.7 

show the H2O/CH4 ratio at the boundary of carbon formation for different CO2/CH4 

ratio in the feed for SOFC-O2- and SOFC-H+, respectively. It was found that for the 

SOFC-O2- the required H2O/CH4 ratio decreases with the increases of inlet CO2/CH4 

ratio, extent of electrochemical reaction and operating temperature. The operation at 

high extent of electrochemical reaction and high temperature significantly reduces the 

risk from carbon formation. For the SOFC-H+, the required H2O/CH4 ratio also 

decreases with the increases of inlet CO2/CH4 ratio and operating temperature. Higher 

H2O/CH4 ratio is required at higher extent of electrochemical reaction. However, the 

reverse trend is observed when the system is operated at moderate operating 

temperature (T = 900 K) with high inlet CO2/CH4 ratio (approximately higher than 

1.5) which is in good agreement with the previous case in which only carbon dioxide 

was used as the carbon suppresser. When comparing between the required H2O/CH4 

ratio of the case with no carbon dioxide present in the inlet feed (CO2/CH4 ratio = 0) 

and the required CO2/CH4 of the case without the addition of water for both SOFC-

O2- and SOFC-H+, it is clear that water shows more pronounced influence on 

inhibiting the carbon formation than carbon dioxide particularly at low operating 

temperature. The results also reveal that for the SOFC-H+ the extent of 

electrochemical reaction has no significant effect on the required H2O/CH4 ratio at 

high temperature. It should be noted that when comparing between the dry reforming 

and the steam reforming of methane with addition of carbon dioxide and water, 

respectively, as the components for inhibiting the carbon formation, the addition of 

water always provides beneficial effect to the system as water reacts with methane to 

reduce the extent of methane and it also reacts with carbon monoxide to reduce the 

extent of carbon monoxide, forming hydrogen and carbon dioxide. The presence of 

high amounts of carbon dioxide, hydrogen and water is important for preventing the 
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carbon formation in the system. For the case with addition of carbon dioxide, 

although extra carbon dioxide promotes the consumption of methane from the dry 

reforming reaction, carbon dioxide unlike water does not help reduce the extent of 

carbon monoxide in the system. In addition, more carbon monoxide can be generated 

by the RWGS reaction.  
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Figure 5.6 Required inlet H2O/CH4 ratio at different inlet CO2/CH4 ratio: a) T = 900 

K, b) T = 1050 K and c) T = 1200 K (SOFC-O2-, a
inCHn ,4

 = 1 mol and P = 101.3 kPa).  
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Figure 5.7 Required inlet H2O/CH4 ratio at different inlet CO2/CH4 ratio: a) T = 900 

K, b) T = 1050 K and c) T = 1200 K (SOFC-H+, a
inCHn ,4

 = 1 mol and P = 101.3 kPa).  

 

When air is used as an alternative oxidant for preventing the carbon formation, 

oxygen in air can react with methane, carbon monoxide or hydrogen whose products 

are beneficial for preventing the carbon formation. Figures 5.8 and 5.9 show the 
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required air/CH4 ratios for the SOFC-O2- and SOFC-H+, respectively. It was found 

that the similar trend as that of the addition of water is observed for both cases. It 

should be noted, regarding the advantage of air addition, that although the presence of 

nitrogen dilutes the partial pressure of hydrogen in the anode gas mixture which 

results in lower fuel cell performance, the exothermic heat from the oxidation 

reactions is useful for the endothermic dry reforming reaction in the system. 
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Figure 5.8 Required inlet air/CH4 ratio at different inlet CO2/CH4 ratio: a) T = 900 K, 

b) T = 1050 K and c) T = 1200 K (SOFC-O2-, a
inCHn ,4

 = 1 mol and P = 101.3 kPa).  

 

0 1 2 3 4 5 6
0

0.8

1.6

2.4

3.2

CO2/CH4 ratio (-)

ai
r/

C
H

4 
ra

tio
 (

-)

e = 1 mol

e = 0 mol

e = 1.6 mol

e = 0.6 mol

e = 1.4 mol

e = 1.8 mol

e = 1.9 mol

(a) 

 



 69 

 

0 0.3 0.6 0.9 1.2
0

0.5

1

1.5

2

2.5

3

CO2/CH4 ratio (-)

ai
r/

C
H

4 
ra

tio
 (

-)

(b) 

0 0.2 0.4 0.6 0.8 1
0

0.2

0.4

0.6

0.8

1

1.2

1.4

1.6

1.8

2

2.2

2.4

CO2/CH4 ratio (-)

ai
r/

C
H

4 
ra

tio
 (

-)

(c) 

 

Figure 5.9 Required inlet air/CH4 ratio at different inlet CO2/CH4 ratio: a) T = 900 K, 

b) T = 1050 K and c) T = 1200 K (SOFC-H+, a
inCHn ,4

 = 1 mol and P = 101.3 kPa).  
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5.3. Conclusions 

Thermodynamic analysis was employed to predict the boundary of carbon 

formation for DIR-SOFCs. It was found that the required CO2/CH4 ratio to prevent 

the carbon formation is determined by operating temperature, electrolyte type and 

extent of electrochemical reaction. Operation at high temperature dramatically 

reduces the required inlet CO2/CH4 ratio. The benefit of the presence of 

electrochemical H2O in the anode chamber on suppression of carbon formation is 

realized in the SOFC-O2- which results in lower requirement of CO2/CH4 ratio. For 

the SOFC-H+, due to the disappearance of H2 without gaining the benefit of the 

electrochemical H2O in the anode chamber, higher CO2/CH4 ratio is necessary. 

However, at moderate temperature (T = 800-1000 K) the unusual opposite trend was 

observed. The additions of water and air in a feed with a certain inlet CO2/CH4 ratio 

were considered as alternative strategies for suppressing the carbon formation. Water 

is a more effective choice than CO2 particularly at low temperature. Although air is 

less attractive than water, the benefit of the exothermic heat from the reactions with 

oxygen may make the system become interesting. 

It should be noted that although the thermodynamic calculations can be used 

to predict the boundary of carbon formation, the deactivation of anode is not solely 

the result from the deposition of carbon. Deposition of other forms of carbonaceous 

compounds such as polymeric coke (CnHm) may result in comparable damage. 

Therefore, the results obtained in this study should be considered only as crude 

guideline for selecting suitable operating conditions of SOFCs and other related 

reactors.  

 

 

 

 

 

 

 

 

 



CHAPTER VI 

 

SELECTION OF APPROPRIATE FUEL PROCESSOR FOR 

BIOGAS-FUELLED SOFC SYSTEM 

 
 In this chapter, the performance of desulferized biogas-fuelled SOFC systems 

utilizing different reforming agents (steam, air and combined air/steam) was 

investigated via thermodynamic analysis to determine the most suitable feedstock.  

The boundary of carbon formation was initially calculated to specify the minimum 

amount of each reforming agent necessary to avoid carbon formation. The effect of 

the reforming agent type, the quantity of reforming agent and the feed quality on the 

performance of biogas-fuelled SOFC systems were also examined. The electrical 

efficiency and power density were computed as performance indicator.  

 

6.1 Introduction 

Generally, an SOFC system can be divided into three main parts: 1) a fuel 

processor to reform the raw fuel into hydrogen gas, 2) SOFC stacks which 

subsequently generate electricity and useful heat from the reformed gas and 3) an 

afterburner where the residual fuel is combusted in order to supply heat to the 

preheaters and the fuel processor. Within the fuel processor, four main chemical 

reactions, namely; steam reforming, dry reforming, partial oxidation and autothermal 

reforming are possible (Ferreira-Aparicio et al., 2005). Dry reforming is perhaps the 

most interesting option for the SOFC system fed by biogas since the major 

components of the biogas are carbon dioxide and methane. However, it gives less 

hydrogen yields compared with steam reforming reaction. For steam and dry 

reforming, an external heat source is required to supply the endothermic fuel 

processor and to preheat the reforming agent (steam and CO2) and this reduces the 

overall efficiency of the fuel processor. This problem can be overcome by applying an 

exothermic partial oxidation reaction which utilizes air as the reforming agent. 

However, it is accompanied by a lower hydrogen yield. Moreover, the hydrogen 

partial pressure of the gas product obtained from the partial oxidation is low due to 

the dilution effect of nitrogen present in air. In order to circumvent this drawback, the 
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partial oxidation can operate simultaneously with steam reforming to improve 

hydrogen yield in a route referred to as autothermal reforming. If methane is the fuel, 

autothermal reforming leads to a higher efficiency (93.9 %) -  defined as the lower 

heating value (LHV) of hydrogen generated divided by the LHV of the methane fuel -  

than that of the steam reforming (91.3 %) even though the latter gives a higher 

hydrogen yield. This is because higher heating power is required to generate steam in 

the case of the steam reforming. In addition, steam reforming is more prone to carbon 

formation compared to the partial oxidation and autothermal reforming (Ahmed and 

Krumpelt, 2001).  

When biogas is considered as a feedstock for the fuel processor, dry reforming 

may become a co-reaction due to the large amount of CO2 present in biogas. 

However, the quantity of carbon dioxide available is not sufficient to convert all 

methane in biogas into hydrogen. Air and steam are the common reforming agents to 

combine with CO2 in the fuel processor. The combination of the dry reforming with 

partial oxidation helps reduce the reformer size and softens the operating conditions. 

Furthermore, the desired H2/CO ratio can be achieved by tuning the composition of 

the reforming agent (Vernon et al., 1992; O’Connor and Ross, 1998; Rostrup-Nielsen, 

2002). Combined steam and dry reforming gives a higher H2:CO ratio compared to 

sole dry reforming, however, large amount of heat must be supplied to the fuel 

processor (Froment, 2000; Rostrup-Nielsen et al., 2002).  

Although the advantages and disadvantages of the use of each reforming agent 

in the fuel processor have been widely reported (Froment, 2000; Rostrup-Nielsen et 

al., 2002), the determination of a suitable reforming agent when the fuel processor is 

integrated with an SOFC system is still a matter for further investigation. The 

performance analysis of integrated biogas-fed SOFC systems should provide better 

insights into proper selection guidelines and hence, the rationale for this study. 

Thermodynamic analysis was performed to compare the relevant performance indices 

(overall electrical efficiency and the power density) of the SOFC systems with 

different reforming agents.  

 

6.2 SOFC system configurations  

Three biogas-fuelled SOFC systems are considered in this chapter, i.e. SOFC 

using steam as the reforming agent (steam-fed SOFC), SOFC using air as the 

reforming agent (air-fed SOFC) and SOFC using both air and steam as the reforming 
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agents (co-fed SOFC). The plant configuration for the steam-fed SOFC is illustrated 

in Figure 6.1a. Several unit operations are included in this configuration consisting of 

a fuel processor, SOFC stack, an afterburner, a mixer, a vaporizer and preheaters. 

Steam is generated via the vaporizer, preheated and then mixed with biogas. The 

mixture gas is then fed into the fuel processor. In the fuel processor, the steam 

reforming, dry reforming and WGS take place to produce H2-rich gas and the total 

heat consumed in these reactions is supplied from heat generated in the afterburner. 

The H2-rich gas produced in the fuel processor is fed into the SOFC stack where the 

electrical energy is generated. The heat generated in the SOFC stack due to the 

irreversibility is utilized for air and H2-rich gas preheating. The residue fuel gas 

released from the SOFC stack is burned up in the afterburner in order to supply heat 

to the vaporizer and the fuel processor. A high temperature flue gas which mainly 

contains carbon dioxide and steam released from the afterburner is used in preheating 

biogas, steam and oxidizing agent (air) before being discharged to the environment at 

low temperature. For the calculation, the flue gas temperature released from the 

system is kept at 473 K. To achieve a desired temperature of the SOFC stack, an 

oxidizing agent (air) temperature is tuned up employing the energy balance in the 

SOFC stack. The energy self-sufficient point is also found out in this study. A trial-

and-error is performed by tuning the fuel utilization until the total energy generated in 

the system is equal to the total energy consumption (ΣQendo-ΣQexo = 0). 

 

(a) 
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 (b) 

 

 

(c) 

 

Figure 6.1 The plant configurations for a) the steam-fed SOFC, b) the air-fed SOFC 

and c) the co-fed SOFC. 

 

For the air-fed SOFC, its plant configuration and calculation procedure are 

almost similar to that of the steam-fed SOFC as illustrated in Figure 6.1b. However, it 

is difficult for the former one to achieve the energy self-sufficient operation. Its heat 



 75 

 

demand is extremely lower than that of the steam-fed SOFC since the partial 

oxidation which takes place in its fuel processor is exothermic. Therefore, almost all 

hydrogen in the anode gas can be utilized in the SOFC stack for the air-fed SOFC and 

the power density also reduces following to the increase in the fuel utilization. To 

achieve a reasonable power density, the hydrogen mole fraction of the SOFC anode 

output stream is controlled to be higher than 1.5 mol%. In this case, the heat residue 

from the afterburner is fed into the steam turbine to generate more electricity. The 

electrical efficiency of steam turbine is assumed to be 30%.  

According to the plant configuration of the co-fed SOFC, most of the 

configurations and calculation procedures are identical to that of the air-fed SOFC as 

illustrated in Figure 6.1c; nevertheless, more heat is generated in the afterburner than 

the former in order to generate steam. It should be noted that, in all cases, the 

quantities of air fed as the oxidant into the SOFC cathode are 5 times of theoretical air 

required to combust the biogas fuel. The excessive amount of air is required in order 

to avoid the overheating of the stack which would cause cell damages. Operating 

temperature of each fuel processor and SOFC stack is kept to be 973 K and 1073 K, 

respectively. 

 

6.3 Results and discussion  

The boundaries of carbon formation indicating the minimum amount of a 

reforming agent required to avoid the carbon formation for the biogas steam 

reforming and partial oxidation are illustrated in Figures 6.2a and 6.2b, respectively. It 

is obvious that less reforming agent (steam or air) is required in order to inhibit the 

carbon formation when the reforming temperature increases. In fact, the moles of 

reforming agent per methane required decreased almost hyperbolically with 

temperature attaining nearly constant value beyond about 1173 K. Biogas with a 

higher content of methane is more prone to carbon formation than that with a lower 

amount of methane. These trends are corresponding well with the previous literatures 

(Edwards and Maitra, 1995; Assabumrungrat et al., 2006).  



 76 

 

(a) 

 

(b) 

 

Figure 6.2 Boundary of carbon formation for the biogas-fed fuel processors with 

different reforming agents; a) steam and b) air. 

 

The effect of fuel utilization and steam contents on the energy self-sufficient 

point and power density of the steam-fed SOFC were firstly investigated as shown in 

Figure 6.3. With low steam contents, high fuel utilization is required to achieve 

energy self-sufficient point since heat loads in steam heater and fuel processor are 

low. The operation at high fuel utilization of steam-fed SOFC offers low power 
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density due to the lack of H2 at the outlet of SOFC stack. For the energy self-

sufficient mode (∆Q = 0), the operation at high steam contents is desired for the 

steam-fed SOFC to achieve utmost power density. This can be explained by the fact 

that the presence of large amount of steam in SOFC anode feed can reduce the 

activation loss in SOFC as described in Eq. (4.6). However, the operation at high 

steam contents causes higher heat contents in the flue gas and the electrical efficiency 

of steam-fed SOFC is thus inhibited as illustrated in Figure 6.4. Hence, intermediate 

value of steam content is desired for steam-fed SOFC for offering reasonable power 

density and electrical efficiency.  

 

 

Figure 6.3 The effect of fuel utilization and steam contents on the power density and 

energy self-sufficient point of steam-fed SOFC. (V= 0.64 V and CH4:CO2 = 60:40) 

 

The composition of biogas (CH4:CO2) varies with its source; therefore, the 

effect of biogas composition on SOFC performance should be also investigated. As 

shown in Figure 6.5, high fuel utilization is required for SOFC fuelled by biogas with 

low CH4 contents in energy self-sufficient operation, and the power density of steam-

fed SOFC increases as CH4 contents in biogas increase. As the methane content in the 

biogas increases, the reformed gas contains hydrogen at a higher concentration and, 

therefore, a higher power density is achieved. Moreover, the smaller content of CO2 in 
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the biogas reduces the energy loss by the exhaust gas of the system. Consequently, the 

electrical efficiency is improved as observed in Figure 6.4. 

 

 

Figure 6.4 The effect of steam contents on electrical efficiency of steam-fed SOFC. 

 

  

 

Figure 6.5 The effect of fuel utilization and CH4:CO2 ratios in biogas on the power 

density and energy self-sufficient point of steam-fed SOFC. (V= 0.64 V and H2O/CH4 

= 2.5) 
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 As discussed above, the energy self-sufficient operation at each operating 

condition can be achieved as the fuel utilization is well selected. Figure 6.6 shows the 

performance of steam-fed SOFC operating at energy self-sufficient point at different 

operating voltage and steam contents. The optimum operating voltage which offers 

utmost power density is found at each H2O/CH4. As the operating voltage is lower 

than the optimum value, the power density increases as operating voltage decreases 

due to the increase in H2 consumption in SOFC stack (fuel utilization). However, this 

benefit is not observed for the operation at excessively low operating voltage. The 

superior power density is found for SOFC operating at higher steam contents. 

Operating at H2O/CH4 of 4, the power density of steam-fed SOFC can reach 0.446 

W/cm2 as its optimum operating voltage is 0.52 volt. This value of power density is 

far higher than that of SOFC operating at H2O/CH4 of 2.5 which its optimum 

operating voltage and power density are 0.58 volt and 0.398 W/cm2, respectively. 

However, the electrical efficiency drops from 46.81 % to 38.39 % as H2O/CH4 

increases from 2 to 4 as described in Figure 6.4. 

 

 

Figure 6.6 The effect of operating voltage and steam contents on the power density of 

steam-fed SOFC operating at energy self-sufficient point. (CH4:CO2 = 60:40) 

 

 Unlike the steam-fed SOFC, heating energy is not required for the steam 

generator and the fuel processor for air-fed SOFC. Moreover, heating energy can be 
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generated in the fuel processor. This is due to the exothermicity of the partial 

oxidation reaction which takes place in the fuel processor.  Hence, air-fed SOFC can 

operate at high fuel utilization. However, hydrogen fuel cannot be used entirely in the 

SOFC stack, as some fuel must remain in the SOFC outlet stream in order to maintain 

a high power density for the SOFC. Figure 6.7 shows that the power density of air-fed 

SOFC decreases as the fuel utilization increases. This implies that the power density 

of air-fed SOFC can be improved as hydrogen fuel content remaining in the SOFC 

outlet stream increases. 

 

 (a) 

(b) 

Figure 6.7 The effect of the fuel utilization on the power density and electrical 

efficiency at different (a) O2/CH4 (CH4:CO2 = 60:40) and (b) CH4:CO2 ratios in 

biogas (O2/CH4 = 0.6). (V = 0.64 V) 
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 The effect of variation in the O2:CH4 ratio was also investigated. As shown in 

Figure 6.7a, the power density of air-fed SOFC decreases as air content increases. The 

decrease in power density is mainly due to the significant increase in inert nitrogen in 

the inlet stream (anode). Like in case of the power density, the electrical efficiency 

dwindles as O2/CH4 increases. The decrease in the electrical efficiency may be 

ascribed to the excessive air fed to the reformer, occasioning higher energy loss from 

the increased amount of exhaust gas. Similar to the case of the steam-fed SOFC, both 

plant efficiency and power density improve as the quantity of methane in biogas 

increases as illustrated in Figure 6.7b. Although low O2:CH4 ratio can improve both 

power density and electrical efficiency of air-fed SOFC, the issue of carbon formation 

should be also carefully considered. As described in Figure 6.2b, O2:CH4 should be 

higher than 0.5 which is boundary of carbon formation for the operation at 973 K.  

 

 

Figure 6.8 Electrical efficiency and power density of air-fed SOFC at different 

operating voltage and air contents. (CH4:CO2 = 60:40) 

 

Figure 6.8 shows the effect of the variation of the operating voltage and 

O2/CH4 on the system performance of air-fed SOFC. Unlike the steam-fed SOFC, air-

fed SOFC cannot offer energy self-sufficient operation. Hence, for the calculation of 

air-fed SOFC, the fuel utilization is tuned up until the hydrogen mole fraction of the 

SOFC anode output stream is controlled to be higher than 1.5 mol% to achieve 
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reasonable power density and electrical efficiency. Similar to the case of steam-fed 

SOFC, the optimum operating voltage which offers utmost power density is also 

found in air-fed SOFC. As shown in Figure 6.8, the operation at high air contents is 

not desirable for air-fed SOFC. For the operation at O2:CH4 ratio of 0.6 which is the 

condition that is not prone to carbon formation, air-fed SOFC fuelled by biogas with 

CH4:CO2 ratio of 60:40 offers the power density and electrical efficiency of 0.218 

W/cm2 and 41.44 %, respectively for the optimum operating voltage of 0.59 volt.  

Compared with the case of the steam-fed SOFC, the power density is much 

lower. This is due to the fact that the partial oxidation reaction (Eq. (4.53)) can 

produce only two moles of hydrogen per mole of methane compared with three moles 

of hydrogen per mole of methane in the case of the steam reforming reaction (Eq. 

(4.32)). In addition, the high proportion of nitrogen present in air also reduces the 

hydrogen concentration in the reformed gas. Consequently, the hydrogen partial 

pressure of the product gas derived from the partial oxidation is lower than that 

derived from the steam reforming, leading to a lower SOFC power density.  

As a third option, the co-fed SOFC was also investigated. Unlike the steam-

fed SOFC, there is no energy supplied to the fuel processor due to the participation of 

exothermic partial oxidation reaction; however, some heating energy produced in the 

afterburner must be supplied to the vaporizer to generate steam. Furthermore, the 

residue heat from the co-fed SOFC system is supplied to the steam turbine to generate 

more electricity like in the case of the air-fed SOFC. The plant electrical efficiency 

and the power density at different O2:CH4 and H2O:CH4 ratios are illustrated in Figure 

6.9. In this study, the biogas composition (CH4:CO2) is kept at 60:40. Like the case of 

steam-fed SOFC, the electrical efficiency of the co-fed SOFC decreases, and the 

power density of co-fed SOFC increases with the increase in the steam content. 

However, the change in these performance indicators of co-fed SOFC is extremely 

smaller compared with that found in steam-fed SOFC. Similar to the air-fed SOFC, 

the power density and electrical efficiency of co-fed SOFC decrease as the O2:CH4 

ratio increases due to the presence of large amount of nitrogen in air. The electrical 

efficiency of co-fed SOFC is improved as the operating voltage increases. The 

optimum operating voltage which offers ultimate power density is also found like in 

case of the other SOFC systems.  
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(a) 

 

 

(b) 
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(c) 

 

(d) 

 

Figure 6.9 Electrical efficiency and power density of co-fed SOFC operating at 

H2O:CH4 ratios of (a) 1, (b) 1.5, (c) 2 and (d) 2.5 at different operating voltage and air 

contents. (CH4:CO2 = 60:40) 

 

In order to select a suitable reforming agent, the performance of the SOFC 

systems with different reforming agents is compared as shown in Figure 6.10. It is 

obvious that steam is the most attractive reforming agent for the biogas-fed SOFC 
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regarding the power density. The power density and electrical efficiency of air-fed 

SOFC are much lower due to the high content of nitrogen in air. By adding air to the 

steam-fed SOFC, the electrical efficiency can be slightly improved but the power 

density extremely reduced. Because the stack is among the most expensive part of the 

SOFC system, it is likely that the use of steam as the reforming agent is the most 

suitable for the biogas-fed SOFC although the electrical efficiency is slightly lower 

than the use of combined steam and air. 

 

(a) 

(b) 

Figure 6.10 SOFC performance: a) overall electrical efficiency and b) power density 

(CH4:CO2 = 60:40). 
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6.4 Conclusions 

 Performance of the desulferized biogas-fed SOFC systems with different 

reforming agents (steam, air and combined steam/air) was determined in order to find 

a suitable reforming agent. The boundary of carbon formation was firstly calculated to 

specify a minimum amount of each reforming agent necessary to avoid carbon 

formation. For the steam-fed SOFC, when the amount of steam increases, the power 

density always increases. Inversely, the electrical efficiency decreases with steam 

contents. For the air-fed SOFC, both power density and electrical efficiency always 

decrease with the increased amount of air due to the dilution effect of nitrogen in air. 

However, the intermediate air content is desired for air-fed SOFC to alleviate the 

carbon formation. Steam is considered to be the most suitable reforming agent in this 

study as the steam-fed SOFC offers much higher power density and electrical 

efficiency than the air-fed SOFC. When steam is added in the air-fed SOFC as in the 

case of the co-fed SOFC, both electrical efficiency and power density can be 

improved; however, its power density cannot reach the power density of steam-fed 

SOFC. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



CHAPTER VII 

 

PERFORMANCE OF BIOGAS-FED SOLID OXIDE FUEL CELL 

 SYSTEMS INTEGRATED WITH CO 2  

CAPTURE TECHNOLOGY  

 

 The objective of this chapter is to examine the performance and potential 

benefit of desulferized biogas-fuelled SOFC system cooperating with CO2 capture 

technology. Two configurations of biogas-fed SOFC, i.e., SOFC system cooperating 

with CO2-selective membrane (M-SOFC) and SOFC system cooperating with CaO-

CO2 acceptor (A-SOFC) were investigated. The conventional SOFC system (CON-

SOFC) is employed as a base case. Similar to chapter 6, the electrical efficiency and 

power density are considered as the performance indicators. The composition of 

biogas considered in this study is kept at 60 percent of methane and 40 percent of 

carbon dioxide. All mathematical models used in calculation were written in Visual 

basic.  

 

7.1 Introduction 

As mentioned earlier, the presence of CO2 in the feedstock could cause the 

falling down in SOFC cell potential. However, the removal of CO2 from feedstock 

requires the complicated technology and consumes a lot of energy. The removal of 

CO2 from biogas is widely investigated. Several technologies are proposed; i.e., 

absorption, adsorption and membrane technology. Membrane technology has been 

widely tested and presently applicable in the capture of CO2 in natural gas (Granite 

and O'Brien, 2005). Compared with CO2 absorption technology which is 

conventionally used, membrane technology offers the advantages of operational 

flexibility in handling feed streams with variable flow rates and compositions. 

Polymeric membrane is one of the interesting choices due to its low capital 

investment costs compared with other types of membrane (Alexander Stern, 1994). 

Moreover, the process equipment for the polymeric membrane operation is also 

simple and easy to handle. Selection of polymeric membrane for gas separation is 
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based on two parameters; permeability and permselectivity. Polyimide membrane is 

the more attractive gas separator because it offers higher permselectivity and 

permeability compared to membranes derived from other polymers (Shekhawat et al., 

2003). The use of capillary module with polyimide membrane for the CH4 enrichment 

in biogas mixtures (CH4, CO2 and H2S) was also investigated and the results showed 

that CH4 concentration in biogas increases from 55-85% up to 91-94.4% 

(Harasimowicz et al., 2007). The drawback of the polyimide membrane is that it 

cannot operate at high temperature. Adsorption is also interesting CO2-capture 

technology. A favorite adsorbent used in CO2 capture is Calcium oxide (CaO). With 

this technology, CO2 in the gas mixture reacts with CaO particle (Eq. (4.75)), and 

CaCO3 is produced. The major drawback of this technology is that the regeneration of 

the adsorbent is required. In the mature process, CO2-rich gas is fed simultaneously 

with CaO into the low-temperature adsorption column (Grasa et al., 2008). Lean-CO2 

gas is released from this column in the top section. CaO-CaCO3 particle derived from 

the bottom section of the low-temperature column is then fed into high-temperature 

column to convert all CaCO3 into CaO which can be reused in CO2 capture. Even if 

CaO can be regenerated, the make-up CaO is necessary to this cycle due to the 

sintering of CaO at high operating temperature (773-1073 K) after several CO2 

capture cycle (Abanades, 2002). 

In this chapter, an integration of a biogas-fuelled SOFC system and CO2-

capture technology was investigated. The improvement in the SOFC power density 

following to the installation of CO2 separator was considered. Two configurations are 

applied in this study: 1) the SOFC cooperating with CO2-selective membrane (M-

SOFC) and 2) the SOFC cooperating with the CaO-CO2 acceptor (A-SOFC). 

Thermodynamic analysis was performed to evaluate the performance indicators 

(overall electrical efficiency and power density) of these configurations and to 

compare them with those of the SOFC system without CO2 separator installation 

(CON-SOFC). Lastly, an economic analysis was employed to identify whether the 

CO2 separators should be installed into the SOFC system. 

 

7.2 SOFC system configurations  

Two desulferized biogas-fed SOFC systems cooperating with CO2 capture unit 

are proposed in this study, i.e. the SOFC system with CO2-selective membrane (M-

SOFC) and the SOFC system with the CaO-CO2 acceptor (A-SOFC). It should be 
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noted that steam is chosen as the reforming agent in the subsequent study according to 

the result in chapter 6. Moreover, the steam to methane ratio in the fuel processor feed 

is set to be 2.5 for the studies the following chapters to alleviate the carbon formation 

in the system. Their configurations are almost identical to that of the conventional 

SOFC system (CON-SOFC) which is illustrated in Figure 6.1a. However, for the M-

SOFC (Figure 7.1a), biogas is compressed, cooled down and then fed into the 

polyimide membrane module where CO2 is captured. To increase the CO2 separation 

performance, vacuum pump is included in the system in order to increase the partial 

pressure difference of retentate and permeate section of membrane module. The 

retentate gas is depressed, preheated and then fed into the fuel processor whereas the 

permeate gas is fed into the afterburner to produce more heat. For the A-SOFC 

(Figure 7.1b), biogas is compressed and fed into the CaO-CO2 acceptor in which CO2 

is separated without the loss of methane. CO2-lean gas is mixed with steam and then 

fed into the fuel processor. Similar to the plant configuration of CON-SOFC, the flue 

gas temperature released from the system is kept at 473 K. Like the calculation in 

chapter 6, the energy self-sufficient operating (∆Q = 0) is also examined in this 

chapter. 

 

 (a) 
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(b) 

 

Figure 7.1 The plant configurations for (a) the M-SOFC and (b) the A-SOFC. 

 

7.3 Results and discussion  

 Prior to the SOFC system investigation, the performance of membrane 

modules for CO2 separation was examined. The feed gas composition for the 

polyimide membrane is based on a raw biogas. The %CO2 removal and %CH4 loss at 

different operating pressure at permeate section (PP) and retentate section (PR) is 

summarized in Figure 7.2. It is obvious that the increases in PP and PR can raise the 

extent of CO2 removal. At PP of 30 bar and PR of 0.1 bar, polyimide membrane can 

remove 95% of CO2 in the feed gases. However, some CH4 (5.85%) also permeate 

together with CO2 through polyimide into the permeate side. It should be noted that, 

in this study, the permeate gas which contains fuel gas (CH4) is fed into the 

afterburner to produce more heat to supply the system as illustrated in Figure 7.1a. 

Even if the polyimide membrane module which operates at high PR and low PP can 

separate more CO2, the electricity consumptions in compressor and vacuum pump of 

M-SOFC which operates at these conditions are extremely high as shown in Figure 

7.3.   
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Figure 7.2 The %CO2 removal and %CH4 loss at different operating pressure at 

permeate section (PP) and retentate section (PR). 

 

 

Figure 7.3 The electricity consumption in compressor and vacuum pump at different 

PP and PR. 

 

Following this preliminary run, the performance of the M-SOFC system is 

then investigated. Figures 7.4 show the effect of the operating pressure of membrane 
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module and fuel utilization on the energy self-sustainable point and the power density 

of M-SOFC. Figure 7.4a focuses on the effect of PP. The fuel utilization of 0.94 is 

required for SOFC operating at PP of 0.1 bar to achieve the energy self-sustainable 

operation, as the fuel utilization of 0.88 is enough for the operation at PP of 1 bar 

which is the condition that the vacuum pump does not work. This is due to the reason 

that the heat generation in the compression process of the vacuum pump is high as the 

M-SOFC system operates at low PP, and more hydrogen fuel can be used in SOFC 

stack. Moreover, more electricity is consumed in vacuum pump for SOFC operating 

at low PP. However, the operating at high fuel utilization is not desired for SOFC 

since it offers low power density at this condition. As shown in Figure 7.4a, for the 

operation at the operating voltage of 0.64 volt and PR of 20 bar, M-SOFC operating at 

PP of 0.1 bar offers the power density of 0.36 W/cm2 which is lower compared with 

0.38 W/cm2 in case of M-SOFC operating at PP of 1 bar. This is similar to the 

conclusion in chapter 6 which informs that some hydrogen fuel should remain in the 

exit gas of SOFC anode.    

 

 

(a) 
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(b) 

Figure 7.4 The effect of a) PP (PR = 20 bar) and b) PR (PP = 0.5 bar) on the energy 

self-sustainable point and the power density of M-SOFC. (V = 0.64 volt) 

 

 For the study of the variation of PR, as illustrated in Figure 7.4b, the energy 

self-sufficient operation is available for SOFC operating at high PR as it operates at 

high fuel utilization. With high PR, high electricity is required to produce so as to 

compensate the electricity consumption in high-pressure compressor. Again, even if 

the operation at low PR offers lower CO2 removal compared with the operation at high 

PR, it offers higher power density since it can operate at lower fuel utilization. The 

effect of the operating voltage on the performance of M-SOFC operating at energy 

self-sufficient point was also investigated. As shown in Figure 7.5a, the power density 

of M-SOFC is always utmost as PP is 1 bar. It can be concluded that the optimum PP 

is at the atmospheric pressure and the vacuum pump is thus not required for M-SOFC 

system. Figure 7.5b shows the power density at different PR and operating voltage of 

M-SOFC operating at energy self-sufficient point and PP of 1 bar. The optimum 

operating voltage is always found at each operating condition. At high operating 

voltage, the intermediate PR is preferred; however, low PR become favored as the 

operating voltage is lower than 0.6 volt. With good operating condition selections, the 

power density of M-SOFC can become higher that that of CON-SOFC (dashed line) 

as illustrated in Figure 7.5b. For the operation at PP and PR of 1 and 5 bar, 
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respectively, M-SOFC can offer the power density of 0.401 W/cm2 at the optimum 

operating voltage of 0.58 volt, whereas the maximum power density CON-SOFC can 

achieve is 0.398 W/cm2. However, the maximum electrical efficiency of M-SOFC is 

45.47% which is lower compared with that of CON-SOFC (46.81%). This is caused 

from heat loss to the environment from the biogas cooling prior to be fed to 

membrane module in M-SOFC system. 

 

 (a) 

 

(b) 

Figure 7.5 The effect of the operating voltage on the power density at different a) PP 

(PR = 20 bar) and b) PR (PP = 1 bar) in case that M-SOFC operates at energy self-

sufficient point. 
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 The cooperation of the SOFC with CaO-CO2 acceptor (A-SOFC) was also 

investigated. The details used in the performance evaluation for CaO-CO2 acceptor 

are given in chapter 4. CaO-CO2 acceptor is employed in removing CO2 from biogas 

prior to be fed to the fuel processor. With this technology, CO2 can be removed from 

biogas without CH4 loss. It can operate at low operating pressure; hence, there is no 

electricity consumption in this technology. However, some make-up adsorbents are 

required to maintain the adsorption efficiency at the reasonable value. As illustrated in 

Figure 7.6, with the CaO circuration rate: CO2 feed rate (FR:FCO2) of 10 and the CaO 

inventory of 50 kg, make-up CaO is not required as CO2 removal rate is lower than 

0.48 mol/s. Exceeding this value, CaO make-up rate increases as CO2 removal rate 

increases. To remove CO2 at the rate of 0.63 mol/s, CaO make-up rate of 0.0311 

mol/s is required. It should be noted that the maximum CO2 removal rate the CaO-

CO2 acceptor can offer is 0.63 mol/s. This limitation is caused from the equilibrium of 

the carbonation reaction. 

 

 

Figure 7.6 The correlation between make-up CaO rate and CO2 removal rate for 

CaO-CO2 acceptor technology. (FR/FCO2 = 10 and WS = 50 kg) 

 

 The energy self-sufficient point of A-SOFC is also investigated as shown in 

Figure 7.7. Since there is no major electricity consumption in A-SOFC system, the 

fuel utilization that offers the energy self-sufficient operation is always at 0.845 for 



 96 

 

the operation at the voltage of 0.64 volt. The power density at the energy self-

sufficient condition increases as CO2 removal rate increases due to the increase in H2 

and steam partial pressure and the decrease in CO2 partial pressure of the feed gas of 

SOFC anode. Like the other configurations, the optimum voltage is also found for A-

SOFC. As shown in Figure 7.8, the optimum operation of A-SOFC is found at the 

CO2 removal rate of 0.6 mol/s with the optimum operating voltage of 0.58 volt. The 

power density achieved at this condition is 0.425 W/cm2 which is far higher than 

0.398 W/cm2 in case of CON-SOFC. Unlike M-SOFC, the electrical efficiency of A-

SOFC is 46.81 % which is equal to that of CON-SOFC.   

 

 

  

Figure 7.7 The effect of the CO2 removal rate and fuel utilization on the energy self-

sustainable point and the power density of A-SOFC. (V = 0.64 volt) 
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Figure 7.8 The effect of the operating voltage on the power density at different CO2 

removal rate in case that A-SOFC operates at energy self-sufficient point. 

 

In summary, the operation of the M-SOFC offers lower electrical efficiency 

compared with that of the CON-SOFC. Moreover, although the power density the M-

SOFC system can achieve is higher that that of the CON-SOFC as summarized in 

Table 7.1, the SOFC stack size of the former is quite larger since more electricity is 

required to produce in SOFC stack to supply the high-pressure compressor. These 

clearly indicate that the M-SOFC is not a good choice for the SOFC system. For the 

A-SOFC, it can offer higher power density compared with the CON-SOFC, and its 

electrical efficiency is equal to that of the CON-SOFC. Furthermore, its SOFC stack 

size is fairly smaller than that of CON-SOFC. Although the stack size of A-SOFC 

system is smaller compared with CON-SOFC, the additional cost of make-up CaO 

should be also taken into consideration. Therefore, only technical analysis is not 

adequate to identify which operation mode can provide utmost potential benefit for 

the SOFC system between CON-SOFC system and A-SOFC system.  
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Table 7.1 The summary of electrical efficiency, power density and stack size of each 

SOFC system. (QE = 416.8 kW) 

Electrical Power density SOFC area 

SOFC systems efficiency (%) (W/cm2) (m2) 
CON-SOFC 46.81 0.398 104.62 
A-SOFC       

0.1 mol/s CO2 capture 46.81 0.402 103.83 

0.2 mol/s CO2 capture 46.81 0.407 102.64 

0.3 mol/s CO2 capture 46.81 0.411 101.49 

0.4 mol/s CO2 capture 46.81 0.416 100.36 

0.5 mol/s CO2 capture 46.81 0.42 99.26 

0.6 mol/s CO2 capture 46.81 0.425 98.18 
M-SOFC       

PR = 5 bar, PP = 1 bar 45.47 0.401 106.64 

PR = 10 bar, PP = 1 bar 45.47 0.399 108.73 
 

 

To judge the potential benefit of A-SOFC system, the economic analysis is 

employed for the investigation. This analysis considers only the cost difference 

between the base case and the interested case. The CON-SOFC is considered as the 

base case in this study. There are three costs considered in this study: SOFC stack 

cost, compressor cost and make-up CaO cost. Other costs of the interested case are 

assumed to be similar to those of base case. All details employed in the economic 

consideration are given in chapter 4.  

As shown in Figure 7.9, the A-SOFC system is more feasible to operate 

compared with CON-SOFC system since its net cost saving is a positive values. In the 

economic point of view, the optimum CO2 removal rate can be found at about 0.5 

mol/s. Below this optimum value, the increase in CO2 removal rate can improve the 

profitability of the A-SOFC system due to the decrease in SOFC stack size. However, 

as CO2 removal rate is higher than the optimum value, large amount of make-up CaO 

is required and the additional cost thus increases. With the CO2 removal rate of 0.5 

mol/s, the net cost saving of A-SOFC is $19,612.91 based on the electricity 

production of 416.8 kW. Nevertheless, the disadvantage of this configuration is that  

It therefore seems that the A-SOFC can be the interesting operating mode for the 
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electricity production with SOFC both in technical and economical point of view, 

where M-SOFC configuration is not suitable for SOFC system. 

 

 

Figure 7.9 Saving in SOFC stack cost, additional cost, net cost saving, benefit of 

carbon credit and total benefit of A-SOFC at different CO2 removal rate. 

 

7.4 Conclusions 

 Performance of desulferized biogas-fed SOFC system was analyzed to 

investigate the benefit of CO2 capture technology installation. The two configurations, 

namely; M-SOFC (SOFC cooperating with CO2-selective membrane) and A-SOFC 

(SOFC cooperating with CaO-CO2 acceptor) were examined in terms of both 

engineering and economic models. The conventional SOFC system (CON-SOFC) is 

considered as a base case. It was observed that the power density is improved as CO2-

selective membrane is included in CON-SOFC; however, the decrease in SOFC stack 

size is not obtained. Moreover, its electrical efficiency is lower than that of CON-

SOFC. It may therefore be concluded that the M-SOFC is not a good alternative for 

the SOFC system. It was also found that the installation of vacuum pump to the M-

SOFC in order to increase CO2 removal rate cannot improve its performance. The 

improvement in power density and the decrease in SOFC stack size are found as the 

CaO-CO2 acceptor is installed to the CON-SOFC system. This indicates that A-SOFC 
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is interesting option for SOFC system in the technical point of view. Even if the stack 

size of A-SOFC is smaller compared with that of CON-SOFC, the additional cost of 

make-up CaO should be taken into consideration. Economic assessment was then 

employed to evaluate the feasibility study of A-SOFC operation. The results showed 

that the A-SOFC is superior to the CON-SOFC.  

 
 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



CHAPTER VIII 

 

INTEGRATION OF SOLID OXIDE FUEL CELL AND 

PALLADIUM MEMBRNAE REACTOR: TECHNICAL  

AND ECONOMIC ANALYSIS 

 

 This chapter presents a technical and economic analysis of a solid oxide fuel 

cell system equipped with a palladium membrane reactor (PMR-SOFC) with the aim 

of determining the benefits of such an integrated unit over the conventional reformer 

module (CON-SOFC). Two types of fuels, i.e., methane and desulferized biogas, are 

considered. The ratio of CO2:CH4 presenting in biogas is 40:60. The numerical 

algorithms to the models used in this study were written in Visual Basic. 

 

8.1 Introduction 

 As described earlier, the performance of SOFC depends on the quality of 

feedstock. CO2, CO and CH4 are not desired to be found in SOFC feedstock. The 

presence of CH4 in fuel feed causes the carbon blocking in SOFC anode (Baron et al., 

2004). CO2 presenting in fuel inhibits the SOFC performance due to the effect of 

RWGS reaction (Suwanwarangkul et al., 2006). CO also inhibits the electrochemical 

reaction by increasing the activation and concentration overpotentials (Eguchi et al., 

2002). By the reasons above, pure-H2 is found to be ideal fuel for SOFC. However, it 

cannot be derived from the natural resources. The palladium membrane reactor is the 

interesting choice for transforming the conventional fuel into pure-H2. Due to high 

H2-permeability and H2-selectivity of palladium membrane, this technology can offer 

pure-H2 with high productivity. Moreover, the conversion of methane is improved 

relative to the conventional fuel processor even at high operating pressure. 

Nevertheless, employing this technology, large amount of electrical energies are 

consumed in the palladium membrane reactor system and the availability of SOFC 

system cooperating with this technology should be thus carefully considered. 
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(Vivanpatarakij et al., 2009). Moreover, the increase in the capital cost due to the cost 

of palladium membrane is also taken into account (Sangtongkitcharoen et al., 2008).  

In this chapter, a comprehensive analysis of two SOFC systems (one coupled 

to a membrane reactor and the other fitted with a conventional reformer) was carried 

out. Evaluation of the system performance was based on energetically self-sustaining 

operation. The effects of type of feed gas (methane and desulferized biogas) and 

operating pressures in the permeate side on the system performance were investigated. 

Finally, the economic analysis was carried out to determine ‘best’ operating 

conditions for the SOFC system coupled to the membrane reactor when fed by 

different fuels. 

 

8.2 SOFC system configurations  

The SOFC system equipped with a palladium membrane reactor (PMR-SOFC) 

is considered in this study. The plant configuration of PMR-SOFC (cf. Figure 8.1) is 

almost identical to that of the conventional SOFC system (Figure 6.1a); however, the 

conventional fuel processor is replaced by PMR. The mixture of methane (biogas) and 

steam is compressed and then fed into the retentate side of membrane reactor. The set 

of chemical reactions (Eqs. (4.32), (4.33), and (4.60)) takes place in the retentate side 

and H2 generated permeates through the palladium membrane to the permeate side. 

The permeate gas (H2-pure) is compressed to atmospheric pressure and then fed into 

the SOFC stack to generate the electricity, while high-pressure retentate gas is fed into 

the afterburner. The pressure drop in PMR is neglected and the hydrogen recovery 

(ζ ) was fixed at 95% as it is a suitable value for the SOFC system that can be 

operated at an energy self-sustained condition. If the hydrogen recovery is lower than 

this value, large amount of H2 and CO is released from the PMR at the retentate side 

and fed to the afterburner. This causes the generation of over-demand heat in the 

burner. As a result, the energy self-sufficient operation is difficult to be achieved 

under the operation at low hydrogen recovery (< 0.95). With too high hydrogen 

recovery, high retentate pressure and thus high additional cost of compressor is 

required.  
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Figure 8.1 The plant configuration of the PMR-SOFC. 

 

8.3 Results and discussion 

 Based on the result in chapter 6, the CON-SOFC system can stand alone 

without requirement of external heat sources (the energy self-sustained operation, 

QNET > 0) when it operates at suitable operating conditions. It is noted that QNET is the 

difference between heat generated and heat demanded within the SOFC system. 

Figure 8.2 shows that at different operating voltage, QNET can become zero when the 

appropriate fuel utilization (Uf) is chosen. At a higher operating voltage where the cell 

efficiency is high, the SOFC needs to be operated at lower fuel utilization so that the 

residual fuel can provide sufficient heat to the overall SOFC system after burning. It 

should be noted that a very low operating voltage is not recommended for practical 

operation due to the possible large in-stack temperature gradient arising from the 

difficulty in heat removal from the SOFC stack. In addition, the condition with QNET 

= 0 may not be possible. Two types of feed, i.e. pure methane and biogas were 

considered in this study. Generally, the composition of biogas varies depending on its 

source. It mainly contains methane (40-65%) and CO2 (30-40%). In this work, the 

value of CH4:CO2 in biogas was set at 60:40. It should be noted that biogas usually 

contains a small amount of H2S which can cause poisoning to catalysts and Pd 

membrane. In this study, it was assumed that H2S is removed from biogas by a 

desulferization process. 
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Figure 8.2 QNET at different operating voltage and fuel utilization for methane-fuelled 

CON-SOFC.  

 

Figure 8.3 shows the effects of operating voltage on the power density and the 

fuel utilization of the CON-SOFC fed by methane and biogas for the case of QNET = 0. 

For both types of feed, it is clear that at a higher operating voltage, the SOFC system 

needs to operate at a lower value of fuel utilization. There exists an optimum 

operating voltage which offers the maximum power density for each type of feed. The 

maximum power density and the corresponding voltage are 0.423 W/cm2 and 0.585 

V, and 0.399 W/cm2 and 0.585 V for the methane and biogas feeds, respectively. The 

lower methane concentration in biogas results in the lower achievable power density.  

It should be noted that for the case of QNET = 0, the decrease in operating 

voltage can initially improve the power density of the SOFC; however, the resulting 

higher fuel utilization for achieving the energetically self-sustaining condition results 

in the poorer cell performance particularly near the exit of the SOFC stack where 

concentration of fuel is low, and, consequently the power density later decreases at 

much lower operating voltages.  
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Figure 8.3 Power density and fuel utilization at different operating voltage in case 

that QNET = 0.  

 

 For PMR-SOFC, a part of electrical energy produced in SOFC stack is 

supplied to a high-pressure compressor (HPC) and a vacuum pump. The electrical 

power consumption in these equipments varies with the operating pressures of the 

HPC (retentate pressure, PR) and vacuum pump (permeation pressure, PP). The sum 

of the electrical power consumed in the HPC and the vacuum pump to obtain the 

hydrogen recovery of 0.95 is illustrated in Figures 8.4a and 8.4b for pure methane and 

biogas feeds, respectively. The electrical consumption decreases as PP increases and 

the minimum electricity load can be found when PP equals to 1 bar (vacuum pump 

does not operate). The results also indicate that the electrical power consumption in 

the PMR for the pure methane feed is lower than that for the biogas feed which 

contains 40% CO2. It should be noted that even if an operation at the permeation 

pressure of 1 bar can offer the minimum electricity load, PR is extremely high and the 

structure of PMR may be damaged. Therefore, the limitation of PMR structure should 

also be carefully considered. 
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(a) 

 

(b) 

 

Figure 8.4 Electrical power consumed in HPC and vacuum pump at different 

retentate pressure (PR) and permeate pressure (PP) in case that ζ  = 0.95 for (a) 

methane feed and (b) biogas feed. 

 

 The change in PP also affects the heat management in the PMR-SOFC system. 

Operation at a lower PP causes higher heat generation during vacuum pump 

compression. Some heat removal may be required to reduce the temperature of gas 

discharged from the vacuum pump prior to being fed into SOFC anode. Therefore, for 

the operation at low PP, the SOFC system requires an operation at a higher fuel 
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utilization to achieve energetically self-sustained operation, resulting in a lower power 

density. As illustrated in Figure 8.5, operation of the PMR-SOFC fed by pure methane 

at PP of 0.1 bar cannot be self-sustained, whilst Uf should be set to be 0.965 for the 

operation at PP of 0.2 bar. Hence, operation at high PP is preferable since the 

condition with QNET = 0 can be achieved and the corresponding power density is 

higher. 

 

 

Figure 8.5 QNET and power density at different permeate pressure and fuel utilization 

(Uf) for PMR-SOFC in the case of methane feed.  

 

The performance of PMR-SOFC and CON-SOFC under energetically self-

sustained operation (QNET = 0) are compared as seen in Figure 8.6. It is clear that the 

PMR-SOFC can offer higher power density compared with the CON-SOFC when the 

operating voltage and PP are judiciously chosen. Figures 8.6a and 8.6b show that the 

power density of the PMR-SOFC fueled by methane and biogas is improved as PP 

increases. Maximum power density may be achieved when PP is 1 bar. An optimum 

operating voltage that provides a maximum power density is observed. The effect of 

variation in PP on the power density and the SOFC area at the optimum operating 

voltage is summarized in Figures 8.7a and 8.7b, respectively. The power density of 

the PMR-SOFC fed by pure methane and biogas is higher than that of the CON-SOFC 

when PP is higher than 0.67 and 0.52 bar, respectively, and the benefit gained from 

the reduction in SOFC stack area of the PMR-SOFC over the CON-SOFC can be 

found when PP is higher than 0.98 bar for methane feed. Nevertheless, the reduction 



 108 

 

in SOFC stack area over the CON-SOFC is not achieved for PMR-SOFC fuelled by 

biogas. 

 

(a) 

 

 

(b) 

 

Figure 8.6 Power density and fuel utilization at different permeate pressure and 

operating voltage in case that QNET = 0 for (a) methane-fuelled PMR-SOFC and (b) 

biogas-fuelled PMR-SOFC. 
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(a) 

 

 

(b) 

Figure 8.7 The effect of change in permeate pressure on (a) power density and (b) 

SOFC area at optimum operating voltage in case that QNET = 0. 

 

Even if the use of PMR in the SOFC system can reduce the SOFC stack size in 

case of methane feed, the additional capital costs from the supporting units, i.e., PMR, 

HPC, and vacuum pump, need to be taken into account. Therefore, an economic 

analysis is employed to examine the potential benefit of the use of PMR in the SOFC 

system for both methane and biogas feeds. In the following analysis, the methane feed 

rate was kept at 1 mol/s for all scenarios to achieve negligible fuel feed cost. 

Furthermore, since the SOFC system under the energetically self-sustained operation 

was considered, additional energy or electricity from the outside of the system is not 
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necessary. Therefore, only the capital costs of SOFC stack, PMR, HPC, and vacuum 

pump were taken into account. It should be noted that when the PMR is operated at 

high pressure, it may cause an additional cost on reinforcing the palladium membrane 

structure; however, this cost is not taken into account for the economic analysis in this 

study. The parameters and the expressions used in the capital cost estimation for these 

equipment items are summarized in Chapter 4. Net cost saving was calculated as an 

economic index. 

Figures 8.8a and 8.8b indicate that the replacement of a conventional reformer 

with a membrane reactor in the SOFC system is not advantageous in economic point 

of view as the saving stack cost is always lower than the additional capital costs of 

PMR, HPC and vacuum pump. The saving stack cost increases as permeate pressure 

increases due to the improvement of the power density. The saving stack cost is 

always negative for PMR-SOFC fuelled by biogas since SOFC stack area reduction 

over the CON-SOFC is not achieved. The additional cost of PMR-SOFC system in 

case of biogas feed is always higher than that in case of methane feed since higher 

retentate pressure and thus higher compressor load are required for the former one.   

 

 

 

(a) 
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(b) 

Figure 8.8 Saving in SOFC stack cost/additional cost at different permeate pressure 

(optimum operating voltage and QNET = 0) for a) methane-fuelled PMR-SOFC and b) 

biogas-fuelled PMR-SOFC. 

 

All technical and economic analyses of four scenarios are summarized in 

Table 8.1. The optimum condition is chosen for each scenario. With the use of PMR 

in the SOFC system (PMR-SOFC), the power density improvement of 3.9% and 

5.69% can be observed, compared with the CON-SOFC, for methane and biogas 

feeds, respectively. Although the replacement of CON-SOFC by PMR-SOFC can 

improve the power density, higher electrical power is generated in SOFC stack for the 

latter one to supply the demand of electricity in HPC. This is the reason why the 

SOFC stack area reduction over CON-SOFC is not achieved for PMR-SOFC fed by 

biogas feed and the required SOFC stack area of PMR-SOFC fed by methane is only 

decreased by 0.17%. From this economic consideration, it seems that both methane-

fuelled PMR-SOFC and biogas-fuelled PMR-SOFC offer negative net cost saving (-

$13,883.20 and -$32,071.51). The operation at high retentate pressure of both 

methane-fuelled PMR-SOFC (28.94 bar) and biogas-fuelled PMR-SOFC (51.27 bar) 

extremely affects their HPC cost and electricity load in HPC. The HPC cost of 

$12,886.86 and $21,712.86 is paid for the methane and biogas feeds, respectively, 

whereas the electrical power of 15.53 kW and 32.46 kW is consumed in HPC for the 

methane and biogas feeds, respectively. These results imply that the improvement in 

the permeability of palladium membrane can reduce retentate pressure, the electricity 

load and thus the profitability of PMR-SOFC. Finally, it may be concluded that the 
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PMR-SOFC fed by either methane or biogas is attractive for its technical benefits, 

however, the economic benefit is not found in these operations. 

 

Table 8.1 The technical and economical comparison of four scenarios. 

Methane-fuelled Biogas-fuelled 

  

CON-

SOFC 

PMR-

SOFC 

CON-

SOFC 

PMR-

SOFC 

Feed rate (mol/s) 1 1 1.667 1.667 

% methane in feed 100 100 60 60 

Retentate pressure (bar) - 28.94 - 51.27 

Permeate pressure (bar) - 1 - 1 

Operating voltage (V) 0.585 0.62 0.585 0.635 

Power density (W/cm2) 0.4233 0.4398 0.3986 0.4213 

% improvement in power density - 3.90 - 5.69 

Electricity produced in SOFC 

(kW) 
421.68 437.34 416.79 449.30 

Net electricity produced (kW) 421.68 421.68 416.79 416.79 

Electricity consumed in 

compressor (kW) 
- 15.53 - 32.46 

SOFC active area (m2) 99.62 99.45 104.57 106.66 

% improvement in SOFC area - 0.17 - -2.00 

Palladium membrane area (m2) - 4.71 - 4.71 

Capital cost of SOFC ($) 412,814.40 412,114.22 433,358.34 442,000.46 

Capital cost of Pd membrane ($) - 1,716.52 - 1,716.52 

Capital cost of compressor ($) - 12,866.86 - 21,712.86 

Saving cost on SOFC ($) - 700.18 - -8,642.13 

Net cost saving ($) - -13,883.20 - -32,071.51 

 

 

8.4 Conclusions 

 The performance improvement of SOFC system by replacing a conventional 

reformer (CON-SOFC) by a palladium membrane reactor (PMR-SOFC) is 

investigated. Methane and desulferized biogas are used as feed streams for SOFC 
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system. The energetically self-sustained operation (QNET =0) for each mode may be 

obtained by tuning up the fuel utilization (Uf). The decrease in operating voltage can 

improve the power density; however, when it is too low, a high Uf is required to 

achieve the condition for QNET = 0 and no power density improvement is obtained. 

For the PMR-SOFC, the change in permeate pressure (PP) also affects the SOFC 

power density and energy self-sufficiency point. Increase in PP can improve the power 

density due to the decrease in Uf which offers zero QNET. It is found that the values of 

power density of the PMR-SOFC are 3.9% and 5.69% higher than those of the CON-

SOFC for methane feed and biogas feed, respectively. The use of PMR in the 

methane-fuelled SOFC can reduce the SOFC area by 0.17%, however, SOFC stack 

area reduction over CON-SOFC is not achieved for biogas feed. For economic study, 

it was found that both methane-fuelled PMR-SOFC and biogas-fuelled PMR-SOFC 

always offer the negative net cost saving. It may be concluded from this study that 

both of the methane-fuelled and biogas-fuelled PMR-SOFCs are technically 

interesting operation modes, however, both of them cannot offer economic benefits 

over conventional SOFC. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



Chapter IX 

 

TECHNICAL AND ECONOMIC STUDIES OF THE  

INTEGRATED SYSTEM OF SOLID OXIDE FUEL  

CELL, CaO-CO 2 ACCEPTOR AND PALLADIUM  

MEMBRANE REACTOR  

 

This chapter presents the study on the integrated system of solid oxide fuel 

cell (SOFC), palladium membrane reactor (PMR) and sorption enhancement (SE) by 

CaO-CO2 acceptor. Desulferized biogas is considered as the feedstock and the 

CH4:CO2 ratio of 60:40 is assumed as the composition of biogas. Again, all 

mathematic models used in this simulation are written in Visual Basic. 

 

9.1 Introduction 

According to the conclusions in Chapter 8, the SOFC system equipped the 

palladium membrane reactor (PMR-SOFC) could not offer benefit over the 

conventional SOFC system (CON-SOFC) due to high electricity consumption at the 

compressor. To achieve the hydrogen recovery of 0.95, retentate pressure of 51 bar is 

required. To minimize the electricity load in the compressor of PMR-SOFC, the idea 

of CO2 removal from biogas prior to be fed to PMR is proposed in this chapter. With 

this idea, the concentration of H2 at the retentate section of PMR is increased and 

therefore more H2 can permeate to the permeate section. As shown in Chapter 8, the 

use of methane instead of biogas as feedstock of PMR-SOFC can decrease the 

retentate pressure from 51 bar to 29 bar and the electricity load therefore decreases. 

The CaO-CO2 acceptor is proposed as the CO2 separator in Chapter 7. Using this 

technology, large amount of CaO particles is supplied to the system as make-up 

adsorbent and the operating cost thus increases. From this reason, the use of CaO-CO2 

acceptor in PMR-SOFC system should be carefully considered in both technical and 

economic points of view.  
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 In this study, the performance of biogas-fuelled SOFC systems with different 

configurations is investigated. Four systems are considered, i.e. SOFC with 

conventional reformer (CON-SOFC), SOFC with palladium membrane reactor (PMR-

SOFC, SOFC with palladium membrane reactor and sorption enhancement (SE) by 

CaO-CO2 acceptor (SE-PMR-SOFC) and SOFC with palladium membrane reactor, 

CaO-CO2 acceptor and retentate gas recycle (SER-PMR-SOFC). Both technical and 

economic analyses were carried out in order to determine an appropriate configuration 

for the biogas-fuelled SOFC system. Again, to obtain actual SOFC efficiency, the 

energy-sufficient point (QNET =0) (Jamsak et al., 2007) is also employed. 

 

9.2 SOFC system configurations  

The use of CaO-CO2 acceptor in an SOFC system integrated with PMR (SE-

PMR-SOFC and SER-PMR-SOFC) is investigated in this study. To evaluate the 

feasibility of this configuration, the performance of the SOFC working with 

conventional fuel processor (CON-SOFC) and also that working with PMR (PMR-

SOFC) is computed as base cases. The plant configuration for the CON-SOFC is 

illustrated in Figure 6.1a. Considering PMR-SOFC, SE-PMR-SOFC and SER-PMR-

SOFC (Figure 9.1), their plant configurations are almost identical to that of CON-

SOFC. However, for these systems, the conventional fuel processor is replaced by 

different fuel processing systems. Prior to be fed to fuel processing system, biogas is 

initially compressed to achieve an operating pressure of the retentate section. Pure-H2 

obtained from each fuel processing system is preheated and fed to the SOFC where 

the electrochemical reaction takes place, while the high-pressure retentate gas is fed 

into the afterburner.  

For the fuel processing system in PMR-SOFC (Figure 9.2a), the mixture of 

compressed biogas and steam is fed directly to the retentate section of PMR. Pure-H2 

is obtained in the permeate section of PMR. Considering the fuel processing system in 

SE-PMR-SOFC (Figure 9.2b), compressed biogas is initially fed to a CaO-CO2 

acceptor where CO2 presenting in biogas is removed. The CO2-removed gas is 

subsequently cooled down, mixed with compressed steam and fed to PMR. In case of 

the fuel processing system in SER-PMR-SOFC (Figure 9.1c), some retentate gas is 

recycled, mixed with biogas, and subsequently fed to CaO-CO2 acceptor. In CaO-CO2 

acceptor, CO2 is captured until reaching the equilibrium value. Prior to be fed to 

PMR, the CO2-removed gas is cool down and mixed with compressed steam. 
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Figure 9.1 The plant configuration of the PMR-SOFC, SE-PMR-SOFC and SER-

PMR-SOFC. 

 

(a) 

 

(b) 
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(c) 

Figure 9.2 Fuel processing systems of a) PMR-SOFC, b) SE-PMR-SOFC and c) 

SER-PMR-SOFC. 

 

Similar to the studies in previous chapters, the operation called “energy self-

sustainable operation” (Jamsak et al., 2007) is considered in this chapter. With this 

operation, SOFC system can stand alone without external heat source supplement 

(QNET= 0) (QNET is the difference between heat demand and heat generated in SOFC 

system.). To achieve self-sustainable operation, fuel utilization is tuned up until QNET 

becomes zero. Like the previous chapters, the following assumptions are determined 

in this chapter; a) isothermal operation of SOFC stack and b) constant operating 

voltage along SOFC stack. 

 

9.3 Results and discussion 

The effects of the extent of CO2 captured and the retentate pressure on H2 

recovery of PMR are firstly investigated as illustrated in Figure 9.3a. As shown in the 

case of the SE-PMR-SOFC system, the improvement of H2 recovery can be found as 

CO2 content in PMR feed decreases due to the shift of the equilibrium of WGS 

reaction. The increase in retentate pressure can also improve H2 recovery. It should be 

noted that the retentate pressure in the range of 10-30 bar is investigated in this study. 

As described in the previous chapter, the operation of PMR-SOFC at excessively high 

retentate pressure (>40 bar) is not economically feasible; nevertheless, with low 

retentate pressure, H2 recovery may not be adequately high. With the retentate 
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pressure of 30 bar, PMR without CO2 removal offers H2 recovery of 0.896 which is 

significantly lower than that obtained from PMR with CO2 removal rate at 

equilibrium value which is equal to 0.952. Even if the removal of CO2 can improve 

the H2 recovery of PMR, large amount of fresh CaO sorbent is required to achieve 

high extent of CO2 removal. As described in Figure 9.3b, fresh CaO supplying rate of 

0.021 mol/s (36.5 ton/a) is required to achieve CO2 removal rate at equilibrium value. 

 

 
(a) 

 

 
(b) 

Figure 9.3 The effect of the extent of CO2 removal and retentate pressure on a) H2 

recovery and b) fresh CaO feed rate in case of SE-PMR-SOFC system. 
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With the SE-PMR-SOFC configuration, CO2 removal rate is limited at 0.667 

mol/s (the amount of CO2 present in biogas feed rate of 1.667 mol/s) and large 

amounts of CO2 and CO generated in PMR cannot be captured. Moreover, methane 

conversion and H2 recovery in PMR are inhibited by the presence of CO2 and CO in 

the retentate gas. To solve these problems, the SER-PMR-SOFC configuration is 

proposed. With this configuration, some retentate gas is recycled and mixed with 

biogas prior to be fed to the CaO-CO2 acceptor where CO2 is captured until reaching 

equilibrium.  

 The influences of the recycle ratio and retentate pressure on H2 recovery and 

CO2 removal rate are illustrated in Figure 9.4a. The increase in recycle ratio can 

significantly improve both H2 recovery and CO2 removal rate especially at low 

retentate pressure. At the retentate pressure of 10 bar and the recycle ratio of 0.9, H2 

recovery of 0.967 and CO2 removal rate of 1.55 mol/s can be achieved. These values 

are extremely higher compared with those of the case with no recycle (H2 recovery = 

0.761, CO2 removal rate = 0.664 mol/s). Furthermore, H2 recovery can reach 0.994 as 

the retentate pressure and recycle ratio are 30 bar and 0.9, respectively. At high 

recycle ratio, the increase in retentate pressure does not significantly improve H2 

recovery and, therefore, the operation at high retentate pressure (>17.5 bar) may not 

be superior due to the waste of high-pressure compressor load. Although the increase 

in recycle ratio can improve both H2 recovery and also CO2 removal rate, the 

supplying rate of fresh CaO of SER-PMR-SOFC raises as well. As shown in Figure 

9.4b, for the operation at the recycle ratio of 0.9, fresh CaO supplying rate is 3 times 

higher than that of the operation with no recycle of the retentate gas. Moreover, the 

increase in recycle ratio may cause high velocity of retentate gas and also the 

generation of pressure drop in PMR which is not considered in this study.  
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(a) 

 
 

(b) 

Figure 9.4 The effect of the recycle ratio and retentate pressure on a) H2 recovery, 

CO2 removal rate and b) fresh CaO feed rate, CO2 removal rate in case of SER-PMR-

SOFC system. 

 

The effect of fuel utilization and CO2 removal rate on the power density and 

energy self-sufficient point for the SE-PMR-SOFC system is illustrated in Figure 9.5. 

With high CO2 removal rate, high fuel utilization is required for the SE-PMR-SOFC 

to reach energy self-sufficient point. Under energy self-sufficient operation, the 
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increase in CO2 removal rate improves the SOFC power density due to the increase in 

H2 recovery. However, the improvement of power density with CO2 removal rate 

becomes less pronounced at high CO2 removal rate. Figure 9.6 shows the energy self-

sufficient operation of SE-PMR-SOFC with equilibrium CO2 removal rate at each 

operating voltage and retentate pressure. At each retentate pressure, there exists an 

optimum operating voltage. A higher fuel utilization is required as operating voltage 

decreases to achieve energy self-sustainable operation. The decrease in operating 

voltage can improve the power density, however, at excessively low operating voltage 

a fuel utilization close to 1 is required to achieve energy self-sustainable operation. 

The reduction in power density is found when decreasing an operating voltage due to 

low value of H2 concentration near the exit of SOFC stack. The power density is 

improved as the retentate pressure increases owing to the improvement in H2 

recovery. With good operating condition selection, SE-PMR-SOFC can offer higher 

power density compared with PMR-SOFC and CON-SOFC. The operation of SE-

PMR-SOFC with equilibrium CO2 capture and operating voltage and retentate 

pressure of 0.626 V and 30 bar, respectively, offers the power density of 0.431 

W/cm2, as the power densities of PMR-SOFC (retentate pressure = 51.24 bar) and 

CON-SOFC are 0.421 and 0.398 W/cm2, respectively.  

 

Figure 9.5 The effect of fuel utilization and CO2 removal rate on the power density 

and energy self-sufficient point for SE-PMR-SOFC system (retentate pressure = 25 

bar, V = 0.65 V). 
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Figure 9.6 The power density of SE-PMR-SOFC system with equilibrium CO2 

removal rate operating at energy self-sufficient point at each operating voltage and 

retentate pressure. 

 

Considering the SER-PMR-SOFC configuration, the effects of recycle ratio 

and fuel utilization on the power density and energy self-sustainable operation are 

illustrated in Figure 9.7. High fuel utilization is required to achieve energy self-

sustainable operation for SER-PMR-SOFC operating at high recycle ratio. When 

operating at energy self-sustainable point, the increase in recycle rate can improve the 

power density. These operating characteristics are similar to those of the SE-PMR-

SOFC since the operation at high recycle ratio offers high CO2 removal rate. The 

study on the effects of permeate pressure and operating pressure on the power density 

for the SER-PMR-SOFC operated at a recycle ratio of 0.5 are depicted in Figure 9.8a. 

Similar to the SE-PMR-SOFC, the increase in the retentate pressure can improve the 

power density due to the increase in H2 recovery. Also, the optimum operating 

voltage is found. As shown in Figure 9.8a, with the recycle ratio of 0.5, the optimum 

operating voltage is at around 0.61-0.62 V and the maximum power density of which 

the SER-PMR-SOFC can offer is about 0.45 W/cm2. As illustrated in Figure 9.8b, 

operating voltage of PMR-SOFC operating at recycle ratio of 0.5 cannot be lower 

than 0.6 V which is the condition that the fuel utilization is close to 1. The results in 
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Figures 9.8a and 9.8b also imply that the intermediate fuel utilization (around 0.94-

0.96) is preferred for the operation of SOFC system. For the operation at a recycle 

ratio of 0.9, the optimum operating voltage is observed at around 0.6-0.61 V. 

Moreover, the optimum retentate pressure is also found at around 15 bar as illustrated 

in Figure 9.9a. Even if the increase in the retentate pressure can improve H2 recovery 

and also SOFC power density, the dwindle in power density caused from the increase 

in electricity consumption at the high-pressure compressor may overshadow this 

benefit especially at high recycle ratio in which H2 recovery is not improved 

significantly with the increase in the retentate pressure as described in Figure 9.4a. 

Like in case of the operation at a recycle ratio of 0.5, the intermediate fuel utilization 

(around 0.94-0.96) is also preferred in the SER-PMR-SOFC system with the recycle 

ratio of 0.9 as shown in Figure 9.9b. With the recycle ratio of 0.9, the power density 

that the SER-PMR-SOFC system can achieve is 0.462 W/cm2 which is extremely 

higher than that of PMR-SOFC (0.421 W/cm2) and CON-SOFC (0.398 W/cm2). 

 

 

Figure 9.7 The effect of fuel utilization and recycle ratio on the power density and 

energy self-sufficient point for SER-PMR-SOFC system (retentate pressure = 17.5 

bar, V = 0.65 V). 
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(a) 

 

 

 

(b) 

Figure 9.8 The effect of permeate pressure and operating pressure on a) the power 

density and b) fuel utilization for SER-PMR-SOFC system operating at energy self-

sufficient point and recycle ratio of 0.5. 
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 (a) 

 

 

(b) 

Figure 9.9 The effect of permeate pressure and operating pressure on a) the power 

density and b) fuel utilization for SER-PMR-SOFC system operating at energy self-

sufficient point and recycle ratio of 0.9. 
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 As illustrated in Figure 9.10 demonstrating the maximum power density of the 

SER-PMR-SOFC that can be achieved, SOFC stack size and the fresh CaO supplying 

rate at each recycle ratio, the stack size of SER-PMR-SOFC is always smaller than 

that of PMR-SOFC and CON-SOFC for every recycle ratio. The increase in recycle 

ratio can improve the power density; however, the amount of fresh CaO used in CaO-

CO2 acceptor also increases. It can be concluded that the operation of both SE-PMR-

SOFC and SER-PMR-SOFC systems can significantly improve the power density and 

also reduce the size of the SOFC stack, nevertheless, large amount of fresh CaO 

sorbents should also be taken into account.  

 

 

Figure 9.10 The maximum power density SER-PMR-SOFC can achieve, SOFC stack 

size and the fresh CaO supplying rate at each recycle ratio in case that QNET = 0. 

 

To study the potential benefit of PMR-SOFC, SE-PMR-SOFC and SER-PMR-

SOFC systems, the economic analysis is employed. CON-SOFC is considered as a 

base case. The influence of the recycle ratio on the potential benefit of SER-PMR-

SOFC is also examined. In this analysis, the biogas feed rate was kept at 1.667 mol s-1 

for all scenarios, therefore fuel feed cost is neglected. Furthermore, since the SOFC 

system considered is under the energy self-sustained operation, additional heat or 

electricity from the outside of the system is not necessary. Therefore, only the capital 
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costs of SOFC stack, PMR and high-pressure compressor (HPC), and the operating 

cost of fresh CaO sorbent are taken into account. Net cost saving is determined as 

economical index and can be calculated employing Eq. (4.93). The cost of fresh CaO 

sorbent is computed from the total cost of fresh CaO used in the life time. All 

parameters used in capital cost estimation and economic study are summarized in 

Table 4.13. The additional benefit obtained from CO2 capture is also considered in 

this study. Two indicators; i.e. % total CO2 capture and cost of CO2 capture are 

defined. For % total CO2 capture, it can be calculated using the following expression; 
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where cost of CO2 capture can be computed using Eq. (4.94). % Total CO2 capture 

represents the CO2 capture efficiency of SER-PMR-SOFC configuration, whereas 

cost of CO2 capture stands for the additional cost (relative to CON-SOFC) used in 

CO2 capture per unit of CO2 capture.  

 As illustrated in Figure 9.11, PMR-SOFC configuration is not an attractive 

SOFC system due to high retentate pressure and also electricity consumption in HPC. 

The use of SE-PMR-SOFC configuration in SOFC system (equilibrium CO2 capture) 

is more beneficial compared with PMR-SOFC since it can offer high H2 recovery 

with low retentate pressure. However, the negative net cost saving of the former 

indicates that its potential benefit does not reach that of CON-SOFC. For SER-PMR-

SOFC, maximum net cost saving is observed at the recycle ratio of 0.8. The operation 

at the recycle ratio of 0.9 is not favored even if high power density is achieved since 

its CaO cost is extremely higher compared to low recycle ratio as illustrated in Figure 

9.11. Although the net cost saving of SER-PMR-SOFC is superior to SE-PMR-SOFC, 

it is a negative value, indicating that both SE-PMR-SOFC and SER-PMR-SOFC are 

not the good configuration for SOFC system. The additional study on the benefit of 

CO2 capture takes place as shown in Figure 9.12. The operation at high recycle ratio 

is preferred if high total CO2 capture efficiency is required. Moreover, cost of CO2 

capture is reduced as the recycle ratio increases. Considering SER-PMR-SOFC 



 128 

 

operating at the recycle ratio of 0.9, its cost of CO2 capture is $20.4/ton CO2 capture 

at % total CO2 capture of 93. With the identical % total CO2 capture, this cost of CO2 

capture is far lower than $228/ton CO2 capture reported in the literature 

(Vivanpatarakij et al., 2008) reporting the cost of CO2 capture from the flue gas of 

methane fuelled CON-SOFC system.  

 

 

 

Figure 9.11 Saving in SOFC stack cost, additional cost and net cost saving of PMR-

SOFC, SE-PMR-SOFC with equilibrium CO2 capture and SER-PMR-SOFC 

operating at different recycle ratios. 

 

The results of the technical and economical studies for all SOFC 

configurations are summarized in Table 9.1. On the basis of similar biogas feed rate 

of 1.667 mol/s with net electricity production of 416.79 kW, the improvement in 

power densities relative to CON-SOFC are 8.21 and 15.11% for SE-PMR-SOFC and 

SER-PMR-SOFC with recycle ratio of 0.8, respectively. Also, the decreases in SOFC 

stack size of SE-PMR-SOFC and SER-PMR-SOFC with recycle ratio of 0.8 

compared with CON-SOFC are about 1.55 and 8.27%, respectively. Even if SE-PMR-

SOFC and SER-PMR-SOFC can offer higher performance compared with CON-

SOFC, the operations of SOFC with these configurations are not feasible in economic 

point of view since their net cost saving are negative (-$25,068.78 for SE-PMR-SOFC 

and -$10,631.73 for SER-PMR-SOFC). However, these two configurations acquire 
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the additional benefit caused from CO2 capture. Their CO2 capture costs are 

extremely low ($137.27 for SE-PMR-SOFC and $23.79 for SER-PMR-SOFC) 

especially for SER-PMR-SOFC configuration with high recycle ratio. 

 

 

Figure 9.12 %Total CO2 capture and cost of CO2 capture of SE-PMR-SOFC with 

equilibrium CO2 capture and SER-PMR-SOFC operating at different recycle ratio. 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



 130 

 

Table 9.1 The technical and economical comparison among different configurations 

of SOFC system. 

SE-PMR-

SOFC 
SER-PMR-SOFC 

(equilibrium  
Recycle 

ratio 
recycle ratio 

  

CON-

SOFC 

PMR-

SOFC 

CO2 capture) =0.5 =0.8 

Feed rate (mol/sec) 1.667 1.667 1.667 1.667 1.667 

Retentate pressure (bar) - 51.24 30 30 20 

H2 recovery (-) - 0.95 0.959 0.981 0.986 

The amount of CO2 capture (ton/a) - - 903.38 1575.13 1987.26 

Fresh CaO feed rate (ton/a) - - 36.5 64.7 89.4 

Power density (W/cm2) 0.3984 0.4213 0.4311 0.4503 0.4586 

% improvement in power density - 5.75 8.21 13.03 15.11 

Electricity produced in SOFC (kW) 416.79 449.30 444.04 444.11 440.12 

Net electricity produced (kW) 416.79 416.79 416.79 416.79 416.79 

Electricity consumed in 

compressor (kW) 
- 32.46 27.25 27.32 23.33 

SOFC active area (m2) 104.62 106.66 103 98.62 95.97 

% improvement in SOFC area - -1.95 1.55 5.74 8.27 

Palladium membrane area (m2) - 4.71 4.71 4.71 4.71 

Capital cost of SOFC ($) 433,559.29 442,000.46 426,842.12 408,698.58 397,703.18 

Capital cost of Pd membrane ($) - 1,716.37 1,716.37 1,716.37 1,716.37 

Capital cost of compressor ($) - 21,712.84 19,112.23 19,698.13 17,959.49 

Cost of fresh CaO sorbent in 

life time ($) 
- - 10,957.36 19,413.52 26,811.97 

Saving cost on SOFC ($) - -8,441.17 6,717.18 24,860.72 35,856.11 

Net cost saving ($) - -31,870.37 -25,068.78 -15,967.30 -10,631.73 

% total CO2 capture (%) - - 39.79 69.38 87.53 

Cost of CO2 capture ($/ton CO2 

capture) 
- - 137.27 49.35 23.79 
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9.4 Conclusions 

 The concept of the cooperation of SOFC system, palladium membrane reactor 

(PMR) and CaO-CO2 acceptor is proposed in this study. With this concept, CaO-CO2 

acceptor is placed to capture CO2 in biogas prior to be fed to PMR in which pure-H2 

generated. Three configurations of SOFC system; i.e., PMR-SOFC, SE-PMR-SOFC 

and SER-PMR-SOFC are considered. CON-SOFC is determined as a base case in the 

analysis. The concept of energy self-sustainable operation (QNET =0) is also employed 

to evaluate the real performance of SOFC system. The technical analysis reveals that 

low value of retentate pressure (<30 bar) is enough to achieve high H2 recovery 

(>0.95) as CaO-CO2 acceptor is included in SOFC system. The increase in CO2 

removal rate of SE-PMR-SOFC can improve the power density of SOFC; however, 

the supply of fresh CaO sorbent is required. The recycle of retentate gas in case of 

SER-PMR-SOFC can improve CO2 capture rate, H2 recovery and also SOFC power 

density; however, the increase in fresh CaO supplying rate should also be taken into 

account. Compared with CON-SOFC, the stack size of SE-PMR-SOFC and SER-

PMR-SOFC with the recycle ratio of 0.8 is reduced for 1.55 and 8.27%, respectively. 

However, this benefit is not found in PMR-SOFC configuration. The economic study 

was also carried out to evaluate the potential benefit of each configuration of SOFC 

system. It is found that PMR-SOFC, SE-PMR-SOFC and SER-PMR-SOFC are not 

attractive configurations in the economic point of view due to their negative net cost 

saving relative to CON-SOFC. Nevertheless, SE-PMR-SOFC and SER-PMR-SOFC 

can offer high %total CO2 capture and low cost of CO2 capture. For SER-PMR-SOFC 

with the recycle ratio of 0.8, its cost of CO2 capture is $23.79/ton CO2 capture which 

is far lower compared to $228/ton CO2 capture reported in the literature which studied  

the cost of CO2 removal from the flue gas of CON-SOFC system fed by methane. 

 

 

 

 

 

 

 

 



CHAPTER X 

 

OPERATION VIABILITY AND PERFORMANCE OF  

SOLID OXIDE FUEL CELL FUELLED  

BY DIFFERENT FEEDS 

 

 The performances of solid oxide fuel cells (SOFC) fed by different types of 

feed, i.e. biogas, biogas-reformed feed, methane-reformed feed and pure hydrogen, 

are simulated in this chapter. Maximum temperature gradient and maximum cell 

temperature are regarded as indicators for operation viability investigation whereas 

power density and electrical efficiency are considered as performance indicators. 

 

10.1 Introduction 

Several configurations were proposed in the previous chapters in order to 

improve the performance of SOFC system. In each configuration, the conventional 

fuel processor was improved so as to diminish CH4, CO and CO2 contents in SOFC 

feed since the presence of these gases can cause the performance drop in SOFC stack. 

According to the results in the previous chapters, pure-H2 seems to be high-

performance feedstock for SOFC as the power density is considered as performance 

indicator. Nevertheless, not only electricity that is produced in SOFC stack, but heat is 

also generated due to the irreversibility of the electrochemical reaction. Excess heat 

generation can cause the damage of the structure of SOFC stack. Although the use of 

pure H2 as SOFC feed can offer high power density, its rapid electrochemical reaction 

may cause high temperature gradient in solid part of SOFC. Therefore the selection of 

suitable feedstock for SOFC is also an interesting issue in thermal consideration. 

Moreover, operating conditions; e.g. operating voltage, oxidizing agent contents, rate 

of fuel supply, etc., should be carefully tuned up to minimize the heat generation in 

the SOFC stack. In this consideration, the temperature gradient is regarded as the 

indicator to judge the operation viability of SOFC stack. The maximum allowable 
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temperature gradient of YSZ which is widely used as SOFC electrolyte is around 10 

K cm-1 (Lim et al., 2005).  

In this chapter, the performance and thermal behavior of SOFC depend on the 

type of feedstock and operating conditions. In this study, the performance of SOFC is 

analyzed employing 1-D analysis. The effect of operating voltage, inlet fuel flow rate 

and inlet air flow rate (%excess air) on maximum temperature gradient and maximum 

temperature of solid part in the SOFC stack and the power density are investigated for 

four types of SOFC feedstock, i.e. biogas, biogas-reformed feed, methane-reformed 

feed and pure-H2. To consider the viability of the operation of SOFC, maximum 

acceptable temperature gradient and maximum acceptable cell temperature are set to 

10 K cm-1 and 1273 K, respectively.  

 

10.2 Type of feed in consideration 

 Four feed types, i.e. biogas, reformed-biogas, reformed-methane and pure-H2, 

are considered in this study. Their compositions are determined by the following 

hypotheses; 

 Biogas: In this study, the quantity of methane and carbon-dioxide in biogas is 

assumed to be 60 and 40%, respectively (biogas feed rate = eq,CH4
F /0.6). Steam is fed 

together with biogas into the SOFC cell. The amount of steam is 2.5 times of methane 

in biogas.  

 Biogas-reformed feed: Biogas (biogas feed rate = eq,CH4
F /0.6) and steam is 

fed into reformer prior to be fed to SOFC cell. The quantity of steam fed is equal to 

that in case of biogas feed. Two chemical reactions, i.e. steam reforming (Eq. (4.32)) 

and WGS (Eq. (4.33)), take place in the reformer. Thermodynamic equilibrium is 

assumed for the calculation of reformer. 

Methane-reformed feed: The calculation of SOFC feed composition for 

methane-reformed feed is identical to that for biogas-reformed feed; however, the 

reformer feed is changed from biogas to methane (methane feed rate = eq,CH4
F ).  

Pure-H2: H2 is fed directly into SOFC cell. Its feed rate is equal to 4 times 

of eq,CH4
F . (H2 feed rate = 4 x eq,CH4

F ) 
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10.3 Results and discussion  

Temperature profiles of the solid part in SOFC fed by different feeds are first 

investigated. A base case is determined as given in Table 10.1. The operating voltage 

for each case is tuned up to achieve Uf = 80% at constant percent excess air 

and eq,CH4
F . As described in Table 10.1, SOFC fed by pure-H2 offers higher power 

density than the other feed types since it operates at higher operating voltage. 

Moreover, the maximum temperature gradient and maximum cell temperature of the 

pure-H2 feed are much lower than those of the other feed types.  

As illustrated in Figure 10.1a, excluding SOFC fed by biogas, temperature of 

the solid part of SOFC increases along the flow direction due to the release of heat 

generated from irreversibility of the electrochemical reaction. The increase in 

temperature of the solid part of SOFC with the cell distance is more severe for the 

biogas-reformed feed and the methane-reformed feed compared with that of the pure-

H2 feed. It is obvious that the operation at high operating voltage can reduce 

irreversibility loss and also temperature gradient of solid part in the SOFC cell. For 

the SOFC fed by biogas, the decrease in cell temperature with cell distance is found at 

the inlet of the cell. This is due to the effect of the endothermic steam reforming 

reaction. Considering power density profile, power density increases with cell 

distance as shown in Figure 10.2b. The increase in cell temperature along the cell 

distance causes the reduction of ohmic loss and consequently the power density 

increases. The increase in power density inside the SOFC cell fed by biogas-reformed 

feed and methane-reformed feed is more severe than in the case of pure-H2 feed 

which is conformed to the increase of temperature with distance in Figure 10.1a. 

However, near the gas outlet of the SOFC cell, the decrease in power density with cell 

distance is observed even if the increase in cell temperature with cell distance is 

observed. This implies that the effect of the depletion of H2 concentration with cell 

distance dominates the effect of the increase in cell temperature near the gas outlet of 

SOFC. Similar to the change in cell temperature in the flow direction, the decrease in 

power density of SOFC fed by biogas with cell distance is observed at the gas inlet of 

the SOFC cell. 
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Table 10.1 Base case in consideration for different feed (Uf = 0.8).  

Type of feed Biogas 

Biogas-

reformed feed 

Methane-

reformed feed Pure-H2 

eq,CH4
F  (mol/s) 0.0003 0.0003 0.0003 0.0003 

%excess air (%) 400 400 400 400 

Operating voltage (V) 0.511 0.695 0.714 0.769 

Power density (Wcm-1) 0.234 0.322 0.33 0.357 

Current density (A cm-1) 0.457 0.463 0.463 0.464 

Electrical efficiency (%) 38.86 42.74 44.51 49.14 

Uf  (-) 0.8 0.8 0.8 0.8 

Electricity produced (W) 93.53 128.67 132.12 142.61 

Maximum temperature gradient 

(K cm-1) 
28.75 18.08 18.65 7.68 

Maximum cell temperature (K) 1267.5 1381.5 1375.7 1236.6 

 

 

 

(a) 
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(b) 

Figure 10.1 The variation of a) cell temperature and b) power density with cell 

distance in SOFC cell fed by different types of feed. ( eq,CH4
F =3×10-4 mol s-1, Percent 

excess air = 400%, Uf = 0.8) 

 

 The effect of the change in percent excess air on the maximum temperature 

gradient and maximum cell temperature of the solid part of SOFC fed by different 

types of feed is investigated as illustrated in Figure 10.2a. As percent excess air 

increases, maximum temperature gradient and maximum temperature of the solid part 

in SOFC cell decrease, implying that SOFC is more feasible to operate at high percent 

excess air. However, using large amount of oxidizing agent (air), massive air 

compressor is required and much of electricity generated in SOFC must be supplied to 

it. Hence, the appropriate percent excess air value should be carefully selected. Even 

if the operation with high percent excess air can improve the operation viability 

(lower temperature gradient) of SOFC, the power density and fuel utilization are 

inhibited for SOFC fed by pure-H2 as shown in Figure 10.2b. This is due to the 

decrease in cell temperature which results in the increase in ohmic loss as percent 

excess air increases. Inversely, the power density and fuel utilization obtained from 

biogas-reformed feed, methane-reformed feed and biogas increases with the increase 

in percent excess air. This is due to the effect of the increase in electromotive force as 

the cell temperature decreases could defeat the effect of the increase in ohmic loss. 
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The influence of %excess air on the electrical efficiency of SOFC stack is also studied 

as illustrated in Figure 10.2c. Similar to power density and fuel utilization, optimum 

electrical efficiency is found at low % excess air for SOFC fed by pure-H2 and the 

electrical efficiency increases with %excess air for SOFC fed by the other feeds. 

 

  

 (a) 

  

(b) 
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(c) 

Figure 10.2 The effect of the change in percent excess air on a) the maximum 

temperature gradient, maximum cell temperature, b) power density, fuel utilization 

and c) electrical efficiency for SOFC fed by different types of feed. ( eq,CH4
F  and 

operating voltage are equal to base case values.) 

 

 Figure 10.3a shows effect of the change in eq,CH4
F  on maximum temperature 

gradient and maximum cell temperature of the solid part in SOFC fed by different 

types of feed. The increase in eq,CH4
F  can decrease both maximum temperature 

gradient and maximum temperature in SOFC cell. This is due to the fact that fuel 

utilization and also the irreversibility are very high for SOFC with low feed rate and 

they decrease as eq,CH4
F  increases as illustrated in Figure 10.3b. However, for SOFC 

fed by biogas, severe decrease in fuel utilization, maximum temperature gradient and 

maximum cell temperature with the increase in eq,CH4
F  can be found at around 3×10-4-

4×10-4 mol s-1. It can be explained by the fact that CH4 in biogas cannot be entirely 

reformed when  eq,CH4
F  is higher than 3×10-4 mol/s. The optimum power density can 

be obtained when eq,CH4
F  is well tuned up. When the feed rate is low, the increase in 

feed rate can improve the power density because the fuel utilization does not 

significantly decrease with the feed velocity. However, for SOFC with high feed rate, 

the fuel utilization significantly drops as the feed velocity increases while the power 
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density does not significantly decrease with the increase of feed rate.  These results 

imply that eq,CH4
F  should be carefully considered to achieve a suitable value. With 

low eq,CH4
F , the solid part in SOFC cell may be damaged due to extremely high 

temperature. However, with excessively high eq,CH4
F ,  fuel utilization and power 

density of SOFC may be inhibited. The study on the effect of the change in feed flow 

rate on the electrical efficiency (Figure 10.3c) also indicates that the intermediate fuel 

flow rate is preferred. Optimum electrical efficiency is found and does not change 

with feed velocity at low to intermediate fuel feed rates, however, when operating at 

high fuel velocities, it decreases as the fuel feed rate increases. 

  

 

(a) 
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(b) 

 

 

 

(c) 

 

Figure 10.3 The effect of the change in eq,CH4
F on a) the maximum temperature 

gradient, maximum cell temperature, b) b) power density, fuel utilization and c) 

electrical efficiency for SOFC fed by different types of feed. (percent excess air and 

operating voltage are equal to base case values.) 
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 To compare the performance of SOFC fed by different feed, the effects of the 

operating voltage on the maximum temperature gradient, maximum cell temperature, 

power density and fuel utilization were investigated as shown in Figures 10.4 and 

10.5 for eq,CH4
F of 3×10-4 and 5×10-4 mol/s, respectively. The percent excess air is kept 

to be constant at the base case of 400% excess. The dash lines in Figures 10.4a and 

10.5a represent the maximum acceptable temperature gradient (MATG), 10 K/cm, 

and maximum acceptable cell temperature (MACT), 1273 K. As shown in Figures 

10.4a and 10.5a, excluding SOFC fed by biogas, the increase in operating voltage can 

improve the operation viability of SOFC. As the operating voltage increases, heat 

generation caused from the irreversibility is reduced and the cell temperature drops. 

Inversely, for SOFC fed by biogas, the operation at low operating voltage is preferred 

since large amount of heating energy generated from the irreversibility can be used in 

endothermic methane steam reforming and the decreasing rate of cell temperature in 

the flow direction is reduced. The results in Figures 10.4a and 10.5a also imply that it 

is difficult to operate SOFC fed by biogas at percent excess air is lower than 400% 

since the maximum temperature gradient and maximum cell temperature would 

increase. Moreover, as illustrated in Figures 10.4b, 10.4c, 10.5b and 10.5c, the fuel 

utilization, power density and electrical efficiency of SOFC fed by biogas are 

significantly lower than those of SOFC fed by the other feeds. Therefore, it can be 

concluded that direct biogas feed is not a recommended feedstock for SOFC. The 

operation at high operating voltage is desired to minimize the temperature and 

temperature gradient of solid part in SOFC. However, the fuel utilization obtained at 

this condition is not satisfied, as shown in Figures 10.4b and 10.5b, the fuel utilization 

decreases as the operating voltage increases. When operating at the same operating 

voltage, SOFC fed by pure-H2 offers higher fuel utilization compared with SOFC fed 

by the other feed types. This implies that H2 concentration is the important factor 

which affects the rate of electrochemical reaction. The optimum operating voltage 

which offers maximum power density can be observed as illustrated in Figures 10.4b 

and 10.5b. When the operating voltage is lower than the optimum value, the increase 

in operating voltage can improve the power density since fuel utilization does not 

significantly decrease. The pronounced decrease in fuel utilization with the increase in 

operating voltage can be found as the operating voltage is higher than the optimum 

value; hence, power density also decreases. The change in electrical efficiency with 
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the operating voltage is in the same tendency as the change in power density as shown 

in Figures 10.4c and 10.5c. 

 

 

(a) 

 

 

(b) 
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(c) 

Figure 10.4 The effect of the change in operating voltage on a) the maximum 

temperature gradient, maximum cell temperature, b) power density, fuel utilization 

and c) electrical efficiency for SOFC fed by different types of feed in case that eq,CH4
F  

is equal to 3×10-4 mol s-1. (percent excess air is equal to base case values.) 

 

 

(a) 
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(b) 

 

 

(c) 

Figure 10.5 The effect of the change in operating voltage on a) the maximum 

temperature gradient, maximum cell temperature, b) power density, fuel utilization 

and c) electrical efficiency for SOFC fed by different types of feed in case that eq,CH4
F  

is equal to 5×10-4 mol s-1. (Percent excess air is equal to base case values.) 
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Tables 10.2 and 10.3 summarize the optimum operating condition of SOFC 

fuelled by each feed type for eq,CH4
F = 3×10-4 and 5×10-4 mol s-1, respectively. These 

results imply that, with the same cell dimension, percent excess air and eq,CH4
F , SOFC 

fed by pure-H2 feed offers higher power density than SOFC fed by the other fuel 

types. For eq,CH4
F  of 3×10-4 and 5×10-4 mol s-1, power density of SOFC fuelled by 

pure-H2 is 0.379 and 0.532 W cm-2, respectively. Also, the values of electrical 

efficiency of 52.20 and 43.97% are achieved for SOFC fed by pure-H2 with eq,CH4
F  of 

3×10-4 and 5×10-4 mol s-1, respectively.  Methane-reformed feed is fairly better than 

biogas-reformed feed due to its higher hydrogen concentration. With percent excess 

air of 400%, biogas-fed SOFC is not viable to operate when eq,CH4
F is equal to 3×10-4 

mol s-1. On the other hand, at 5×10-4 mol s-1 of eq,CH4
F  the SOFC fed by biogas offers 

extremely lower power density (0.167 W cm-2) compared with the other feeds.  

 

Table 10.2 Summary of SOFC fed by different feed operating at the optimum 

operating condition in case that eq,CH4
F  and %excess air are equal to 3×10-4 mol/s and 

400%, respectively. 

Type of feed Biogas 

Biogas-

reformed feed 

Methane-

reformed feed Pure-H2 

eq,CH4
F  (mol/s) 0.0003 0.0003 0.0003 0.0003 

%excess air (%) 400 400 400 400 

Operating voltage (V) n.a. 0.764 0.778 0.746 

Power density (Wcm-1) n.a. 0.282 0.29 0.379 

Current density (A cm-1) n.a. 0.369 0.373 0.508 

Electrical efficiency (%) n.a. 37.48 39.13 52.20 

Uf  (-) n.a. 0.638 0.645 0.877 

Electricity produced (W) n.a. 112.82 116.14 151.48 

Maximum temperature gradient 

(K cm-1) 
n.a. 9.09 9.21 9.95 

Maximum cell temperature (K) n.a. 1272.06 1271.71 1267.26 
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Table 10.3 Summary of SOFC fed by different feed operating at the optimum 

operating condition in case that eq,CH4
F  and Percent excess air are equal to 5×10-4 mol 

s-1 and 400%, respectively.  

Type of feed Biogas 

Biogas-

reformed feed 

Methane-

reformed feed Pure-H2 

eq,CH4
F  (mol/s) 0.0005 0.0005 0.0005 0.0005 

%excess air (%) 400 400 400 400 

Operating voltage (V) 0.48 0.715 0.732 0.704 

Power density (Wcm-1) 0.167 0.393 0.407 0.532 

Current density (A cm-1) 0.349 0.55 0.556 0.755 

Electrical efficiency (%) 16.69 31.35 32.91 43.97 

Uf  (-) 0.366 0.57 0.577 0.783 

Electricity produced (W) 66.97 157.27 162.79 212.69 

Maximum temperature gradient 

(K cm-1) 
9.74 9.09 9.35 9.38 

Maximum cell temperature (K) 1030.88 1271.67 1271.80 1272.52 

 

 

10.4 Conclusions 

 Mathematical model of SOFC has been developed for investigating operation 

viability and performance of SOFC fed by different feeds. Four types of fuel feed, i.e. 

biogas, biogas-reformed feed, methane-reformed feed and pure-H2, are considered in 

this study. In operation viability investigation, maximum temperature gradient and 

maximum cell temperature are employed as the indicators. Additionally, power 

density and electrical efficiency are considered as performance indicators. The effect 

of the change in operating conditions, i.e. percent excess air, fuel feed rate and 

operating voltage, are also investigated. The increase in percent excess air can 

improve the operation viability of SOFC; however, with surplus percent excess air, its 

power density is inhibited. Also, the operation of SOFC is viable at high fuel feed 

rate. Nevertheless, excess high fuel feed rate is not favored since the SOFC cell could 

be saturated with current, resulting in the dropping of the fuel utilization. Excluding 

SOFC fed by biogas, SOFC becomes operation viable as it operates at high operating 
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voltage. Inversely, for biogas-fuelled SOFC, the operation at low operating voltage is 

preferred in thermal management point of view. The optimum operating voltage 

which offers utmost power density can be observed. Conclusively, the value of 

percent excess air, fuel feed rate and operating voltage should be carefully adjusted to 

obtain best possible power density and reasonable temperature and temperature 

gradient. SOFC fed by pure-H2 offers highest power density compared with that fed 

by the other feeds. Biogas-fed SOFC can become operation viable as it operates at 

high percent excess air; nevertheless, its power density is extremely lower than SOFC 

fuelled by the other feeds. Methane-reformed feed offers higher SOFC power density 

compared with biogas-reformed feed since its H2 concentration is higher. Although 

pure-H2 is an attractive fuel for SOFC, the transformation process of fossil fuel to H2 

should also be received the attention.   

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 

 



CHAPTER XI 

 
CONCLUSIONS AND RECOMMENDATION 

 

11.1 Conclusions 

 In this research, the computer simulation was employed for analyzing the 

performance of desulferized biogas-fuelled SOFC system. The study was divided into 

four major sections; i.e. the investigation of carbon formation in SOFC system, the 

selection of suitable reforming agent for SOFC system, the technical  and economic 

analyses of different configurations of SOFC system, and the study on the operation 

viability of SOFC stack fed by different feedstocks. The following conclusion can be 

drawn from the studies. 

 

11.1.1 The investigation of carbon formation in SOFC system 

 In this section, the carbon formation in SOFC system was investigated using 

the indicator named “carbon activity, αc”. If αc is more than 1, the SOFC system is 

prone to carbon formation. Considering biogas as feedstock, CO2 presenting in biogas 

can be used as the reforming agent. The carbon formation can easily take place when 

biogas with low CO2 content is solely fed into SOFC system. The addition of steam 

and/or air as the additional reforming agent is required to diminish the prone to carbon 

formation. The carbon formation can also be alleviated as the SOFC stack and fuel 

processor operates at high temperature. SOFC operating with oxygen ion-conducting 

electrolyte seems to be more applicable compared to SOFC operating with proton-

conducting electrolyte since steam generated in the anode chamber of the former can 

help diminish the prone to carbon formation.  

 

11.1.2 The selection of suitable reforming agent for SOFC system 

 In this section, the conventional SOFC systems fed by three different 

reforming agents; i.e. steam, air, and combined steam and air, were investigated. Heat 

management of SOFC system was also analyzed in this section. It is found that the 

SOFC system can operate solely without the supply external heat source (QNET = 0) if 

the fuel utilization is well tuned up. This operation is named “energy self-sustainable 

operation”. From the reason above, the performance of SOFC system operating at 
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energy self-sustainable operating should be the actual performance. Employing the 

performance investigation, steam was suggested to be the most suitable reforming 

agent for biogas-fuelled SOFC system. SOFC system fed by steam could offer 

superior power density to that fed by air, where their electrical efficiencies were 

almost identical. The performance of SOFC fed by both steam and air was also 

investigated. With this operation, the electrical efficiency was fairly improved relative 

to SOFC fed by steam; however, the power density was extremely inhibited. 

 

11.1.3 The technical and economic analyses of different configurations of 

SOFC system 

In this section, three major configurations of SOFC system were proposed in 

this study; i.e., SOFC equipped with palladium membrane reactor, SOFC equipped 

with CO2 separator and SOFC equipped with both palladium membrane reactor and 

CO2 separator. For SOFC cooperating with palladium membrane reactor (PMR-

SOFC), the conventional fuel processor is replaced by the palladium membrane 

reactor (PMR). Pure-H2 is produced in the PMR as feedstock of SOFC anode. The 

performance investigation indicated that PMR-SOFC could offer superior power 

density to CON-SOFC; however, it was not a good choice from an economic 

viewpoint because of the requirement of a large high-pressure compressor for feeding 

gas to the membrane reactor. SOFC system cooperating with CO2 separator could be 

categorized into two configurations based on type of CO2 separator; i.e., SOFC 

system cooperating with CO2-selective membrane (M-SOFC) and SOFC system 

cooperating with CaO-CO2 acceptor (A-SOFC). In these configurations, CO2 was 

removed from biogas prior to be fed to the fuel processor. According to the 

performance examination, M-SOFC was not the interesting alternative due to the loss 

of CH4 to the permeation section of CO2-selective membrane. CaO-CO2 acceptor was 

regarded as the attractive CO2 separator since it can separate CO2 from biogas without 

CH4 loss. With this advantage, A-SOFC could offer high power density compared to 

CON-SOFC; nevertheless, the additional cost due to the make-up CaO should be also 

taken into account. The economic study showed that A-SOFC was the beneficial 

configuration for the SOFC operation since it offered the positive net cost saving. 

Nevertheless, considering the amount of CO2 capture as indicator, A-SOFC was not 

the supreme configuration since only CO2 present in biogas was captured. 
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The third option for SOFC system was SOFC equipped with both palladium 

membrane reactor and CO2 separator (SE-PMR-SOFC). With this configuration, CO2 

present in biogas was separated in CaO-CO2 acceptor and pure-CH4 was fed into 

PMR. Pure-H2 generated in PMR was subsequently fed into SOFC anode. The 

advantage of this configuration was that the compressor load was reduced relative to 

PMR-SOFC. Moreover, higher hydrogen productivity over PMR-SOFC system could 

be achieved. The technical study showed that the power density of A-PMR-SOFC 

was extremely higher compared with CON-SOFC and PMR-SOFC.  However, SE-

PMR-SOFC was not the good choice in economic point of view due to its high 

compressor load and high CaO cost. The recycle of the retentate gas was proposed for 

SE-PMR-SOFC to improve its performance. This new configuration could be called 

as “SER-PMR-SOFC”. Hydrogen productivity achieved in this configuration was 

superior to the other configurations. Moreover, SER-PMR-SOFC configuration could 

offer utmost power density relative to the others. The performance of SER-PMR-

SOFC increased with the recycle ratio. However, the economic study indicated that 

RA-PMR-SOFC was not the beneficial alternative for SOFC operation. Another 

advantage of SER-PMR-SOFC was that almost all CO2 produced in the system were 

captured in the CaO-CO2 acceptor. It could be concluded that A-SOFC was the 

suitable configuration according to the technical and economic study. SER-PMR-

SOFC was the environmental-friendly configuration since it could offer high CO2 

capture efficiency.  

 

11.1.4 The study on the operation viability of SOFC stack fed by different 

feedstocks 

Operation viability and performance of solid oxide fuel cell fuelled by 

different feeds was finally examined employing one-dimensional analysis (1-D 

analysis). Four types of feedstock; i.e., biogas, biogas-reformed feed, methane-

reformed feed and pure hydrogen were considered. Maximum temperature gradient 

and maximum cell temperature were regarded as indicators for operation viability 

investigation whereas power density and electrical efficiency were considered as 

performance indicators. The results of 1-D analysis indicated that the change in 

operating parameters, i.e. excess air, fuel feed rate and operating voltage, could affect 

the performance and operation viability of SOFC. Hence, these operating parameters 

should be carefully selected. Pure hydrogen feed offers the highest performance for 
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SOFC among the other feeds. Extremely high excess air is required for SOFC fed by 

biogas to become operation viable. Moreover, its power density is much lower than 

those of SOFCs fed by the other feeds. Methane-reformed feed offers higher power 

density than biogas-reformed feed since H2 concentration of the former one is higher. 

Nevertheless, the performance of SOFC stacks fuelled by methane-reformed or 

biogas-reformed feeds did not reach that of SOFC stack fuelled by pure-H2. 

 

11.2 Recommendation for future works 

 

a) Even if the heat management was investigated in this study and energy self-

sustainable operation was achieved, the quality of heat was not considered. 

The quality of heat means the temperature of heat source. Heating energy 

cannot transfer from lower temperature source to higher temperature 

sources. Hence, heat exchange network should further take place to obtain 

the real process flow diagram of SOFC system. 

b) Though the operating conditions of SOFC stack were well tuned up to 

alleviate the damage of stack structure, the decrease in electricity load 

named “part-load operation” which always happen in the real operation can 

cause the increase in temperature gradient in stack. As the operation of 

SOFC stack is switched from “full-load” to “part-load”, the operating 

voltage is reduced and the irreversibility therefore increases. To solve this 

problem, the further study should focus on the control of the temperature 

gradient to be reasonable value by real-time tuning the operating conditions; 

e.g. flow rate of oxidizing agent, fuel/oxidizing agent inlet temperature, etc. 

c) Further economic analysis should take place by including cost of heat 

exchangers. 
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APPENDICES 



APPENDIX A  
 
 

THERMODYNAMIC DATA OF SELECTED COMPONENT  
 
 

Table A1 Heat capacities of selected component (Cp)  

Cp/R = a + bT + cT2 + dT-2 + eT3 [J/mol] 

Components a b x 10-4 c x 10-6 d x 103 e 

Methane 1.702 90.800 -2.164 0.000 0.000 
Carbon monixide 3.376 5.570 0.000 -3.100 0.000 
Carbon dioxide 5.457 10.500 0.000 -116.000 0.000 

Water 3.470 14.500 0.000 12.100 0.000 
Hydrogen 3.249 4.220 0.000 8.300 0.000 
Nitrogen 3.280 5.930 0.000 4.000 0.000 
Oxygen 3.639 5.060 0.000 -22.700 0.000 

 

Table A2 Heat of formation( 0
fH ) and entropy (S

0
) of selected component at standard 

state (298 K, 1 atm) 

Components 
0
fH  (kJ/mol) S0 (J/mol.K) 

Methane -74.52 186.27 
Carbon monixide -110.53 197.70 
Carbon dioxide -393.51 213.80 

Water -241.82 188.80 
Hydrogen 0.00 130.70 
Nitrogen 0.00 191.60 
Oxygen 0.00 205.20 

 
 
 
 
 
 
 
 
 
 
 
 
 



APPENDIX B  
 

DETERMINING GIBBS ENERGY AND  

EQUILIBRIUM CONSTANT 

 

B1. Determining Gibbs energy (G) at any temperatures by equations below:  

 

   G  =  H  -  TS     (B1) 

   dG  =  dH  -  d(TS)    (B2) 

 

Take integration to the equation above: 

 

   ∫ ∫ ∫−= )TS(ddHdG    (B3) 

   ∫∫ −=−
TT

STDT )TS(ddHGG
298298

  (B4) 

 

Where   ∫+=
T

Pff dTCH)T(H
298

0    (B5) 

   ∫+=
T

P dT
T

C
S)T(S

298

0    (B6) 

 

B2. Determining the equilibrium constant (K)  

 

   KlnRTGT =     (B7) 

 

Rearrange the above equation; 

 

   







−=

RT

G
expK T     (B8) 
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