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CHAPTER' I

INTRODUCTION

1.1 Company Profile

PTT A romatics a nd R efining Public C ompany Limited ( PTTAR) was
established f ollowing t he r esolutions of | s, hareholders’ m eetings of A romatics
(Thailand) P ublic C ompany Limited (ATC ) and R ayong Refinery P ublic C ompany
Limited (RRC) on September 13, 2007 te amalgamate both businesses.

PTTAR is th us T hailand’s lasrgest in| tegrated a romatics r efinery w ith e nhanced
competitiveness, thereby.ableto elevate the industry and create sustainable growth for

the country’s energy and pétrochemical industry.

PTTAR w as of ficially registered on'D éb_e?nber 27,2007 a nd has c ommenced i ts
business s ince t hen. T he i ntggration e naiiles.'P TTAR t o be come T hailand’s no. 1
integrated refinery and manufacturer of ardfﬁati_cs products with a refining capacity of
280,000 barrels per day and aromatics prodﬁé‘éf‘(;n capacity of 2,228,000 tons per year
in 1Q/2009. ‘ -

PTTAR 1 san i ntegrated ar omatics refinery company, co vering f our b usiness
categories: p etroleum refininga nds upply ofr efined pe troleum, pr oducts,
manufacturingqaind s ale; of, Ay romatiespr-oductsyi ntermediate pr oducts a nd j oint

venture business
1.2 The'Aromatics Business

The C ompany is a m anufacturer a nd di stributor of A romatics i.e. Benzene,
Paraxylene, Orthoxylene, T oluene, M ixed X ylenes,a nd C yclohexane. O ther
petroleum pr oducts from t he production process i nclude Light N aphtha, R affinate,
Liquefied Petroleum Gas, Condensate Residue, and Heavy Aromatics. These products
are used as raw materials in various industries. The Company has 2 Aromatics units,

as follows:



Table 1.1 Aromatics product capacity of PTTAR.

Unit : tons/year

Product Aromatics|  Aromatics |1 Total
Paraxylene 540,000 655,000 1,195,000
Benzene 355,000 662,000

Cyclohexane 7 ~ 200,000 - 200,000
Orthoxylene 7 | 6 000= ' - 66,000
Mixed Xylenes \ - 76,000
Toluene 60,000 60,000
Total 0,000 2,259,000

The Olefin \’am‘_--m?:{f ost locations that utilize

clay. The figure 1.1 b slow genaii on Process incorporated into

a fully integrated aromatic complex: ‘

AU INENTNEINS
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C1l-11+
—— LPG & Light Gas l—b Raffinate (C5-6 non aromatics)
H2 Lig-Liq Benzene [ Benzene
Extraction Fraction ey Toluene
C6 |—> LPG & Light Gas
C6-C11+ AC7,
.| Reformate
Catalytic Olefin Fractionation crico .
Reforming Hydrogenation Transalkylation o
AC9
| C10+ )
H2 Naphtha Mercury Ho ) Heavy aromatics
Hydrotreat Removal Mixed Xylene Tl
(rich PX) p-Aylene
. —>p-Xylene
IR Light Gas roduction Py
Full Rang Feed C1-11+
Condensate Fractionajiag Isomerization
» LPG &lightGas H2

——p Light Naphtha
b)) ‘Condensate Residue

Figure 1.1 Simplify block flow diagram of BTX production.

Full R ange C ondensate isfed to F eed Pjr!actionation unit to fractionate feed stream
into four product streams. The unit‘produ‘c’e_:s LPG and light gas, light naphtha, heavy
naphtha s uitable f or m ercury removal uni._:a_t anda ¢ ondensate r esidue b y-product
stream. Heavy naphtha is fed to-ahydro- treatmg unit to remove sulfur and nitrogen
species w hich ar e d etrimental to the C atalytlc ‘Reforming u nit cat alyst. S ome feed
contaminants a re a Iso removed 1 n t he na phtha h ydro-treating u nit w hich ¢ an
contribute to fouling of the unit. Normally the sulfur and nitrogen leave the unit in the

gas phase as H2S and ammonia.

In the Catalytic R eformiing unit some of the charge is converted from naphthene and
paraffin material to aromatics. Typically very little non-aromatic material is left in the
fraction,that boils with the' C8 aromatics and heavier. Some quantities.of non-aromatic
material ‘are left in the fraction that boils with the toluene and benzene. In the lighter
fraction of the product, boiling with benzene and toluene, the bromine reactive species
are typically normal olefins or iso-olefins. The olefins in the C8 aromatic and heavier
fractions ar et ypically o lefinst hatar eat tachedt ot he ar omaticr ings,t he

alkenylbenzene materials.



The Aromatics Fractionation unit fractionates feed streams into four product streams.
The feed streams are the C 7/C9 T ransalkylation S tripper C olumn bot toms and the
recycle x ylene s tream from the Isomerization unit. T he unit produces para-Xylene
Production quality feed, a toluene cut, a C 9+ cut suitable for processing in C 7/C9

Transalkylation and a heavy aromatics by-product stream.

The unconverted toluene is removed from the C7/C9 Transalkylation Stripper bottoms
stream in the toluene column and is collected in the toluene column receiver. From
the r eceiver, itis s ent to C 7/C9 T ransalkvlation. T he to luene ¢ olumn bot toms
material is sent to the xylene eelumn. The reeyele Xylenes from the Isomerization unit
are also s ent to the xylene ¢ oluimn. The A €8 product is taken ove rhead from t he
xylene column to the Parexinitr AC9 plus heavy aromatic stream is taken as a side-
cut from the Xylene Column andirecycleto C7/C9 Transalkylation. A heavy aromatic
stream is taken from the bettom of the xylene column and is sent to storage.

The Olefin Hydrogenation Process wall sa’él_lrate the olefins that are analogs of paraffin
to the corresponding paraffin: The alkenyl b enzene molecules get converted to their

corresponding aromatics.

1.4 Olefin Hydrogenation Process

Olefin can cause problems to catalyst and adsorbent in downstream process.
The olefin hydrogenation-process is used to.convert the olefin in feed stream into their
hydrogenated piroducts. For de cades, t'he riemoval of olefinha s be en t raditionally
accomplished by using an acid modified clay catalyst to combine the olefin with an
aromatics molecule T he teaction products are*heavy species;whichidan be removed
by di stillation method. The he avy products are then typically disposed in a heavy
stream, which has fuel oil value. Even so the former catalytic clay will generate some
of hazardous w astes b ecause the catalyst ¢ lay life is normally short and cannot be

regenerated.

The next generation o f technology use nowadays is the regenerated catalyst. It can
reduce the hazardous waste disposal, but still producing heavy species also. The latest

technology used is a selective h ydrogenation catalyst which helps the saturation of



olefin to paraffin. This type of catalyst can be regenerated. Besides the hydrogenation
reaction has no heavy product, however, a small amount of aromatic loss can be found
from the side reactions. The purpose of the olefin saturation unit is not only to remove
all of the olefin reactive species present in the charge, but also to maintain the product
quality of various units such as the benzene product from the benzene fractionation
after extraction process, the charge qualities to the para-xylene production unit and to

the C7/C9 Transalkylation unit as shown in Figure 1.2.

Hydrogen Regeneration line

Hydrogen
mixing
nozzle

Hydrogen

Static"mixer Heater g
Heating

medium

2" Reactor

Feed cooler 1% Reactor

Cooling
water
Reformate ‘
from Catalytic 1 L8
Reforming process < - |
1 Recycle
Reactor effluent pump =/ -
to Fractionation unit -7
-
Cooler Cooling
water
—_ — —>
Regenerated
offgas

Figure 1.2 Presents the process unit flow scheme.

The ol fin h' ydrogenation pr ocess'i § t he't hree-phase p acked'd edr eactors. T he
combined feed b etween reformate from the catalytic reforming process and recycle
stream f rom e ffluent will b e d issolved w ith h ydrogen gasb y s tatic mi xer to

hydrogenate ol efin s pecies be fore flowing through the first and second reactor. The
process variables parameters, which affect the catalyst activity, are the combined feed
inlet temperature, the h ydrogen per h ydrocarbon ratio, the reactor pressure, and the
liquid hourly space velocity (LHSV). The general operating concept is to maintain all

of variable p arameter until the trend o f o lefin conversion is d ecreased. T hen, the



reactor inlet t emperature (RIT) of c ombined feed will be increased to i mprove the
catalyst activity to meet the downstream process requirement. By the time that RIT
close to the end of run condition, the first reactor or the lead bed will be regenerated

while the lag bed will be solely operated reactor.

In the event that the catalyst regeneration is not efficient, the new catalyst replacement
is required. T he catalyst replacement p rocess time is roughly more than a w eek to
follow m any procedures, s uch t he r eactor h ydrocarbon f ree, catalyst unl oading,
catalyst reloading including the reduction of new catalyst. It is possible that the lag
reactor may deactivate in the same time of the lead one because it is operated close to
end of run conditions also. Consequently, the plant will totally be shut down since the
olefin hydrogenation process‘is.the first unit of the aromatics production section.

The major cause of the ¢atalyst decay is the poison from impurities in feed,
such as sulfur, chloride, basic nitrogen. THe coke formation on the catalyst surface has

an effect on catalyst activity also.
1.5 Motivation

There are many technolo‘gies for theoléﬁn treating process which are utilized
in petrochemical indiistry. The regenerable catalyst withdut heavier production is the
latest commercial technology, especially providing by the technology licensor of PTT
Aromatics and R efining Public Company Limited (PTTAR). This technology is the

first one in the world that is utilized for Reformate treating unit;

In t he€wentithatthec atalyst regeneration is not (e fficient; tthe pr ocess m ust be
continuous ope rated withoutt he pl antt otallys hutdow ns incet heol efin

hydrogenation process is the first unit of the aromatics production section.

The expected additional benefit is to increase the benzene and toluene production by
minimizing t he aromatics 1l oss, the reduction of h ydrogenation r eaction s everity by

change the operation mode is the option.



1.6 Objective

The r esearch o bjective is to ma intain th e olefin hydrogenation process
reliability in case th e catalyst r egeneration is n ot e fficient. T he a romatics lo ss
minimization, improve the catalyst performance, and operation improvement are also

focused.

1.7 Research scopes

- Feed stock and

- Single bed opx

- Process pe .
- Process controlfimprove 3 AR
59

- The process r eliabi ify-1s

- Catalyst in st
1.8 Benefits

b y s ingle b ed ope ration in c ase t he
catalyst regeneratio - snot eff

Aromatics|pre eas im tion of aromatics loss.
- To get the p:

- Toknow tlﬁcm activity e eratn'
AUEINLNINGING
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CHAPTER I

LITERATURE REVIEWS

Catalytic reforming is one of the most i mportant processes to produce high
grade motor gasolines. B esides i somerization and de hydrocyclization reactions, the
formation of a romatics by de hydrogenation of naphthenes oc curs. T hus, c atalytic
reformers w ithin r efineries a re an i mportant s ource of BTX, aromatics ( benzene,
toluene, xylenes). Frequently high purity aromatics are recovered from these streams
using modern extractive distillation or liquid extraction processes. Reforming process
normally p roduce a s mall'a mount o f ¢ lefins w hichww ill imp air th e quality o fthe
product aromatics a ndereftate: D ne tq the residual content in di olefins and s ome
olefins t he r eformer sdfcams as w ell as the b enzenean d t oluene af ter ex tractive
distillation show a darkgyellowish color ;e);pressed by an acid wash color. Aromatics
product s pecification, nofably bromine nﬁrrfber and acid wash color, have obligated
producers to u tilize ¢ lay /reatmenta nd ;'.__elective h ydrogenation to r emove tr ace
impurities o f d iolefins and ¢ lefins: T he é_(’)nventional c lay tr eatment i s a mu ltiple
vessel ba tch pr ocess w hich périedically rédiifres di sposal of thespentclayina
suitable e nvironmental manner; w-hich 1 s'¢ -é&tly and e nvironmentally unf riendly

[Xiaoxin Zhang, 2002].

The removal or elimination of olefins from reformate isusually required for aromatics
production. In most cases, post-treatment with clay or.post-hydrogenation is adopted
following t he r eforfning uni t."H owever, clay treatment'i s not a n e nvironmentally
friendly process, and has low e fficiency. In post=hydrogenation,sa/p art of ar omatics
may b €'s aturated b'ecause o £t he p oor's electivity of t he catalyst [ Liu, Hamby, &
Colberg, 1991].

Recently, many different technologies are researched and developed to hydrogenate
olefin without aromatics loss such as a conventional sulfide CoMo or NiMo catalysts
are used in the selective hydrogenation in commercial plants, however, these kinds of
catalysts are only used at a high reaction temperature (300-340°C) and low LHSV (2—
3 h") [Xiaoxin Zhang, 2002].



The ot heri sa pr ocess w hich c ombinest hei deal m ass transfer p roperty o f
magnetically stabilized bed (MSB) with the high activity of amorphous nickel alloy
catalyst to hydrogenate selectively the olefins in reformate [ Xuhong Mu, 2006].

In t he ot her ha nd h ydrogenation of be nzenet o ¢ yclohexanei s one o ft he m ost
important i ndustrially practiced a romatic ¢ ompounds h ydrogenationr eactions.
Millions of tones of benzene are h ydrogenated to c yclohexane per year, and about
90% of world’s production of ¢ yclohexanei sus ed for m anufacturing ny lon 6 a nd
nylon 6.6, w hich are a bout 90% of a ll polyamides. N owadays, a Imost t he w hole
world’s pr oduction ¢ apacity of ¢ yclohexane i s m anufactured b y t he r oute of t he
hydrogenation of be nzene' H* owever,d espitei tsa pparents implicity,t he
hydrogenation r eaction gf*bemizene ha s e volved t hrough m any va riations a nd ha s
given rise to many differcat processes | Constantinos V, 2010].

Owing t o e nvironmental a ad ¢ lean-fuel‘!l-_egislation, de ep h ydrodearomatisation of
diesel fuel has been the focusof mdny receﬁf studies. Supported noble metal catalysts
are well known for their high hydre genatio.l_lf: écg@vity for deep hydrodearomatisation at
low reaction temperatures and moderate hy&fééén pressures, although in general they
show low resistance to sulfur poisoning. Dué .1;_(;1;1176 low c@st and acceptable resistance
to sulfur poisoning,s Ni-based s ystems ar € g ood al ternativest on oble m etal
hydrogenation c atalysts. T hese catalysts are p articularly suited to the production of
middle distillates through the hydroconversion o f hydrocarbons derived through the
Fischer—Tropseh process. Most s tudies on N 1-based cat alyststhave been carried out
using silica or alumina supports. The use of silica—alumina as a support has received
less attentiofi’ Recentlyy Guimonset alaréportedithat the additionof Al30; to S10; has
a positive effect on the decrease in the coke formation. This was explained in terms of
the d ifferent i nteraction b etween t he m etal and t he s upport, ass hownby X-ray
photoelectron spectroscopy and temperature-programmed reduction studies. A mong
Ni-based cat alysts, the P d—Ni f ormulation seemst ob e o f's pecial i nterest. O ne
important aspect of Pd—Ni systems is the very mild deactivation they undergo along
the s uccessive reaction e xperiments. T he us e of pa lladium-promoted a morphous
silica—alumina s upported ni ckel c atalysts for the h ydroisomerisation of alkanes has

been patented. The lower deactivation of silica-supported Pd—Ni alloys as compared
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to uns upported ones has been reported for 1, 3 -butene h ydrogenation [V.L. Barrio,

2003].

Supported ni ckel c atalysts ha ve be en w idely u sed f or h ydrogenation r eactions of
many or ganic ¢ ompounds s uch a s ni triles, a romatics a nd oi Is. T he pr operties of
supports m ay ha ve i mportant i mpacts on t he c atalytic p erformances of s upported
metals. In fact, t he r educibility and di spersion o f s upported m etals de pend on t he
interactions between the supports and supported metals. In addition, the surface acidic
and basic properties may play important roles i determining the catalytic activity and
selectivity. Supports with high surface arcas-and appropriate preparation methods are
usually required to obtain the supported nickel ¢ atalysts with high reducibility and
dispersions. The techniqueswisually used to prepare supported nickel catalysts include
impregnation, deposition-precipitation, sol-gel and co-precipitation. Supported nickel
catalysts with high loadings age usually used for industrial hydrogenation processes. It
is usually di fficult to-obtain the s upportéﬁ nickel catalysts with high dispersion and
loading o f nickel with the conventional i'ifx_lpregnation method. The supported nickel
catalysts w ith hi gh di spersion and1 oadiﬁ;g7 m ay be pr epared b y t he de position—
precipitation a nd s ol-gel m ethods, but _‘é ilqy us ually i nvolvet he complicated
procedures. C o-precipitation i s a 5 imple rﬁ ,é;hod, but t here are factorss ucha s
precursors, p recipitating ag ents; t emperatﬁfé- aIn dp H t lnat af fect t he p roperties o f
catalysts p repared. During the p reparation o f a supportéd'm etal c atalyst by the co -
precipitation method, the step of drying may play a key role in determining the final
properties of a catalyst. The direct drying may cause severe agglomerations due to the
removal of water withthe high surface tension. A solvent with 1ow surface tension
may be used to‘teplace water before the drying step so that the agglomeration may be

diminished:[Shenghua Hu;2010]

Int hisr esearch, the c atalyst typei st he ni ckel-based catalysts upported w ith
aluminum oxide. Trickle bed reactor with a high liquid-recycle ratio to control the
high-rate exothermic reactions that are required special reactor to avoid local hot spots
and the corresponding loss of selectivity. The reactor is d esigned to operate at low

temperature 45-110°C and high pressure.
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2.1 Effect of operating variables to MSB process

Xuhong M uw as s tudied t he advantages o f Magnetically S tabilized B ed
(MSB) were combined with the 1ow-temperature activity of amorphous nickel alloy
catalyst in developing the MSB selective hydrogenation process for removing olefins
in reformate. The effects of operating conditions, such as temperature, pressure, liquid

space velocity, and hydrogen-to-oil ratio [ Xuhong Mu, 2007].
2.1.1 Effect of temperature

Table 2.1 showstHe fesultsof h ydrogenation ¢ arried out a t different
temperatures, i ndicating t hat t e br omme num bet of the p roduct d ecreased w ith
increase of temperature Compared to the reaction temperature of conventional post
hydrogenation of 330 #___9C, M SB'h ydrogenation g reatly reduces ther eaction
temperature, inasmuch'as amgrphous ni oakf(e}_,c atalyst is capable of retaining its high
activity at lo wer te mperatures. Loifv teéiperature imp lies lo w ¢ oking rateo fthe

catalyst and low energy consumptlon of the}\/[SB process.

b ol

' FE B
i F i f',ﬁ

Table 2.1 Dependence of bromme nunﬁ’ of product on reaction temperature
LA A

Temperature 1--‘(;:“;’5 Bromine numberof - Aromatics
i product (gBr/100 g) ._-»--4" content (wi%)

40 o 1.8 - 67.38
70 1.2 67.57

100 D79 67.85

120 074 67.43

150 0.58 67.44

7@ oy 3 B2

Feedfbromine number 3.7 gBr/100 g; aromaltics content 67.24%. Operating con-
ditions: pressure 1 MPa; LHSV 12h~!; hydrogen-to-oil ratio 100 v/v; magnetic
field intensity 133.8 Oe.

2.1.2 Effect of pressure

From the viewpoint of reaction equilibrium, increasing pressure is helpful for

hydrogenation, though the results in Table 2.2 indicate but slight beneficial effect for
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pressure hi gher than 1.0MPa. It can also be seen from Table 2.2 that the aromatic
content r emains es sentially unchanged for t he p ressure range between 0.5 and 1.5

MPa. Increasing pressure leads to increase of hydrogen concentration the surface of
catalyst which is helpful for the hydrogenation reaction. W hen the pressure is high
enough, the overall reaction is controlled by surface reaction and will then be less

influenced by pressure.

Table 2.2 Dependence of bromine number of product oil on reaction pressure

Pressure (MPa) Bromine 'leﬂﬁ/::({u:' Content of
peaduct ojl (EBTHe0Y) aromatics (wi%)

0.5 . | 68.45

1.0 S 1 67.32

1.5 /03 67.50

Feed: bromine nu mlﬁ{l g ﬂgﬂ.r 160 g:;.ammalic:: eontent 67.24%. Operaling con-

ditions: lcmpcmlun:‘!j A HSV l’f; W' hydregen oil ratio 100 v/v; magnetic
| Bl

field intensity 133.80e 8 F. 288, 4

o

‘ i ‘-":"'c"-:,

F — ==
At !
2.1.3 Effect of liquid space veloeity (LHSV)
=t S L
' L)
Table 2.3 Sﬁf); iqui ity j‘pn reaction, indicating that

the bromine num ber of | the product i ncreases from 0.2to 0.51 w ith the increase o f
LHSV from 4 to 16 h;f, implying that the quality of pr&iuct is acceptable only when
LHSV isless/than 163 h=1. ©ompared t©" conventionalpos:t-hydrogenation, M SB
possesses the advantage of higher space velocity, primarily due to the high activity of

the catalyst and.the.excellent mass transfer, of MSB:
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Table 2.3 Dependence of bromine number of product on liquid hourly space velocity

(LHSV)

LHSV m‘]} Bromine number of Content of
product (2Br/100 g) aromartics { wiso)
42 0.2 63.03
12 032 63.49
16 0.51 62.90
20 0.69 63.69

Feed: bromine number 3.9 gBz, w ics content 62.95%. Operating con-
ditions: temperature 170 “€% pressure’ KRRy hydrogen-to-oil ratio 100 v/v;
magnetic field intensity ' e

? Reaction 13mpe?“ ‘f‘ ‘____‘

2.1.4 Effect of hydroge

Table 2.4 sh
insignificant in the ra
hydrogen when hydroge

Lower hydrogen-to-oil rati

PP L TR A
_-.’"‘,/;f}’: ‘eém

Table 2.4 Dependep\in@h of bromine num e; of p_r@ﬁ‘flrogen-to-oil ratio
u-i?" Content of

i
Hydrogen-to-oil ratﬁ (whv)
! aromatics (wi%)

product (gBr/100

% AUSINERINEINT S

70 : 0.38 = 3.02
50 : .
o {1 L&}
Feed: Bromine number 3.9 gBr/100 g; aromatics content 62.95%. Operating con-

ditions: temperature 170°C; pressure 1.0MPa: LHSV 12h~!; magnetic field
intensity 133.8 Oe.

S.P. Bressa was study the effect o f process and o perating v ariables in the catalytic
hydrogenation of unsaturated traces in C3—C4 streams, intended for aerosol propellant
use, has been analyzed. The results from catalytic tests carried out on a co mmercial

Pd/Al,0O; catalysth aveb eenu sedt oes timatet he k inetic p arameters o fr ate
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expressions. The set of rate expressions is used in a m athematical model of a t hree-
phase fixed-bed c atalytic unit ope rated i n up -flow mo de. T he ma thematical mo del
allowed s tudying t he ef fect that v ariables such as t emperature, p ressure, h ydrogen
mass flow and feed composition will exert on the reactor performance. The volatility
of the hydrocarbon mixture is found to be a paramount factor in the process, as H»
becomes diluted in the vapor phase and, consequently, the amount of H, dissolved in
the liquid s tream and the h ydrogenation rates d ecrease significantly. A temperature
riset urned o utt ob e detrimental f ort he reactor p erformance, ast he i ncreased
hydrocarbon vol atility overcomes t he é’ﬁﬂa}t ont hek inetic co efficients. T his
conclusion precludes the usual operating pracﬁg/e‘ﬁf rising temperature to compensate
for cat alytic act ivity d efﬁ‘__Y,, Instead, 1“r’10reas1ng the H, input a nd/or the ope rating

pressure were shown tob}eﬂ% e alternatives for this purpose [S.P. Bressa, 2003]

i
B r
Nomenclature - i J

iy mterfacial area per nmt bed wohun
{m’fm)

hea‘l of formation of species k {I/'mol)

A
cp
[
Cp
dhy

s

£

H,(st)

T ORTA pmMbS U

SOFPEEE

BUNSS SR N o

bed section (m®)

molar heat capacity (I'mel K)
concentration (mol/m’)

total heat capacity (Eq. {123) (1
equivalent particle diameter

(= erdp, /[1.5(1 — eL)]) (m)
equivalent particle diameter

(= Vp/65,) (m)

dJ.ameuu of 2 spheve wath the same
swface area of the packing piece (m)
bed diameter (m)

diffsion coefficent (m’/z)

axial dispersion coefficient (/)
activation enerzy (T'mol)

total molar How (maol’s),

Mnal pressurs drop per reactor length

L )}
7 (o /o
it ld-up (o /r }
i‘gﬁﬂm equibbanm constant
emﬂlﬂy-nfc;zanm:m (Mmoal)
L (kg'ms

d m¥)
tat; ‘7 Hse: per umit bed volume (kem®)
- Tyl

stoichiometmie value of Fapr *191-’5}
gravitational acodeﬂl:ius_'ﬁﬂ;
kineic constant {mol’ _»kga
vapour—Liquid (o the hiqud =ide) mass
transfer coefficient for low I?ru.x s}
Lqud—sohd mass transfer r.'oeﬂi 1ant for
low flux (m's)

vapow-liquid (on the vapour side) mass
transfer coefficient for low fux (oik)
vapour—liquid equilibym gonstant
chemueal equhiifium Sonstant

higqud molar flew (ol

catalyst mass (kg

maolecular weight (kz'mol)

males of species j 1n experimental
batch

malar iz fmal s my

presure (MP2)

stafic préssure per reactor length (Pa/m)
Peclet mumber (= iy, dpe/ D)

modified Peclet number (= Pay (71 fdp, )
total heat of formation (Eq. (12)) (J's)
total heat of vaponsatien (Eq. (12))
(I's)

reaction rate (mol's kga)

Reynolds mumber (= udpag,/ i)
Schomdt mumber (= /o)

tme (z)

temperatme (K}

superficial veloeity (m's)

vapowr molar flow (mels)
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molar frachon m vapour phase

total molar fraction

amal coordinate (m)

reactor length (m)

L
-
T
15
HC
o

5

T
un
‘.u'
V1




15

2.2 Effect of operating parameter to Pd/Al,O3

2.2.1 H2 input

The H, molar flow fed into the bed can be operatively increased from t he
stoichiometric value needed to hydrogenate the unsaturated. We will analyze here the
impact of increasing Fy, focusing on the bed length required to achieve the goal of

the process, i.e. as a means to reduce t

losses. However, the final de cisi

atalyst loading or to compensate for activity
?p nitude of total hydrogen molar flow

(F°i2) should be taken on e | : pressure drop and H, recycling
value s howing a ratio of oichiometric value (Case (a) in
Table 2.5) up to a four-fold Va in Table 2.5 corresponds to the

base case.

0.005
stz oz
e — YH2
1 0.004
0.003
1.90
0.002
.. 1.78
i el "-ﬁ FHz"FH2[St)=?"|aJ
S RHEATEINDRS.. |-
frmi.,, ol Al W R W OFA 1.90
‘” ¢ PR R

Figure 2.1 Influence of H2 molar flow ont he c alculated h ydrogen m ole fraction

profiles
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Table 2.5 Effect of hydrogen flow rate on reactor performance

Case Fy, (mol's) Fa, | Fa, (st) V2 (mol's) AV (mol’s) Vi (mols) ATse (mol's) AT=T*-T" )

a 0.627 1.78 204 032 1.50 0.63 10.86
b 0.667 1.90 217 038 159 0.68 1061
c 1253 3.56 394 081 278 113 841
d 1.880 535 5.69 1.04 390 1.36 719
e 2507 113 734 118 402 151 630

Itc anb e expectedt hati ncreasing F will,in s ome w ay, increaset he H ,
concentration on the catalyst surface, ¥5p./The hydrogenation reactions will become
faster and a shorter catalytic bed will be needeéd.sNote that the isomerization reactions
are independent of XSHZ. Henee, they will not beneéfit from higher values of Xst and
lower amounts of 2 -butenes W ill be produced from 1 -butene, s aving an i mportant
amount of catalyst o thefwisen eeded t 0 accomplish their slow h ydrogenation. Itis
shown i n figure 2.1 _ghat XSH2 signiﬁclz‘_an_tlyi ncreases as FOHz is r aised, cau sing
important reductions in.bed length, whicf_ld"can be read at the point where each curve
ends. By doubling F’yp,, i€. ffom Cases (él) to (¢), the bed length to obtain 20 ppm of
unsaturated at the exit diminishes by 33%:'__A,.f0ur—fold increase in F;, saves half of
the catalytic bed. The inerease in XSH;_ with,,-EQHz 1s primarily caused by higher values
of the H, vapor mole fraction'¥; and, s ec&nfd'arily, by hi gher values of (aVLV kLHz)

derived from higher vapor flow rates (see T-etbl’e}2f5).
2.2.2 Operating pressure

The di rect m ean t 01 ncrease t he s olubility of  H, is.to raise t he o perating
pressure. The partialptessute of the hydrocarbon mixture at temperature T ° = 313.16
K (base case) is about Pyc = 0.75¢MPa. T he difference pressures(P — Pyc) nearly
equals the Hy partial pressure. Py A nincrement from the operating pressure in the
basecase P = 1.2t01.5 MPacau sesan incrementof a round 100 % 1in Py,.
Consequently, t he e quilibrium value molar fraction i n | iquid pha se Xy, becomes

higher in about the same proportion.

As t he hydrocarbon vaporization isr estrained at h igher p ressures, the mix ture
temperature al ong the bed gets higher at P = 1.5 MPa, but causes a lower drop in

molar fraction in vapor phase Y. The changes from bed inlet to exitare AVyc =
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0.0774 mol/s (1.5 MPa) versus 0.6807 mol/s (1.2 MPa); AT = 13.2 K (1.5 MPa)
versus 10.6 K (1.2 MPa); Y/y'm2 = 0.5093 (1.5 MPa) versus 0.4051 (1.2 MPa). The
differences just outlined lead to values of X1 around 100% hi gher at P = 1.5 MPa,
which along with the marginal effect oftemperature allows a s aving o f somewhat
more than 50% in the bed length needed to achieve 20 ppm of unsaturated at the bed
exit. The profiles of X°jp at 1.2 and 1.5 MPa are compared in figure 2.2. The curve
ends mark the necessary bed lengths. The profiles of trans-2-butene mole fraction are

also given, recalling that this is the last unsaturated to get extinguished.

0.008

0.007
0.006 [«

0.005 |
J(S_»tz

N TR TR

0.004 | .
0.003 |

. 7 N
0.002 tBE . He

0.001 © o BE .
. T
0 | it 2 POy p y

Figure 2.2 Influence of'the reactor pressure on calculated hydrogen molar fraction (at

Z[m]

liquid-solid interphase). trafis-2-butene moléarfraction.

2.2.3. Inlet temperature

The conceptual arguments to assess the impact of increasing the thermal level
of the mixture h ave b een al ready discussed: on one h and, anincrease inthe HC
volatility that will make yy, and consequently XSHZ decrease and, on the other hand, an
increase int he ki netic ¢ oefficients. A st hey show oppos ite effectsont he
hydrogenation rates, the net outcome should be quantitatively evaluated. The results
can be discussed from Table 2.6, where the inlet temperature was modified by +10 K

from the base-case value, T 0 =313.16 K. The unsaturated concentration at the exit
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increases one order of magnitude for an increment of 10 K. The significant increase of
Vic as T ° increases, not only at the bed inlet, but also along the bed ( Table 2.6),
causes a significant dilution of H2 in the vapor phase that definitely overwhelms the
effect on kinetic coefficients. It becomes interesting to analyze whether catalysts with
higher a ctivation e nergies will still show th e same trend with temperature. T o this
end, it was considered that at T ° = 313.16 K, all hypothetical catalysts will show the
same values of the kinetic parameters (those resulting for the material actually tested),
but parameterized with an activation energy assumed common for all reactions. The
concentration of unsaturated at the exit of 2 bed with Z; = 1.4 m are plotted in figure
2.3 as a function of T for different values 0f E«Values of T above 293K (20°C) are
considered, as it was appraised that sub-ambict temperatures will not be convenient.
The results for the experimentally tested catalyst and for E = 0 are included. The latter

is a limit case that just refléctsthe effect of T on Hy dilution in the vapor phase.

10000 -
unsaturates J
(ppm] < -
. -
) E=0 J/mol e
ol Jd ok -
- - - - -
cid A L
— . -
1000 : P
-~ ¢ * Experim.
r L4
» .4
F
- "
L 41840
g
. -
7 *
100 F 62760
- - o y
83680
10 L 1
203 303 313 323 T 3%

Figure 2.3 Effect of the feed temperature on reactor behavior. Five activation energy

level.
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Table 2.6 Effect of inlet temperature on reactor performance

T°®) Outlet pm  AT(K) Vi (mols)  APic (mols)

unsaturates)
303.16 1.5 1292 0.854 0.137
313.16 20 10.60 1.592 0.681
323.16 265 6.57 3582 1.542

Significant and non-obvious general features were:
* The slow hydrogenation of 2-butenes, especially of trans-2-butene, demands around
half of the bed length. 2-Butenes can be present'in the process stream, but they are
always formed by hydrogenation-of 1, ﬁbutadiene and by isomerization of 1-butene.
» Mass transfer limitations.oh the liquid side of the vapor—liquid interface were most
significant for H2 absorption rates. |
« The volatility of the hydfocarbon mixturé was a paramount factor to dilute H, in the
vapor phase (hence, to diminigh the amoffntpf H> dissolved in the liquid stream) and
to restrain the temperature rise along-the bi;_d, due to the vaporization heat.

A
These ke y factors a llowed e xpléihingt Hé—fé jmulated r esponse of th e s ystem to
variations in the different operatmg Varlables However the results could be hardly
predicted beforehand;dueto the r ather co mplex 1nterplay o fthe ef fects. Thus, a
temperature rise tumed out to be significantly detrimental for the reactor performance
att he conditions stud_ied, as the effecto fthe 1 nereased h ydrocarbon v olatility
overcomes the effect onthe kinetic coefficients. A parametric analysis revealed that
this r esult is nPot f ortuitous and w ill's tand f'or d ifferent cat alysts an d o perating
conditions. The'e onclusion regarding t he e ffect of t emperature pr ecludes the usual
operating p olicy of riSing te‘mperatuie | tO fcompensate for CatdlytiC act ivity d ecay.
Instead, yncreasing the H 2 i nput a nd/or t he op erating pr essure w ere s hown t o be
effective al ternatives to improve the reactor p erformance. The reactor p erformance
was a Iso shown t o be s ensitive to t he c omposition of t he uns aturate p ool, as the
different compounds pr esent s ignificant di fferences ¢ oncerning ki netics, reaction

paths and thermal effects. [S.P. Bressa, 2001]
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2.3 Sulfur Poisoning of nickel-based catalyst

Deactivation o fn ickel catalysts b y s ulfur poisoningis a s erious i ndustrial
problem and the effect of sulfur on the performance of metal-supported catalysts has
been widely studied [ Feg-Wen Chang, 2001]. The effect of different components of
gasification gas on sulfur poisoning of nickel catalysts were studied. In addition, the
sulfur distribution and content of nickel catalyst beds were analyzed to account the
poisoning effect of sulfur on the activity of catalysts to decompose tar, ammonia and
methane. The desorption behavior of chemisorbed sulfur from the bed materials was
monitored by temperature programmed hydrogenation (TPH). It was established that
bulk ni ckel s ulfide w as" activei n de composing ammoniai nhi gh-temperature
gasification gas-cleaning cenditions. T he de composing a ctivity of methane was not
affected b y bul k ni ckel sailfide f ormation, but that of t oluene w as de creased. T he
activity o f't he cat alyst wegained r-apidly when H »S w as r emoved f rom t he gas.
However, the conversion of ammonia wgs not regained at as high a level as before
sulfur addition, m ost pgobably/due to irri:_versible sulfur adsorption on t he c atalyst.
The temperature increase/could alsobe us"e:d-';[o regenerate the catalyst p erformance
especially in respect to methane and toluéi‘lté.;.‘S_‘ulﬁJr adsorbed on nickel catalysts in
different chemical states de pendson t he pchess conditions applied. At >900°C the
sulfur adsorbed on t*he catalysf f ormed ar.ll ‘.i_ ;r;a{/ersible fii onolayer o n t he cat alyst
surfaces, while at <900°C the adsorbed sulfur, probably’ composed of pol ysulphides
(multilayer sulfur), was desorbed from the catalyst in sulfur-free hydrogen containing
atmosphere. However, a'm onolayer o f sulfur still r emained o n th e c atalyst after
desorption. The enhanced e ffect of high total pressure on sulfur-poisoning of nickel
catalysts could be accounted for the increased amount of sulfur, probably as a mode

of polysulphides; adsorbed on-the catalysti] Elseyier, Science B:V1997].

Adsorption studies of H;,S on ni ckel indicate an increasing reversibility of ad sorbed
sulfur with increasing temperature. The use of high temperatures during regeneration
inr educing a tmosphere ha sa positive e ffect be cause of t he hi ghhe ato f
chemisorptions. Atth es team reformingo fme thaneth er eversibility was
demonstrated at temperatures of 800 - 900°C by Morita and Inoue, who found that the
nickel catalyst regained the initial activity after the removal of sulfur compounds in

the f eed. However, 1 n i ndustrial scale th is n ormally r esults in s low r egeneration
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because t he r ate o f d iffusion-controlled e lution decreases ex ponentially with time .
According to Rostrup-Nielsen, the adsorbed sulfur was easily removed by steaming at
temperatures a bove 600 °C i f steaming r esulted i n f ormation of s ulphates. Some
studies by Bartholomew have shown that it might be possible to regenerate the sulfur-
poisoned nickel cat alysts b y r emoving S from t he cat alyst as SO, by ¢ ontrolled
exposure to oxygen ( very low O, partial p ressure), or to s pecies t hat d issociate to

oxygen.

The nickel-sulfur bonds of adsorbed sulfupase significantly stronger than those in
bulk nickel sulphides. Due to the strength of theSulfur-metal bond, sulfur adsorption
is f requently non -uniform with ¢ espeét tothe catalystbed,andhenceitisvery
difficult to provide fundamental'information on sulfur poisoning. This p henomenon
could b e ex plained by thé f actf hat t he ad sorbed sulfur was pr obably not t otally
removed from the catalystb y'increasing temperatureor even by removing the H,S
from the gas. The activity 0 f the ¢ atalysfs regained rapidly when H,S was removed
from the gas. At 900°C.ainder 20 barthe i"egeneration was more rapid than at 800°C.
The t emperature 1 ncrease co uld b e.u sea':'t 0 regenerate t he ¢ atalyst performance
especially in the case of methane and toluene However the conversion of ammonia
was not regained as high a level as before sﬁﬁhr addition most probably because all of
the sulfur adsorbed on the catalyst was not removed by temperature treatment or even

by removing the st from the gas. [Jouko Hepola, 1997]



CHAPTER II1

THEORY

3.1 Reaction Chemistry
The hydrogenation reaction of normal- and iso-olefin is the main reaction. The side

follows;

Conversion of normaly
(3

C-C-C=C-C-C+H2

Conversion of iso-olefi

c-C-C-C-c +H2

C\ /C VI
1)

Conversion of toluene

P ﬂUEJ’WIEWIiWEJ’]ﬂ?

%

L M‘mmm YRiIny1ay

Converswn of meta-xylene

(|3 C
|
C _ C C
[l |  + 3H2 | | (5)
NP o /C
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Benzenei s converted toc yclohexane w hile toluenei sc onvertedt o m ethyl-
cyclohexane. A small amount of xylene may be converted to dimethyl cyclohexane.
In a similar fashion, ethyl benzene may be converted to ethyl cyclohexane. The loss of
aromatics is easier to interpret by monitoring the appearance of the non-aromatic in
the charge and effluent of reactor. The calculation formulas are shown in equation (6),

(7) and (8) as follows;

Benzene loss = mole of cyclohexane in effluent — charge (6)
mole of benzene in charge

Toluene loss = mole of methyl cyclohexane in-effluent — charge (7)
mole-of tollenein charge

Xylene loss = mole gisdimethyl cyclahexane in effluent — charge  (8)
mele'of xylenes in charge

3.2 Deactivation of Catalyst
3.2.1 Sulfur Poisoning of Catalyst ¥

Aromatic f eeds nor mally contain-‘nj\_/‘e__'; ryl owl evels of s ulfur. T ypical
compounds in the aromatic charge are thiophene and substituted thiophene, methyl,
dimethyl a nd e thyl thiophene. T here m ay a Iso be s ome ve ry 1 ow t race 1 evels of

mercaptan as a result of' recombination of H,S and olefins in the upstream units.

The sulfur compounds in the charge are very strongly adsarbed to the surface of the
catalyst. Over time the very small levels of sulfur.compounds are;sufficient to poison

the catalyst by occupying the reactive sites.
3.2.2 Deactivation by Fouling
It is possible to foul the catalyst during operation. Under the right conditions

olefins m ay c ondense on't he c atalystt o f orm a he avy condensate t hat f ouls t he

surface. This is unexpected during normal operation.
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If the feed becomes contaminated with oxygen, the olefins in the feed can form active
peroxides. When the feed is heated in the unit the active peroxides may decompose
and start free radical reactions. Such reactions contribute to formation of polymer that
may coat the catalyst. Normally the feed to the unit is sourced directly from upstream

fractionation, which is usually sufficient to protect the unit from this type of fouling.

Although it m ay b e pos sible t o r everse f ouling b y h eavy de posits us ing t he hot

hydrogen strip, this has not been demonstrated.
3.2.3 Deactivation from Makeup Hydrogen

Trace levels of hammfiil eomponents may be contained in the hydrogen. H»S is
a f requent co ntaminant_efh ydiogen an d w ill d eactivate t he cat alystinas imilar
fashion to the sulfur compounds inthe charge. H,S is very strongly adsorbed by the
catalyst and should be'minimized. Normzﬁly _1he level of H,S in the hydrogen used by
the process is low and the amount of hydr&_gen used by the process as compared to the
catalyst is relatively low. During fegenerafi(;ﬁ the amount of hydrogen passed over the

catalyst is significant and so'the restriction Q_dr.ngS must be more stringent.

Trace levels of HCl ontribute an acid function to the catalyst. Acidity may promote

polymerization reactiGns that may lead to fouling of the catélyst.

Carbon Monoxide strongly adsorbs to the catalyst. Accumulation of CO will appear to

deactivate the catalyst 1s a similar fashion tojsulfur,

Nitrogen it he forn effadmmioniat ¢ he'm /akeup) gasciata 150 contribute t o

deactivation of the catalyst.

Caustic contamination from the scrubbing of makeup gas can contaminate the catalyst
permanently. If caustic washed gas is used, precautions must be taken to ensure no

carry-over of caustic reaches the process.
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3.2.4 Other Contaminants

Trace metals in the charge can damage the catalyst function. T ypical metals
checked for in the charge include arsenic, lead, and copper. Any metal contamination

should be avoided. Normally the charge is very low in metals.
3.3 Process variable

The ope ration of t he Olefin h ydrogenation p rocessi s c ontrolled us ing
temperature, pr essure, t he f'low t hrough t he_ weactors and t he ratio of H, tot he
reactants. Although sample points are p?ovided in the unit to determine the quality of
the product from the olefindhydrogenation unit, an efficient operation is best obtained
when the operator monitor§ the end products a fter further processing. The design of
the unit is to remove as much.of the bromine reactive materials in the feed as possible
while n ot s aturating@ romatics: A s w afs th @ c ase with clay tr eating performed
previously it is not normally required to rér_nove all the olefin reactive species present

in the charge.

3.3.1 Pressure H

In the Olefinhiydrogenation unit pressure should be/maximized at the reactors
to maintain the maximum solubility of the hydrogen in the process liquid.
The goal of the operator s hould be to maintain t he highest p ressure in the r eactor
circuit consistent with the operation of the.upstream equipment. Yields are improved

with higher pressures that foarce more of thethydrogen into the liquid phase.

3.3.2 Flow

Normally the flow t hrough t he r eactor is not a djusted dur ing nor mal o peration. A

recycle of product is used to maintain a high velocity through the catalyst bed.
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3.3.3 Temperature

As the catalyst ages the temperature of the reactor will need to be increased to
maintain the activity of the catalyst. The EOR temperature should not be exceeded the
design, as high temperatures may lead to permanent poisoning of the catalyst.

Higher te mperatures w ill c ause mo re h ydrogenation o f aromatics. A s result o f this
effect, r unning at th e lo west te mperature w hich s till ma kes th e p roduct q uvality

acceptable should be the operating goal.

3.3.4 Hy/Reactants

The unit is desi on ratio set point controller.
The pur pose of t his ) o fh ydrogen t o fresh feed

entering the unit.

AU INENTNEINS
RINININUNINYAY



CHAPTER IV

METHODOLOGY

4.1 Research Methodology

The research is s eparated into 4 parts. Part 1 is the Feed stock and process
performance review, Part 2 is the study to change the operation mode from series to
single b ed, P art 3 1sthe process pe rformance” improvement b y ve ry t he va riable
control parameters, and Part 41 s studyof catalyst in situ regeneration as shown in

figure 4.1.

. [

&5 Fresh Feed Compositions |

Fegd Stock.and 1 | 4 Olefin Conversion |
Process,Performance Review | Bromine Index !
- L | Aromatics Loss !

J e - e e e e e - = |

v

T 73 == —=—===-
i : A ) Olefin Conversion :
Single Bed Operation, |——— Bromineindex
— ILAromatics Loss |

4

b 4

= -  Reactor Inlet Temperature |

Process Performance ). Réactor Pressure I

= - , —— LHSV |
————improveiment I H42:HC Ratio I

v
Process Control
improvement

Advance Process Control

| |
‘ ' 'l for H2:HC Ratio :

v

Catalyst- Regeneration r——v: BhGonversion :

Figure 4.1 Flow diagram of research methodology.
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4.2 Materials

The s tudy was done by using ol efin hydrogenation reactors i n t he act ual
operating conditions with the feed of reformate from catalytic reforming process. Gas
Chromatograph is used to analyze the h ydrocarbon ¢ ompositions in both feed and
product streams. CA-200 Karl Fischer Moisture meter equipped with Bromine Index

measurement probe was used to measure the bromine index.
4.3 Experiment

- .
Part 1: Feed stock and Process Performance Review

The f resh f eed clhvaraeteristic anld cu rrently p rocess p erformance o f olefin
hydrogenation pr ocess s uch ol efin ¢ onversion a nd a romatics 1 oss was analyzed to

. - et
understand the consequences which ate affect to downstream process.

Part 2: Single Bed Operation

.-_‘.

The research was to alter the op eratron mode of olefin hydrogenation process

fromaseriestoa s 1ng1e b ed operatlon at co nstant réactor 1n1et temperature, reactor

pressure, and comblned feed rate as shown 1n figure 4.2a and 4.2b.

Hydrogen gas

g—\M.
Reformate kel /,\—\ Ap )

Hydrogen gas

Reformate

Recycle
Recycle
4

Effluent Effluent
(a) (b)
Figure 4.2 Schematic diagram of Olefin hydrogenation process in series (a) and

single (b) operation.
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The ol efin conversion, aromatic | oss ¢ alculation, a nd br omine i ndex i n ne cessary
streams was analyzed and calculated to monitor the process performance and product
qualities. T he pr ocess control va riable was adjusted to ma ximize t he c atalyst
utilization a fter the s ingle be d op eration is s table c onditions and e nsure that i s no
effect t o dow nstream process. A tt he e nd of r un c onditions, t he ¢ atalyst was

regenerated and evaluated the catalyst performance compare with fresh catalyst.
Part 3: Process Performance Improvement

The v ariable p arameters such as temperature, pressure and the flow through

the reactor were varied and studicd effect on the catalyst performance.
Part 4: Catalyst regeneration

This part is study the ¢a talyst p efformances after regeneration compare with
before. The r egeneration i s f ollowing t ﬁe pr ovided pr ocedure f rom | icensor. The
hydrogen used for the stuip is 99.9% purit}'f!'o} electrolytic grade ata GHSV of 120;
equivalent a flow rate of 4400 Nm3/hr, 300°C with 48 hours holding.

Part 5: Process Control Improvement

This partiss tudy t o 1 mprove t he h ydrogen-to-hydrocarbon I ogical ¢ ontrol
from r egulatory c ontrol «to.a dvance process ¢ ontrol to maximize th e h ydrogenation

reaction all the time.

Part 5xOperating“Window Development

The objective of Operating Window to assure the all of condition is practical.
Including i dentify pl ant | imitations i n or der t o ke ep t he pl ant r unning s afely and

smoothly as well as maintaining reliability and integrity of the plant.



CHAPTER V

RESULTS AND DISCUSSIONS

5.1 Feed Stock and Process Performance Review

The fresh f eed ch aracteristic an d cu rrently p rocess p erformance o f O lefin

hydrogenation process need to be ‘r?fl/ understand the consequences which are
affected on downstream proce@ )
5.1.1 Fresh Feed COW - v \
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Figure 5.1 Olefin hydrogenation fresh feed compositions.
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Normally, feed composition is changed every couple of week or a week depending on
plant production plan. More than 4 sources of raw material are blended with different
blending ratio to minimize the raw material cost. So the Olefin Hydrogenation reactor

fresh feed compositions are varied with upstream feed source.

5.1.2 Olefin Components in Fresh Feed

5,6and7 (OC5,0C6,and O

species is rather fluctuated %

— -

+0 & ——0C8
w0 Bi\c}cs ///&".u |
it A B O bd Int LA
AL E AW
liimal\i“}ﬁv HMF

The olefin components in reactor charge consist of olefin carbon atom number
; in fi 1gure 5.2. Amount of each ol efin
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5.1.3 Olefin Conversmn
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Total olefin conversion across two reactors is more than 97 wt%. Total olefin

4/7109 4127109

in feed stream is reduced from 1 wt% to less than 0.05 wt% as shown in figure 5.3 by

selective hydrogenation reaction.
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The OCS5 conversion

97.5-100 wt% while t
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e of 90-97 wt% as shown in

cies is easier to hydrogenate
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Figure 5.4 Olefin OC5 conversion.
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Amount of olefin in effluent stream is very small level. To monitor the process
performance, sothe ASTM D 1492 or D 2740 ( Appendix B .) i s us ed t o m easure
bromine index (BI) that represent to trace amount of ol efin. High concentrations of
bromine r eactive s pecies a re unde sirable f or s ome of t he dow nstream uni ts a nd
products and such as the Olefin Hydrogenation unit is designed to hydrogenate these

species.
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The Bromine index in fresh feed is around 2,500-3,500 mg Br/100g sample. Olefins

species are hydrogenated to their hydrogenated product through the first and second

reactor (lead and lag reactor). Bromine index of outlet lead reactor is around 150-300

mg Br/100g sample then it will be reduced in lag reactor to less than 100 mg Br/100g

sample as shown figure 5.7.

Result i s s hown 2,350 -3,200 mg/100g of BI is c onvertedin1ead reactorthatis

approximate 91-94% comparing with Bl in fécd. For the lag reactor, 50-200 mg/100g

of Bl is converted that is approximate 2-6% Comparing with Bl in feed so the single

bed operation concept is very high pos §ibility to apply for the Olefin Hydrogenation

process.
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Figure 5.7 Bromine Index in fresh feed, outlet lead and outlet lag reactor.

Blin fresh feed {(mgM00g)

The C7/€9 Transalkylation unit is limited the Bromine index in charge less than 150
mg Br/100g sample. Most of olefin is from O C7 in O lefin H ydrogenation e ffluent
stream that is co-boiled with toluene will be presented in C7/C9 Transalkylation unit

feed follow Figure 1.1 Simplify block flow diagram of BTX production.
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Amount of Bromine index in the charge of C7/C9 Transalkylation unit is around 30-

50 mg Br/100g sample that is rather small when compare with feed specification 150

mg/100g as shown in figure 5.8.
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Figure 5.8 Broming index in é7/ C9 Transalkylation unit feed.
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For the para-xylene productlon umt results of Blinunitcharge are normally less

AI2TI09

than 10 m g Br/100g s ample B fin pararxylene pr oduction uni t ¢ harge w ill be

absorbed in the moleeular sieve adsorbent of thls process that leads to deficiency of

PX production. T he dn-es1gn of unit c harge quality a llows .1 ess than 20 mg Br/100g
sample. However, amount of bromine index in Olefin Hydrogenatlon effluent stream
has no major effect to para—xylene production unit as shown in figure 5.9 because the

quantity o f ol efin O C8 moleculés in charge ofthe Olefin Hydrogenation process is

very small.

Bl in Transalkylation unit feed(m9/00g)



36

+ Bl in effluent u Bl in PX production unit feed
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Olefin OC8 concentrationtha i's-"p‘réSe_'nte:_d‘.in para-Xylene production unit charge can
be g enerated b y t hesmal ¢ racking r eaction in column bot tom section of X ylene

column. Xylene columniis apart of Aromatics Fractionation unit.

ine index in para-xylene production.

5.1.5 Aromatics Loss

B N

The be nzenea nd t o-lliéﬁé:I 0ss are ground 0. }§-0.5 a nd 0.05 -0.1 m 01%

respectively a s s h(;@ 1nfigure 5.10. T he x ylenes 1 Q?_Sji sverysmall,itcanbe

negligible. M aximum Z_ilowance of benzene and tolue;e loss is 0.5 and 0.25 mol%,

respectively. Benzene i s+h ydrogenated t o ¢ yclohexane, t oluene i s h ydrogenated t o
methylcyclohexane, an-d x ylene 1-s h' ydrogenated t o d imethylcyclohexane. T he
aromatics loss should be minimize to maximize the aromatics production. In this case

the aromaticsiloss iswratherhigh sojtheropportunityfon optimization ighigh possibility.
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5.2 Single Bed Operation

The study is to change the reactor operation mode from a series to single bed
operation, w hich i s r elatively di fferent f rom or iginal ope rating de sign. T he pl ant
reliability 1 s e xpected t o be 1 mproved i n the s ingle be d ope ration b y pr eventing
catalyst d eactivation i n b oth r eactors at t he s ame t ime. T he cat alyst d eactivations
normally cause by the feed c ontaminants such s ulfur, nitrogen, c hloride and heavy
metals. Particularly, the sulfur compounds have a very high potential to permanently
absorb on ¢ atalyst a t hi gh ope rating t emperature, es pecially at t heen do fr un

conditions.

In single bed operation, thedamount of catalyst was decreased by half comparing to
the s eries ope ration. T he'l iguid hour ly s pace ve locity (LHSV) i s di rectly t wice
increased. The hydrogenationtcaction severity is expected to be decreased, which is
affected on the olefinfand aromatic convgrsion while the e ffluent qualities still meet

the charge requirement of the downstrearrfprocesses.
5.2.1 Olefin Conversion

Fort he s eries ope rétibh, m ost of __(Ee:ﬁni s " ydrogenated t o s aturated
hydrocarbon. T he s, ingle ope ration s hows as igniﬁcaﬁt ¢ hange o f't otal ol efin
conversion from 95-99 wt% to 85-92 wt% within 6 m onths as shown in figure 5.11.
Higher a mount of ol efin c ontent i n f eed.i s af fected on lower ol efin conversion

according to the constant catalyst activity.
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previous experiment, such as the conversion of olefin C5 and C6 are higher than the

conversion of olefin C7 as shown in figure 5.12-14.

5.2.2 Bromine Index

The bromine index of effluent reactor is increased from 50-200 mg Br/100g

sample to 200-500 mg Br/100g sample as shown in figure 5.15. A pparently, this will
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lead to the increase of the amount of BI in the charge of C7/C9 Transalkylation unit
from 20-60 to 30-80 mg Br/100g sample as shown in figure 5.16, while the design of
unit ¢ harge qua lity allows 1 essthan 150 m g Br/100g s ample. T hisis duetothe
unconverted olefin C7 molecules and their co-boiled with toluene will be presented in

the C7/C9 Tranalkylation charge.
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Figure 5.16 Bromine index in C7/C9 Transalkylation unit.

For the para-xylene production unit, results of BIin unit charge are normally less
than 10 mg Br/100g sample in both of series and single mode as shown in figure 5.17.

The design of unit charge quality allows less than 20 m g Br/100g sample. However,
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the s ingle and s eries o peration m odes h ave n o s ignificant effectto para-Xylene
production unit be cause the quantity of olefin C8 molecules in charge ofthe olefin
hydrogenation pr ocess i s ve ry s mall, sot he ol efin C 8 s pecies do not s ignificant
change i n feed o f para-Xylene p roduction uni t, a Ithough t he s ingle o perationi s

applied.

The o lefin O C8 species, which have same boi ling point with mixed xylene can be
generated within the bottom section of Xylene distillation column. The xylene column
bottom temperature is controlled around 345<350°C to minimize the thermal cracking

reaction of heavy aromatic materials, which atc.¢he bottom product.

-
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Figure 5.17, Bromine index in para-xylene_i)roduction unit.

The reactor effluent stream 1s sent to distillation column to separate benzene and co-
boiling-pointymaterialsineludes lighter to,overhead preduct. The-overhead product is
fed to E xtraction unit to's eparate non-aromatics from ‘arematics s pecies by solvent.
Non-aromatic from E xtraction u nitis c alled “ Raffinate” th atis c ontained w ith
paraffin P C5-6 and ol efin O C5-6. T he aromatic s tream is c alled “ Extract” th at is

contained with 90 wt% benzene, 10wt% toluene.

Most of the unconverted olefin present in the Raffinate stream, which is normally the
non aromatic species from the Extraction unit. The BI in Raffinate is increased from

1,000-1,500 to 1,500-3,000 mg Br/100g sample as shown in figure 5.18. In practice,
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olefin i n R affinate can be s oldinthelightn aphtha’s pr ice. T he be nzene f orm

Extraction unit is sent to the benzene fractionation to be purified before run down to

product tank.
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Figure 5.18 Brominie iédex in Raffinate product.
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In terms ofbenzene loss, the lost 1§ re‘tfuced from 0.25-0.5 mol% to 0.2-0.3
mol% leading to the mﬁbenzenﬁpm&ucﬂﬂfy—fol’uene loss is reduced from
0.05-0.1 mol% to 0.03 -0.07 mol% as shown in figure 5.19. T he xylene loss is very
small; hence, it can be ne gligible. T his m ay i mply t hat t he s econd r eactor i s not
necessary forthis pe @iod: A dthoughrol efiniO (057~ conversion i s de creased, but
bromine index in C7/C9 Transalkylation and para-xylene production unit are still in

control.within the feed specification.

In the case that the reactor fresh feed is 3,408 metric tons per day, the benefit will be
improved around 0.43 million US$ per year (Appendix C). Decrease of benzene loss
is directly increased of benzene production. For the same reason, decrease in toluene
loss e ssentially consequencest o i ncrease t he PX pr oduction be cause t oluene i s

normally transformed to xylene species in the C7/C9 Transalkylation unit.
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5.3 Process Performance Improvement

The ope ration of t he O lefin H ydrogenation Processi s ¢ ontrolled us ing
temperature, pressure and the flow through the reactor. Although sample points are
provided in the unit to determine the quality of the product from the olefin reduction
unit, a n e fficient ope ration i s be st obt ained w hen t he ope rator m onitors t he e nd
products after further processing. The design of the Olefin Hydrogenation Process is
to remove as much of the bromine reactive materials in the feed as possible while not
saturating aromatics. This experiment 1s designed to study the effect of each variable
parameter, which is to the olefin ¢ onversion, aromatics 1oss, and bromine index in

downstream feed.
5.3.1 Effect of Reactor lalet Femperature (RIT)

Test 1: An inereasg of RIT causeg morte hydrogenation of olefin. Increase of
RIT from 70°C to 72°C results in increais_e of OCS5 conversion from 82.5to 85.71
mol% as shown in table 541 and Test 1 in flgure 5.20. For OC6 and OC7 conversion,
they ar e i ncreased al so, but t he hi ghes.fl::c— onversioni s O C5, whilet he lowest

conversion is OC7.

The h ydrogenation r ¢action 1s an exothermal reaction. H igher c onversion of ol efin
should lead to higher reactor different temperatures. In this case, the reactor different
temperature is not significant changed because the RIT may not be sufficient to affect

the reactor different temperature as shown in Test 1-of figure 5:21.

H2:HGC rationi s inereased from 4:95 it 6 5.38:Nm/MT) of freshyfecd asjshown in table
S5.1and Test1 infigure 5.22. T he hi gher h ydrogenation r eaction 15 r equired m ore

hydrogen to hydrogenate olefin species in reactor charge.

Bromine i ndex i n C 7/C9 T ransalkylation uni ti s de creased from 75.86 t 0 65.93
mg/100g sample as shown in table 5.1 and Test 1 in figure 5.23. The decreasing of BI

is due to the higher OC7 conversion.
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The benzene loss is increased from 0.06 t 0 0.08 mol% due to higher h ydrogenation
severity as shown in table 5.1 and Test 1 in figure 5.24 while toluene and xylene loss

are maintained because benzene is easier to hydrogenate than toluene and xylene.

Table 5.1 Result of RIT increasing from 70°C to 72°C at constant reactor pressure
and LHSV.

Parameter Unit Test1

RIT RG 70.00 70.40 71.72 72.00
OC5 Conversion Mole% 82.50 82.01 81.62 85.71
OC6 Conversion Mole% 79.00 80.09 79.96 80.49
OC7 Conversion Mole% — 60.50 61.75 62.10 63.64
Total OC Conversion Mole%  73.64. 74.45 75.56 76.47
Reactor AT e 344 342 340 340
H2:HC ratio Nm3/MT 495 487 503 538
Bl in C7/C9 Transalkylation , _

Feed mg/’iOOg 7586 8126 7490 65.93
Benzene Loss CMole% 006 002 003 008
Toluene Loss Mole%s 003 003 004 0.03
Xylene Loss Mole% - 0.00 0.00 0.00 0.00

Test 2: Increase of RLT from 72°C to 77°C results in increase of OC5 conversion from
82.76 to 85.80 mol% as shown in table 5.2°and Test 2'in figure 5.20. The OC6 and
OC7 conversion are increased but the hi ghest conversion is O C5, while the lo west

conversion is OC7 jas same as previous experiment.

Reactor, different teinperaturéis slightly increased from 3.5°C1t6.3.66°C according to

higher reaction severity.

H2:HC ratio is increased from 4.91 to 5.7 Nm®/MT of fresh feed as shown in table 5.2
and T est 21 n figure 5 .22. T he hi gher h ydrogenation r eaction i s r equired m ore

hydrogen to hydrogenate olefin species in reactor charge.
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Bromine index in C7/C9 Transalkylation unit is significantly decreased from 72.2 to
40.25 mg/100g sample as shown in table 5.2 and test 2 in figure 5.23. The decreasing
of Bl is from the higher OC7 conversion.

The benzene loss is increased from 0.05 t 0 0.08 mol% due to higher h ydrogenation
severity as shown in table 5.2 and Test 2 in figure 5.24 while toluene and xylene loss

are maintained as same as previous experiment.

Table 5.2 Result of RIT increasing from 72°C to 77°C at constant reactor pressure
and LHSV.

Parameter Unit Test 2

RIT Y 71.95 73.63 7495 75.57 76.95
OC5 Conversion Mole% 82.76  85.19 85.56 84.80 85.80
OC6 Conversion Molc% © 79.07 80.95 80.26 79.12 80.00
OC7 Conversion Mole%% L 62.80 63.89 62.54 63.82 63.64
Total OC Conversion Mole% 7497 76.19 75.02 74.83 76.47
Reactor AT G, 350 1358 358 361 3.66
H2:HC ratio Nm3/MT 491 505 540 552 570
Bl in C7/C9 Transalkylation

Feed mg/100g 7221061 16, 5374 4631 4025
Benzene Loss Mole% 0.05 0.05 0.05 0.03 0.08
Toluene Loss Mole% 0.04 004 004 0.03 0.03
Xylene Loss Mole% 0.00 0.00 0.00 0.00 0.00

Test 3: According to OC7 conversion is decreased to 55 m ole% that is e ffect from
catalyst d edetivatéd) «BI i'n C7/C9| Transalkylation'uni't f eed 4.3 i'ncreased t o 100

mg/100gsample as shown in Test 3 of figure 5.20 and 5.23. The Transalkylation unit
feed specification is controlled less than 150 mg/100g sample. The catalyst is decided

to be regenerated to ensure that it can be regenerated as supplier guarantee.

Although the olefin conversion is rather low but RIT still does not reach the end of
run condition at 110°C of effluent. RIT is allowed to increase as much to 100°C as

shown in Test 3 to utilize the catalyst before regeneration.
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Test 3: Increase of RIT from 78°C to 100°C results in increase of OC5 conversion
from 83.61 to 90.32 mol%, OC6 conversion is increased from 78.26 to 89.8 mole%,
and O C7 conversion is increased from 59.88 to 76.92 mole% as shown in table 5.3
and Test 3 in figure 5.20. Reactor difference temperature is increased from 3.74°C to

4.46°C according to higher reaction severity.

H2:HC ratio is increased from 5.29 to 6.25 Nm>/MT of fresh feed as shown in table
5.3 and Test 3 in figure 5.22.

Bromine index in C7/C9 Transalkylation unit’isssignificantly decreased from 94.69 to
88.05 mg/100g sample as Shown.in table 5.3 and Test 3 in figure 5.23. The decreasing
of Bl is from the higher OC7#conVersion.

The benzene loss is increasedfrom 0.02 t00.24 mol%, toluene loss is increased from
0.04t0 0.1 mole% due tghigherh ydroxgenation s everity w hile x ylene loss is s till

maintained.

Table 5.3 Result of RIT inereasing from 7_l8_-°——CJn_fc0 100°C at constant reactor pressure

and LHSV.

Parameter Unit Test 3

RIT °C 78.05 81.00 87.25 92.89 98.37 100.00
OCS5 Conversion Mole% 83.61 82.76 8333 86.21 89.66 90.32
OC6 Conversion Mole% 7826 78.72 81.25 84.78 86.00 89.80
OC7 Conversion Mole% 5988 160.61 63.04 67.65 70.00 76.92
Total OC Conversion Mole%  74.89 74.77 76.11 80.18 81.82 85.95
Reactor AT = & 3.74) 73.931 0439 24586 444 4.46
H2:HC ratio Nm3/MT 529 550 574 560 550 6.25
BI in C7/C9 Transalkylation

Feed mg/100g 94.69 80.37 66.05 89.82 87.08 88.05
Benzene Loss Mole% 0.06 0.06 0.08 0.10 0.11 0.24
Toluene Loss Mole% 0.04 0.04 0.03 0.05 0.07 0.10
Xylene Loss Mole% 0.00 0.00 0.00 0.00 0.00 0.00
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As result of experime t t‘he g}gher RIT leads to higher olefin OC5, OC6

and O C7 conversion. T he higher T eéctl s everity c auses higher reactor d ifference

temperature and consumed m re*hydroge‘if ‘Ithough increase of RIT accelerates the

e ex‘béss RI"l}llg;-‘affectqd to higher aromatics loss also.

-
J' --:....f.«.-_.a J

hydrogenation reaction, but

The reactor should beio perated’ at I’owest é \‘ﬁi ture, w}nch still makes the product

quality a cceptable. T -'§9cause ex cess t emperature

cause of more aromatlcq loss and increase the potential Gf catalyst deactivation rate.

L T

5.3.2 Effect of'Reactor Pressure

The reactor.pressure is.increased from 22 barg to 25 barg.Olefin conversion is
not improved as'eXpectation as shown'in figure 5.25. Theoretically;-hi gher pressure
leads to higher solubility of the hydrogen in the process liquid so the hydrogenation
severity s hould be increased. Increases 3 ba rg o f pressure may not be sufficient to
observe the catalyst a ctivity i mprovement. Increases pressure is a ffected on higher
hydrogen gas control valve opening; the valve opening is increased from 55 to 80%
which is rather hi gh c omparing w ith nor mal op eration, so the pressure should not
increase mo re to ma intain th e ¢ ontrollability o f valve in case t he process i s m ore

required hydrogen.
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5.4 Process Control Improvement

The or iginal ¢ ontrol of h ydrogenm akeup g asf lowr atet o olefin
hydrogenation reactor is a basic regulatory controller. The set point of H,:HC ratio is
daily calculated and manual input the set point value by panel operator. This method
is s uitable f or s table o lefin co ncentration i nr eactor charge. In cas et he o lefin

concentration in charge is frequently changed, the set point is not easy to control to

0

%, t sure the hydrogen consumption is

meet the stoichiometry of hydrogen c mption. For the same result, Panel operator

needs to control the reactor lev. t point to maintain interface level of
reactor on top section betw
proper fort he r eaction
insufficient H,. Affect to 1 If 1 ss than 0%, result of excess H».
Affect to reactor dry. Both ofif 8 ading igher olefin content in feed of

\

! X-Production unit. Figure
» y manual input setpoint of

downstream process suchas €7
5.30is shown the f1
H,:HC ratio control.

Figure 5.30 The Original process control for olefin hydrogenation process.

The advance process control was applied to control the H,:HC ratio by using reactor
level control instead of manual input the set point. The reactor level is significantly

improved as shown in figure 5.31. As the result of improvement, the reactor will not



56

riskt ol iquid f ull or r eactor dr y due t oi mproper H ,:HC r atio ¢ ontrol. T he

hydrogenation reaction is maximized the performance all the time.
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5.5 Catalyst Regeneration

When the catalyst in an Olefin Hydrogenation reactor has become deactivated
by polymer deposition or by temporary poisons, the catalyst can be partially restored
to f resh us ing regeneration. F or t he m ost pa rt, r egeneration ph ysically de sorbs
contaminants s uch a s H ;S, or ganic s ulfur, ox ygenates, a nd or ganic he avies. T he
hydrogen used for the strip must be 99.9% purity or electrolytic grade at a GHSV of
120; equivalent a flow rate of 4400 Nm?/hr, 300°C with 48 hours holding.

Before the reactor A was regencrated, BI cofiverSion is around 60 wt% as shown in
figure 5.30. Reactor B is a single serviced during the reactor A is regenerated. For the
reactor B, t he B I ¢ onversiond s a round 80 -95 w t% t hat m eans t he ni trogen

preservation for one year.is ctficient,

During the regeneration some of liquid hgzdr_ocarbon was found after regeneration gas
cooler (Figure 1.2). The'puge gas is anaI!}I_zed for the H.S, HCI, and NH3 by draeger
tube. Only HCl is found around 50-100 pprii vol that mean the chloride is temporary
absorbed on catalyst surface while H>S andN—Hg are not found.

When the regeneration activity is complete.d.,‘nr_é—a“crtor A.isgserviced as lead and reactor
Bis lagatstart o £ tun te mperature@ 5Bl conversion 0f reactor A is r apidly
decreased from 90t o 70 w t% within 20 da ys. At the s ame time B I c onversion in
reactor B is rapidly increased from 2 to 15 wt% because unconverted olefin in outlet
lead stream is hydrogenated in reactor B. Aftet the reactor A 1S operated in single bed
mode, B I c onversion i s s lightly de creased a nd m aintained a round 50 -55 wt% a s

shownsin Figure5.39.

According to experimental result the in situ regeneration is not e fficient be cause of
catalyst act ivity i s n ot r ecovery. T he p ossible cau ses m ay come from t he 1 ower
required temperature of decoking, poor distribution of hot hydrogen flow, and sulfur
poison is not removed. Catalyst activity is decreased until close to before regeneration
condition w ithin 20 da ys. H owever, t he be nefitt hat w e cant akei s operating

temperature. The catalyst can be operated at lower temperature than before.
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CHAPTER VI

CONCLUSIONS AND RECOMMENDATIONS

In t his ¢ hapter, s ection 6.1 pr ovides t he ¢ onclusions obt ained f rom the
experimental results O lefin h ydrogenation p rocess imp rovement and aromatics lo ss
minimization in BTX production industry. Additionally, recommendations for further

study are given in section 6.2.
6.1 Conclusions

The lighter olefin andarematic species are easier to hydrogenate than heavier.
Olefin C7 in effluent stfcam‘is @ major effect on amount of bromine index in C7/C9
Transalkylation f eed, while't he br omin;e,i ndex i n pa ra-Xylene pr oduction uni tis
related w ith x ylene co lima bot tom t @mperatute ¢ ontrol m ore t han the ol efin
hydrogenation catalyst activity. ;
The ol efin h ydrogenation pr oeess can b e épé’:fated inthe single be d o peration t o
improve the plant reliability in the event that the catalyst regeneration is not efficient
or catalyst deactivation in both reactors at the same time. T his methodology can be
applied w ithout a ny.d mpactt ot he dow nstream pr ocessess ucht he C 7/C9
Tranalkylation unit and para-Xylene production unit feed. The single bed operation
also minimizes.th e aromatic'loss from the-side reactions.resulting in the increase in

benzene and xylene‘production and-return benefit around 0.43 inillion USS$ per year.

As the'catalyst ages, the temperature of the reactor needs to be increased to maintain
the cat alyst act ivity. H igher t emperatures c ause m ore h ydrogenation of ol efin and
aromatics. A s the result, running at the l owest temperature, which s till makes the

product quality acceptable should be the operating goal.

The liquid hourly space velocity should be maintained at original design 11.72 hr'. A
decrease of LHSV results in lower catalyst selectivity that leads to higher aromatics

loss, while hi gher LHSV I eads t o | ower a ctivity. T he r eactor p ressure s hould be
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controlled at original de sign 22 ba rg to maintain in the system c onsistent with the

operation of the upstream equipment.
The advance process control is significantly improve the H,:HC ration control.

The in s itu regeneration i s not e fficient f or e xisting e quipment a nd r egeneration
condition. Catalyst activity is back to before regeneration condition within 20 da ys,

but reactor inlet temperature can be o ed at start of run condition.

6.2 Recommendations

due to the catalyst pri

2. For the futur ogenation Process for Aromatics
I” should be study the p ne ori and review the equipment
design.
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APPENDIX A

CALCULATION METHOD

Olefin Conversion

Mole of OCin — Mole of OCout
Mole of OCin

OC conversion (mole%) =

Liquid Hourly Space veloeity (L HSV)

Liquid ehar ge'f low ratqI (T;ll—f)

1
LHSV (—) = —
(hr) Catalystwolume (m3)’_

it

Hydrogen-to-Hydrocarbon Ratio ( H2:|1]C)"

2 HC Nm3_ Hydrogen gas jlow f&z.te,_(NmB/hr)
HHC (o) = Fresh feed floe rate (MT)

g™ g
.

Hvdroqen-to-Hvdrocqubpn MO,!‘?,Rat,iO (H2:HC)

Hydrogengas flow rate (N}:ﬁ?’) X Mole fraction hydrogen

1
f AvgiMW-offresh feed

H2:HC =

22.414(359) X Eresh. feed. flow rate (I;l—‘g)

Aromatics Loss

Mole of cyclohexane in ef fluent — Mole of cyclohexane in fresh feed

Bz Loss =
2088 Mole of benzene in fresh feed

Mole of methylcyclohexane in ef fluent — Mole of methylcyclohexane in fresh feed
Mole of toluene in fresh feed

Toluene Loss =

Mole of dimethylcyclohexane in ef fluent — Mole of dimethylcyclohexane in fresh feed
Mole of xylenes in fresh feed

Xylene Loss =
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APPENDIX B

ANALYTICAL PROCEDURES

1. Fresh Feed

The relative density of the feed is used in the calculation of the flow rate of the
feed. ASTM D 40521 s a method using a. di gital de nsity m eter that m easures t he
frequency of a vibrating tube. The frequeney.0f the vibration and the volume of the
tube are used to determine.the density of thefluid. Other methods are available that

produce equivalent results,

UOP 744 or ASTM D 23604 Afomaties in H ydrocarbons by G as C hromatography,
will give the breakdown of the aromaticé-iﬁ the feed stream. The majority of the feed
will b e aromatics. N ormally forthec h%rge to the O lefin H ydrogenation u nit, th is
analysis is not overly useful as gross chaﬁggsi in the composition of aromatics across
the uni t are not e xpected. T hese m ethods;_.,gr' ovide a ba ckup for t he no n-aromatic
production across the unit. In the most techni‘da}ly accurate definition, it is not certain
that b enzene m easured with t his i echniqu;\_y;i_ll b e accurate as's ome o fthe n on-
aromatics normally found in the aromatics streams can co-elute with the benzene and
elevatet he be nzene -c oncentration ¢ rroneously. Int+he f eedof t he O lefin

Hydrogenation uni t t_he non -aromatic ma terial ma y.b e lig ht enough th at th is

interference will not exist.

UOP 6901 s used to measure octane and 1 ower boiling h ydrocarbons in ol efin-free
gasoline. ASTM D-5134 1s Standard Test Method for Detailed Amalysis of Petroleum
Naphtha$§ t hrough n -Nonane b y C apillary Gas C hromatography. E ither of't hese
methods can be used to track the non-aromatic species o f interest. C yclohexane is
followed t o de termine the h ydrogenation of b enzene. M ethyl cyclohexane w ill
indicate the hydrogenation of toluene. Dimethyl cyclohexane and ethyl cyclohexane

are indicators of C8 aromatic hydrogenation.
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UOP 304, ASTM D 1492 or D 5776 can measure bromine index. High concentrations
of br omine r eactive s pecies are und esirable for some of the do wnstream uni ts and
products and as such the Olefin H ydrogenation unit unit is designed to hydrogenate
these species. In each of these methods bromination of the double bonds of the olefins
and al kenyl-benzene is measured by titration. ASTM D 848 1 s used for acid wash
color, which has been generally superseded by bromine index. It is worth noting no
good correlation exists between Bromine index and acid wash color.

Chlorides in the feed are measured by UOP 395. Both organic and inorganic chlorides
are measured. Chlorides generally do not ‘cause a problem for the catalyst but high
levels may promote polymerization which cotlddead to the permanent deactivation of

the catalyst.

ASTM D 5453, D 6212, 6313, D 6428, and D4045 are several methods available
for de termining s ulfur. As'the ¢ atalyst deactivates by the a dsorption of s ulfur, the
better t he s ulfur e ntering and e Xiting thé unitis tracked the easieritshould be to
predict the deactivations#atgof the catalyét_. Most of these methods may quantify the
sulfur to below 1 wt ppme Inmost of these":!in"éthods sulfur compounds are converted

to either H2S or SO2 which/are subsequentl_i——(iq‘gected.

Nitrogen in the charge is measured by ASTM D 60690r P 6366. Some adsorption of
nitrogen ¢ an oc cutbut 1 t1 snot ¢ onsidered t he pr ime m echanism f or ¢ atalyst

deactivation.

Basic n itrogend n't he ¢ harge is m-easuredb y UOP 313, B asic ni trogenisa very

sensitive measure of nitrogen.

UOP 906 is used to measure trace metal contamination of the charge. Nickel metal is
the c atalyst in the U ORP unit. C ontamination o f th e nickel by o ther me tals ¢ ould

render the nickel inactive.

Any unusual color should also be noted. Color is a good indication of contamination
of small quantities of very heavy material that will not appear in GC analysis or in the

distillation.
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Finally visual appearance is used to judge if there is any gross contamination of the
unit. If debris or cloudiness is seen in the sample the feed must be further examined to

determine the nature of the contamination.

2. Hydrogen Gas

Purity is most important here. The best performance in the unit corresponds to
the highest solubility of the gas in the reactor. For given hydrogen ratio required for
the operation higher hydrogen purity will réduce the quantity of other gases that need
to dissolve in the system. It is also important to'menitor the hydrogen gas for possible
catalyst c ontaminants. T-he-detailed c empositions-for t hese s treams can be used to
calculate s tream gravity t hatcan” b e u sed i n mass b alance cal culations an d t he
calculation of the hydrogento hydrocarbon molar ratio.

Composition is measured by UOP 539, W_hich 1s 2 GCmethod. The results of UOP
539 can also be used.to calculate the gjravity of thestreams by using the method

outlined in UOP 948.

H,S i s s trongly a dsorbed t o t he'ni ckel :a‘:"p(-l_ may not c¢ ompletely d esorb during
regeneration. Normally the quantity of HoS in fﬁe hydrogen gas stream is low enough
that th e a ccumulationo fH,Sonthe catéiyéfi s n.ot s ignificant. N ormally th is is

measured at the hydrogen-gas-source but-shouid be repérted with the data from this
unit. H2S is normally measured using a hand held detection tube. Care has to be taken
to a void getting e rroneously hi gh o r1 ow readings. S ince t he d etection t ubes a re
designed to read thejatmosphere of an /enclosed spaceitheynormal method for using
them for a p rogess stréam is to create an en closéd s pace ar ound t he s ample p oint
typically with a.plastic bag or.a similar deyice.. The'pump.and.the tube are used inside

the enclosed space after'it is purgediwith the'sample gas.

HCl can be detrimental as it can p romote p olymerization o n th e ¢ atalyst. T his is

measured in a similar fashion to H2S by the use of gas detection tubes.

Water is another contaminant that may attenuate the catalyst function but this is not
expected. Moisture in the makeup gas and recycle gas is measured using gas detection

tubes also. This is not a normal component, but checks should be made occasionally.
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Ammonia in the hydrogen gas can react with HCI and cause fouling. Ammonia in the
makeup gas is measured using gas detection tubes. This is not a normal component

but checks should be made occasionally.

The impact of CO and CO2 can strongly adsorb to the catalyst and compete with the
hydrocarbons which will increase the required temperature. UOP 603 is a method for

measuring these compounds.

3. Effluent

Provisions a re m ade &0 allow s ampling of the I iquid of t he pr oduct. The
product contains small quaatities of very volatile components and as such this sample
needs to be handled with presstitized eqﬁipment in order to get representative results.
Although samples andsiormally collecteé*in pressurized cylinders there are a variety
of t echniques f or t ransferring a pr essufizéd s ample t o t he a nalytical instruments
including pressurized syringes and-s ample-'l'ot')ps. Use of non-pressurized e quipment
can lead to small errors. "‘:" 3

= ‘-J

Analysis of the product closely matches the éﬁéiysis of the liquid charge.

Bromine i ndex a nd €he-c-omposition-of ~the productaic t he nor mally s ignificant
analysis for the operation of the unit. Since it 1s the purpose of the unit to reduce the
Bromine Index of the charge this is normally tracked closely. Analysis of the product
composition provides information ©n the possible/aromatic, losses that can occur. An

increase in non-aromatic fraction isclosely followed.

Analysisiof the t race ¢'ontaminants ni'ay proovide'a n indication’of ‘the r ate t hat t he

catalyst is accumulating the particular poisons.
4. Regeneration Gas
Analysis of the regeneration gas is very similar to the hydrogen gas. During

regeneration the quantity of gas that the catalystis exposed to is much higher than

during normal operation and as a result c ontamination of the gas will have a more



69

significant impact. CO and CO2 must be limited. H2S in the regeneration gas would
defeat the purpose of the regeneration.
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APPENDIX C

BENEFIT CALCULATION

Basis:

- Fresh feed = 142 T/hr
- Benzene in feed 15.12 mol%

- Toluene in feed 31.16

Additional Informatio

Benzene L oss
Series Operation y

Cyclohexane generate (n}ol%) Bz loss (mol%) x Bz in fresh feed (mole%)

ﬂﬂﬂ?ﬂﬁﬂﬁWHﬂﬂi
w ARIAIAIU UKL INGNAE

Benzene loss =0.076 x 78.11 /100
=0.059 wt%
=0.059 x 142 /100
=0.084 T/hr

70
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Single Operation

Cyclohexane generate (mol%)= Bz loss (mol%) x Bz in fresh feed (mole%)
=0.3x15.12
=0.045 mol%

Mole of cyclohexane generate = mole of benzene loss

Benzene loss

Benzene loss reduction
Benefit

Toluene Loss

Series Operation . <

U J

Methylcyclohexane genera (mol%) TolUs (mol%) x Tol in fresh feed (mole%)

quﬂfmﬂmwmm

=0.031 mol%
Mole of qyc oh::](a e ggln[r]ltjm ybenzen ‘B ﬂ EJ ’] a EJ
Benzene loss =0.031x92.14/ 100

=0.029 wt%

=0.029 x 142/ 100

=0.041 T/hr
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Single Operation

Methlycyclohexane generate (mol%) = Tol loss (mol%) x Tol in fresh feed (mole%)
=0.07x 31.16
=0.022 mol%

Mole of methylcyclohexane generate = mole of benzene loss

Benzene loss 2.14 /100

Toluene loss reduction
Benefit

Total benefit
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150 mg Br/100g sample. This is due to the
unconverted olefin C7 molecules and their same
boiling point with aromatic C7 molecules will
be presented in the C7/C9 tranalkylation charge.

For the para-xylene production unit, results of
Bl in unit charge are normally less than 5 mg
Br/100g sample in both of operating mode. Bl in
charge will be absorbed in the molecular sieve
adsorbent of this process. The design of unit
charge quality allows less than 20 mg Br/100g
sample. However, the single and series
operation modes have no significant effect to
para-xylene production unit because  the
quantity of olefin C8 molecules in charge of the
olefin hydrogenation process is very. small so
the olefin C8 species do not significant-change
in feed of para-xylene production unii;although
the single operation is applied.

Most of the unconverted olefin present in the
raffinate stream, which is normally the /non
aromatic species from the extraction unit. The
Bl is increased from 1,000-1,800 to 1,500-3,000
mg Br/100g sample. In practice, olefin in
raffinate can be sold in the light naphtha’s price.
The benzene form extraction unit is sent to the
benzene fractionation to be purified before run
down to product tank, Bl in benzene produet
slightly increases from 1-3 mg Br/100g sample
to 2-4 mg Br/100g sample which still meets-the
purchasing specification that is\less than 10 mg
Br/100 g sample.

Conclusions

The olefin hydrogenation process can be
operated in the single bed operation to improve
the plant reliability in thesevent that the eatalyst
regeneration is not |“efficient” ' or. catalyst
deactivation in both reactors at the same time.
This methodology can be applied without any
impact to the «downstream <processes such:the
benzene production unit, C7/C9: tranalkylation
unit and para-xylene production unit. The single
bed operation also minimizes the aromatic loss
from the side reactions resulting in the increase
in benzene and xylene production. The results in
current work can be applied to the subsidiaries
aromatic plant in the future.

Acknowledgment

Authors are grateful to the PTT Aromatics and
Refining Public Company Limited (PTTAR) for
the technical information, materials, and the
support of instrument for sample analysis.

References
1) Amarajothi Dhakshinamoorthy, Kasi
Pitchumani: Tetrahedron Letters,

1818-1823 (2008) 49.

2) Xuhong Mu, Enze Min: China Particuology,
134-139 (2007) 5.

3) Xiaoxin Zhang, Aizeng Ma, Xuhong Mu,
Enze Min: Catalysis Today, 77-84 (2002)
74.

4) S.P. Bressa, J.A. Alves, N.J. Mariani, O.M.
Mart'inez, G.F.  Barreto:  Chemical
Engineering Journal, 41-54 (2003) 92.

5), V.L. Barrio, P.L. Arias, J.F. Cambra, M.B.
Glemez, B. Pawelec, J.L.G. Fierro: Applied
Catalysis A: General, 17-30 (2003) 242.

6) M Badawi, L. Vivier, G. P rot, D. Duprez:
Journal-of Molecular Catalysis A: Chemical,
53-58+(2008) 293.

7) R. Galiasso Tailleur, Jesus Hernandez,
Alejandra Rojas: Fuel, 3694-3705 (2008)
87.

8) M. Bre‘'maud, L. Vivier, G. Pe’rot, V.

~ Harle”, C. Bouchy: Applied Catalysis A:
. General, 44-50 (2005) 289.

9) Jouko Hepola, Pekka Simell: Applied

- Catalysis B: Environmental, 305-321 (1997)
14.

10) Constantinos Vangelis, Achilleas Bouriazos,
_Sotiris Sotiriou, Markus Samorski, Bernhard
Gutsche, Georgios Papadogianakis: Journal

- of Catalysis, 21-28 (2010) 274.

11) Feg-Wen+. Ghang, Ming-Tseh  Tsay,
Maw-Suey Kua, Chia-Ming Yang: Applied
Catalysis A: General, 213-224 (2002) 226.

12) R. Molinal”and G. Poncelet: Journal of
Catalysis, 162—-170 (2001) 199.

13) Shenghua Hu, Mingwei Xue, Hui Chen,
Jianyi-Shen: Chemical Engineering Journal,
371-379 (2010) 162.



	Cover (Thai) 
	Cover (English) 
	Accepted 
	Abstract (Thai)
	Abstract (English) 
	Acknowledgements 
	Contents 
	CHAPTER I INTRODUCTION
	1.1 Company Profile
	1.2 The Aromatics Business
	1.3 Aromatics II Process Overview
	1.4 Olefin Hydrogenation Process
	1.5 Motivation
	1.6 Objective
	1.7 Research scopes
	1.8 Benefits

	CHAPTER II LITERATER REVIEWS
	2.1 Effect of operating variables to MSB process
	2.2 Effect of operating parameter to Pd/Al2O3
	2.3 Sulfur Poisoning of nickel-based catalyst

	CHAPTER III THEORY
	3.1 Reaction Chemistry
	3.2 Deactivation of Catalyst
	3.3 Process variable

	CHAPTER IV METHODOLOGY
	4.1 Research Methodology
	4.2 Materials
	4.3 Experiment

	CHAPTER V RESULTS AND DISCUSSIONS
	5.1 Feed Stock and Process Performance Review
	5.2 Single Bed Operation
	5.3 Process Performance Improvement
	5.4 Process Control Improvement
	5.5 Catalyst Regeneration

	CHAPTER VI CONCLUSIONS AND RECOMMENDATIONS
	6.1 Conclusions
	6.2 Recommendations

	References 
	Appendix 
	Vita



