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CHAPTER I 

 

INTRODUCTION 
 

1.1 Company Profile 

 

PTT A romatics a nd R efining Public C ompany Limited ( PTTAR) was 

established f ollowing t he r esolutions of  s hareholders’ m eetings of  A romatics 

(Thailand) P ublic C ompany Limited (ATC) and R ayong Refinery P ublic C ompany 

Limited (RRC) on September 13, 2007 to amalgamate both businesses. 

PTTAR is  th us T hailand’s la rgest in tegrated a romatics r efinery w ith e nhanced 

competitiveness, thereby able to elevate the industry and create sustainable growth for 

the country’s energy and petrochemical industry. 

PTTAR w as of ficially r egistered on D ecember 27, 2007 a nd ha s c ommenced i ts 

business s ince t hen. T he i ntegration e nables P TTAR t o be come T hailand’s no. 1 

integrated refinery and manufacturer of aromatics products with a refining capacity of 

280,000 barrels per day and aromatics production capacity of 2,228,000 tons per year 

in 1Q/2009. 

 

PTTAR i s an  i ntegrated ar omatics refinery company, co vering f our b usiness 

categories: p etroleum refining a nd s upply of r efined pe troleum, pr oducts, 

manufacturing a nd s ale of  A romatics pr oducts, i ntermediate pr oducts a nd j oint 

venture business 

 

1.2 The Aromatics Business 

 

The C ompany i s a m anufacturer a nd di stributor of  A romatics i .e. Benzene, 

Paraxylene, Orthoxylene, T oluene, M ixed X ylenes, a nd C yclohexane. O ther 

petroleum pr oducts from t he pr oduction pr ocess i nclude Light N aphtha, R affinate, 

Liquefied Petroleum Gas, Condensate Residue, and Heavy Aromatics. These products 

are used as raw materials in various industries. The Company has 2 Aromatics units, 

as follows: 
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Table 1.1 Aromatics product capacity of PTTAR. 

Unit : tons/year 

Product Aromatics I Aromatics II  Total 

Paraxylene 540,000 655,000 1,195,000 

Benzene 307,000 355,000 662,000 

Cyclohexane 200,000 - 200,000 

Orthoxylene 66,000 - 66,000 

Mixed Xylenes 76,000 - 76,000 

Toluene - 60,000 60,000 

Total 1,189,000 1,070,000 2,259,000 
 

 

 

1.3 Aromatics II Process Overview 

 

The Olefin Hydrogenation Process can be placed in most locations that utilize 

clay. The figure 1.1 below shows the Olefin Hydrogenation Process incorporated into 

a fully integrated aromatic complex: 
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Figure 1.1 Simplify block flow diagram of BTX production. 

 

Full R ange C ondensate is f ed t o F eed Fractionation uni t t o fractionate f eed s tream 

into four product streams. The unit produces LPG and light gas, light naphtha, heavy 

naphtha s uitable f or m ercury removal uni t a nd a  c ondensate r esidue b y-product 

stream. Heavy naphtha i s fed to a hydro-treating uni t to remove sulfur and ni trogen 

species w hich ar e d etrimental t o t he C atalytic Reforming u nit cat alyst. S ome f eed 

contaminants a re a lso removed i n t he na phtha h ydro-treating u nit w hich c an 

contribute to fouling of the unit. Normally the sulfur and nitrogen leave the unit in the 

gas phase as H2S and ammonia. 

 

In the Catalytic Reforming unit some of the charge is converted from naphthene and 

paraffin material to aromatics. Typically very little non-aromatic material is left in the 

fraction that boils with the C8 aromatics and heavier. Some quantities of non-aromatic 

material are left in the fraction that boils with the toluene and benzene. In the lighter 

fraction of the product, boiling with benzene and toluene, the bromine reactive species 

are typically normal olefins or iso-olefins. The olefins in the C8 aromatic and heavier 

fractions ar e t ypically o lefins t hat ar e at tached t o t he ar omatic r ings, t he 

alkenylbenzene materials. 

 



 4 

The Aromatics Fractionation unit fractionates feed streams into four product streams. 

The f eed s treams a re t he C 7/C9 T ransalkylation S tripper C olumn bot toms a nd t he 

recycle x ylene s tream f rom t he Isomerization uni t. T he uni t pr oduces para-Xylene 

Production qua lity f eed, a  t oluene c ut, a  C 9+ c ut s uitable f or pr ocessing i n C 7/C9 

Transalkylation and a heavy aromatics by-product stream. 

 

The unconverted toluene is removed from the C7/C9 Transalkylation Stripper bottoms 

stream in the toluene column and i s collected in the toluene column receiver. From 

the r eceiver, it is  s ent to C 7/C9 T ransalkylation.  T he to luene c olumn bot toms 

material is sent to the xylene column. The recycle xylenes from the Isomerization unit 

are a lso s ent t o t he xylene c olumn. T he A C8 product i s t aken ove rhead f rom t he 

xylene column to the Parex unit. AC9 plus heavy aromatic stream is taken as a side-

cut from the Xylene Column and recycle to C7/C9 Transalkylation.  A heavy aromatic 

stream is taken from the bottom of the xylene column and is sent to storage. 

 

The Olefin Hydrogenation Process will saturate the olefins that are analogs of paraffin 

to the corresponding paraffin. The alkenyl benzene molecules get converted to their 

corresponding aromatics. 

 

1.4 Olefin Hydrogenation Process 

 

Olefin can cause problems to catalyst and adsorbent in downstream process. 

The olefin hydrogenation process is used to convert the olefin in feed stream into their 

hydrogenated p roducts. For de cades, t he r emoval of  ol efin ha s be en t raditionally 

accomplished by using an acid modified clay catalyst to combine the olefin with an 

aromatics molecule. The reaction products are heavy species, which can be removed 

by di stillation m ethod. The he avy pr oducts a re t hen t ypically di sposed i n a  he avy 

stream, which has fuel oil value. Even so the former catalytic clay will generate some 

of h azardous w astes b ecause t he cat alyst c lay l ife i s nor mally s hort a nd cannot be  

regenerated. 

 

The n ext g eneration o f t echnology u se n owadays i s t he r egenerated catalyst. It c an 

reduce the hazardous waste disposal, but still producing heavy species also. The latest 

technology used i s a  s elective h ydrogenation catalyst which h elps t he s aturation of  



 5 

olefin to paraffin. This type of catalyst can be regenerated. Besides the hydrogenation 

reaction has no heavy product, however, a small amount of aromatic loss can be found 

from the side reactions. The purpose of the olefin saturation unit is not only to remove 

all of the olefin reactive species present in the charge, but also to maintain the product 

quality of  various uni ts such as the benzene product f rom the benzene f ractionation 

after extraction process, the charge qualities to the para-xylene production unit and to 

the C7/C9 Transalkylation unit as shown in Figure 1.2. 

 

Reactor effluent
to Fractionation unit

Reformate
from Catalytic 

Reforming process

Heating 
medium

Regenerated 
offgas

Hydrogen

Feed cooler

Hydrogen 
mixing
nozzle Static mixer

Hydrogen
Heater

Cooling 
water

Cooler

Regeneration line

Recycle
pump

Cooling 
water

2nd Reactor1st  Reactor

Figure 1.2 Presents the process unit flow scheme. 

 

The ol efin h ydrogenation pr ocess i s t he t hree-phase p acked b ed r eactors. T he 

combined f eed b etween reformate f rom t he cat alytic reforming p rocess and r ecycle 

stream f rom e ffluent will b e d issolved w ith h ydrogen gas b y s tatic mi xer to  

hydrogenate ol efin species be fore f lowing through the f irst and second reactor. The 

process variables parameters, which affect the catalyst activity, are the combined feed 

inlet t emperature, t he h ydrogen pe r h ydrocarbon r atio, t he r eactor pr essure, a nd t he 

liquid hourly space velocity (LHSV). The general operating concept is to maintain all 

of v ariable p arameter u ntil t he t rend o f o lefin conversion i s d ecreased.  T hen, t he 
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reactor i nlet t emperature ( RIT) of  c ombined f eed w ill be  i ncreased t o i mprove t he 

catalyst activity to m eet the downstream process requirement. By the time that RIT 

close to the end of run condition, the first reactor or the lead bed will be regenerated 

while the lag bed will be solely operated reactor. 

 

In the event that the catalyst regeneration is not efficient, the new catalyst replacement 

is r equired. T he catalyst r eplacement p rocess t ime i s r oughly m ore t han a w eek t o 

follow m any procedures, s uch t he r eactor h ydrocarbon f ree, catalyst unl oading, 

catalyst reloading including the reduction o f new catalyst. It is  possible that the lag 

reactor may deactivate in the same time of the lead one because it is operated close to 

end of run conditions also. Consequently, the plant will totally be shut down since the 

olefin hydrogenation process is the first unit of the aromatics production section. 

 

The major cause of  t he catalyst decay i s t he poi son f rom impurities in feed, 

such as sulfur, chloride, basic nitrogen. The coke formation on the catalyst surface has 

an effect on catalyst activity also.  
  

1.5 Motivation 

 

There are many technologies for the olefin treating process which are utilized 

in petrochemical industry. The regenerable catalyst without heavier production is the 

latest commercial technology, especially providing by the technology licensor of PTT 

Aromatics and Refining Public Company Limited (PTTAR). This t echnology i s t he 

first one in the world that is utilized for Reformate treating unit. 

 

In t he e vent t hat t he c atalyst r egeneration i s not  e fficient, t he pr ocess m ust be  

continuous ope rated without t he pl ant t otally s hut dow n s ince t he ol efin 

hydrogenation process is the first unit of the aromatics production section. 

 

The expected additional benefit is to increase the benzene and toluene production by 

minimizing t he a romatics l oss, t he r eduction of  h ydrogenation r eaction s everity b y 

change the operation mode is the option. 
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1.6 Objective 

 

The r esearch o bjective is  to  ma intain th e olefin hydrogenation process 

reliability in  case th e catalyst r egeneration is  n ot e fficient. T he a romatics lo ss 

minimization, improve the catalyst performance, and operation improvement are also 

focused. 

 

1.7 Research scopes 

 

- Feed stock and process performance review. 

- Single bed operation. 

- Process performance improvement. 

- Process control improvement 

- Catalyst in situ regeneration. 

 

1.8 Benefits 

 

- The pr ocess r eliability i s i mproved b y s ingle b ed ope ration i n c ase t he 

catalyst regeneration is not efficient. 

- Aromatics production is increased from minimization of aromatics loss. 

- To get the proper operating guideline for operation. 

- To know the catalyst activity after regeneration. 
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CHAPTER II 

 

LITERATURE REVIEWS 
 

Catalytic r eforming i s one  of  t he m ost i mportant pr ocesses t o pr oduce h igh 

grade m otor gasolines. B esides i somerization a nd de hydrocyclization reactions, t he 

formation of  a romatics by de hydrogenation of  naphthenes oc curs. T hus, c atalytic 

reformers w ithin r efineries a re an i mportant s ource of  BTX, aromatics ( benzene, 

toluene, xylenes). Frequently high purity aromatics are recovered from these streams 

using modern extractive distillation or liquid extraction processes. Reforming process 

normally p roduce a  s mall a mount o f o lefins w hich w ill imp air th e q uality o f th e 

product a romatics a nd r effinate. D ue t o t he r esidual c ontent i n di olefins a nd s ome 

olefins t he r eformer s treams as  w ell as  t he b enzene an d t oluene af ter ex tractive 

distillation show a dark, yellowish color expressed by an acid wash color. Aromatics 

product specification, no tably b romine number a nd acid w ash color, have obl igated 

producers to u tilize c lay treatment a nd s elective h ydrogenation to  r emove tr ace 

impurities o f d iolefins and o lefins. T he c onventional c lay tr eatment i s a  mu ltiple 

vessel ba tch pr ocess w hich pe riodically r equires di sposal of  t he s pent c lay i n a  

suitable e nvironmental manner, w hich i s c ostly and e nvironmentally unf riendly 

[Xiaoxin Zhang, 2002]. 

 

The removal or elimination of olefins from reformate is usually required for aromatics 

production. In most cases, post-treatment with clay or post-hydrogenation is adopted 

following t he r eforming uni t. H owever, c lay t reatment i s not  a n e nvironmentally 

friendly process, and ha s l ow e fficiency. In pos t-hydrogenation, a part o f aromatics 

may b e s aturated b ecause o f t he p oor s electivity of t he cat alyst [ Liu, Hamby, & 

Colberg, 1991]. 

 

Recently, m any d ifferent t echnologies are researched and developed to h ydrogenate 

olefin without aromatics loss such as a conventional sulfide CoMo or NiMo catalysts 

are used in the selective hydrogenation in commercial plants, however, these kinds of 

catalysts are only used at a high reaction temperature (300–340˚C) and low LHSV (2–

3 h−1) [Xiaoxin Zhang, 2002]. 
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The ot her i s a  pr ocess w hich c ombines t he i deal m ass transfer p roperty o f 

magnetically stabilized bed (MSB) with the high activity of  amorphous nickel alloy 

catalyst to hydrogenate selectively the olefins in reformate [Xuhong Mu, 2006]. 

 

In t he ot her ha nd h ydrogenation of  be nzene t o c yclohexane i s one  o f t he m ost 

important i ndustrially practiced a romatic c ompounds h ydrogenation r eactions. 

Millions of  t ones of  be nzene a re h ydrogenated t o c yclohexane pe r year, a nd a bout 

90% of  w orld’s pr oduction of  c yclohexane i s us ed f or m anufacturing ny lon 6 a nd 

nylon 6.6, w hich a re a bout 90%  of  a ll pol yamides. N owadays, a lmost t he w hole 

world’s pr oduction c apacity of  c yclohexane i s m anufactured b y t he r oute of  t he 

hydrogenation of  be nzene. H owever, d espite i ts a pparent s implicity, t he 

hydrogenation r eaction of  be nzene ha s e volved t hrough m any va riations a nd ha s 

given rise to many different processes [Constantinos V, 2010]. 

 

Owing t o e nvironmental a nd c lean-fuel l egislation, de ep h ydrodearomatisation of  

diesel fuel has been the focus of many recent studies. Supported noble metal catalysts 

are well known for their high hydrogenation activity for deep hydrodearomatisation at 

low reaction temperatures and moderate hydrogen pressures, although in general they 

show low resistance to sulfur poisoning. Due to the low cost and acceptable resistance 

to sulfur poisoning, Ni-based s ystems ar e g ood al ternatives t o n oble m etal 

hydrogenation c atalysts. T hese catalysts a re p articularly suited t o t he p roduction of  

middle di stillates t hrough the h ydroconversion o f h ydrocarbons de rived t hrough the 

Fischer–Tropsch p rocess. Most s tudies on N i-based cat alysts h ave b een carried o ut 

using silica or alumina supports. The use of silica–alumina as a support has received 

less attention. Recently, Guimon et al. reported that the addition of Al2O3 to SiO2 has 

a positive effect on the decrease in the coke formation. This was explained in terms of 

the d ifferent i nteraction b etween t he m etal and t he s upport, a s s hown b y X-ray 

photoelectron spectroscopy and t emperature-programmed r eduction studies. A mong 

Ni-based cat alysts, the P d–Ni f ormulation seems t o b e o f s pecial i nterest. O ne 

important aspect of Pd–Ni systems is the very mild deactivation they undergo along 

the s uccessive reaction e xperiments. T he us e of  pa lladium-promoted a morphous 

silica–alumina s upported ni ckel c atalysts f or the h ydroisomerisation of  a lkanes ha s 

been patented. The lower deactivation of silica-supported Pd–Ni alloys as compared 
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to uns upported on es ha s be en r eported for 1 , 3 -butene h ydrogenation [V.L. B arrio, 

2003]. 

 

Supported ni ckel c atalysts ha ve be en w idely u sed f or h ydrogenation r eactions of  

many or ganic c ompounds s uch a s ni triles, a romatics a nd oi ls. T he pr operties of  

supports m ay ha ve i mportant i mpacts on t he c atalytic p erformances of  s upported 

metals. In fact, t he r educibility and di spersion o f s upported m etals de pend on t he 

interactions between the supports and supported metals. In addition, the surface acidic 

and basic properties may play important roles in determining the catalytic activity and 

selectivity. Supports with high surface areas and appropriate preparation methods are 

usually required t o obt ain t he s upported nickel c atalysts with h igh r educibility and 

dispersions. The techniques usually used to prepare supported nickel catalysts include 

impregnation, deposition–precipitation, sol–gel and co-precipitation. Supported nickel 

catalysts with high loadings are usually used for industrial hydrogenation processes. It 

is usually di fficult t o obt ain t he supported ni ckel catalysts with high di spersion and 

loading o f nickel with t he conventional impregnation method. The supported nickel 

catalysts w ith hi gh di spersion a nd l oading m ay be  pr epared b y t he de position–

precipitation a nd s ol–gel m ethods, but  t hey us ually i nvolve t he complicated 

procedures. C o-precipitation i s a  s imple m ethod, but  t here are factors s uch a s 

precursors, p recipitating ag ents, t emperature an d p H t hat af fect t he p roperties o f 

catalysts p repared. During t he p reparation o f a supported m etal c atalyst b y t he co -

precipitation method, the step of drying may play a key role in determining the final 

properties of a catalyst. The direct drying may cause severe agglomerations due to the 

removal of  w ater with t he high surface t ension. A solvent with l ow surface t ension 

may be used to replace water before the drying step so that the agglomeration may be 

diminished [Shenghua Hu, 2010] 

 

In t his r esearch, the c atalyst type i s t he ni ckel-based catalyst s upported w ith 

aluminum oxide. T rickle be d r eactor w ith a  hi gh l iquid-recycle r atio to  c ontrol th e 

high-rate exothermic reactions that are required special reactor to avoid local hot spots 

and t he corresponding l oss of  s electivity. The r eactor i s d esigned t o o perate at  l ow 

temperature 45-110˚C and high pressure. 
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2.1 Effect of operating variables to MSB process 

 

Xuhong M u w as s tudied t he advantages o f Magnetically S tabilized B ed 

(MSB) were combined with the low-temperature activity of  amorphous ni ckel alloy 

catalyst in developing the MSB selective hydrogenation process for removing olefins 

in reformate. The effects of operating conditions, such as temperature, pressure, liquid 

space velocity, and hydrogen-to-oil ratio [Xuhong Mu, 2007]. 

 

2.1.1 Effect of temperature 

 

Table 2.1 shows t he results of  h ydrogenation c arried out  a t different 

temperatures, i ndicating t hat t he br omine num ber of  the p roduct d ecreased w ith 

increase o f t emperature. Compared to t he r eaction t emperature of conventional post 

hydrogenation of 330 ◦C, M SB h ydrogenation g reatly reduces the r eaction 

temperature, i nasmuch a s a morphous ni ckel c atalyst is c apable of  r etaining i ts hi gh 

activity at lo wer te mperatures. Low temperature imp lies lo w c oking rate o f th e 

catalyst and low energy consumption of the MSB process. 

 

Table 2.1 Dependence of bromine number of product on reaction temperature

 
 

2.1.2 Effect of pressure 

 

From the viewpoint of reaction equilibrium, increasing pressure is helpful for 

hydrogenation, though the results in Table 2.2 indicate but slight beneficial effect for 
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pressure hi gher t han 1.0MPa. It c an a lso be  s een f rom T able 2.2 that t he a romatic 

content r emains es sentially u nchanged f or t he p ressure range between 0 .5 a nd 1.5  

MPa. Increasing pressure leads to increase of hydrogen concentration the surface of 

catalyst w hich i s h elpful f or t he hydrogenation r eaction. W hen t he p ressure i s hi gh 

enough, t he ove rall r eaction i s c ontrolled b y s urface reaction a nd will th en b e le ss 

influenced by pressure. 

 

Table 2.2 Dependence of bromine number of product oil on reaction pressure 

 
 

2.1.3 Effect of liquid space velocity (LHSV) 

 

Table 2.3 shows the effect of liquid space velocity on reaction, indicating that 

the bromine num ber of  the pr oduct i ncreases f rom 0.2 t o 0.51 w ith t he i ncrease o f 

LHSV from 4 to 16 h−1, implying that the quality of product is acceptable only when 

LHSV i s l ess than 16 h−1. Compared t o conventional pos t-hydrogenation, M SB 

possesses the advantage of higher space velocity, primarily due to the high activity of 

the catalyst and the excellent mass transfer of MSB. 
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Table 2.3 Dependence of bromine number of product on liquid hourly space velocity 

(LHSV) 

 
 

2.1.4 Effect of hydrogen-to-oil ratio 

 

Table 2.4 shows t he ef fect o f h ydrogen-to-oil r atio o n th e r eaction is r ather 

insignificant i n t he range of  50–100 v/v, possibly due to  th e e ffective u tilization o f 

hydrogen when hydrogen bubbles are broken down to small sizes in the MSB reactor. 

Lower hydrogen-to-oil ratio implies lower operating cost. [Xuhong Mu, 2006] 

 

Table 2.4 Dependence of bromine number of product on hydrogen-to-oil ratio 

 
 

S.P. B ressa was s tudy t he ef fect o f p rocess an d o perating v ariables i n t he cat alytic 

hydrogenation of unsaturated traces in C3–C4 streams, intended for aerosol propellant 

use, has been analyzed. The results f rom catalytic tests carried out on a co mmercial 

Pd/Al2O3 catalyst h ave b een u sed t o es timate t he k inetic p arameters o f r ate 
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expressions. The set of rate expressions is used in a m athematical model of a t hree-

phase f ixed-bed c atalytic uni t ope rated i n up -flow mo de. T he ma thematical mo del 

allowed s tudying t he ef fect that v ariables s uch as t emperature, p ressure, h ydrogen 

mass flow and feed composition will exert on the reactor performance. The volatility 

of t he h ydrocarbon mixture i s found to be  a  pa ramount f actor i n t he process, a s H 2 

becomes diluted in the vapor phase and, consequently, the amount of H2 dissolved in 

the l iquid s tream an d t he h ydrogenation r ates d ecrease s ignificantly. A  t emperature 

rise t urned o ut t o b e detrimental f or t he reactor p erformance, as t he i ncreased 

hydrocarbon vol atility overcomes t he effect on t he k inetic co efficients. T his 

conclusion precludes the usual operating practice of rising temperature to compensate 

for cat alytic act ivity d ecay. Instead, i ncreasing t he H 2 input a nd/or the ope rating 

pressure were shown to be effective alternatives for this purpose [S.P. Bressa, 2003] 
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2.2 Effect of operating parameter to Pd/Al2O3 

 

2.2.1 H2 input 

 

The H 2 molar f low f ed i nto t he be d c an be  ope ratively i ncreased from t he 

stoichiometric value needed to hydrogenate the unsaturated. We will analyze here the 

impact of increasing F0
H2, focusing on the bed length required to achieve the goal of 

the process, i.e. as a means to reduce the catalyst loading or to compensate for activity 

losses. H owever, t he final de cision on t he m agnitude of  t otal h ydrogen molar f low 

(F0
H2) should be taken on economic grounds, as bed pressure drop and H2 recycling 

should a lso be  c onsidered. Five l evels o f F0
H2 has b een t ested, r anging f rom a l ow 

value s howing a  r atio of  1.78 w ith r espect t o t he s toichiometric value ( Case ( a) i n 

Table 2.5) up to a four-fold value (Case (e)). Case (b) in Table 2.5 corresponds to the 

base case. 

 

 
Figure 2.1 Influence of  H 2 m olar f low on t he c alculated h ydrogen m ole f raction 

profiles 
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Table 2.5 Effect of hydrogen flow rate on reactor performance 

 
 

It c an b e expected t hat i ncreasing F0
H2 will, in  s ome w ay, increase t he H 2 

concentration on the catalyst surface, xS
H2. The hydrogenation reactions will become 

faster and a shorter catalytic bed will be needed. Note that the isomerization reactions 

are independent of xS
H2. Hence, they will not benefit from higher values of xS

H2 and 

lower amounts of  2 -butenes w ill be  p roduced f rom 1 -butene, s aving an i mportant 

amount of  catalyst o therwise n eeded t o accomplish t heir s low h ydrogenation. It i s 

shown i n f igure 2.1  that xS
H2 significantly i ncreases as  F0

H2 is r aised, cau sing 

important reductions in bed length, which can be read at the point where each curve 

ends. By doubling F0
H2, i.e. from Cases (a) to (c), the bed length to obtain 20 ppm of 

unsaturated at the exit diminishes by 33%. A four-fold increase in F0
H2 saves half of 

the catalytic bed. The increase in xS
H2 with F0

H2 is primarily caused by higher values 

of t he H 2 vapor mole f raction yH2 and, s econdarily, by hi gher va lues o f (aVL
v kL

H2) 

derived from higher vapor flow rates (see Table 2.5). 

 

2.2.2 Operating pressure 

 

The di rect m ean t o i ncrease t he s olubility of  H2 is to  raise t he o perating 

pressure. The partial pressure of the hydrocarbon mixture at temperature T 0 = 313.16 

K ( base cas e) i s ab out PHC = 0.75 MPa. T he d ifference pressure (P − PHC) n early 

equals the H 2 partial pressure PH2. An increment f rom the operating pressure in the 

base cas e P = 1.2 t o 1.5  MPa cau ses an  increment of  a round 100 % i n PH2. 

Consequently, t he e quilibrium value molar f raction i n l iquid pha se xi
H2 becomes 

higher in about the same proportion. 

 

As t he hydrocarbon vaporization is r estrained at  h igher p ressures, the mix ture 

temperature al ong t he b ed gets h igher at  P = 1.5 MPa, but  c auses a  l ower dr op i n 

molar f raction i n va por phase yH2. The ch anges from bed in let to  e xit a re ΔVHC = 
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0.0774 m ol/s ( 1.5 MPa) v ersus 0.6807 m ol/s ( 1.2 MPa); ΔT = 13.2 K (1.5 MPa) 

versus 10.6 K (1.2 MPa); ye
H2/y0

H2 = 0.5093 (1.5 MPa) versus 0.4051 (1.2 MPa). The 

differences just outlined lead to values of xS
H2 around 100% higher at P = 1.5 MPa, 

which a long w ith th e ma rginal effect o f t emperature allows a s aving o f somewhat 

more than 50% in the bed length needed to achieve 20 ppm of unsaturated at the bed 

exit. The profiles of  xS
H2 at 1.2 a nd 1.5 MPa are compared in figure 2.2.  The curve 

ends mark the necessary bed lengths. The profiles of trans-2-butene mole fraction are 

also given, recalling that this is the last unsaturated to get extinguished. 

 

 
Figure 2.2 Influence of the reactor pressure on calculated hydrogen molar fraction (at 

liquid-solid interphase). trans-2-butene molar fraction. 

 

2.2.3. Inlet temperature 

 

The conceptual arguments to assess the impact of increasing the thermal level 

of t he m ixture h ave b een al ready discussed: on one  h and, an i ncrease i n t he HC 

volatility that will make yH2 and consequently xS
H2 decrease and, on the other hand, an 

increase in t he ki netic c oefficients. A s t hey show oppos ite effects on t he 

hydrogenation rates, the net outcome should be quantitatively evaluated. The results 

can be discussed from Table 2.6, where the inlet temperature was modified by ±10 K 

from the base-case value, T 0 = 313.16 K. The unsaturated concentration a t the exit 
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increases one order of magnitude for an increment of 10 K. The significant increase of 

VHC as T 0 increases, n ot only a t t he be d i nlet, but  a lso a long t he be d ( Table 2.6), 

causes a significant dilution of H2 in the vapor phase that definitely overwhelms the 

effect on kinetic coefficients. It becomes interesting to analyze whether catalysts with 

higher a ctivation e nergies w ill s till s how th e s ame tr end w ith temperature. T o t his 

end, it was considered that at T 0 = 313.16 K, all hypothetical catalysts will show the 

same values of the kinetic parameters (those resulting for the material actually tested), 

but parameterized with an activation energy assumed common for all reactions. The 

concentration of unsaturated at the exit of a bed with ZL = 1.4 m are plotted in figure 

2.3 as a function of T 0 for different values of E. Values of T 0 above 293K (20˚C) are 

considered, as it was appraised that sub-ambient temperatures will not be convenient. 

The results for the experimentally tested catalyst and for E = 0 are included. The latter 

is a limit case that just reflects the effect of T 0 on H2 dilution in the vapor phase. 

 

 
Figure 2.3 Effect of the feed temperature on reactor behavior. Five activation energy 

level. 
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Table 2.6 Effect of inlet temperature on reactor performance 

 
 

Significant and non-obvious general features were: 

• The slow hydrogenation of 2-butenes, especially of trans-2-butene, demands around 

half of  the bed length. 2-Butenes can be present in the process s tream, but  they are 

always formed by hydrogenation of 1, 3-butadiene and by isomerization of 1-butene. 

• Mass transfer limitations on the liquid side of the vapor–liquid interface were most 

significant for H2 absorption rates. 

• The volatility of the hydrocarbon mixture was a paramount factor to dilute H2 in the 

vapor phase (hence, to diminish the amount of H2 dissolved in the liquid stream) and 

to restrain the temperature rise along the bed, due to the vaporization heat. 

 

These ke y factors a llowed e xplaining t he s imulated r esponse of th e s ystem to  

variations in  the d ifferent operating variables. H owever, t he results could be h ardly 

predicted beforehand, d ue t o the r ather co mplex interplay o f t he ef fects. Thus, a  

temperature rise turned out to be significantly detrimental for the reactor performance 

at t he conditions studied, as  t he effect o f t he i ncreased h ydrocarbon v olatility 

overcomes the effect on t he kinetic coefficients. A parametric analysis revealed that 

this r esult is  n ot f ortuitous and w ill s tand f or d ifferent cat alysts an d o perating 

conditions. The c onclusion r egarding t he e ffect of t emperature pr ecludes the us ual 

operating p olicy o f rising te mperature to compensate f or c atalytic act ivity d ecay. 

Instead, i ncreasing the H 2 i nput a nd/or t he op erating pr essure w ere s hown t o be  

effective al ternatives t o improve t he r eactor p erformance. The reactor p erformance 

was a lso s hown t o be  s ensitive to t he c omposition of  t he uns aturate p ool, a s t he 

different compounds pr esent s ignificant di fferences c oncerning ki netics, reaction 

paths and thermal effects. [S.P. Bressa, 2001] 
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2.3 Sulfur Poisoning of nickel-based catalyst 

 

Deactivation o f n ickel catalysts b y s ulfur poisoning i s a  s erious i ndustrial 

problem and the effect of sulfur on t he performance of metal-supported catalysts has 

been widely s tudied [Feg-Wen Chang, 2001] . The effect of  di fferent components of  

gasification gas on s ulfur poisoning of nickel catalysts were studied. In addition, the 

sulfur di stribution a nd content of  ni ckel c atalyst be ds w ere analyzed to a ccount t he 

poisoning effect of sulfur on the activity of catalysts to decompose tar, ammonia and 

methane. The desorption behavior of chemisorbed sulfur from the bed materials was 

monitored by temperature programmed hydrogenation (TPH). It was established that 

bulk ni ckel s ulfide w as active i n de composing ammonia i n hi gh-temperature 

gasification g as-cleaning c onditions. T he de composing a ctivity of  methane w as n ot 

affected b y bul k ni ckel s ulfide f ormation, but  t hat of  t oluene w as de creased. T he 

activity o f t he cat alyst regained r apidly when H 2S w as r emoved f rom t he gas. 

However, t he conversion of  ammonia was not  r egained a t a s hi gh a  level as  before 

sulfur addition, m ost pr obably du e t o i rreversible sulfur adsorption on t he c atalyst. 

The t emperature i ncrease could al so b e u sed t o regenerate t he cat alyst p erformance 

especially i n r espect t o m ethane and t oluene. Sulfur adsorbed on  nickel cat alysts i n 

different chemical s tates de pends on t he p rocess c onditions a pplied. A t >900˚C t he 

sulfur adsorbed on t he catalyst f ormed an  i rreversible m onolayer o n t he cat alyst 

surfaces, while at  <900˚C the adsorbed sulfur, probably composed of pol ysulphides 

(multilayer sulfur), was desorbed from the catalyst in sulfur-free hydrogen containing 

atmosphere. However, a m onolayer o f sulfur still r emained o n th e c atalyst after 

desorption. The enhanced effect of  high total pressure on  sulfur-poisoning of  nickel 

catalysts could be accounted for the increased amount of sulfur, probably as a mode 

of polysulphides, adsorbed on the catalyst [Elsevier Science B.V., 1997].  

 

Adsorption s tudies of  H 2S on ni ckel indicate an  increasing reversibility of adsorbed 

sulfur with increasing temperature. The use of high temperatures during regeneration 

in r educing a tmosphere ha s a  positive e ffect be cause of  t he hi gh he at o f 

chemisorptions. At th e s team reforming o f me thane th e r eversibility was 

demonstrated at temperatures of 800 - 900°C by Morita and Inoue, who found that the 

nickel catalyst regained the initial act ivity after the removal of sulfur compounds in 

the f eed. However, i n i ndustrial scale th is n ormally r esults in  s low r egeneration 
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because t he r ate o f d iffusion-controlled e lution decreases ex ponentially with time . 

According to Rostrup-Nielsen, the adsorbed sulfur was easily removed by steaming at 

temperatures a bove 600 °C i f steaming r esulted i n f ormation of  s ulphates. Some 

studies by Bartholomew have shown that it might be possible to regenerate the sulfur-

poisoned nickel cat alysts b y r emoving S  f rom t he cat alyst as  SO2 by c ontrolled 

exposure t o o xygen ( very low O 2 partial p ressure), o r t o s pecies t hat d issociate t o 

oxygen. 

 

The n ickel-sulfur bonds of  adsorbed sulfur are significantly s tronger t han t hose i n 

bulk nickel sulphides. Due to the strength of the sulfur-metal bond, sulfur adsorption 

is f requently non -uniform with r espect t o t he catalyst b ed, an d h ence i t i s v ery 

difficult t o provide fundamental i nformation on  sulfur poisoning. This p henomenon 

could b e ex plained b y the f act t hat t he ad sorbed sulfur was pr obably not  t otally 

removed from t he catalyst b y i ncreasing t emperature o r ev en b y removing the H 2S 

from the gas. The activity o f the catalysts regained rapidly when H2S was removed 

from the gas. At 900°C under 20 bar the regeneration was more rapid than at 800°C. 

The t emperature i ncrease co uld b e u sed t o regenerate t he c atalyst performance 

especially in the case of methane and toluene. However, the conversion of ammonia 

was not regained as high a level as before sulfur addition most probably because all of 

the sulfur adsorbed on the catalyst was not removed by temperature treatment or even 

by removing the H2S from the gas. [Jouko Hepola, 1997] 
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CHAPTER III 

 

THEORY 
  

3.1 Reaction Chemistry 

 

The hydrogenation reaction of  normal- and iso-olefin is  the main reaction. The s ide 

reactions are the conversion of benzene, toluene and xylene to naphthenic species as 

follows; 

 

Conversion of normal olefin 

 
Conversion of iso-olefin 

 
Conversion of benzene 

 
Conversion of toluene 

 
Conversion of meta-xylene 
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Benzene i s converted to c yclohexane w hile toluene i s c onverted t o m ethyl-

cyclohexane. A small amount of xylene may be converted to dimethyl cyclohexane. 

In a similar fashion, ethyl benzene may be converted to ethyl cyclohexane. The loss of 

aromatics is easier to interpret by monitoring the appearance of  the non-aromatic in  

the charge and effluent of reactor. The calculation formulas are shown in equation (6), 

(7) and (8) as follows; 

 

 

 

 
 

3.2 Deactivation of Catalyst 

 

3.2.1 Sulfur Poisoning of Catalyst 

 

Aromatic f eeds nor mally contain ve ry l ow l evels of  s ulfur. T ypical 

compounds i n t he a romatic charge a re t hiophene and substituted t hiophene, methyl, 

dimethyl a nd e thyl t hiophene. T here m ay a lso be  s ome ve ry l ow t race l evels of  

mercaptan as a result of recombination of H2S and olefins in the upstream units. 

 

The sulfur compounds in the charge are very strongly adsorbed to the surface of the 

catalyst. Over time the very small levels of sulfur compounds are sufficient to poison 

the catalyst by occupying the reactive sites. 

 

3.2.2 Deactivation by Fouling 

 

It is possible to foul the catalyst during operation. Under the right conditions 

olefins m ay c ondense on t he c atalyst t o f orm a  he avy condensate t hat f ouls t he 

surface. This is unexpected during normal operation. 

 

Benzene loss = mole of cyclohexane in effluent – charge       (6)
                                          mole of benzene in charge 

Toluene loss = mole of methyl cyclohexane in effluent – charge       (7)
                                          mole of toluene in charge 

Xylene loss = mole of dimethyl cyclohexane in effluent – charge       (8)
                                          mole of xylenes in charge 
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If the feed becomes contaminated with oxygen, the olefins in the feed can form active 

peroxides. When the feed is heated in the uni t the active peroxides may decompose 

and start free radical reactions. Such reactions contribute to formation of polymer that 

may coat the catalyst. Normally the feed to the unit is sourced directly from upstream 

fractionation, which is usually sufficient to protect the unit from this type of fouling. 

 

Although i t m ay b e pos sible t o r everse f ouling b y h eavy de posits us ing t he hot  

hydrogen strip, this has not been demonstrated. 

 

3.2.3 Deactivation from Makeup Hydrogen 

 

Trace levels of harmful components may be contained in the hydrogen. H2S is 

a f requent co ntaminant of h ydrogen an d w ill d eactivate t he cat alyst i n a s imilar 

fashion to the sulfur compounds in the charge. H2S is very strongly adsorbed by the 

catalyst and should be minimized. Normally the level of H2S in the hydrogen used by 

the process is low and the amount of hydrogen used by the process as compared to the 

catalyst is relatively low. During regeneration the amount of hydrogen passed over the 

catalyst is significant and so the restriction on H2S must be more stringent. 

 

Trace levels of HCl contribute an acid function to the catalyst. Acidity may promote 

polymerization reactions that may lead to fouling of the catalyst. 

 

Carbon Monoxide strongly adsorbs to the catalyst. Accumulation of CO will appear to 

deactivate the catalyst is a similar fashion to sulfur. 

 

Nitrogen i n t he form of a mmonia i n t he m akeup gas c an a lso contribute t o 

deactivation of the catalyst. 

 

Caustic contamination from the scrubbing of makeup gas can contaminate the catalyst 

permanently. I f caustic washed gas i s used, precautions must be  t aken to ensure no 

carry-over of caustic reaches the process. 
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3.2.4 Other Contaminants 

 

Trace m etals i n t he charge c an damage t he cat alyst function. T ypical m etals 

checked for in the charge include arsenic, lead, and copper. Any metal contamination 

should be avoided. Normally the charge is very low in metals. 

 

3.3 Process variable 

 

The ope ration of  t he Olefin h ydrogenation p rocess i s c ontrolled us ing 

temperature, pr essure, t he f low t hrough t he reactors and t he ratio of  H 2 to t he 

reactants. Although sample points are provided in the unit to determine the quality of 

the product from the olefin hydrogenation unit, an efficient operation is best obtained 

when the operator monitors the end products after further processing. The design of  

the unit is to remove as much of the bromine reactive materials in the feed as possible 

while n ot s aturating a romatics. A s w as th e c ase w ith clay tr eating performed 

previously it is not normally required to remove all the olefin reactive species present 

in the charge. 

3.3.1 Pressure 

 

In the Olefin hydrogenation unit pressure should be maximized at the reactors 

to maintain the maximum solubility of the hydrogen in the process liquid. 

The g oal of  t he ope rator s hould be  t o m aintain t he h ighest p ressure i n t he r eactor 

circuit consistent with the operation of the upstream equipment. Yields are improved 

with higher pressures that force more of the hydrogen into the liquid phase. 

 

3.3.2 Flow 

  

Normally t he flow t hrough t he r eactor i s not  a djusted dur ing nor mal o peration. A  

recycle of product is used to maintain a high velocity through the catalyst bed. 
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3.3.3 Temperature 

 

As the catalyst ages the temperature of the reactor will need to be increased to 

maintain the activity of the catalyst. The EOR temperature should not be exceeded the 

design, as high temperatures may lead to permanent poisoning of the catalyst. 

Higher te mperatures w ill c ause mo re h ydrogenation o f a romatics. A s r esult o f th is 

effect, r unning at th e lo west te mperature w hich s till ma kes th e p roduct q uality 

acceptable should be the operating goal. 

 

3.3.4 H2/Reactants 

 

The unit is designed with hydrogen to hydrocarbon ratio set point controller. 

The pur pose of  t his c ontroller i s t o m aintain t he r atio o f h ydrogen t o f resh f eed 

entering the unit. 
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CHAPTER IV 

 

METHODOLOGY 
 

4.1 Research Methodology 

 

The r esearch i s s eparated into 4  pa rts. Part 1  is th e Feed s tock a nd pr ocess 

performance review, Part 2 is the study to change the operation mode from series to 

single b ed, P art 3 i s t he pr ocess pe rformance improvement b y ve ry t he va riable 

control pa rameters, a nd Part 4 i s s tudy of  c atalyst in s itu regeneration a s s hown i n 

figure 4.1. 

 

Feed Stock and
Process Performance Review

Fresh Feed Compositions
Olefin Conversion
Bromine Index
Aromatics Loss

Single Bed Operation

Process Performance
Improvement

Olefin Conversion
Bromine Index
Aromatics Loss

Reactor Inlet Temperature
Reactor Pressure
LHSV
H2:HC Ratio

Process Control
Improvement

Catalyst Regeneration BI Conversion

Advance Process Control
for H2:HC Ratio

 
Figure 4.1 Flow diagram of research methodology. 
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4.2 Materials 

 

The s tudy was done by  using ol efin hydrogenation reactors i n t he act ual 

operating conditions with the feed of reformate from catalytic reforming process. Gas 

Chromatograph is used to a nalyze t he h ydrocarbon c ompositions i n bot h f eed a nd 

product streams. CA-200 Karl Fischer Moisture meter equipped with Bromine Index 

measurement probe was used to measure the bromine index. 

 

4.3 Experiment 

 

Part 1: Feed stock and Process Performance Review 

 

The f resh f eed ch aracteristic an d cu rrently p rocess p erformance o f olefin 

hydrogenation pr ocess s uch ol efin c onversion a nd a romatics l oss was analyzed t o 

understand the consequences which are affect to downstream process. 

 

Part 2: Single Bed Operation 

 

The research was to alter the operation mode of olefin hydrogenation process 

from a s eries to a  s ingle bed operation at  constant reactor inlet t emperature, r eactor 

pressure, and combined feed rate as shown in figure 4.2a and 4.2b. 

Mixer
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R
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Effluent  

Mixer
Reformate
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                        (a)                    (b) 

Figure 4.2 Schematic diagram of Olefin hydrogenation process in series (a) and 

single (b) operation. 
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The ol efin conversion, aromatic l oss c alculation, a nd br omine i ndex i n ne cessary 

streams was analyzed and calculated to monitor the process performance and product 

qualities. T he pr ocess control va riable was adjusted to ma ximize t he c atalyst 

utilization a fter t he s ingle be d op eration i s s table c onditions a nd e nsure t hat i s no 

effect t o dow nstream process. A t t he e nd of  r un c onditions, t he c atalyst was 

regenerated and evaluated the catalyst performance compare with fresh catalyst. 

 

Part 3: Process Performance Improvement 

 

The v ariable p arameters s uch as temperature, pr essure a nd t he f low t hrough 

the reactor were varied and studied effect on the catalyst performance.  

 

Part 4: Catalyst regeneration 

 

This part i s s tudy t he ca talyst performances af ter r egeneration compare w ith 

before. The r egeneration i s f ollowing t he pr ovided pr ocedure f rom l icensor. The 

hydrogen used for the strip is 99.9% purity or  electrolytic grade at a GHSV of 120; 

equivalent a flow rate of 4400 Nm3/hr, 300°C with 48 hours holding. 

 

Part 5: Process Control Improvement 

 

This pa rt i s s tudy t o i mprove t he h ydrogen-to-hydrocarbon l ogical c ontrol 

from r egulatory c ontrol to a dvance pr ocess c ontrol to ma ximize th e h ydrogenation 

reaction all the time.  

 

Part 5: Operating Window Development 

 

The objective of Operating Window to assure the all of condition is practical. 

Including i dentify pl ant l imitations i n or der t o ke ep t he pl ant r unning s afely and 

smoothly as well as maintaining reliability and integrity of the plant. 

 

 



 30 

CHAPTER V 

 

RESULTS AND DISCUSSIONS 
 

5.1 Feed Stock and Process Performance Review 

 

 The f resh f eed ch aracteristic an d cu rrently p rocess p erformance o f O lefin 

hydrogenation process need to be analyzed to understand the consequences which are 

affected on downstream process. 

 

5.1.1 Fresh Feed Compositions 

 

Fresh f eed o f O lefin H ydrogenation unit is  from th e C atalytic R eforming 

process that converts naphthenic to aromatics. The fresh feed composition is analyzed 

with gas chromatography method (ASTM D6293). The composition is consist of 90 

wt% aromatics, 10 wt% paraffin, 1 wt% olefin, and 0.3 wt% naphthenic hydrocarbon 

as shown in f igure 5.1. Amount of  olefin content depends on the feed s tock quality 

and reaction severity of reforming catalyst. 

 

 
Figure 5.1 Olefin hydrogenation fresh feed compositions. 
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Normally, feed composition is changed every couple of week or a week depending on 

plant production plan. More than 4 sources of raw material are blended with different 

blending ratio to minimize the raw material cost. So the Olefin Hydrogenation reactor 

fresh feed compositions are varied with upstream feed source. 

 

5.1.2 Olefin Components in Fresh Feed 

 

The olefin components in reactor charge consist of olefin carbon atom number 

5, 6 a nd 7 (OC5, O C6, a nd O C7) as s hown i n f igure 5.2. Amount of  each ol efin 

species is rather fluctuated due to vary of feed stock. 

 

 
Figure 5.2 Olefin components in fresh feed. 

 

5.1.3 Olefin Conversion 

 

Total olefin conversion across two reactors is more than 97 wt%. Total olefin 

in feed stream is reduced from 1 wt% to less than 0.05 wt% as shown in figure 5.3 by 

selective hydrogenation reaction. 
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Figure 5.3 Total olefin conversion. 

 

The OC5 conversion is approximate 100 wt% conversion, OC6 conversion is around 

97.5-100 wt% while the OC7 conversion is mostly in range of 90-97 wt% as shown in 

figure 5.4, 5.5 and 5.6. That means the lighter olefin species is easier to hydrogenate 

than heavier. 

 

 
Figure 5.4 Olefin OC5 conversion. 
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Figure 5.5 Olefin OC6 conversion. 

 

 
Figure 5.6 Olefin OC7 conversion. 

 

5.1.4 Bromine Index 

 

Amount of olefin in effluent stream is very small level. To monitor the process 

performance, so t he ASTM D 1492 or  D 2740 ( Appendix B .) i s us ed t o m easure 

bromine index (BI) t hat represent t o t race amount of  ol efin. H igh concentrations of  

bromine r eactive s pecies a re unde sirable f or s ome of  t he dow nstream uni ts a nd 

products and such as the Olefin Hydrogenation unit is designed to hydrogenate these 

species. 
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The Bromine index in fresh feed is around 2,500-3,500 mg Br/100g sample. Olefins 

species are hydrogenated to their hydrogenated product through the first and second 

reactor (lead and lag reactor). Bromine index of outlet lead reactor is around 150-300 

mg Br/100g sample then it will be reduced in lag reactor to less than 100 mg Br/100g 

sample as shown figure 5.7. 

 

Result i s s hown 2,350 -3,200 mg/100g of  BI is c onverted i n l ead reactor t hat i s 

approximate 91-94% comparing with BI in feed. For the lag reactor, 50-200 mg/100g 

of BI is converted that is approximate 2-6% comparing with BI in feed so the single 

bed operation concept is very high possibility to apply for the Olefin Hydrogenation 

process. 

 

 
Figure 5.7 Bromine Index in fresh feed, outlet lead and outlet lag reactor. 

 

The C7/C9 Transalkylation unit is limited the Bromine index in charge less than 150 

mg Br/100g s ample. M ost o f o lefin is  from O C7 i n O lefin H ydrogenation e ffluent 

stream that is co-boiled with toluene will be presented in C7/C9 Transalkylation unit 

feed follow Figure 1.1 Simplify block flow diagram of BTX production.  
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Amount of Bromine index in the charge of C7/C9 Transalkylation unit is around 30-

50 mg Br/100g sample that is rather small when compare with feed specification 150 

mg/100g as shown in figure 5.8. 

 

 
Figure 5.8 Bromine index in C7/C9 Transalkylation unit feed. 

 

For t he para-xylene production uni t, r esults of  B I i n uni t c harge a re no rmally l ess 

than 10 m g Br/100g s ample. B I i n para-xylene pr oduction uni t c harge w ill be  

absorbed in the molecular sieve adsorbent of this process that leads to deficiency of 

PX pr oduction. T he d esign of  uni t c harge qu ality a llows l ess t han 20 mg Br/100g 

sample. However, amount of bromine index in Olefin Hydrogenation effluent stream 

has no major effect to para-xylene production unit as shown in figure 5.9 because the 

quantity o f ol efin O C8 molecules i n c harge o f t he O lefin H ydrogenation p rocess i s 

very small. 
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Figure 5.9 Bromine index in para-xylene production. 

 

Olefin OC8 concentration that is presented in para-Xylene production unit charge can 

be g enerated b y t hermal c racking r eaction i n column bot tom section of  X ylene 

column. Xylene column is a part of Aromatics Fractionation unit. 

 

5.1.5 Aromatics Loss 

 

 The be nzene a nd t oluene l oss are around 0. 25-0.5 a nd 0.05 -0.1 m ol% 

respectively a s s hown i n f igure 5.10. T he x ylenes l oss i s ve ry s mall, i t c an be  

negligible. Maximum allowance of  benzene and toluene loss i s 0.5 a nd 0 .25 mol%, 

respectively. Benzene i s h ydrogenated t o c yclohexane, t oluene i s h ydrogenated t o 

methylcyclohexane, an d x ylene i s h ydrogenated t o d imethylcyclohexane. T he 

aromatics loss should be minimize to maximize the aromatics production. In this case 

the aromatics loss is rather high so the opportunity for optimization is high possibility. 
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Figure 5.10 Benzene and Toluene loss. 
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5.2 Single Bed Operation 

 

The study is to change the reactor operation mode from a series to single bed 

operation, w hich i s r elatively di fferent f rom or iginal ope rating de sign. T he pl ant 

reliability i s e xpected t o be  i mproved i n the s ingle be d ope ration b y pr eventing 

catalyst d eactivation i n b oth r eactors at  t he s ame t ime. T he cat alyst d eactivations 

normally c ause b y t he feed c ontaminants s uch s ulfur, ni trogen, c hloride a nd he avy 

metals. Particularly, the sulfur compounds have a very high potential to permanently 

absorb on c atalyst a t hi gh ope rating t emperature, es pecially at  t he en d o f r un 

conditions. 

 

In s ingle bed operation, the amount of  catalyst was decreased b y half comparing to 

the s eries ope ration. T he l iquid hour ly s pace ve locity (LHSV) i s di rectly t wice 

increased. The hydrogenation reaction severity is expected to be decreased, which is 

affected on the olefin and aromatic conversion while the effluent qualities still meet 

the charge requirement of the downstream processes.  

 

5.2.1 Olefin Conversion 

 

 For t he s eries ope ration, m ost of  ol efin i s h ydrogenated t o s aturated 

hydrocarbon. T he s ingle ope ration s hows a s ignificant c hange o f t otal ol efin 

conversion from 95-99 wt% to 85-92 wt% within 6 m onths as shown in figure 5.11. 

Higher a mount of  ol efin c ontent i n f eed i s af fected on lower ol efin conversion 

according to the constant catalyst activity. 
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Figure 5.11 Total olefin conversion. 

 

The OC5 conversion i s decreased f rom 100 w t% to 92 -96 wt%, OC6 conversion i s 

decreased from 97.5-100 wt% to 83-97 wt% and OC7 conversion is decreased from 

90-97 wt% to 75-85 wt% as shown in figure 5.12-14. 

 

 
Figure 5.12 Olefin OC5 conversion. 
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Figure 5.13 Olefin OC6conversion. 

 

 
Figure 5.14 Olefin OC7 conversion. 

 

The l ighter olefin species are easier to convert than the heavier ones as same as  the 

previous experiment, such as the conversion of olefin C5 and C6 are higher than the 

conversion of olefin C7 as shown in figure 5.12-14. 

 

5.2.2 Bromine Index 

 

The bromine index of  e ffluent reactor i s increased f rom 50-200 mg Br/100g 

sample to 200-500 mg Br/100g sample as shown in figure 5.15. Apparently, this will 
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lead to the increase of the amount of BI in the charge of C7/C9 Transalkylation unit 

from 20-60 to 30-80 mg Br/100g sample as shown in figure 5.16, while the design of 

unit c harge qua lity allows l ess t han 150 m g Br/100g s ample. T his i s due t o t he 

unconverted olefin C7 molecules and their co-boiled with toluene will be presented in 

the C7/C9 Tranalkylation charge. 

 

 
Figure 5.15 Bromine index in fresh feed and effluent. 

 

 
Figure 5.16 Bromine index in C7/C9 Transalkylation unit. 

 

For t he para-xylene pr oduction uni t, r esults of  B I i n uni t c harge a re no rmally l ess 

than 10 mg Br/100g sample in both of series and single mode as shown in figure 5.17. 

The design of unit charge quality allows less than 20 m g Br/100g sample. However, 



 42 

the s ingle and s eries o peration m odes h ave n o s ignificant effect t o para-Xylene 

production uni t because the quantity o f ol efin C 8 molecules i n ch arge o f t he o lefin 

hydrogenation pr ocess i s ve ry s mall, so t he ol efin C 8 s pecies do not  s ignificant 

change i n f eed o f para-Xylene p roduction uni t, a lthough t he s ingle o peration i s 

applied. 

 

The o lefin O C8 s pecies, which have same boi ling poi nt w ith mixed xylene can  b e 

generated within the bottom section of Xylene distillation column. The xylene column 

bottom temperature is controlled around 345-350°C to minimize the thermal cracking 

reaction of heavy aromatic materials, which are the bottom product. 

 

 
Figure 5.17 Bromine index in para-xylene production unit. 

 

The reactor effluent stream is sent to distillation column to separate benzene and co-

boiling point materials includes lighter to overhead product. The overhead product is 

fed t o E xtraction uni t t o s eparate non -aromatics from ar omatics s pecies by s olvent. 

Non-aromatic from E xtraction u nit is  c alled “ Raffinate” th at is  c ontained w ith 

paraffin P C5-6 a nd ol efin O C5-6. T he aromatic s tream is  c alled “ Extract” th at is  

contained with 90 wt% benzene, 10wt% toluene.  

 

Most of the unconverted olefin present in the Raffinate stream, which is normally the 

non aromatic species from the Extraction unit. The BI in Raffinate is increased from 

1,000-1,500 to 1,500-3,000 mg Br/100g sample as shown in figure 5.18. In practice, 



 43 

olefin i n R affinate can be  s old i n t he l ight n aphtha’s pr ice. T he be nzene f orm 

Extraction unit is sent to the benzene fractionation to be purified before run down to 

product tank. 

 

 
Figure 5.18 Bromine index in Raffinate product. 

 

5.2.3 Aromatic Loss 

 

In t erms o f benzene loss, t he l ost i s r educed f rom 0.25 -0.5 mol% to 0.2 -0.3 

mol% leading to the increase in benzene productivity. Toluene loss is reduced from 

0.05-0.1 mol% to 0.03-0.07 mol% as shown in f igure 5.19. T he xylene l oss i s very 

small; he nce, i t c an be  ne gligible. T his m ay i mply t hat t he s econd r eactor i s not  

necessary for t his pe riod. A lthough ol efin O C5-7 conversion i s de creased, but 

bromine index in C7/C9 Transalkylation and para-xylene production unit are still in 

control within the feed specification. 

 

In the case that the reactor fresh feed is 3,408 metric tons per day, the benefit will be 

improved around 0.43 million US$ per year (Appendix C). Decrease of benzene loss 

is directly increased of benzene production. For the same reason, decrease in toluene 

loss e ssentially consequences t o i ncrease t he PX pr oduction be cause t oluene i s 

normally transformed to xylene species in the C7/C9 Transalkylation unit. 
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Figure 5.19 Benzene and toluene loss. 
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5.3 Process Performance Improvement 

 

The ope ration of  t he O lefin H ydrogenation Process i s c ontrolled us ing 

temperature, pr essure and the f low through the r eactor. A lthough sample points a re 

provided in the unit to determine the quality of the product from the olefin reduction 

unit, a n e fficient ope ration i s be st obt ained w hen t he ope rator m onitors t he e nd 

products after further processing. The design of the Olefin Hydrogenation Process is 

to remove as much of the bromine reactive materials in the feed as possible while not 

saturating aromatics. This experiment is designed to study the effect of each variable 

parameter, which i s t o t he ol efin c onversion, a romatics l oss, a nd br omine i ndex i n 

downstream feed. 

 

5.3.1 Effect of Reactor Inlet Temperature (RIT) 

 

Test 1:  An increase of  RIT causes more hydrogenation of  olefin. Increase of  

RIT from 70°C  t o 72°C  results in  increase of  OC5 c onversion from 8 2.5 t o 85.71  

mol% as shown in table 5.1 and Test 1 in figure 5.20. For OC6 and OC7 conversion, 

they ar e i ncreased al so, but t he hi ghest c onversion i s O C5, while t he lowest 

conversion is OC7. 

 

The h ydrogenation r eaction i s a n exothermal r eaction. H igher c onversion of  ol efin 

should lead to higher reactor different temperatures. In this case, the reactor different 

temperature is not significant changed because the RIT may not be sufficient to affect 

the reactor different temperature as shown in Test 1 of figure 5.21. 

 

H2:HC ratio is increased from 4.95 t o 5.38 Nm3/MT of fresh feed as shown in table 

5.1 a nd T est 1  i n f igure 5.22. T he hi gher h ydrogenation r eaction i s r equired m ore 

hydrogen to hydrogenate olefin species in reactor charge.  

 

Bromine i ndex i n C 7/C9 T ransalkylation uni t i s de creased from 75.86  t o 65.93 

mg/100g sample as shown in table 5.1 and Test 1 in figure 5.23. The decreasing of BI 

is due to the higher OC7 conversion. 
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The benzene loss i s increased f rom 0.06 t o 0.08 mol% due to higher h ydrogenation 

severity as shown in table 5.1 and Test 1 in figure 5.24 while toluene and xylene loss 

are maintained because benzene is easier to hydrogenate than toluene and xylene. 

 

Table 5.1 Result of  RIT increasing f rom 70°C  to 72°C at  constant r eactor p ressure 

and LHSV. 

Parameter Unit Test 1 

RIT °C 70.00 70.40 71.72 72.00 

OC5 Conversion Mole% 82.50 82.01 81.62 85.71 

OC6 Conversion Mole% 79.00 80.09 79.96 80.49 

OC7 Conversion Mole% 60.50 61.75 62.10 63.64 

Total OC Conversion Mole% 73.64 74.45 75.56 76.47 

Reactor ∆T °C 3.44 3.42 3.40 3.40 

H2:HC ratio Nm3/MT 4.95 4.87 5.03 5.38 

BI in C7/C9 Transalkylation 

Feed mg/100g 75.86 81.26 74.90 65.93 

Benzene Loss Mole% 0.06 0.02 0.03 0.08 

Toluene Loss Mole% 0.03 0.03 0.04 0.03 

Xylene Loss Mole% 0.00 0.00 0.00 0.00 

 

Test 2: Increase of RIT from 72°C to 77°C results in increase of OC5 conversion from 

82.76 to 85.80 m ol% as shown in table 5.2 a nd Test 2 i n figure 5.20.  The OC6 and 

OC7 c onversion a re i ncreased but  t he hi ghest c onversion i s O C5, while the lo west 

conversion is OC7 as same as previous experiment. 

 

Reactor different temperature is slightly increased from 3.5°C to 3.66°C according to 

higher reaction severity. 

 

H2:HC ratio is increased from 4.91 to 5.7 Nm3/MT of fresh feed as shown in table 5.2 

and T est 2 i n f igure 5 .22. T he hi gher h ydrogenation r eaction i s r equired m ore 

hydrogen to hydrogenate olefin species in reactor charge.  
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Bromine index in C7/C9 Transalkylation unit is significantly decreased from 72.2 t o 

40.25 mg/100g sample as shown in table 5.2 and test 2 in figure 5.23. The decreasing 

of BI is from the higher OC7 conversion. 

 

The benzene loss i s increased f rom 0.05 t o 0.08 mol% due to higher h ydrogenation 

severity as shown in table 5.2 and Test 2 in figure 5.24 while toluene and xylene loss 

are maintained as same as previous experiment. 

 

Table 5.2 Result of  RIT increasing f rom 72°C  to 77°C  a t constant r eactor pressure 

and LHSV. 

Parameter Unit Test 2 

RIT °C 71.95 73.63 74.95 75.57 76.95 

OC5 Conversion Mole% 82.76 85.19 85.56 84.80 85.80 

OC6 Conversion Mole% 79.07 80.95 80.26 79.12 80.00 

OC7 Conversion Mole% 62.86 63.89 62.54 63.82 63.64 

Total OC Conversion Mole% 74.77 76.19 75.02 74.83 76.47 

Reactor ∆T °C 3.50 3.58 3.58 3.61 3.66 

H2:HC ratio Nm3/MT 4.91 5.05 5.40 5.52 5.70 

BI in C7/C9 Transalkylation 

Feed mg/100g 72.21 61.16 53.74 46.31 40.25 

Benzene Loss Mole% 0.05 0.05 0.05 0.03 0.08 

Toluene Loss Mole% 0.04 0.04 0.04 0.03 0.03 

Xylene Loss Mole% 0.00 0.00 0.00 0.00 0.00 

 

Test 3:  According to O C7 conversion i s d ecreased to 55 m ole% that i s e ffect from 

catalyst d eactivated, BI i n C 7/C9 Transalkylation uni t f eed i s i ncreased t o 100  

mg/100g sample as shown in Test 3 of figure 5.20 and 5.23. The Transalkylation unit 

feed specification is controlled less than 150 mg/100g sample. The catalyst is decided 

to be regenerated to ensure that it can be regenerated as supplier guarantee.  

 

Although the olefin conversion is rather low but  RIT s till does not reach the end of  

run condition at 110°C of effluent. RIT is allowed to increase as much to 100°C as 

shown in Test 3 to utilize the catalyst before regeneration.  
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Test 3:  Increase of  R IT from 78°C  to 100°C  results in  increase o f OC5 conversion 

from 83.61 t o 90.32 m ol%, OC6 conversion is increased from 78.26 to 89.8 mole%, 

and OC7 conversion i s increased f rom 59.88 t o 76.92 mole% as shown in table 5.3  

and Test 3 in figure 5.20. Reactor difference temperature is increased from 3.74°C to 

4.46°C according to higher reaction severity. 

 

H2:HC ratio is increased from 5.29 t o 6.25 Nm3/MT of fresh feed as shown in table 

5.3 and Test 3 in figure 5.22.  

 

Bromine index in C7/C9 Transalkylation unit is significantly decreased from 94.69 to 

88.05 mg/100g sample as shown in table 5.3 and Test 3 in figure 5.23. The decreasing 

of BI is from the higher OC7 conversion. 

 

The benzene loss is increased from 0.02 to 0.24 mol%, toluene loss is increased from 

0.04 t o 0.1 mole% due  t o hi gher h ydrogenation s everity w hile x ylene loss is  s till 

maintained. 

 

Table 5.3 Result of RIT increasing from 78°C to 100°C at constant reactor pressure 

and LHSV. 

Parameter Unit Test 3 

RIT °C 78.05 81.00 87.25 92.89 98.37 100.00 

OC5 Conversion Mole% 83.61 82.76 83.33 86.21 89.66 90.32 

OC6 Conversion Mole% 78.26 78.72 81.25 84.78 86.00 89.80 

OC7 Conversion Mole% 59.88 60.61 63.64 67.65 70.00 76.92 

Total OC Conversion Mole% 74.89 74.77 76.11 80.18 81.82 85.95 

Reactor ∆T °C 3.74 3.93 4.39 4.36 4.44 4.46 

H2:HC ratio Nm3/MT 5.29 5.50 5.74 5.60 5.50 6.25 

BI in C7/C9 Transalkylation 

Feed mg/100g 94.69 80.37 66.05 89.82 87.08 88.05 

Benzene Loss Mole% 0.06 0.06 0.08 0.10 0.11 0.24 

Toluene Loss Mole% 0.04 0.04 0.03 0.05 0.07 0.10 

Xylene Loss Mole% 0.00 0.00 0.00 0.00 0.00 0.00 
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Figure 5.20 Reactor i nlet t emperature an d o lefin co nversion at  co nstant r eactor 

pressure and LHSV. 

 

 
Figure 5.21 Reactor inlet temperature and reactor difference temperature at constant 

reactor pressure and LHSV. 
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Figure 5.22 Reactor i nlet t emperature and H2:HC ratio a t constant r eactor pressure 

and LHSV. 

 

 
Figure 5.23 Reactor i nlet t emperature and B I i n C 7/C9 T ransalkyation u nit f eed at  

constant reactor pressure and LHSV. 
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Figure 5.24 Reactor inlet temperature and aromatics loss at constant reactor pressure 

and LHSV. 

 

As result of experiment, running at the higher RIT leads to higher olefin OC5, OC6 

and O C7 co nversion. T he h igher r eaction s everity c auses h igher r eactor d ifference 

temperature and consumed more hydrogen. Although increase of RIT accelerates the 

hydrogenation reaction, but the excess RIT is affected to higher aromatics loss also. 

 

The reactor should be operated at lowest temperature, which still makes the product 

quality a cceptable. T his should b e t he o perating goal b ecause ex cess t emperature 

cause of more aromatics loss and increase the potential of catalyst deactivation rate. 

 

5.3.2 Effect of Reactor Pressure 

 

The reactor pressure is increased from 22 barg to 25 barg. Olefin conversion is 

not improved as expectation as shown in f igure 5.25. Theoretically, higher pressure 

leads to higher solubility of the hydrogen in the process l iquid so the hydrogenation 

severity s hould be  i ncreased. Increases 3 ba rg o f pr essure m ay not  be sufficient to  

observe t he catalyst a ctivity i mprovement. Increases p ressure i s a ffected o n higher 

hydrogen gas control valve opening; the valve opening is increased from 55 to 80% 

which i s r ather hi gh c omparing w ith nor mal op eration, so t he pr essure should not  

increase mo re to  ma intain th e c ontrollability o f v alve i n case t he p rocess i s m ore 

required hydrogen. 
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Figure 5.25 Reactor pressure and olefin conversion at constant RIT and LHSV. 

 

5.3.3 Effect of Liquid Hourly Space Velocity (LHSV) 

 

Decrease o f LHSV results in  s light increase of  O C5 a nd O C6 c onversion, 

while OC7 conversion is rather f luctuating as shown in f igure 5.26. B enzene loss is 

increased from 0.07 t o 0.085 m ole% while toluene is maintained as shown in figure 

5.27. Lower LHSV leads higher residence time in reactor, but lower selectivity which 

shows the increased of benzene loss. 

 

 
Figure 5.26 Decrease of LHSV and olefin conversion at constant RIT and pressure. 
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Figure 5.27 Decrease of LHSV and aromatics loss at constant RIT and pressure. 

 

Increase o f LHSV c auses d ecreases i n OC5, O C6 a nd O C7 c onversion a s 

shown in figure 5.28. Benzene and toluene loss are decreased from 0.08 mole% to no 

loss a s s hown i n f igure 5.29. H igher LHSV l eads t o r educe of  r esidence t ime i n 

reactor. 

 

 
Figure 5.28 Increase of LHSV and olefin conversion at constant RIT and pressure. 
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Figure 5.29 Increase of LHSV and aromatics loss at constant RIT and pressure. 

 

Refer to the experiment result of LHSV adjustment; it should not be adjusted during 

normal operation. A recycle of product is used to maintain a high velocity through the 

catalyst bed. Normally, the WHSV through the beds is 11.77/hr. Reduction in WHSV 

leads to poor selectivity and additional aromatic saturation. 

 

5.3.4 Effect of Hydrogen to Hydrocarbon Ratio (H2:HC) 

 

As result of  experiment, running at higher hydrogenation reaction severity is 

required m ore H 2:HC r atio a s s hown i n f igure 5.22. T o m aximize t he c atalyst 

performance, the H 2:HC ratio should  be  maximized while the aromatics loss is not 

higher t han c ontrol v alue. E specially, s tart o f run c ondition be cause t he r eaction 

severity is very high. 
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5.4 Process Control Improvement 

 

The or iginal c ontrol of  h ydrogen m ake up  g as f low r ate t o olefin 

hydrogenation reactor is a basic regulatory controller. The set point of H2:HC ratio is 

daily calculated and manual input the set point value by panel operator. This method 

is s uitable f or s table o lefin co ncentration i n r eactor charge. In cas e t he o lefin 

concentration in charge i s frequently changed, the set point i s not easy to control to 

meet the stoichiometry of hydrogen consumption. For the same result, Panel operator 

needs to control the reactor level by tr ial the set point to  maintain interface level of 

reactor on top section between 20-80%, that i s ensure the h ydrogen consumption i s 

proper for t he r eaction r equirement. If r eactor l evel m ore t han 100% , r esult of  

insufficient H2. Affect to reactor liquid full. If level less than 0%, result of excess H2. 

Affect to reactor d ry. Both of  results a re l eading to higher olefin content in feed of 

downstream process such as C7/C9 Transalkylation and PX-Production uni t. Figure 

5.30 i s s hown t he f luctuation of  r eactor l evel c ontrol b y manual i nput setpoint of  

H2:HC ratio control. 

 

 
Figure 5.30 The Original process control for olefin hydrogenation process. 

 

The advance process control was applied to control the H2:HC ratio by using reactor 

level control instead of  manual input the set point. The reactor level is s ignificantly 

improved as shown in figure 5.31. As the result of improvement, the reactor will not 
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risk t o l iquid f ull or  r eactor dr y due  t o i mproper H 2:HC r atio c ontrol. T he 

hydrogenation reaction is maximized the performance all the time. 

 

 
Figure 5.31 The advance process control for olefin hydrogenation process. 
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5.5 Catalyst Regeneration 

 

When the catalyst in an Olefin Hydrogenation reactor has become deactivated 

by polymer deposition or by temporary poisons, the catalyst can be partially restored 

to f resh us ing regeneration. F or t he m ost pa rt, r egeneration ph ysically de sorbs 

contaminants s uch a s H 2S, or ganic s ulfur, ox ygenates, a nd or ganic he avies. T he 

hydrogen used for the strip must be 99.9% purity or electrolytic grade at a GHSV of 

120; equivalent a flow rate of 4400 Nm3/hr, 300°C with 48 hours holding. 

 

Before the reactor A was regenerated, BI conversion is around 60 wt% as shown in 

figure 5.30. Reactor B is a single serviced during the reactor A is regenerated. For the 

reactor B, t he B I c onversion i s a round 80 -95 w t% t hat m eans t he ni trogen 

preservation for one year is efficient. 

 

During the regeneration some of liquid hydrocarbon was found after regeneration gas 

cooler (Figure 1.2). The purge gas is analyzed for the H2S, HCl, and NH3 by draeger 

tube. Only HCl is found around 50-100 ppm vol that mean the chloride is temporary 

absorbed on catalyst surface while H2S and NH3 are not found. 

 

When the regeneration activity is completed, reactor A is serviced as lead and reactor 

B is  la g a t s tart o f run te mperature 4 5˚C. BI conversion of reactor A is r apidly 

decreased f rom 90 t o 70 w t% w ithin 20 da ys. At t he s ame t ime B I c onversion i n 

reactor B is rapidly increased from 2 to 15 wt% because unconverted olefin in outlet 

lead stream is hydrogenated in reactor B. After the reactor A is operated in single bed 

mode, B I c onversion i s s lightly de creased a nd m aintained a round 50 -55 w t% a s 

shown in Figure 5.30. 

 

According to  experimental r esult the in  situ r egeneration i s not  e fficient because of  

catalyst act ivity i s n ot r ecovery. T he p ossible cau ses m ay come from t he l ower 

required temperature of decoking, poor distribution of hot hydrogen flow, and sulfur 

poison is not removed. Catalyst activity is decreased until close to before regeneration 

condition w ithin 20 da ys. H owever, t he be nefit t hat w e can t ake i s operating 

temperature. The catalyst can be operated at lower temperature than before. 
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Figure 5.32 BI conversion of lead and lag reactor. 
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CHAPTER VI 

 

CONCLUSIONS AND RECOMMENDATIONS 
 

In t his c hapter, s ection 6.1 pr ovides t he c onclusions obt ained f rom the 

experimental r esults O lefin h ydrogenation p rocess imp rovement a nd a romatics lo ss 

minimization in BTX production industry. Additionally, recommendations for further 

study are given in section 6.2. 

 

6.1 Conclusions 

 

The lighter olefin and aromatic species are easier to hydrogenate than heavier. 

Olefin C7 in effluent stream is a major effect on amount of bromine index in C7/C9 

Transalkylation f eed, while t he br omine i ndex i n pa ra-Xylene pr oduction uni t i s 

related w ith x ylene co lumn bot tom t emperature c ontrol m ore t han the ol efin 

hydrogenation catalyst activity. 

 

The ol efin h ydrogenation pr ocess can b e ope rated i n t he s ingle be d o peration t o 

improve the plant reliability in the event that the catalyst regeneration is not efficient 

or catalyst deactivation in both reactors a t the s ame t ime. This methodology can be 

applied w ithout a ny i mpact t o t he dow nstream pr ocesses s uch t he C 7/C9 

Tranalkylation uni t and para-Xylene production uni t feed. The s ingle bed operation 

also minimizes the aromatic loss f rom the s ide reactions resulting in  the increase in 

benzene and xylene production and return benefit around 0.43 million US$ per year. 

 

As the catalyst ages, the temperature of the reactor needs to be increased to maintain 

the cat alyst act ivity. H igher t emperatures c ause m ore h ydrogenation of  ol efin a nd 

aromatics. A s t he r esult, r unning a t t he l owest temperature, which s till ma kes th e 

product quality acceptable should be the operating goal. 

 

The liquid hourly space velocity should be maintained at original design 11.72 hr-1. A 

decrease of LHSV results in lower catalyst selectivity that leads to higher aromatics 

loss, while hi gher LHSV l eads t o l ower a ctivity. T he r eactor p ressure s hould be  
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controlled a t or iginal de sign 22 ba rg to ma intain in  th e s ystem c onsistent w ith th e 

operation of the upstream equipment. 

 

The advance process control is significantly improve the H2:HC ration control. 

 

The in s itu regeneration i s not  e fficient f or e xisting e quipment a nd r egeneration 

condition. Catalyst activity i s back to before regeneration condition within 20 da ys, 

but reactor inlet temperature can be operated at start of run condition. 

 

6.2 Recommendations 

 

1. The ex situ regeneration should to be study to minimize the operating cost 

due to the catalyst price is very expensive. 

2. For the future project “Install olefin Hydrogenation Process for Aromatics 

I” s hould be s tudy th e p ossibility o f in  situ r egeneration and r eview t he equipment 

design. 
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APPENDIX A 

 

CALCULATION METHOD 
 

Olefin Conversion 

 

OC conversion (mole%) =
𝑀𝑜𝑙𝑒 𝑜𝑓 𝑂𝐶𝑖𝑛 −𝑀𝑜𝑙𝑒 𝑜𝑓 𝑂𝐶𝑜𝑢𝑡

𝑀𝑜𝑙𝑒 𝑜𝑓 𝑂𝐶𝑖𝑛
× 100 

 

Liquid Hourly Space velocity (LHSV) 

 

LHSV (
1
hr

) =
𝐿𝑖𝑞𝑢𝑖𝑑 𝑐ℎ𝑎𝑟𝑔𝑒 𝑓𝑙𝑜𝑤 𝑟𝑎𝑡𝑒 (𝑚3

ℎ𝑟 )
𝐶𝑎𝑡𝑎𝑙𝑦𝑠𝑡 𝑣𝑜𝑙𝑢𝑚𝑒 (𝑚3)

 

 

Hydrogen-to-Hydrocarbon Ratio (H2:HC) 

 

𝐻2:𝐻𝐶 (
𝑁𝑚3
𝑀𝑇

) =
𝐻𝑦𝑑𝑟𝑜𝑔𝑒𝑛 𝑔𝑎𝑠 𝑓𝑙𝑜𝑤 𝑟𝑎𝑡𝑒 (𝑁𝑚3/ℎ𝑟)

𝐹𝑟𝑒𝑠ℎ 𝑓𝑒𝑒𝑑 𝑓𝑙𝑜𝑒 𝑟𝑎𝑡𝑒 (𝑀𝑇)
 

 

Hydrogen-to-Hydrocarbon Mole Ratio (H2:HC) 

 

𝐻2:𝐻𝐶 =
𝐻𝑦𝑑𝑟𝑜𝑔𝑒𝑛 𝑔𝑎𝑠 𝑓𝑙𝑜𝑤 𝑟𝑎𝑡𝑒 �𝑁𝑚3

ℎ𝑟 � × 𝑀𝑜𝑙𝑒 𝑓𝑟𝑎𝑐𝑡𝑖𝑜𝑛 ℎ𝑦𝑑𝑟𝑜𝑔𝑒𝑛

22.414(359) × 𝐹𝑟𝑒𝑠ℎ 𝑓𝑒𝑒𝑑 𝑓𝑙𝑜𝑤 𝑟𝑎𝑡𝑒 �𝑘𝑔ℎ𝑟� × 1
𝐴𝑣𝑔.𝑀𝑊 𝑜𝑓 𝑓𝑟𝑒𝑠ℎ 𝑓𝑒𝑒𝑑

 

 

Aromatics Loss 

 

Bz Loss =
𝑀𝑜𝑙𝑒 𝑜𝑓 𝑐𝑦𝑐𝑙𝑜ℎ𝑒𝑥𝑎𝑛𝑒 𝑖𝑛 𝑒𝑓𝑓𝑙𝑢𝑒𝑛𝑡 − 𝑀𝑜𝑙𝑒 𝑜𝑓 𝑐𝑦𝑐𝑙𝑜ℎ𝑒𝑥𝑎𝑛𝑒 𝑖𝑛 𝑓𝑟𝑒𝑠ℎ 𝑓𝑒𝑒𝑑

𝑀𝑜𝑙𝑒 𝑜𝑓 𝑏𝑒𝑛𝑧𝑒𝑛𝑒 𝑖𝑛 𝑓𝑟𝑒𝑠ℎ 𝑓𝑒𝑒𝑑
 

 

Toluene Loss =
𝑀𝑜𝑙𝑒 𝑜𝑓 𝑚𝑒𝑡ℎ𝑦𝑙𝑐𝑦𝑐𝑙𝑜ℎ𝑒𝑥𝑎𝑛𝑒 𝑖𝑛 𝑒𝑓𝑓𝑙𝑢𝑒𝑛𝑡 − 𝑀𝑜𝑙𝑒 𝑜𝑓 𝑚𝑒𝑡ℎ𝑦𝑙𝑐𝑦𝑐𝑙𝑜ℎ𝑒𝑥𝑎𝑛𝑒 𝑖𝑛 𝑓𝑟𝑒𝑠ℎ 𝑓𝑒𝑒𝑑

𝑀𝑜𝑙𝑒 𝑜𝑓 𝑡𝑜𝑙𝑢𝑒𝑛𝑒 𝑖𝑛 𝑓𝑟𝑒𝑠ℎ 𝑓𝑒𝑒𝑑  

 

Xylene Loss =
𝑀𝑜𝑙𝑒 𝑜𝑓 𝑑𝑖𝑚𝑒𝑡ℎ𝑦𝑙𝑐𝑦𝑐𝑙𝑜ℎ𝑒𝑥𝑎𝑛𝑒 𝑖𝑛 𝑒𝑓𝑓𝑙𝑢𝑒𝑛𝑡 − 𝑀𝑜𝑙𝑒 𝑜𝑓 𝑑𝑖𝑚𝑒𝑡ℎ𝑦𝑙𝑐𝑦𝑐𝑙𝑜ℎ𝑒𝑥𝑎𝑛𝑒 𝑖𝑛 𝑓𝑟𝑒𝑠ℎ 𝑓𝑒𝑒𝑑

𝑀𝑜𝑙𝑒 𝑜𝑓 𝑥𝑦𝑙𝑒𝑛𝑒𝑠 𝑖𝑛 𝑓𝑟𝑒𝑠ℎ 𝑓𝑒𝑒𝑑  
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APPENDIX B 

 

ANALYTICAL PROCEDURES 

1. Fresh Feed 

 

The relative density of the feed is used in the calculation of the flow rate of the 

feed. A STM D  4052 i s a  m ethod us ing a  di gital de nsity m eter that m easures t he 

frequency of  a  vibrating tube. The frequency of  the vibration and the volume of the 

tube are used to determine the density of the fluid. Other methods are available that 

produce equivalent results. 

 

UOP 744 or  A STM D  2360, A romatics i n H ydrocarbons b y G as C hromatography, 

will give the breakdown of the aromatics in the feed stream. The majority of the feed 

will b e a romatics. N ormally f or th e c harge to  th e O lefin H ydrogenation u nit, th is 

analysis is not overly useful as gross changes in the composition of aromatics across 

the uni t a re not  e xpected. T hese m ethods pr ovide a  ba ckup f or t he no n-aromatic 

production across the unit. In the most technically accurate definition, it is not certain 

that b enzene m easured with t his t echnique w ill b e accu rate as s ome o f t he n on-

aromatics normally found in the aromatics streams can co-elute with the benzene and 

elevate t he be nzene c oncentration e rroneously. In t he f eed of  t he O lefin 

Hydrogenation uni t t he non -aromatic ma terial ma y b e lig ht enough th at th is 

interference will not exist. 

 

UOP 690 i s us ed t o m easure oc tane a nd l ower boiling h ydrocarbons i n ol efin-free 

gasoline. ASTM D 5134 is Standard Test Method for Detailed Analysis of Petroleum 

Naphthas t hrough n -Nonane b y C apillary Gas C hromatography. E ither of t hese 

methods c an be  us ed t o t rack t he non -aromatic species o f i nterest. C yclohexane i s 

followed t o de termine the h ydrogenation of  b enzene. M ethyl cyclohexane w ill 

indicate the hydrogenation of  toluene. Dimethyl cyclohexane and e thyl cyclohexane 

are indicators of C8 aromatic hydrogenation. 
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UOP 304, ASTM D 1492 or D 5776 can measure bromine index. High concentrations 

of br omine r eactive s pecies a re und esirable for some of  t he do wnstream uni ts a nd 

products and as such the Olefin Hydrogenation unit uni t i s designed to hydrogenate 

these species. In each of these methods bromination of the double bonds of the olefins 

and al kenyl-benzene i s measured b y t itration. A STM D  848 i s us ed f or a cid w ash 

color, which has been generally superseded by bromine index. It i s worth not ing no 

good correlation exists between Bromine index and acid wash color. 

Chlorides in the feed are measured by UOP 395. Both organic and inorganic chlorides 

are m easured. C hlorides generally do not  c ause a pr oblem f or t he c atalyst but  hi gh 

levels may promote polymerization which could lead to the permanent deactivation of 

the catalyst. 

 

ASTM D 5453, D  6212, D 6313, D  6428, a nd D4045 are several methods available 

for de termining s ulfur. As t he c atalyst de activates b y t he a dsorption of  s ulfur, t he 

better t he s ulfur e ntering a nd e xiting t he uni t i s t racked t he e asier i t s hould be  t o 

predict the deactivation rate of the catalyst. Most of these methods may quantify the 

sulfur to below 1 wt ppm. In most of these methods sulfur compounds are converted 

to either H2S or SO2 which are subsequently detected. 

 

Nitrogen in the charge is measured by ASTM D 6069 or D 6366. Some adsorption of 

nitrogen c an oc cur but  i t i s not  c onsidered t he pr ime m echanism f or c atalyst 

deactivation. 

 

Basic n itrogen i n t he c harge is m easured b y UOP 313. B asic ni trogen i s a  ve ry 

sensitive measure of nitrogen.  

 

UOP 906 is used to measure trace metal contamination of the charge. Nickel metal is 

the c atalyst in  th e U ORP u nit. C ontamination o f th e n ickel b y o ther me tals c ould 

render the nickel inactive. 

 

Any unusual color should also be noted. Color is a good indication of contamination 

of small quantities of very heavy material that will not appear in GC analysis or in the 

distillation. 
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Finally visual appearance is used to judge if there is any gross contamination of the 

unit. If debris or cloudiness is seen in the sample the feed must be further examined to 

determine the nature of the contamination. 

2. Hydrogen Gas 

 

Purity is most important here. The best performance in the unit corresponds to 

the highest solubility of the gas in the reactor. For given hydrogen ratio required for 

the operation higher hydrogen purity will reduce the quantity of other gases that need 

to dissolve in the system. It is also important to monitor the hydrogen gas for possible 

catalyst c ontaminants. T he de tailed c ompositions f or t hese s treams c an be us ed t o 

calculate s tream gravity t hat can  b e u sed i n mass b alance cal culations an d t he 

calculation of the hydrogen to hydrocarbon molar ratio. 

Composition is measured by UOP 539, w hich i s a  GC method. The results of  UOP 

539 c an a lso be  us ed t o c alculate t he gravity of  t he s treams b y us ing t he m ethod 

outlined in UOP 948. 

 

H2S i s s trongly a dsorbed t o t he ni ckel a nd may not  c ompletely d esorb during 

regeneration. Normally the quantity of H2S in the hydrogen gas stream is low enough 

that th e a ccumulation o f H 2S o n th e catalyst i s n ot s ignificant. N ormally th is is  

measured at the hydrogen gas source but  should be reported with the data from this 

unit. H2S is normally measured using a hand held detection tube. Care has to be taken 

to a void getting e rroneously hi gh o r l ow readings. S ince t he d etection t ubes a re 

designed to r ead the a tmosphere of  an enclosed space t he normal method for us ing 

them f or a p rocess s tream i s to cr eate an  en closed s pace ar ound t he s ample p oint 

typically with a plastic bag or a similar device. The pump and the tube are used inside 

the enclosed space after it is purged with the sample gas. 

 

HCl can  b e d etrimental as  i t can  p romote p olymerization o n th e c atalyst. T his is  

measured in a similar fashion to H2S by the use of gas detection tubes. 

 

Water is  another contaminant that may attenuate the catalyst function but this is  not 

expected. Moisture in the makeup gas and recycle gas is measured using gas detection 

tubes also. This is not a normal component, but checks should be made occasionally.  
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Ammonia in the hydrogen gas can react with HCl and cause fouling. Ammonia in the 

makeup gas i s measured us ing gas detection tubes. This is not  a  normal component 

but checks should be made occasionally. 

 

The impact of CO and CO2 can strongly adsorb to the catalyst and compete with the 

hydrocarbons which will increase the required temperature. UOP 603 is a method for 

measuring these compounds. 

3. Effluent 

 

Provisions a re m ade t o a llow s ampling of  t he l iquid of  t he pr oduct. The 

product contains small quantities of very volatile components and as such this sample 

needs to be handled with pressurized equipment in order to get representative results. 

Although samples and normally collected in pressurized cylinders there are a variety 

of t echniques f or t ransferring a  pr essurized s ample t o t he a nalytical instruments 

including pressurized syringes and sample loops. Use of  non-pressurized equipment 

can lead to small errors. 

 

Analysis of the product closely matches the analysis of the liquid charge. 

Bromine i ndex a nd t he c omposition of  the pr oduct a re t he nor mally s ignificant 

analysis for the operation of the unit. Since it is the purpose of the unit to reduce the 

Bromine Index of the charge this is normally tracked closely. Analysis of the product 

composition provides information on t he possible aromatic losses that can occur. An 

increase in non-aromatic fraction is closely followed. 

 

Analysis of  t he t race c ontaminants m ay pr ovide a n i ndication of  the r ate t hat t he 

catalyst is accumulating the particular poisons. 

4. Regeneration Gas 

 

Analysis of  the regeneration gas i s very s imilar to the hydrogen gas. During 

regeneration t he qua ntity of gas t hat t he c atalyst i s exposed t o i s m uch higher t han 

during nor mal ope ration a nd a s a  r esult c ontamination of  t he g as w ill h ave a  m ore 
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significant impact. CO and CO2 must be limited. H2S in the regeneration gas would 

defeat the purpose of the regeneration. 
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APPENDIX C 

 

BENEFIT CALCULATION 
 

Basis: 

- Fresh feed = 142 T/hr 

- Benzene in feed 15.12 mol% 

- Toluene in feed 31.16 mol% 

Additional Information 

- Benzene loss is decreased from 0.5 to 0.3 mol% of Benzene in fresh feed 

- Toluene loss is decreased from 0.1 to 0.07 mol% of Toluene in fresh feed 

- Benzene price is 1,000 USD/ton 

- Toluene price is 1,300 USD/ton (equivalent with xylene) 

- MW benzene is 78.11 

- MW toluene is 92.14 

Benzene Loss 

 

Series Operation 

 

Cyclohexane generate (mol%)= Bz loss (mol%) x Bz in fresh feed (mole%) 

    = 0.5 x 15.12 

    = 0.076 mol% 

 

Mole of cyclohexane generate = mole of benzene loss 

Benzene loss   = 0.076 x 78.11 / 100 

    = 0.059 wt% 

    = 0.059 x 142 / 100 

    = 0.084 T/hr 
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Single Operation 

 

Cyclohexane generate (mol%)= Bz loss (mol%) x Bz in fresh feed (mole%) 

    = 0.3 x 15.12 

    = 0.045 mol% 

 

Mole of cyclohexane generate = mole of benzene loss 

Benzene loss   = 0.045 x 78.11 / 100 

    = 0.035 wt% 

    = 0.035 x 142 / 100 

    = 0.05 T/hr 

 

Benzene loss reduction = 0.084-0.045 

    = 0.34 T/hr 

 

Benefit    = 0.034 x 24 x 365 x 1000 

    = 293,820 USD/year 

 

Toluene Loss 

 

Series Operation 

 

Methylcyclohexane generate (mol%) = Tol loss (mol%) x Tol in fresh feed (mole%) 

    = 0.1 x 31.16 

    = 0.031 mol% 

 

Mole of cyclohexane generate = mole of benzene loss 

Benzene loss   = 0.031 x 92.14 / 100 

    = 0.029 wt% 

    = 0.029 x 142 / 100 

    = 0.041 T/hr 
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Single Operation 

 

Methlycyclohexane generate (mol%) = Tol loss (mol%) x Tol in fresh feed (mole%) 

    = 0.07 x 31.16 

    = 0.022 mol% 

 

Mole of methylcyclohexane generate = mole of benzene loss 

Benzene loss   = 0.022 x 92.14 / 100 

    = 0.02 wt% 

    = 0.02 x 142 / 100 

    = 0.029 T/hr 

 

Toluene loss reduction = 0.041-0.029 

    = 0.012 T/hr 

 

Benefit    = 0.012 x 24 x 365 x 1300 

    = 139,284 USD/year 

 

Total benefit    = 293,820 + 139,284 

    = 433,104 USD/year 
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150 mg Br/100g sample. This is due to the 
unconverted olefin C7 molecules and their same 
boiling point with aromatic C7 molecules will 
be presented in the C7/C9 tranalkylation charge.  
 
For the para-xylene production unit, results of 
BI in unit charge are normally less than 5 mg 
Br/100g sample in both of operating mode. BI in 
charge will be absorbed in the molecular sieve 
adsorbent of this process. The design of unit 
charge quality allows less than 20 mg Br/100g 
sample. However, the single and series 
operation modes have no significant effect to 
para-xylene production unit because the 
quantity of olefin C8 molecules in charge of the 
olefin hydrogenation process is very small so 
the olefin C8 species do not significant change 
in feed of para-xylene production unit, although 
the single operation is applied. 
 
Most of the unconverted olefin present in the 
raffinate stream, which is normally the non 
aromatic species from the extraction unit. The 
BI is increased from 1,000-1,800 to 1,500-3,000 
mg Br/100g sample. In practice, olefin in 
raffinate can be sold in the light naphtha’s price. 
The benzene form extraction unit is sent to the 
benzene fractionation to be purified before run 
down to product tank, BI in benzene product 
slightly increases from 1-3 mg Br/100g sample 
to 2-4 mg Br/100g sample which still meets the 
purchasing specification that is less than 10 mg 
Br/100 g sample. 
 
Conclusions 
The olefin hydrogenation process can be 
operated in the single bed operation to improve 
the plant reliability in the event that the catalyst 
regeneration is not efficient or catalyst 
deactivation in both reactors at the same time. 
This methodology can be applied without any 
impact to the downstream processes such the 
benzene production unit, C7/C9 tranalkylation 
unit and para-xylene production unit. The single 
bed operation also minimizes the aromatic loss 
from the side reactions resulting in the increase 
in benzene and xylene production. The results in 
current work can be applied to the subsidiaries 
aromatic plant in the future. 
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