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 The most important task in a chemical process is controlling the process to 

achieve the setpoint in such a way of minimizing energy loss and waste generation. In 

general, the chemical plant is composed of material recycle and energy integration. 

These affect the control system in more complexity. Plantwide control structure was 

adapted for developing control loops in the plant since its approach is holistic which 

could provide a better control system 

 In this work, plantwide control procedure of Wongsri (2009) is proposed and 

applied to the styrene process. The styrene process consists of multiple operating 

units. This plant is one of the top ten bulk petrochemicals in the world. Therefore, we 

designed four plantwide control structures (CS1 to CS4) and simulated styrene 

process at steady state and dynamic via HYSYS. Moreover, all designed control 

structures are evaluated the dynamics performance and compared with the base case 

control structure designed by Luyben (2011). The result shows that the designed 

control structure I (CS1) can handle disturbances and maintain product quality better 

than other control structures as compared with Integral absolute error (IAE) In 

addition, the energy used in all designed control structures are less than the base case 

control structure. 
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CHAPTER  I 

INTRODUCTIONS 

 This chapter introduced the importance and reasons for research, research 

objective, scope of research, contribution of Research, procedure and research 

framework. 

1.1 importance and reasons for research 

 At present, the tendency of energy demands is rapidly increasing. With high 

fuel prices and the possibility of supplies in the years ahead, the development of 

system of using energy more effectively or energy recovery is becoming more and 

more important.  

 Moreover, industries are very competitive both in quality and cost of the 

production. Therefore, the production process should have high quality and high 

efficiency. The process should always operate under the design condition, use little 

energy, low waste production and meet the required specification of the products. In 

the real situation, the process cannot operate smoothly; all factors do not meet the 

design conditions. The process always changes due to disturbance from the external 

factors and the internal factors, it is necessary to have the control system to control the 

condition and compensate any deviation occurred. 

 In general, most industrial processes contain a complex flow sheet with 

several recycle streams, energy integration, and many different unit operations. 

Economically, the processes can be improved by introducing recycle streams and 

energy integration. However, these factors lead to more interactions of the separate 

unit operations and create a path for disturbance propagation. These cause increases 

difficulties to control the process. Hence, the original process created loop control unit 

is unable to control the process in the desired state due to interactions of each 

individual unit (Umada et al., 1978). 
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 Therefore, strategies for plantwide control (PWC) are required to operate an 

entire plant safely and achieve its design objectives. Essentially, the plantwide 

control problem is how to develop the control loops needed to operate an entire 

process and achieve its design objectives. The problem is extremely complex and is 

very much open-ended. There are a combinatorial number of possible choices and 

alternative strategies to control and manage the disturbance load entering the process. 

  Process control researchers have developed many systematic PWC 

methodologies and applied them to typical chemical processes. Such as the Tennessee 

Eastman (TE) process (Downs and Vogel, 1993), vinyl actate monomer and toluene 

hydrodealkylation (HDA) plant are applied to the heuristic method ((Luyben et al., 

1997). As well, the self-optimizing procedure (Skogestad, 2004) is applied to the 

HDA process and ammonia synthesis process. Hence, there is still a necessity to 

further study other complex processes in order to understand and evaluate the PWC 

problems. 

 This research will focus on new plantwide control design procedure of 

Wongsri (2009) applied to styrene process. Styrene is one of the top ten bulk 

petrochemicals in the world. More than 85% of styrene is produced by the 

dehydrogenation of ethyl benzene (EB). This process plant consists of many unit 

operations. This work is to design heat exchanger network and control structures of 

styrene process in order to achieve better understanding of PWC problems and 

evaluate PWC procedure. The performance of new designed control structures are 

evaluated via simulation using HYSYS. 

1.2 Research Objectives 

 The objectives of this research are 

 To design and evaluate plantwide control structures of styrene process using 

new design procedure of Wongsri (2009).  
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 1.3 Scope of research 

 The scopes of this research can be listed as follows.     

 1.  Simulate of styrene process is HYSYS program simulator (Version 7.0). 

 2.  Description and data of styrene process is obtained from Vasudevan et al. 

(2009) and Luyben (2011). 

3.  Plantwide control structures for styrene process are designed using new 

design procedure of Wongsri (2009). 

4.  The four control structures for the styrene process are designed. 

 

1.4 Contribution of Research 

The contributions of this research are follows; 

1.  Process flowsheet diagram of styrene process has been simulated. 

2. The new heat exchanger network designed for styrene process. 

 2.  The control structures are designed by using new design procedure. 

 3. Better understand the control structure problems and evaluate plantwide 

methodologies. 

1.5 Research Procedures 

 Procedure plans of this research are;  

 1. Study disturbance load propagation method and plantwide process control 

theory. 

 2.  Study the styrene process, and concerned information.  

 3.  Simulate the steady state of the styrene process by using HYSYS (Version 

7.0). 

 4. Design of disturbance load propagation for heat exchanger networks of 

styrene process. 

 5.  Design new plantwide control structures followed new design procedure. 

 6.  Simulate the dynamic of styrene process with control structures design. 

 7.  Evaluate the dynamic performance of the designed control structures.     
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 8.  Analyze of the design and simulate result .    

 9.  Conclude the thesis. 

1.6 Research Framework  

The thesis matter is classified six chapters as follow; 

 Chapter I: is an introduction to this research. This chapter consists of 

importance and reasons for research, research objectives, scopes of research, 

contributions of research and research procedures. 

  Chapter II: presents literature review related to plantwide control structures 

design procedures, review of previous work on the styrene process design, and design 

heat exchanger network. 

 Chapter III: covers some background information of plantwide and theory 

concerning with plantwide control fundamentals, new plantwide control design 

procedure, control issues for distillation column and energy management . 

 Chapter IV: describes process description and the design heat exchanger 

network for styrene process. 

 Chapter V: describes the design of plantwide control structures and dynamic 

simulation results and compares with control structures of Luyben (2011). 

 Chapter IV: presents the conclusion of this research and makes the 

recommendation for future work.  

 

 This is follow by: 

 References 

 Appendix A: Styrene Process Stream and Equipment. 

 Appendix B: Parameter Tuning of Control Structures  

 Appendix C: Fixture Point Theorem Data. 
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CHAPTER II 

LITERATURE REVIEW 

Our purpose of this chapter is to present a review of the previous works on the 

plantwide control design and heat exchanger network (HEN).  

2.1 Plantwide Control Structure Design 

Downs and Vogel (1993) described a model of an industrial chemical process 

for the purpose of developing, studying and evaluating process control technology. It 

consisted of a reactor, separator, and recycle management associated two 

simultaneous gas-liquid exothermic reactions. This process was suited for variety of 

studies including both plantwide and multivariable control problems. 

Luyben and Tyreus (1997) proposed a heuristic procedure which composes 

nine steps for plantwide control structure design problem and that it considered.: 

energy management; product quality, production rate, environmental and safety 

constrain. Application of the procedure was illustrated with chemical process. 

Larsson and Skogestad (2000) presented the plantwide control structure design 

procedure based on mathematics theory, constrained, optimization and system 

analysis. In particular, the selection of self- optimizing control variables those give the 

least loss in profit. The procedure divided in two main parts: (1) Top-down analysis, 

to specify degree of freedom and primary controlled variables (2) Bottom-up analysis 

to determine secondary controlled variables and structure of control system.  

Skogestad (2004) proposed an expanded version of Larsson and Skogestad 

(2000). A systematic approach to plantwide control begins by defining the operational 

and economic objectives, and the degrees of freedom available to fulfill them. Other 

issues include inventory and production rate control, decentralized versus 

multivariable control, loss in performance by bottom-up design, and a definition of a 
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the “complexity number‟‟ which can proceed to find the “optimal” controller for the 

secondary (regulatory) control layer. 

Wang and McAvoy (2001) discussed an optimization-based approach to 

synthesizing plantwide control architectures. The plantwide controller was 

synthesized in three stages involving fast and slow safety variables to be controlled, 

followed by product variables. In each stage, a mixed integer linear program was 

solved to generate candidate architectures. The objective function involved a tradeoff 

between manipulated variable moves and transient response area. Controlling 

component balances and adding unit operation controls completed the plantwide 

control system design.  

Larsson et al., (2003) presented control structure selection for a simple plant 

with a liquid-phase reactor, a distillation column, and recycle of unreacted reactants. 

The starting point is a clear definition of the operational objectives, constraints, and 

degrees of freedom. Active constraints should be controller to optimize the economic 

performance. This implies for this case study that the reactor level should be kept at 

its maximum, that being economically attractive. Maximizing the reactor holdup also 

minimizes the “snowball effect”. The main focus is no the selection of a suitable 

controlled variable for the remaining unconstrained degree of freedom, that use the 

concept of self-optimizing control to search for a constant setpoint strategy with an 

acceptable economic loss. Both for the case with a given feed rate where the energy 

costs should be minimized and for the case where the production rate should be 

maximized, they find that a good controlled variable is the reflux ratio L/F. This 

applies to single-loop control as well as multivariable model predictive control.  

Konda et al., (2005) proposed the integration framework is successfully 

applied to the HDA process. A viable control system can be designed by the 

framework which combined the advantages of both and simulation. It was shown that 

plantwide control system cannot be accomplished just by heuristics without the aid of 

rigorous nonlinear simulation tools.  

Suntisrikomol (2008) suggested the “Fixture Point Theorem” for HDA 

process to select appropriated set of controlled variables from a large number of 
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candidate output as plant level variables. The fixture point control theorem states that 

the most disturbed points must be satisfactory controlled by giving them consideration 

before other controlled variables and mitigating the propagation to other units. The 

maximum (scaled) gain is used for selecting and pairing controlled variables with 

manipulated variables. The five control structures were designed and evaluated 

performance of designed control structures by integral absolute error (IAE) value. The 

designed structures are fast response and the most effective on compared with the 

base case. 

Detjareansri (2009) used plantwide control procedure of Wongsri (2009) to 

develop the control structures for alkylation process. Then design eight plantwide  

control structures for alkylation process using new design procedure of Wongsri 

(2009) and evaluate the dynamic performance of the designed control structures by 

two types of disturbances: material and thermal disturbances. The designed control 

structure has a good performance because it can handle disturbances entering the 

process and can maintain product quality as compared by IAE and total energy use 

low. 

Vasudevan et al. (2009) showed the comparison of the development of a 

plantwide control for the styrene monomer plant using the integrated framework 

(Konda et al., 2005). In order to measure its effectiveness, the result was compared to 

the heuristics procedure of Luyben and co-workers (Luyben et al., 1998) and the self-

optimizing control procedure (Skogestad, 2004). An analysis of the results indicated 

that while all the procedures give stable control structures, the self-optimizing control 

procedures has performance better control structures the other procedures. 

Recently Luyben (2011) interested in economic optimum design of styrene 

process from paper by Vasudevan et al (2009). The purpose to develop a reasonable 

conceptual design considering capital costs, energy costs and raw material costs. The 

main design optimization variables in this process are the steam-to-EB ratio, reactor 

inlet temperature, EB recycle flow rate, and reactor size. It is found that, higher 

process steam flows improve yield and selectivity but increase furnace capital and 

fuel costs and increase the cost of providing the process steam.  
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2.2 Heat Exchanger Network Design 

The objectives of heat exchanger network are reaching the minimum number 

of matches and also the maximum energy recovery. Several methods have been 

performed, Temperature Interval, Evolutionary Design Methods (Linnhoff and Flower 

1978b), Pinch Method (Linnhoff and Hindmarsh 1983) which utilizes design 

heuristics and insights derived from the previous work (Linnhoff and Flower 1978a). 

This method has been widely employed because it is simply and can guarantee 

maximum energy recovery. The problem must be firstly identified whether it is (1) a 

heating problem or, (2) a cooling problem or, (3) both heating and cooling problem at 

which the network is separated by pinch. However, it is important to note that the heat 

must not be allowed to transfer across the pinch. The suggested matching heuristics 

are start matching from the pinch, do not transfer heat across the pinch, observe the 

heat capacity flow rate constraints, etc. 

The objectives of heat exchanger network control are reaching the target 

temperature and keeping the minimum utility. There are recently a few research 

works concerned heat exchanger network control. Marselle et al. (1982) proposed that 

all heat exchanger in network should be equipped with bypass and all utilities should 

be considerably settled with control loop.  

Calandranis and Stephanopoulos (1988) proposed an approach to design the 

control loops for a HEN and to order the control actions of the loops in order to 

accommodate setpoint change and reject load disturbances. From the process design 

point of view, Mathisen et al. (1992) provided a heuristic method for bypass 

placement. The resultant HEN is supposedly satisfactory in rejecting disturbances 

over a moderate range of operating conditions.  

Wongsri (1990) developed the heuristics and procedures for resilient heat 

exchanger network synthesis. The heuristics are used to develop basic and derived 

match patterns and disturbance propagation method. This method will transfer 

disturbance from one stream to another stream, which remain heat. Moreover, this 

algorithm can find a resiliency network structure directly from the resiliency 
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requirement and feature minimum number of units (MNU) and maximum energy 

recovery (MER) 

Ploypaisansang (2003) presented the resilient heat exchanger network design 

procedure provided by Wongsri (1990) is use to design resilient network for the 

Hydrodealkylation process (HDA Process).The match pattern heuristic, shift approach 

and the heat load propagation technique are essential approach. Six alternatives for 

the HDA process are redesign to be the resiliency networks for maintaining target 

temperature and reaching maximum energy recovery (MER). 

Gayapan (2008) studied nine alternatives (eight new alternative designs and 

base case) of heat exchanger networks and three control structure designs of the 

natural gas expander plant are proposed. The resilient heat exchanger networks are 

designed using the disturbance load propagation method (Wongsri, 1990) and the 

control structures of HENs using the heat pathway heuristics (Hermawan, 2004). The 

plantwide control structures are designed by using Luyben heuristic design method 

(1999) for the CS1 control structure and Fixture point theorem (Wongsri, 2008) for 

the CS2, CS3 control structure. The result shows the CS3 control structure can handle 

disturbances better than other control structures. 

Sukkongwaree (2009) also pointed out that the procedure of Wongsri (2009) 

not only provides the appropriated set of controlled variables but also consider the 

energy management via heat exchanger networks. The result of the designed control 

structures showed an excellent performance of control structures through highly 

complexities with heat-integration recycle plants.  
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CHAPTER III 

 THEORY 

 This chapter is aimed to summarize heuristic approach from the previous 

researches and this approach heat exchanger network design. Furthermore, we 

propose the plantwide control involving the system and strategies required to control 

entire plant consisting of many interconnected unit operations. 

3.1 Basic Knowledge for Pinch Technology 

3.1.1 Pinch Technology 

 Pinch technology has been developed for more than two decades and now 

provides a systematic methodology for analysis chemical processes and surrounding 

utility systems. The concept was first developed by two independent research groups 

based on an applied thermodynamics point of view.  

3.1.2 Basic Pinch Analysis Concept 

The pinch analysis concept is originated to design the heat recovery in 

network for a specified design task. Starting with do calculate heat and material 

balance of the process obtained after the core process, i.e. reaction and separation 

system, has been designed. By using thermal data from the process, we can set the 

target for energy saving prior to the design of the heat exchanger networks. The 

necessary thermal data is source, target temperature and heat capacity flow rate for 

each stream as shown in Table 3.1. 

Table 3.1 Thermal data for process streams (Linnhoff and Hindmarsh, 1983). 
 

Stream No. Stream 
type 

Start 
Temperature 

(Ts), oC 

Target 
Temperature 

(Tt), oC 

Heat capacity 
flow rate (CP), 

kW/oC 

1 Hot 150 60 2 
2 Hot 90 60 8 
3 Cold 20 125 2.5 
4 Cold 25 100 3 
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Here the hot streams are referred to the streams that required cooling, i.e. the 

source temperature is higher than that of the target. While the cold streams are 

referred to those required heating, i.e. the target temperature is higher than the supply. 

Heat Capacity flow rate is defined as the multiple between specific heat capacity and 

mass flow rate as shown below. 

   CP= Cp * F                 (3.1) 

Where CP = heat capacity flow rate ( kW/oC) 

 Cp = Specific heat capacity of the stream (kJ/ oC.kg) 

 F = mass flow rate of the stream (kg/s) 

 The data used here is based on the assumption that the heat capacity flow rate 

is constant. In practice, this assumption is valid because every streams with or without 

phase change can easily be described in terms of linearization temperature-enthalpy 

data (i.e. CP is constant). The location of pinch and the minimum utility requirement 

can be calculated by using the problem table algorithm (Linnhoff and Flower, 1979) 

for a specified minimum temperature different, ∆Tmin. In the case of ∆Tmin = 20oC, the 

results obtained from this method are shown in Table 3.2. 

Table 3.2 The problem table for data given in Table 3.1 

W T hot 
(oC) 

T 
cold 
(oC) 

ΣW 
(kW/C) 

    ∆T    
(oC) 

  
Required    

Heat 
(kW) 

Interval 
(kW) 

Cascade 
Heat   
(kW) 

Sum 
Interval 

(kW) 

H1 H2 C1 C2                 
0 0 0 0 150 130 0   Qh   -105   
2 0 0 0 145 125 2 5 107.5 10 2.5 10 
2 0 2.5 0 120 100 -0.5 25 117.5 -12.5 12.5 -2.5 
2 0 2.5 3 90 70 -3.5 30 105 -105 0 -107.5 
2 8 2.5 3 60 40 4.5 30 0 135 -105 27.5 
0 0 2.5 3 45 25 -5.5 15 135 -82.5 30 -55 
0 0 2.5 0 40 20 -2.5 5 52.5 -12.5 -52.5 -67.5 

          Qc  

 The pinch separates the problem into two thermodynamic regions, namely, hot 

end and cold end. The hot end is the region comprising all streams or part of stream 

above the pinch temperature. Only hot utility is required in this region but not cold 
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utility. In contrast to the hot end, the cold end is the region comprising all streams or 

part of stream below the pinch temperature and only cold utility is instead desired 

regardless the hot utility. It is important to note that there is no heat transfer across the 

pinch therefore the minimum utility requirement is achieved. 

3.2 Heat Exchanger network 

It is generally accepted that an optimal network must feature a minimum 

number of units that reflects on a capital cost and minimum utility consumption that 

reflects on operating costs. A good engineering design must exhibit minimum capital 

and operating costs. For Heat Exchanger Network (HEN) synthesis, other features 

that are usually considered in design are operability, reliability, safety, etc. in recent 

years the attention in HEN synthesis has been focused on the operability features of a 

HEN, e.g. the ability of a HEN to tolerate unwanted changes in operating conditions. 

It has been learned that considering only a cost objective in synthesis may lead to a 

worse network, i.e. a minimum cost network may not be operable at some 

neighboring operating conditions. The design must not only feature minimum cost, 

but also be able cope with a fluctuation or changes in operating conditions. The ability 

of a HEN to tolerate unwanted changes is called resiliency. It should be note that the 

ability of a HEN to tolerate wanted changes is called flexibility. 

3.2.1 Heuristics 

The heuristics approach is based on the use of rules of thumb to provide a 

plausible direction in the solution of the problem. There are a number of design 

procedures using heuristic in structuring an optimal network featuring minimum 

number of matches and maximum energy recovery, however, there are to be the best 

of our knowledge that use heuristics to structure a resilient network.   

The following are heuristics from the literature classified according to the 

design criteria. 

The heuristics to minimize the capital cost (the number of heat exchangers): 
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 Heuristic C.1 To generate a heat exchanger network featuring the minimum 

number of heat transfer units, let is match eliminate at least one of the two streams – a 

„tick-off‟ rule  

Heuristic C.2 Prefer the matches that will leave a residual stream at its cold end 

if a problem is a heating problem and at its hot end if a problem is a cooling problem. 

Obviously, a match of this type will feature the maximum temperature difference.1  

Heuristic C.3 Prefer matching large heat load streams together. The significance 

of this rule is that the control problem (a capital cost) of a match of this type(whether 

it is implemented by one or many heat exchangers) should be less than that of heating 

or cooling a large stream with many small streams.  

The heuristics to minimize the energy cost (the minimum utility requirement): 

 Heuristic E.1 Divide the problem at the pinch into subproblems and solve them 

separately (Linnhoff and Hindmarsh, 1983). This is followed by the next three 

heuristics. 

 Heuristic E.2 Do not transfer heat across the pinch. 

Heuristic E.3 Do not cool above the pinch. 

Heuristic E.4 Do not heat below the pinch. 

The laws of thermodynamics: 

Rule T.1 In a heating problem, if a supply temperature of a cold stream is less 

than a target temperature of a hot stream by the minimum approach temperature          

( minT ) or more and the heat capacity flowrate of a hot stream is less than or equal to 

the heat capacity of flowrate of cold stream. The match between these two streams is 

feasible. (Immediately above the pinch temperature, the heat capacity flow rate of a 

cold stream must be greater than or equal to that of a hot stream.) 

Rule T.2 In a cooling problem, if a supply temperature of a hot stream is greater 

than a target temperature of a cold stream by minimum approach temperature, ΔTmin, 
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or more and the heat capacity of flowrate of a cold stream, the match between these 

two streams is certainly feasible. (Immediately below the pinch temperature, the heat 

capacity flow rate of the hot stream must be greater than or equal to that of a cold 

stream.) 

Rule T.1 and T.2 can be used as a quick checks in match feasibility tests.  

Rule T.3 For a situation different from the above rules, match feasibility must be 

determined by checking whether the minimum temperature difference of a match 

violates the minimum approach temperature, ΔTmin, specifed by the design. 

 The heuristics that concern heat load state that one must match a large heat 

load hot and cold streams first. However, we want to propose two heuristics: 

Heuristic N.1 We propose that for a heating subproblem, a match where the heat 

load of a cold stream is greater than of a hot stream should be given higher priority 

than the other. The reason is that the net heat load in a heating subproblem is a deficit. 

The sum of heat loads of cold streams is greater than that of hot streams. The 

proposed match will likely be present in a solution. 

Heuristic N.2 Conversely, we prefer a match where the heat load of a hot stream 

is greater than that of a cold stream in a cooling subproblem. 

 

3.2.2 Disturbance Propagation Design method. 

 In order for a stream to be resilient with a specified disturbance load must be 

transferred to heat sink or heat sources with the network. With the use of heuristic: To 

generate a heat exchanger network the featuring the minimum number of heat transfer 

units, let each math eliminate at least one of the two streams. 

 We can see that in a the match of two heat load variable stream, the variation 

in heat load of the smaller stream S1 will cause a variation to the residual of the larger 

stream S2 by the same degree: in effect the disturbance load of S1 is shifted to the 

residual of S2. If the residual stream S2 is matched to S3, which has lager heat load, 
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the same situation will happen. The combined disturbance load of S1 and S2 will 

cause the variation in the heat load to the residual S3. Hence, it is easy to see that the 

disturbance load in residual S3 is the combination of its own disturbance load and 

those obtained from S1 and S2.Or, if S2 is matched to a smaller heat load stream S4, 

the new disturbance load of residual S2 will be the sum disturbance load of S1 and 

S4. From this observation, in order to be resilient, a smaller process stream with 

specified disturbance load must be matched to a larger stream that can tolerate its 

disturbance. In other words, the propagated disturbance will not overshoot the target 

temperature of the larger process stream. 

 However, the mount of disturbance load can be shifted from one stream to 

another depends upon the type of match patterns and residual heat load. Hence, in 

design we must choose a pattern that yields the maximum resiliency. We can state 

that the resiliency requirement for a match pattern selection is that the entire 

disturbance load from smaller heat load stream must be tolerated by residual stream. 

Otherwise, the target temperature of the smaller stream will fluctuate by the unshifted 

disturbance. Of course, utility exchanger will finally handle the propagated 

disturbance. In short, the minimum heat load value of a larger stream must be less 

than a maximum heat load value of a smaller stream  

 By choosing the minimum heat load condition for the design, the new input 

temperature of a residual stream to its design condition according to the propagated 

disturbance. The propagated disturbance will proportionally cause more temperature 

variation in the residual stream and the range of temperature variation of the residual 

stream will be larger than its original range. 

 The propagated disturbance of a stream is disturbance cause by a variation in 

heat load of up-path stream to which such a stream is matched. Only a residual stream 

will have a propagated disturbance. The new disturbance load of a residual stream 

will be the sum of its own disturbance (if any) and the propagated disturbance. See 

Figure 3.1 and 3.2  
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Figure 3.1 A Concept of Propagated Disturbance 

Figure 3.2 A General Concept of Propagated Disturbance 

 

Hence, a stream with no original variation in heat load will be subjected to 

variation in heat load if it is matched to a stream with disturbance. Another design 

consideration is that the disturbance load travel path should be as short as possible, 

i.e. the lease number of streams involved. Otherwise, the accumulated disturbance 

will be at high level. From the control point of view, it is difficult to achieve good 

control if the order of the process and the transportation lag are high. From the design 

viewpoint, are may not find heat sinks or sources that can handle the large amount of 

propagated disturbance.  
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3.3 Match Pattern. 

A heuristic approach to design or synthesize a resilient HEN has been 

presented by Wongsri (1990).  A resilient network is defined as a network that 

provides a down path for variable process streams so that their specified input heat 

load disturbances can be shifted to the heaters or coolers in their network without 

violation in the specified target temperatures and MER. HEN synthesis is usually 

considered as a combinatorial matching problem.  Match patterns are the descriptions 

of the match configuration of two, and possibly more, process streams and their 

properties that are thermally connected with the heat exchangers. 

3.3.1. Classe of Match Patterns. 

There are four match patterns for a pair of hot and cold streams according to 

the match position and the length (heat load) of stream.  The four match patterns are 

considered to the basic match pattern classes and simply called A, B, C, and D as 

shown in Figures 3.3 to 3.6. Any eligible match must belong to one of the four match 

pattern classes. 

 Class A Match Pattern   

The heat load of a cold stream is greater than the heat load of a hot stream in a 

pattern, i.e. the hot stream is totally serviced. The match is positioned at the cold end 

of the cold stream. The residual heat load is on the hot portion of the cold stream 

(Figure 3.3).   

 Class B Match Pattern   

The heat load of a hot stream is greater than the heat load of a cold stream in a 

pattern, i.e. the cold stream is totally serviced. The match is positioned at the hot end 

of the hot stream. The residual heat load is on the cold portion of the hot stream 

(Figure 3.4). 

 Class C Match Pattern 

The heat load of a hot stream is greater than the heat load of a cold stream in a 

pattern, i.e. the cold stream is totally serviced. The match is positioned at the cold end 
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of the hot stream.  The residual heat load is on the hot portion of the hot stream 

(Figure 3.5). 

 Class D Match Pattern 

The heat load of a cold stream is greater than the heat load of a hot stream in a 

pattern, i.e. the hot stream is totally serviced. The match is positioned at the hot end of 

the cold stream. The residual heat load is on the cold portion of the cold stream 

(Figure 3.6). 

When the residual heat load in a match pattern is matched to a utility stream, it 

is a closed or completed pattern. Otherwise, it is an open or incomplete pattern. It can 

be seen that if the heat load of the residual stream is less than the minimum heating or 

cooling requirements then the chances that the match pattern will be matched to a 

utility stream is high. Therefore, we give a match pattern which residual less than the 

minimum heating or cooling requirement a high priority in match pattern 

        

Figure 3.3 Class A Match Pattern.                          Figure 3.4 Class B Match Pattern. 
 
 

 

         

Figure 3.5 Class C Match Pattern.                            Figure 3.6 Class D Match Pattern 
 
 
 A match of Class A or Class C will leave a residual at the hot end, while a 

match of class B or D will leave a residual at the cold end. Heuristics N.3 and N.4 will 
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be use heuristics to further subclassify matches of class A and B into matches of high 

priority. 

 We will make use Heuristic N.3 and N.4 to further subclassify matches of 

class A and B and give the following subclass match high priorities. 

 Subclass AH. A match of this subclass is a member of Class A, a heating 

problem where the residual is less than or equal to the minimum heating requirement. 

(A letter H in the subclass name denotes that the residual is matched to a heating 

utility.) 

 Subclass BK. A match of this subclass is a member of Class B, a cooling 

problem where the residual is less than or equal to the minimum cooling requirement. 

(A letter K in the subclass name denotes that the residual is matched to a cooling 

utility). 

 As it might be expected ,we give a match of subclasses AH in a heating 

subproblem and BK in a cooling subproblem the highest priorities. See Table 3.3 

 We further discriminate match patterns according to heat capacity flowrate. 

By following pinch heuristics, in a heating problem, we prefer a match where the heat 

capacity flowrate of a cold stream is greater than or equal to that of a hot stream. For 

example, A[H]H is a math in which the heat capacity flowrate of the cold stream is 

Similarly in cooling problem, we prefer a match where the heat capacity flowrate of 

the hot stream is greater than or equal to that of the cold stream. For example, B[C]K 

is a math in which the heat capacity flowrate of the hot stream is greater than that of 

the cold stream and the residual of the hot stream is matched to the cooling utility. 

 In summary, the rankings of the match patterns in a heat problem are AH, 

A[H], B[C], A[C], B[H],C[H], D[C] and D[H]. For a cooling problem, BK, B[C], 

A[H], B[H], A[C], D[C], C[H], D[H] and C[C]. 
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Table 3.3 Match Pattern Operators of Class A and B.  

*     Tt=target temp, Ts=supply temp, W=heat capacity flowrate, L, Q=heat load. 

**  Cold stream temperatures are shifted up by Tmin. 

*** There are two statuses of process streams, „active‟ and „matched‟. This will 

exclude this stream from a set of process streams to be selected next. 

 

 

 

Match Operators Conditions Actions 
 
 
 
 

Pattern AH 

s
HT * t

CT ** 

HL  CL  
s

HT  s
CT  HL 1

CW   

CL  HL  min
heatingQ  

Match H and C 
Status of 

HMatched*** 
s

CT  s
CT  HL 1

CW   

CL  CL  HL  
 
 
 
 

Pattern BK 

s
HT  t

CT  

CL  HL  
s

CT 
s

HT  CL 1
HW   

HL  CL  min
coolingQ  

Match H and C 
Status of CMatched 

s
HT 

s
HT  CL 1

HW   

HL  HL  CL  

 
 
 

 
Pattern A[H] 

t
HT  s

CT  

HL  CL  

CW  HW  

Match H and C 
Status of HMatched 

s
CT  s

CT  HL 1
CW   

CL  CL  HL  

 
 
 
 

Pattern B[C] 

s
HT  t

CT  

CL  HL  

CW  HW  

Match H and C 
Status of CMatched 

s
HT 

s
HT  CL 1

HW   

HL  HL  CL  

 
 
 
 

Pattern A[C] 

t
HT  s

CT  

HL  CL  

CW  HW  
s

HT  s
CT  HL 1

CW   

Match H and C 
Status of HMatched 

s
CT  s

CT  HL 1
CW   

CL  CL  HL  

 
 
 
 

Pattern B[H] 

s
HT  t

CT  

CL  HL  

HW  CW  
s

CT  s
HT  CL 1

HW   

Match H and C 
Status of CMatched 

s
HT 

s
HT  CL 1

HW   

HL  HL  CL  

H

C
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Table 3.4 Match Pattern Operators of Class C and D. 

Match Operators Conditions Actions 
 
 
 
 

Pattern C[H] 

t
HT  s

CT  

HL  CL  

HW  CW  

Match H and C 
Status of CMatched 

t
HT 

t
HT  CL 1

HW   

HL  HL  CL  

 
 
 
 

Pattern D[C] 

s
HT  t

CT  

HL  CL  

HW  CW  

Match H and C 
Status of HMatched 

t
CT  t

CT  HL 1
CW   

CL  CL  HL  

 
 
 
 

Pattern C[C] 

t
HT  s

CT  

HL  CL  

CW  HW  
t

CT  t
HT  CL 1

HW   

Match H and C 
Status of CMatched 

t
HT 

t
HT  CL 1

HW   

HL  HL  CL  

 
 
 
 

Pattern D[H] 

s
HT  t

CT  

HL  CL  

HW  CW  
t

HT  t
CT  HL 1

CW   

Match H and C 
Status of HMatched 

t
CT  t

CT  HL 1
CW   

CL  CL  HL  

*     Tt=target temp, Ts=supply temp, W=heat capacity flowrate, L, Q=heat load. 

**  Cold stream temperatures are shifted up by Tmin. 

*** There are two statuses of process streams, „active‟ and „matched‟. This will 

exclude this stream from a set of process streams to be selected next. 

greater than that of the hot stream and the residual of the cold stream is matched to the 

heating utility. 

3.4 Plantwide Control 

 A typical chemical plant flowsheet has a mixture of multiple units connected 

both in series and parallel that consists of reaction sections, separation sections and 

heat exchanger network. So plantwide process control involves the system and 

strategies required to control entire plant consisting of many interconnected unit 

operations  
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3.5 Integrated Process 

 Three basic features of integrated chemical process lie at the root of our need to 

consider the entire plant‟s control system: 

 1) The effect of material recycles. 

 2) The effect of energy integration.      

 3) The need to account for chemical component inventories. 

 If they did not have to worry about these issues, then they would not have to 

deal with a complex plantwide control problem. However, there are fundamental 

reasons why each of these exists in virtually all real processes. 

 3.5.1 Material recycles  

 Material is recycled for six basic and important reasons. 

 1) Increase conversion. 

 For chemical processes involving reversible reactions, conversion of reactant s 

to products is limited by thermodynamic equilibrium constraints. Therefore the 

reactor effluent by necessity contains both reactants and products. Separation and 

recycle of reactants are essential if the process is to be economically viable. 

 2) Improve economics. 

 In most systems it is simply cheaper to build a reactor with incomplete 

conversion and recycle reactants than it is to reach the necessary conversion level in 

one reactor or several in series. A reactor followed by a stripping column with recycle 

is cheaper than one large reactor or three reactors in series. 

 3) Improve yields.  

 In reaction systems such as A → B → C, where B is the desired product, the 

per-pass conversion of A must be kept low to avoid producing too much of the 

undesirable product C. Therefore the concentration of B is kept fairly low in the 

reactor and a large recycle of A is requires. 

 4) Provide thermal sink. 

 In adiabatic reactors and in reactors where cooling is difficult and exothermic 

heat effects are large, it is often necessary to feed excess material to the reactor ( an 

excess of one reactant or a product) so that the reactor temperature increase will not 

be too large. High temperature can potentially create several unpleasant events: it can 
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lead to thermal runaways, it can deactivate catalysts, it can cause undesirable side 

reactions, it can cause mechanical failure of equipment, etc. So the heat of reaction is 

absorbed by the sensible heat required to raise the temperature of the excess material 

in the stream flowing through the reactor. 

 5) Prevent side reactions. 

 A large excess of one of the reactants is often used so that the concentration of 

the other reactant is kept low. If this limiting reactant is not kept in low concentration, 

it could react to produce undesirable products. Therefore, the reactant that is in excess 

must be separated from the product components in the reactor effluent stream and 

recycled back to the reactor. 

 6) Control properties. 

 In many polymerization reactors, conversion of monomer is limited to achieve 

the desired polymer properties. These include average molecular weight, molecular 

weight distribution, degree of branching, particle size etc. Another reason for limiting 

conversion to polymer is to control the increase in viscosity that is typical of polymer 

solutions. This facilitates reactor agitation and heat removal and allows the material to 

be further processed. 

 3.6.2 Energy Integration. 

 The fundamental reason for the use of energy integration is to improve the 

thermodynamic efficiency of the process. This translates into a reduction in utility 

cast. Doe energy-intensive processes, the savings can be quite significant. 

 3.6.3 Chemical component inventories. 

 In chemical process can characterize a plant‟s chemical species into three types: 

reactants, products, and inert. The real problem usually arises when we consider 

reactants (because of recycle) and account for their inventories within the entire 

process. Every molecule of reactants fed into the plant must either be consumed or 

leave as impurity or purge. Because of their value so they prevent reactants from 

leaving. This means we must ensure that every mole of reactant fed to the process is 

consumed by the reactions. 
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 This is an important, from the viewpoint of individual unit, chemical component 

balancing is not a problem because exit streams from the unit automatically adjust 

their flows and composition. However, when we connect units together with recycle 

streams, the entire system behaves almost like a pure integrator in terms of reactants. 

If additional reactant is fed into the system without changing reactor conditions to 

consume the reactants, this component will build up gradually within the plant 

because it has no place to leave the system 

3.6 Basic Concepts of Plantwide Control 

 Buckley basics 

 Buckley (1964) was the first to suggest the idea of separating the plantwide 

control problem into two parts: material balance control and product quality control. 

He suggested looking first at the flow of material through the system. A logical 

arrangement of level and pressure control loop is established, using the flowrates of 

the liquid and gas process streams. No controller tuning or inventory sizing is done at 

this step. The idea is to establish the inventory control system by 

setting up this “hydraulic” control structure as the first step. Then he proprosed to 

establishing the product-quality control loops by choosing appropriate manipulated 

variables. The time constants of the closed-loop product-quality loops are estimated. 

They try to make these as small as possible so that good, tight control is achieved, but 

stability constraints impose limitations on the achieve able performance 

 

 Douglas doctrines 

 Douglas (1988) has devised a hierarchical approach to the conceptual design of 

process flowsheets. Although he primarily considers the steady-state aspects of 

process design, he has developed several useful concepts that have control structure 

implications. He points out that in the typical chemical plant the costs of raw 

materials and the value of the products are usually much greater than the costs of 

capital and energy. This leads to the two douglas doctrines: 

 1) Minimize losses of reactants and products. 

 2) Maximize flowrates through gas recycle system. 
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 The first idea implies that they need tight control of stream compositions exiting 

the process to avoid losses of reactants and products. The second rests on the principle 

that yield is worth more than energy. 

 

 Downs drill 

 Dows (1992) pointed out the importance of balancing the chemical component 

around the chemical plant and checking to see that the control structure an effective 

handles these components. The concepts of overall component balances go back to 

our first course in chemical engineering, where they learned how to apply mass and 

energy balances to system, microscopic or macroscopic. They did these balances for 

individual unit operations, for section of a plant, and for entire processes. He must 

ensure that all components (reactants, products, and inerts) have a way to leave or be 

consumed in the operations.   

 Luyben laws        

 Three laws have been developed as a result of a number of case studies of many 

types of systems:  

  1) A stream somewhere in all recycle loops should be flow controlled. This is 

to prevent the snowball effect         

 2) A fresh reactant feed stream cannot be flow-controlled unless there is 

essentially complete one-pass conversion of one of the reactants. This law applies to 

systems with reactions types such as A+B → product. In systems with consecutive 

reactions such as A + B → M+C and M+B → D + C. The fresh feeds can be flow-

controlled into the system because any imbalance in the ratios of reactants is 

accommodated by shift in the two products (M and D) that are generated. An excess 

of A will result in the production of more M and less D. An excess of B results in the 

production of more D and less M.        

 

 3) If the final product from a process comes out the top of a distillation column, 

the column feed should be liquid. If the final product comes out the bottom of a 

column, the feed to the column should be vapor (Cantrell et al., 1995). Changes in 
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feed flowrate or feed composition have less of a dynamic effect on distillate 

composition than they do on bottoms composition if the feed is saturated liquid. The 

reverse is true if the feed is saturated vapor: bottom is less affected than distillate. If 

our primary goal is to achieve tight product quality control, the basic column design 

should consider the dynamic implications of feed thermal conditions.   

  

 Richardson rule       

 Richardson (1995) suggested the heuristic that the largest stream should be 

selected to control the liquid level in a vessel. This makes good sense because it 

provides more muscle to achieve the desired control objective. An analogy is that it is 

much easier to maneuver a large barge with a tugboat than with a life raft. The point is 

that the bigger the handle you have you have to affect a process, the better you can 

control it.           

 

 Tyreus tuning         

 Tyreus and Luyben (1997) suggested one of the vital steps in developing a 

plantwide control system, once both the process and the control structure have been 

specified, is to determine the algorithm to be used for each controller (P,PI, or PID)  

and to tune each controller. They strongly recommend the use of P-only controllers 

for liquid levels (even is some liquid reactor applications) and the use PI controller for 

other control loops. The relay-feedback test is a simple and fast way to obtain the 

ultimate gain (Ku) and ultimate period ( Pu). Then either the Ziegler-Nichols settings 

(for very tight control with a closed-loop damping coefficient of about 0.1) or the 

Tyreus-Luyben (1992) settings (for more conservative loops where a closed-loop 

damping coefficient of 0.4 is more appropriate) can be used: 

KZN = Ku/2.2          τZN Pu/1.2 

KTL Ku/3.2               τTL =2.2Pu 

3.7 New Plantwide Control Structure Design Procedure 

New design procedure of Wongsri (2009) presented plantwide control structure 

design procedure based on heuristics analysis. In this procedure, the precedence of 
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control variables is established The major disturbances are directed or managed 

explicitly to achieve the minimal interaction between loops by using the extended 

(thermal) disturbance propagation method (Wongsri, 1990) to cover the material 

disturbances. The purposed plantwide control structure design procedure for selection 

the best set of control structure is intuitive, simple, and straightforward. 

Normally, plantwide control design procedures consider decision about plant 

control structures in perspective. The plantwide control structure design is complex: 

hierarchical, structural, having mixed objectives, containing many units and layers, 

and therefore confusing. One easy way to deal with this complexity is 

compartmentalizing it. However, the plant is not merely the units combined, it has its 

own properties. The whole is greater than the sun of its parts. There properties (or 

behavior) of a system as a whole emerge out of the interaction and the relationship of 

the components comprising the system. Therefore, a designer must deal with both 

parts and system. 

New design procedures of Wongsri (2009) are: 

 Step 1: Establishment of control objective. 

 Step 2: Selection of controlled variables to maintain product quality and to 

satisfy safety operational and environmental constrains and to setting the production 

rate. The selected CVs are ranked using the Fixture Point theorem. 

 Step 3: Selection of manipulated variables and measurements via DOF analysis. 

 Step 4: Energy management via heat exchanger networks. 

 Step 5: Selection of control configuration using various tools available. 

 Step 6: Completing control structure design by checking the component 

balance. 

 Step 7: Selection of controller type: single loop or multiloop. 

Step 8: Validation via rigorous dynamic simulation. 

 3.7.1 Fixture point theorem analysis  

 1. The process is considered at dynamic mode (we run the process until the 

process responses are at steady state). 
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 2. Controlled variable (CV) can be arranged to follow the most sensibility of the 

process variable by step change of the MV in open loop control (change only one 

MV, the other should be fixed than alternate to other until complete). 

 3. Study the magnitude of integral absolute error (IAE) of all process variables 

that deviates from steady state. 

 4. Select CV by considering CV that gave the most deviation from steady state 

(high value score). 
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CHAPTER IV 

STYRENE PROCESS 

4.1 Introduction 

 Styrene is one of the most important aromatic monomer in the world used for 

the manufacture of plastics. Then 65% of styrene is used to produce polystyrene 

(Woodle, 2006). In styrene process contain multi-unit operations: furnace, heat 

exchanger, heater, cooler, two adiabatic plug flow reactors in series, three-phases 

separator and two distillation columns. Two raw materials, ethylbenzene (EB) and 

low-pressure steam (LPs) converted into the styrene product, with the most hydrogen 

as by-product.  

4.2 Reaction Kinetics.  

 Styrene is usually produced from dehydrogenation of ethybenzene in highly 

endothermic vapor-phase reaction, which required high temperature and low pressure. 

The main reaction is reversible. 

 Styrene production 

   C6H5CH2CH3     C6H6CHCH2 + H2              (4.1) 

   (Etylbenzene)  (Styrene) + (Hydrogen) 

 There are several other side reactions such as the dealkylations form 

ethylbenzene to benzene and ethylene or toluene and methane. 

   C6H5CH2CH3     C6H6    +  C2H4                (4.2) 

   (Etylbenzene)    (Benzene) + (Etylene) 

              C6H5CH2CH3 + H2   C6H5CH3  +  CH4              (4.3) 

    (Etylbenzene) + (Hydrogen)   (Toluene) + (Methane) 

  

 Both methane and ethylene pass steam-reforming reactions according to the 

following equations: 
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      2H2O + C2H4         2CO + 4H2              (4.4) 

  (Water)  + (Etylene)  (Cabonmonoxide)  +  (Hydrogen) 

 The water-gas shift reaction occurs together and is commonly near equilibrium 

at the reaction temperature. 

         H2O + CH4         CO + 3H2              (4.5) 

  (Water)  + (Etylene)  (Cabonmonoxide)  +  (Hydrogen) 

    H2O + CO           CO2 + H2               (4.6) 

  (Water)  + (Etylene)  (Cabonmonoxide)  +  (Hydrogen) 

Model formulation this research, kinetic parameters for styrene following as Table 

4.1. 

Table 4.1: Reaction Kinetics. (Luyben, 2011) 
reactions k E (kJ/kmol) concentration 

(1) forward 

(1) reverse 

(2) 

(3) 

(4) 

(5) 

(6) 

0.044 

6×10-8 

27,100 

6.484× 10-7 

4.487 10-7 

2.56410-6 

1,779 

90,981 

61,127 

207,989 

91,515 

103,997 

62,723 

73,638 

PEB 

PSPH 

PEB 

PEBPH 

(PW)2PE 

PWPM 

PWPCO 

 

 Overall reaction rates have units of kmol s-1 m-3 and concentration units are 

partial pressure is Pascals. 

 

4.3 Process Description.  

 In the styrene process, fresh EB and a part of the low-pressure steam (LPs) are 

initially mixed to reduced partial pressure and then preheated in a feed effluent heat 

exchanger (FEHE) using the reactant effluent stream. Before entering the reactor both 

streams are initially mixed. The remaining LP stream is superheated in a furnace and 

mixed with the preheated mixture. Then, mixture fed to adiabatic PFRs in series with 

a heater in between, for the production of styrene. That generates high-temperature 

and low-pressure steam from the endothermic reactions. 
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 The reactor effluent is cooled in the FEHE and further cooled in a cooler to 

remain at 40 °C and pressure at 120 kPa before sent to the three-phase separator, 

where the light gases are removed as the light product and water is removed as the 

heavy product. The intermediate organic layer is sent to a set of distillation columns 

for styrene separation from the other components. 

 In the product column, the product column is operating under vacuum to 

prevent styrene polymerization; styrene is removed as the bottom product, and the 

distillate D1 is ethyl benzene and light components are separated. This produces a 

vapor product of mostly light components that are removed through a compressor and 

a liquid distillate that is sent to the recycle column.  

The liquid distillate from the product column D1 is the feed to the recycle column. 

This column removes the light components (mostly benzene and toluene) in the 

distillate and recovers the ethyl benzene in the bottoms for recycle back to the 

reaction section.  
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Light

C1

C2

3-phase Separator

heater PBR2

LP-steam

Fresh EB

EB-Recycle

Styrene EB_Recycle
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Water

197.16 C

537.1 C

500 C

392.44 C

129.36 C

605.77 C

560 C 560 C

Compressor

Vent

Cooler

Furnace

125.11 C

148.16 C

100.65 C
59.91 C

F1

F2

    33,058.36 MJ/h

         255,362.41  MJ/h 

         52,152.06 MJ/h 

      6,586.02 MJ/h

    39,891.93 MJ/h

220 C
0.997 EB
0.003 B

115.6 kmol/h
0.997 ST
0.003 EB

145.9 kmol/h
.9789 EB
0.001 Tol

200 C
500 kPa

3990 kmol/h

133.6 kmol/h

9.8 kmol/h
0.01 EB

 

Figure 4.1 Flowsheet for styrene process (base case). 

 

4.4 Design of Heat Exchanger Networks 

 At this point, the heat exchanger networks design method provide by Wongsri 

(1990) for styrene process. The design procedures and definitions from previous 

chapters will be methods to design and compare with the preliminary stage of a 
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process design without energy integration. The information for design is shown in the 

following table 4.2. 

 

Table 4.2 stream data conditions for styrene process. 

Stream Name Tin ( °C ) Tout ( °C ) W (MJ/h°C) Q duty(MJ/h) 

H1:PFR 2 outlet to E-2 537.06 40.00 580.28 288433.41 

C1:mixed stream to FEHE E2 129.36 500.00 89.23 33072.04 

C2:steam to  Furnace E1 197.16 605.77 127.63 52151.08 

C3: To Reboiler @ C1 125.10 125.11 4,051,565.46 39,891.93 

C4: To Reboiler @C2 147.98 148.16 36,485.70 6,586.02 

 

4.4.1 HEN Base Case.  

 According to table 4.2, it can be simply translated to a heat exchanger network 

for styrene process (Base Case) in Figure 4.2. 

 

H1 E1

Cooler

C1E1

C4

C3

C2

Furnace

Reboiler

Reboiler
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40 C

129.36C
500 C

197.16 C

125.10 C
125.11 C

147.98 C
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   33,058.91 MJ/h C

          580.26 MJ/h C

 33,058.91 MJ/h  255,362.41 MJ/h

392.4 C

           89.19 MJ/h C

          127.63 MJ/h C

 4,051,565.46  MJ/h C

   39,891.93 MJ/h

     36,485.70 MJ/h C

    6,586.02 MJ/h

605.77 C

 
Figure 4.2 The Heat exchanger network, Base Case for styrene process. 

 4.4.2. HEN using the disturbance propagation method. 

 There are one hot and two cold streams in the system. Therefore, we can find 

Pinch temperature using the Problem table method occurs at 537.06/527.06 °C. The 

synthesis procedure using the disturbance propagation method and math pattern are 

shows in the Table 4.3. Figure 4.3 shows a design of heat exchanger network and 
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Figure 4.4 shows flowsheet for styrene processes. In this design, the minimum 

temperature difference in the process- to- process-heat exchanger is set 10 °C.  

 

 

 

Figure 4.3 The Heat exchanger network, HEN for styrene process. 
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Figure 4.4 Flowsheet for Heat exchanger network for styrene process. 
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Table 4.3 Synthesis table for HEN. 
Hot end synthesis table 

Stream Load W T1 T2 D1 D2 Action 

a) State 1 

       H1 0.00 580.28 537.06 537.06 5802.84 5802.84 Selected A[C] 

C2 10045.57 127.63 527.06 605.77 1276.31 

 

Selected 

b) State 2 

       H1 

      

Matched To C2 

C2 10,045.57 127.63 527.06 605.77 1276.31 0.00 To Heater 

Cold end synthesis table 

a) State 1 
       

H1 288433.41 580.28 537.06 40.00 5802.84 0.00 Split 

H11 162,373.59 326.67 537.06 40.00 
   

H12 126,059.82 253.61 537.06 40.00 
   

C1 30406.38 83.16 134.36 500.00 831.59 0.00 Select 

C2 41,467.35 127.63 202.16 527.06 1276.31 1276.31 Select 

b) State 2 
       

H1 216559.67 580.28 333.20 40.00 0.00 0.00 Cooler 

H11 120,906.23 326.67 224.48 40.00 
   

H12 95,653.44 253.61 195.09 40.00 
   

C1 
      

H11 

C2 
      

H12 

 

Table 4.4 Utility costs. (Turtun R el at, 2007) 

Utility Description Cost 

($/GJ) 

Steam from 

boilers  

Process steam: latent heat only 

a. Low pressure (5 barg, 160 oC) from HP steam 

b. Medium pressure (10 barg, 184 oC) from HP steam 

c. High pressure (41 barg, 254 oC) from HP steam  

Cooling water 

Electric Distribution 

a. 110 V 

 b. 220 V  

c. 440 V 

 

6.08 

6.87 

9.83 

0.345 

 

16.8 

 



 35 

4.5 Evaluation of cost. 

 This section discusses the economic cost comparison of styrene process with 

the base case control structure and designed control structures. The expenses 

associated with capital costs (furnace, reactors, heat exchangers, cooler, decanter, and 

distillation columns) and energy costs, which consists of furnace fuel, cooling water, 

and column reboiler energy. The costs associated with supplying a given utility are 

then obtained by calculating the operating costs to generate the utility. These costs 

have been presented in Table 4.4.  

  The increase in heat exchanger capital investment for the designed control 

structure is 458.66 K$. In addition, the total capital costs decreased from 8,679.48 K$ 

to 8,567.58 K$ and the total utility costs decreased from 8,642.87 K$ to 5,190.52 K$ 

per year when compare with the base case control structure. 

  The economic evaluation is based on total annual costs (TAC), which assume 

the operating day as 340 day per year and payback period equal to 3 years. The result 

total annual costs of the base case and design control structures are 11,536.03 K$ and 

8,046.37 K$, respectively show in Table 4.5. 

Table 4.5 Economic costs for styrene process.  

1. Utilities usage (GJ/h) Base case New designed  
furnace 52.15 10.56 
heater 8.66 8.66 
cooler 255.46 213.77 

Reboiler 45.89 45.89 
condenser 40.69 40.69 

compressor 0.05 0.05 
    Total hot utilities 106.75 77.30 
   Total cold utilities 296.16 269.32 
2. Utilities costs (K$/year)      8,642.87 5,190.52 
    Cost saving (%) 

 
39.94 

3.Total capital cost (K$) 8,679.48 8,567.58 
    Investment (%) 

 
-1.29 

4. TAC 11,536.03       8,046.37 
    TAC saving (%) 

 
30.25 
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4.6 Steady state simulation  

 The stead state model is built in HYSYS. The flowsheet information is obtained 

from Luyben (2011). It is highly important to select the most suitable fluid package 

for realistic simulation. The Peng-Robinson equation of state is chosen, as it is very 

reliable for predicting the properties of hydrocarbon components over a wide range of 

conditions and is appropriate for the components in the styrene production process. 

 All of two columns are simulated using the distillation column module. In 

steady state, the specification of inlet stream, pressure profiles, number of trays and 

feed tray need for model. Besides, two additional variables should be additionally 

specified foe column with condenser or reboiler. These could be duties, reflux rate, 

draw stream rates, composition fraction, etc. two compositions of light key(xB(LK))  

and heavy key (xD(HK)) is specified at the columns. Figure 4.5 presents the steady state 

flowsheet with heat exchanger network built in HYSYS.  
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CHAPTER V 

CONTROL STRUCTURES DESIGN 

 The plant energy and mass balances are the essential task of plantwide for a 

complex plant consists of recycle streams and energy integration when the 

disturbance load come through the process. The control system is needed to reject 

loads and regulate an entire process into a design condition to achieve its objectives 

therefore our purpose of this chapter is to present the new control structures of styrene 

process. Heat exchanger networks (HEN) are designed for styrene and compared 

between base case (Luyben, 2011) on rigorous dynamic simulation via HYSYS. 

5.1 New Plantwide Control Strategies 

 

 In this research, the plantwide control structure design procedures in the 

styrene process are designed based on the new design procedure given by Wongsri 

(2009) for all designed control structures and discussed below. 

 Step 1: Establishment of control objectives 

 The steady-state design of the process is assessed and the dynamic control 

objectives are formulated. The objectives typically include reaction and separation 

yields, product quality specifications, environmental restrictions, and safety cancers. 

The control objectives for the styrene process are as follows: 

 Plantwide level: 

 1. Product quality: styrene composition at 99.7 mol% 

 2. Production capacity: more than 110 kmol/h of styrene 

 Unit level: stabilization and smooth operations. 

 Process constrains during operation: 

 1. The split ratio of the fresh steam is 0.18. This means 18% of the fresh steam 

is mixed with the total EB (feed plus recycle), while the rest is sent to the furnace for 

superheating. (Vasudevan el at., 2009) 
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 2. The ratio of steam to EB molar flow rates entering the first reactor is set 

between 14 to15. 

 3. The temperature at both the reactor inlets should be 560 °C to minimize the 

side reactions. 

 4. The temperature of the three-phase separator should be at or below 40 °C in 

order to maximize organic product recovery. 

 5. The first distillation column should operate under vacuum due to the risk of 

styrene polymerization in the column bottom section. Therefore, the column operating 

pressure is set at 10 kPa. (Lee and Hubbell, 1982) 

 Step 2: Selection of controlled variable to maintain product quality and to 

satisfy safety operational and environmental constrains and to setting the production 

rate. The selected CVs are ranked using the Fixture point theorem. 

 Plantwide Level: Consider material recycle loop because it cause a system to 

be born “snowball effect”. Styrene process has a large recycle stream that is EB. 

Therefore, to avoid snowball effect, EB fresh feed valve is manipulated to control 

total EB molar flow rate (fresh feed + recycle flow) in the process. 

 Unit Level: The Fixture Point theorem is used to rank the selected CVs to 

maintain product quality, to satisfy safety operational and to environmental 

constrains. The most disturbed points must be satisfactorily controlled by giving them 

consideration before other variables. Screening output variables for identification 

controlled variables by using input variables change (change five percent of 

manipulated variables).  

 Table 5.1 shows the IAE summation (this value is the controlled variables 

deviation from set point value, when it is tested disturbances) results of feed streams 

from Fixture Point method to select the appropriate controlled variables to setting the 

production rate from a candidate output deviation. From this table, total EB molar 

flow rate and LP steam molar flow are selected as controlled variables because they 

are more sensitive than the others, and Table 5.2 shows the ranked CVs and the IAE 

summation results.  
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Table 5.1 IAE summation results of feed stream. 
Rank Variables SUM IAE 

1 Total-EB Molar flow rate 1.5402 

2 LP-steam Molar flow rate 1.7595 

3 Total-EB Temperature 0.2268 

4 LP-steam Temperature 0.0000 

6 Total-EB Pressure 0.4792 

7 LP-steam Pressure 0.0000 

Table 5.2 The ranked CVs and the IAE summation results. 

 
Rank Variables SUM IAE 

1 3-phase separator %level 10.7134 

2 Reboiler of product column %level 9.9573 

3 Condenser of recycle column Pressure 9.2424 

4 3-phase separator temperature 7.7867 

5 R1_inlet stream temperature 7.7973 

6 L1 stream of product column temperature 7.3706 

7 Reboler of recycle column %level 6.7595 

8 R2_inlet stream temperature 4.5403 

9 Condenser of product column %level 3.1570 

10 Condenser of recycle column %level 3.0037 

11 EB recycle molar flow rate 2.6019 

12 Total EB stream molar flow rate 2.4813 

13 3-phase separator pressure 1.87369 

14 LPs2_stream molar flow rate 1.4772 

15 Condenser of product column Pressure 0.7733 

16 LPs1_stream molar flow rate 0.4809 

17 Bottom of recycle column Toluene composition 0.3387 

18 Distillate of recycle column pressure 0.2446 

19 Bottom of recycle column EB composition 0.2402 

20 3-phase separator % aqueous level 0.0831 

  

 The product column operates under vacuum to prevent styrene polymerization.  

There is no temperature control because the boiling points of the key components are 
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so close. Temperatures are affected more by changes in pressure than by changes in 

compositions. Therefore, a composition measurement is required. 

  Table 5.3 shows IAE summation result of tray EB composition for product 

column. Found that, tray 54th has maximum deviation is selected to control the 

operation of product column. This selected tray is the same tray that changes 

significantly from tray to tray as Figure 5.1 show that tray 54th give quite high 

gradient too. 

 
Table 5.3 IAE summation result of tray EB composition deviation for product 

column. 

 
Tray Sum IAE Tray Sum IAE Tray Sum IAE Tray Sum IAE 

1 1.2181 21 5.7253 41 5.0354 61 10.6738 
2 1.4235 22 5.5724 42 5.5905 62 9.6188 
3 1.9849 23 5.3969 43 6.2700 63 8.5762 
4 2.4150 24 5.2094 44 7.0454 64 7.5744 
5 2.7786 25 5.0192 45 7.9099 65 6.6327 
6 3.1226 26 4.8373 46 8.8473 66 5.7628 
7 3.4796 27 4.6718 47 9.8341 67 4.9762 
8 3.8389 28 4.5319 48 10.8409 68 4.2736 
9 4.1879 29 4.4239 49 11.8291 69 3.6523 
10 4.5228 30 4.3499 50 12.7552 70 3.1096 
11 4.8375 31 4.3427 51 13.5724 71 2.6340 
12 5.1246 32 4.4084 52 14.2350 72 2.2216 
13 5.3782 33 4.5424 53 14.7025 73 1.8643 
14 5.5919 34 4.7491 54 14.9424 74 1.5616 
15 5.7604 35 4.2489 55 14.9363 75 1.3022 
16 5.8795 36 4.0418 56 14.6836 76 1.0794 
17 5.9469 37 3.9726 57 14.2000 77 0.8872 
18 5.9622 38 4.0474 58 13.5144 78 0.7247 
19 5.9274 39 4.2754 59 12.6674 79 0.5858 
20 5.8464 40 4.6047 60 11.7050 80 0.4661 
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Figure 5.1 EB Composition Gradient of product column. 
 

 

Figure 5.2 Temperature Gradient of recycle column 

 The slope value from temperature profile in the recycle column is show Figure 

5.2. There is little temperature change from tray to tray in the stripping section but 

there is a section in the rectifying section that can be used for temperature control. 

This column is controlled a dual structure. Due to one temperature can be controlled, 

the other controller must control a composition. The results in significant temperature 

profile are affected on composition compare with the IAE summation result of toluene 

composition for recycle column from Fixture Point method in Table 5.4. It is found 

that, tray 7th has maximum deviation in the stripping section to control temperature 

and tray 28th has maximum deviation is selected to control the toluene composition in 
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the stripping section, it should do an effective job of maintaining the toluene impurity 

in bottom of recycle column. 

 

Table 5.4 IAE summation result of tray temperature deviation for recycle column. 

 

Tray sum IAE Tray sum IAE Tray sum IAE 

1 1.3401 13 3.6157 25 3.0930 
2 1.5061 14 3.3852 26 3.2450 
3 2.8448 15 3.2676 27 3.3431 
4 4.6086 16 2.7812 28 3.3777 
5 6.6592 17 2.4686 29 3.3397 
6 8.4284 18 2.1699 30 3.2270 
7 9.1522 19 1.8817 31 3.0387 
8 8.6215 20 1.8351 32 2.7762 
9 7.3539 21 2.0853 33 2.4415 
10 5.9756 22 2.3839 34 2.0378 
11 4.8500 23 2.6554 35 1.5738 
12 4.0614 24 2.8941   

 

Step 3: Selection of manipulates variables and measurements via degree of freedom 

(DOF) analysis. 

 The restraining number method is used to determine the DOF of this process. 

All the streams (including energy and utility streams) are numbered in the styrene 

process The DOF of the styrene process is 22.  

Step 4: Energy management via heat exchanger network 

 The energy management via heat exchanger network is described in Chapter 

IV of design of heat exchanger network section. 

 

 

 

 

 



 44 

Step 5: Selection of control configuration using various tools available. 

 Selection of control configuration use process knowledge. The criteria for 

selecting an adjustable variable include causal relationship between the valve and 

controlled variable, automated valve to influence the selected flow, fast speed of 

response, ability to compensate for large disturbances, and ability to adjust the 

manipulated variable rapidly and with little upset to remainder of the plant. 

 For dehydrogenation reaction: EB concentration, temperature and pressure. 

There are parameters to influence the reactor productivity. Therefore, the total EB flow 

(fresh feed + recycle) is used for setting the production rate. The most suitable 

manipulator to control total EB flow is the EB fresh feed flow (V-1). 

 The inlet temperature of both the reactors needs to be controlled at the desired 

values. While the manipulator that most appropriate the first and second reactors, 

furnace, and intermediate heater duty respectively.  

 From process constraint, two ratio controllers are installed to maintain the split 

steam to EB ratio by manipulating split flow (V-3) and steam flow feds to furnace (V-

4) is manipulated to control the rest steam to EB ratio. 

 The reflux- to- feed ratio (R/F) controller is used to increase the reflux 

flowrate in product column. The feed flowrate is measured, and the signal is sent to a 

multiplier whose output is the desired reflux flow. This signal becomes the set point 

of the reflux flow controller, which is on cascade. This controller is installed in all 

design control structures. Whereas, reflux flowrate of the designed control structure 

III (CS3) is fixed.  

 The designed control structure IV (CS4), from the product column has the 

boilup ratio is high (V/B). Therefore, this control structure used to the bottom flow to 

control tray EB composition and reboiler duty to control base level. 

For temperature on tray in recycle column is controlled by manipulating reflux 

ratio. This signal becomes the setpoint of the reflux flow controller, which is on 

casecade. While the designed control structure (CS1), (CS2) and (CS4), these are 

control temperature on tray by manipulating direct reflux flowrate as show in Table 

5.5.  

 



 45 

Table 5.5 Matching CVs with MVs. 

          CVs 

MVs 

CS1 CS2 CS3 CS4 

3-phase separator %level V-6 V-6 V-6 V-6 

Reboiler of product column %level V-9 V-9 V-9 V-9 

Condenser of recycle column P qc2 qc2 qc2 qc2 

3-phase separator T q4 q4 q4 q4 

R1_inlet stream T q1 q1 q1 q1 

L1 stream of product column T kp1 kp1 kp1 kp1 

Reboler of recycle column %level V-11 V-11 V-11 qr1 

R2_inlet stream T q3 q3 q3 q3 

Condenser of product column %level V-8 V-8 V-8 V-8 

Condenser of recycle column %level V-10 Reflux V-10 V-10 

Total EB stream F V-1 V-1 V-1 V-1 

3-phase separator P V-5 V-5 V-5 V-5 

LPs2_stream F V-4 V-4 V-4 V-4 

Condenser of product column P qc1 qc1 qc1 qc1 

LPs1_stream F V-3 V-3 V-3 V-3 

Tray 28 of recycle column Tol comp qr2 qr2 qr2 qr2 

Tray 7 of recycle column T Reflux V-10 Reflux Reflux 

Tray 54 of recycle column EB comp qr1 qr1 qr1 V-11 

3-phase separator % aq V-7 V-7 V-7 V-7 

 

Note: F refers to molar flow rate, T refers to temperature, P refers to pressure, and CC 

refers to composition. 

Step 6: Completing control structure design by checking the component balance 

 Component balances are particularly important in process with recycle streams 

because of their integration effect. The specific mechanism or control loop must be 

identified to guarantee that there will be no uncontrollable buildup of any chemical 

component within the process (Downs, 1992). In process, the reactant components 

should not be left in the product stream because of the yield loss and the specification 

of the desired product purity. Hence, we are limited to use of two methods: 
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consuming the reactants by adjusting their fresh feed flow. Table 5.6 shows the 

checking of all components in the process by overall mass balance equation. 

Table 5.6 Component balance (Vasudevan et. al, 2009). 

Component input generation output consumption 
Accumulation (= inventory) 

controlled by 

EB fresh feed 0 0 eqs. 4.1-4.3 total EB flow control 

Steam fresh feed 0 water eqs. 4.4-4.6 LPs/total EB ratio control  

styrene 0 eq. 1 SM 0 1st column composition 
control 

benzene fresh feed eq. 2 tol/ben 0 2nd column temperature  

toluene 0 eq. 3 tol/ben 0 control 

hydrogen 0 eqs. 
4.1,4.4-4.6 

lights eq. 4.3 3- phase separator pressure 
control 

ethylene 0 eq. 4.2 lights eq. 4.4  

methane 0 eq. 4.3 lights eq. 4.5  

CO2 0 eq. 4.6 lights 0  

CO 0 eqs. 4.4-4.5 lights eq. 4.6  

 

Step 7: Selection of controller type: single loops or multiple loops. 

 In this research, controller type is single loop and multiple loops. There are 

temperature controller, composition controller, pressure controller, flow controller, 

and level controller. Temperature controllers and composition controllers are PIDs 

which are tuned using relay feedback. Pressure controllers and flow controllers are 

PIs and their parameters are heuristics values. Proportional-only level controllers are 

used and their parameters are heuristic values. All control valves are half-open at 

nominal operating condition. 

Step8: Validation via rigorous dynamic simulation. 

 Using software HYSYS to evaluate performance for styrene process of all 

designed control structures and compare with base case control structure (Luyben, 

2011) at dynamic simulation.  
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5.2 Design of Plantwide control structures. 

 In this research, we designed the new plantwide control structures CS1 to CS4 

of the styrene process. In all of these control structures, the same loops are used as 

follows: 

 Plantwide level 

 Valve V-1 is manipulated to control the total etylbenzene (fresh + 

recycle flow).  

 Unit level 

 Reaction section (Figure 5.3). 

 Valve (V-3) is manipulated to control flow rate of the steam that is 

mixed with the total EB stream is ratioed to the flow rate of the total etylbenzene. 

 Valve (V-4) is manipulated to control flow rate of the steam that to 

furnace E2 is ratioed to the flow rate of the total etylbenzene. 

 Furnace duty (Q1) is manipulated to control the inlet temperature of 

the first reactor. 

 Heater duty (Q3) is manipulated to control the inlet temperature of the 

second reactor. 

  

Three-phase separator (Figure 5.4) 

 Cooler duty (Q4) is manipulated to control the temperature separator. 

 Valve V-5 is manipulated to control the pressure separator. 

 Valve V-6 is manipulated to control organic level in the separator. 

 Valve V-7 is manipulated to control water level in the separator. 

 Product column 

 Condenser duty (qc1) is manipulated to control the condenser pressure. 

 Distillate flow valve (V-8) is manipulated to control reflux drum level. 

 Compressor duty (kp1) is manipulated to control the reflux drum 

temperature. 

 Recycle column 

 Condenser duty (qc2) is manipulated to control the condenser pressure. 

 Bottom flow valve (V-11) is manipulates to control the base level.  
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Figure 5.3 The control structure in reaction section of all designed structures (CS1 to 

CS4).  

 

 

 

Figure 5.4 The control structure in three phase separator section of all designed 

structures (CS1 to CS4).  
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The main differences between CS1 to CS4 are explained below:  

 5.2.1 Design of control structure I (CS1) 

 The reaction section, inlet temperature for the first reactor (PBR1) is 

controlled by manipulating furnace duty (Q1). In product column, using a reflux-to-

feed single-end control structure and it controlled the ethylbenzene impurity on tray 

54th by manipulating reboiler duty (qr1) as shows in Figure 5.5.                

In the recycle column used reflux flow for directly control temperature in tray 

7th. Moreover, the toluene impurity on tray 28th is controlled by manipulating reboiler 

duty as shows in Figure 5.8.               

                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                                      

 5.2.2 Design of control structure II (CS2) 

 This control structure develops from CS1. Reflux flow rate is ratioed to 

product column feed flow rate is controlled by reflux flow rate. The ethylbenzene 

impurity on Tray 54th is controlled by manipulating direct reboiler duty (qr1) as shows 

in Figure 5.5.  

 For the recycle column, the toluene impurity on tray 28th is controlled by 

manipulating reboiler duty (qr2). By the way, temperature on tray 7th is controlled by 

manipulating reflux ratio, distillate flow valve (V-10) to keep a specified reflux ratio 

and the reflux- drum level is controlled by reflux flow as shows in Figure 5.9. 

 

 5.2.3 Design of control structure II (CS3) 

 This control structure develops from CS1, reflux flow in the product column is 

fixed as shows in Figure 5.6. 

 

 5.2.4 Design of control structure II (CS4) 

 This control structure develops from CS1. For the product column, using a 

reflux-to-feed single-end control structure, the ethylbenzene impurity on tray 54th is 

controlled by manipulating bottom flow valve (V-9) and base level is controlled by 

manipulating reboiler duty (qr1) as shows in Figure 5.7. 
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Figure 5.5 The control structure in product column of designed structures I, II (CS1 

and CS2).  

 

Figure 5.6 The control structure in product column of designed structures III (CS3).  
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Figure 5.7 The control structure in product column of designed structure IV (CS4). 

 

Figure 5.8 The control structure in recycle column of designed structures I, III, IV 

(CS1, CS3 and CS4). 
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Figure 5.9 The control structure in recycle column of designed structure II (CS2). 

5.3 Dynamic simulation results. 

In order illustrate the dynamic of base case control structure by Luyben (2011) 

and all designed control structures using new design procedure of Wongsri (2009), 

two type of disturbance: thermal and material disturbances are used to test response of 

the system. Temperature controllers and composition controllers are PIDs with are 

tuned by relay-feedback test. The temperature loops have 1 min dead time and the 

composition loop have 3 min dead times. Flow and pressure controllers are PIs. Level 

loops are proportional-only. There parameters are heuristics values. All control valves 

are half-open at nominal operating condition. The dynamic results are explained in 

this part. 

5.3.1 Changes in material disturbances of the total ethylbenzene (fresh + recycle) 

flow rate for all control structures (base case (CS0), designed control structure 

(CS1-CS4) 

Figure 5.10 shows dynamic response of the styrene process by step change 

molar flow rate ± 10% in the total ethylbenzene increase from 278.72 kmol/h to 

306.59 kmol/h at 0.5 h to 10 h, decrease from 306.59 kmol/h to 250.85 kmol/h at 10 h 

to 20 h and then return to its set point at time equals 20 h to 30 h. The graph of 
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dynamic responses of base case control structure (CS0), designed control structures 

(CS1-CS4) in each section shown in Figure 5.11. 

 

 

Figure 5.10 dynamic responses for molar flow rate ± 10% in the total EB. 

 The change in the total EB immediately changes the two steams addition rate 

through the action of the ratio elements. Notice that there are large transient changes 

in the flow of the fresh EB feed. In all structures, the results give same trend to reject 

material disturbance and return to their set point as shown in the figures 5.11A (a-d). 

 In Figure 5.11A (e) shows dynamic response of temperature inlet to the first 

reactor, when total EB flow is changed. The transient deviations increase for these 

disturbances, but stable control can achieved the desired values of reactors. 

The temperature control by adjusting the QE1/TotalEB ratio in CS0 takes more time 

to return to specified value than adjusting the temperature with direct furnace duty. 

This also affects the production rate. Notice for lights, and water flow rates from 

three-phase separator are increased when total EB is increased for all structure. As 

show in Figure 5.11A (g,h) 

 Figure 15.11B shows how variable in product column changes for this 

disturbance, the dynamic responses of the purity of styrene product xB1(ST) of the 

designed control structure CS4 is more oscillatory than other control structures. 
However, all the control structures to maintain the quality of the product as specified 

show in Figure 5.11B (j). The feed to column F1 increased as the distillate and bottom 

flowrate increased. The reflux is ratioed to the feed flowrate (R1/F1) in control 

structures (CS0, CS1, CS2, and CS4), while CS3 reflux flow is fixed. Result shows 

that a change in flow rate at the bottom of this column would be less than others 
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control structures as show in figure 5.11B (i). The temperature and pressure at reflux 

drum are well controlled.  

 Figure 15.11C shows how variable in recycle column changes for this 

disturbance, the pressure condenser of all control structure (CS0 to CS4) are 

less deviation as show in Figure 5.11C (p). The changes in the flowrate of distillate 

(D2) are very slow and it comes to new steady state. These changes affect the 

temperature controller of this column, that is controlled by adjust reflux ratio (R2/D2) 

in base case control structure (CS0). Notices from Figure 5.11C(o), the temperature 

response in CS0 is more oscillatory than the designed control structures CS1, CS3, 

and CS4 which are controlled by adjusting reflux flow directly. As for the designed 

control structure II (CS2) that the temperature controller changes the distillate flow 

rate through the D2/R2 ratio and reflux is manipulated to control reflux- drum level. 

The tuning of refulux-drum level controller in this column impact the time it takes to 

come to setpoint of temperature controller from Figure 5.11C(o) can see the 

effective temperature controller as well.  

I  Figure 5.11C (r) found that the impurity of toluene in the bottom of recycle 

column shows a large transient deviation for changes in total EB flowrate but is 

brought back to very close to its setpoint. 
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Figure 5.11A Dynamic responses of reaction section when changes in total EB (fresh 

+ recycle flow): (a) EB fresh flow, (b) low pressure steam (LPs) feed flow. 
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Figure 5.11A (Continued) Dynamic responses of reaction section when changes in 

total EB (fresh + recycle flow): (c) LPs1 split flow to mix the total EB flow, (d) LPs2 

flow fed to furnace. 
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Figure 5.11A (Continued) Dynamic responses of reaction section when changes in 

total EB (fresh + recycle flow): (e) temperature inlet to PBR1 reactor, (f) temperature 

inlet to PBR2 reactor. 
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Figure 5.11A (Continued) Dynamic responses of reaction section when changes in 

total EB (fresh + recycle flow): (g) light molar flow, and (h) water molar flow from 3-

phase separator. 
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Figure 5.11B Dynamic responses of product column when changes in total EB (fresh 

+ recycle flow): (i) bottom molar flow, and (j) styrene composition at bottom of 

product column. 
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Figure 5.11B (Continued) Dynamic responses of product column when changes in 

total EB (fresh + recycle flow): (k) EB composition on tray 54th  and (l) EB 

composition at bottom of product column. 
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Figure 5.11B (Continued) Dynamic responses of product column when changes in 

total EB (fresh + recycle flow): (m) top product column temperature, (n) product 

column- condenser pressure. 
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Figure 5.11C Dynamic responses of recycle column when changes in total EB (fresh 

+ recycle flow): (o) temperature on Tray 7th in recycle column, (p) recycle column- 

condenser pressure. 
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Figure 5.11C (Continued) Dynamic responses of recycle column when changes in 

total EB (fresh + recycle flow): (q) toluene composition on tray and (r) toluene 

composition at bottom of recycle column. 
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5.3.2 Changes in the thermal disturbances of two inlet temperature of PBR1 and 

PBR2 reactors for all control structure (base case control structure (CS0), 

designed control structures (CS1-CS4). 

Figure 5.12 shows dynamic responses for styrene process by step change 

temperature ±10 (°C) in inlet temperature of PBR1 and PBR2 reactors increase from             

560 °C to 570° C at 0.5 h to 10 h and decrease from 570 °C to 550 °C at 10 h to 20 h. 

and then return to its set point at time equals 20 h to 30 h. Graph of dynamic 

responses of base case control structure (CS0), designed control structures (CS1-CS4) 

in each section shown in Figure 5.13. 

          

Figure 5.12 dynamic responses for change temperature ±10 (°C) of two reactors. 

When changes setpoint of the two reactor inlet temperature controllers. There 

are no impact on the feed flow rate of the EB and steam. The total EB and steam are 

held constant. However, this disturbance affects the reaction rate of byproduct. The 

higher temperature leads to increases in lights, gas, and byproduct flow rates.  

The control loops in the both column are affected very slightly 

when temperature changes, the purity of styrene product is maintained very close to 

its specification show in Figure 5.12B (e). In all control structure, results show the 

same trend to reject thermal disturbance that can reject disturbance and return to their 

set point. 
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Figure 5.13A Dynamic responses of reaction section when changes in temperature 

inlet of two reactors: (a) 3-phase separator temperature, (b) 3-phase separator 

pressure. 
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Figure 5.13A (Continued) Dynamic responses of reaction section when changes in 

temperature inlet of two reactors: (c) light molar flow, and (d) water molar flow at 3-

phase separator. 
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Figure 5.13B Dynamic responses of product column when changes in temperature 

inlet of two reactors: (e) bottom molar flow, and (f) styrene composition at bottom of 

product column. 
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Figure 5.13B (Continued) Dynamic responses of product column when change in 

temperature inlet of two reactors: (g) EB composition on tray 54th, and (h) EB 

composition at bottom of product column. 
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Figure 5.13B (Continued) Dynamic responses of product column when change in 

temperature inlet of two reactors: (i) top product column temperature, (j) product 

column- condenser pressure. 
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Figure 5.13C Dynamic responses of recycle column when change in total EB 

temperature inlet of two reactors: (k) temperature on Tray 7th in recycle column, (l) 

recycle column- condenser pressure. 
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Figure 5.13C (Continued) Dynamic responses of recycle column when changes in 

temperature inlet of two reactors: (m) toluene composition on tray 28th and (n) toluene 

composition at bottom of recycle column. 
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5.3.3 Changes in ratio between the steam feds to furnace E2 and total EB for all 

control structures (base case (CS0)), designed control structure (CS1-CS4). 

Figure 5.14 shows dynamic response of the styrene process by step change ± 

10% in ratio between the steam feds to furnace E2 and total EB increase from 12.156 

to 13.371 at 0.5 h to 10 h, decrease from 13.371 to 10.940 at 10 h to 20 h. and then 

return to its set point at time equals 20 h to 30 h. The graph of dynamic responses of 

base case control structure (CS0), designed control structures (CS1-CS4) shown in 

Figure 5.15. 

 
Figure 5.14 dynamic responses for ± 10% in ratio between the steam feds to furnace 

E2 and total EB. 

When the change ratio between the steam feds to furnace E2 and total EB. 

These disturbance affect to the production rate, notice from dynamic responses of 

Light, Gas, and styrene product rate. Such as the ratio increase leads to decrease in the 

product see in Figure 5.15B (g). Conversely, the EB recycle will increase.  

For product column, the pressure condenser and temperature controller have 

good performance in all control structure show in Figure 5.13B (k, l). 

Figure 5.15B (h) shows dynamic response of the purity of styrene in the 

bottom of product column in each structure that it a small transient deviation and can 

keep the quality of styrene product.  

 For recycle column, the temperature on tray 7th of designed control structures 

(CS1), (CS3), CS4) have a smaller deviation than the base case control structure 

(CS0), and designed control structure II (CS2) because the temperature on tray 7th is 

controlled by manipulating direct reflux flow show in Figure 5.15C (m). However all 

control structure, result the same trend to reject disturbance that can reject disturbance 

and return to their set point. 
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Figure 5.15A Dynamic responses of reaction section when change in ratio between 

the steam feds to furnace E2 and total EB: (a) EB fresh flow, (b) low pressure steam 

(LPs) feed flow. 
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Figure 5.15A (Continued) Dynamic responses reaction section when changes in ratio 

between the steam feds to furnace E2 and total EB: (c) temperature inlet to PBR1 

reactor, (d) temperature inlet to PBR2 reactor. 
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Figure 5.15A (Continued) Dynamic responses reaction section when changes in ratio 

between the steam feds to furnace E2 and total EB: (e) light molar flow, and (f) water 

molar flow at 3-phase separator. 
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Figure 5.15B Dynamic responses of product column when changes in ratio between 

the steam feds to furnace E2 and total EB: (g) bottom molar flow, and (h) styrene 

composition at bottom of product column. 
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Figure 5.15B (Continued) Dynamic responses of product column when change in 

ratio between the steam feds to furnace E2 and total EB: (i)EB composition on tray, 

and (j) EB composition at bottom of product column. 
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Figure 5.15B (Continued) Dynamic responses of product column when change in 

ratio between the steam feds to furnace E2 and total EB: (k) top product column 

temperature, (l) product column- condenser pressure. 
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Figure 5.15C Dynamic responses of recycle column when change in ratio between 

the steam feds to furnace E2 and total EB: (m) temperature on Tray 7th in recycle 

column, (n) recycle column- condenser pressure. 
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Figure 5.15C (Continued) Dynamic responses of recycle column when change in 

ratio between the steam feds to furnace E2 and total EB: (o) toluene composition on 

tray, and (p) toluene composition at bottom of recycle column. 
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5.4 Evaluation of the Dynamic Performance. 

 The dynamic performance index is focused on time related characteristics of 

the controller‟s response to setpoint changes or deterministic disturbances. There exist 

several candidate performance measures such as settling time and integral absolute 

error (IAE). Integral absolute error is well known and widely used. For the 

formulation of a dynamic performance as written below: 

                    IAE = ∫ ε|(t)| dt                             (5.1) 

 Note that ε(t ) = ysp(t) — y(t) is the deviation (error) of the response from the 

desired setpoint. 

 In this research, IAE method is used to evaluate the dynamic performance of 

the base case control structure and designed control structures. In the process, have 

many types of variables (temperature, pressure, and molar flow rate) so to compare it 

we must divide by span (the largest expected change in disturbance) of each variable. 

The IAE results consider in handle disturbances and maintain product quality are used 

to evaluate the dynamic performance of the base case control structure and designed 

control structures. 

 For changing in material disturbances of total EB molar flow and ratio 

between steam feds to furnace and total EB for base case control structure (CS0) and 

designed control structures (CS1-CS4). The IAE results for handle disturbances and 

maintain product quality are shown in Table 5.7, 5.8, 5.10, and Table 5.11, 

respectively. 

 For changing in thermal disturbances of temperature inlet to PBR1 and PBR2 

reactors for base case control structure (CS0) and designed control structures (CS1-

CS4). The IAE results for handle disturbances and maintain product quality are shown 

in Table 5.9 and Table 5.12. 

 For performance in used energy, the summation value of all energy that used 

in management disturbance is evaluated to find the designed control structure which is 

the most minimize energy use. Table 5.13 to Table 5.15 show the summation values 

of all energy use. 
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Table 5.7 The IAE result for handle disturbances to changes in total EB flow rate. 
 

Controller 
Integral Absolute Error (IAE) 

CS0 CS1 CS2 CS3 CS4 
TC-R1 0.0087 0.0009 0.0009 0.0007 0.0009 
TC-R2 0.0002 0.0002 0.0002 0.0002 0.0002 
TC-sep 0.0006 0.0004 0.0005 0.0004 0.0005 
PC-sep 0.0030 0.0027 0.0027 0.0026 0.0028 
TC-C1 0.0081 0.0041 0.0037 0.0012 0.0035 
TC-C2 0.0163 0.0157 0.0136 0.0045 0.0196 
PC-C1 0.0037 0.0017 0.0016 0.0006 0.0019 
PC-C2 0.0000 0.0000 0.0000 0.0000 0.0000 

CC-EB@C1 0.0019 0.0001 0.0001 0.0000 0.0955 
CC-Tol@C2 0.0003 0.0014 0.0122 0.0005 0.0014 

SUM 0.0427 0.0272 0.0355 0.0108 0.1262 
 

Table 5.8 The IAE result for handle disturbances to changes in between LP steam 
feds to furnace and total EB ratio. 
 

Controller 
Integral Absolute Error (IAE) 

CS0 CS1 CS2 CS3 CS4 
TC-R1 0.0038 0.0006 0.0008 0.0006 0.0006 
TC-R2 0.0002 0.0002 0.0002 0.0002 0.0002 
TC-sep 0.0004 0.0005 0.0005 0.0005 0.0005 
PC-sep 0.0025 0.0023 0.0023 0.0023 0.0023 
TC-C1 0.00065 0.00058 0.00052 0.00051 0.00046 
TC-C2 0.00378 0.00248 0.00241 0.00219 0.00235 
PC-C1 0.0003 0.0002 0.0002 0.0001 0.0002 
PC-C2 0.0000 0.0000 0.0000 0.0000 0.0000 

CC-EB@C1 0.00013 0.00002 0.00003 0.00011 0.00071 
CC-Tol@C2 0.0004 0.0002 0.0023 0.0002 0.0002 

SUM 0.0121 0.0071 0.0091 0.0067 0.0075 
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Table 5.9 The IAE result for handle disturbances to changes in temperature inlet two 

reactors. 

 

Controller 
Integral Absolute Error (IAE) 

CS0 CS1 CS2 CS3 CS4 
TC-R1 1.2639 1.2647 1.2647 1.2647 1.2647 
TC-R2 1.2646 1.2646 1.2646 1.2646 1.2646 
TC-sep 0.0000 0.0000 0.0000 0.0000 0.0000 
PC-sep 0.0006 0.0005 0.0005 0.0005 0.0005 
TC-C1 0.00015 0.00026 0.00016 0.00021 0.00015 
TC-C2 0.0004 0.0001 0.0004 0.0002 0.0002 
PC-C1 0.0000 0.0001 0.0001 0.0000 0.0001 
PC-C2 0.0000 0.0000 0.0000 0.0000 0.0000 

CC-EB@C1 0.0000 0.0000 0.0000 0.0000 0.0001 
CC-Tol@C2 0.0000 0.0000 0.0000 0.0000 0.0001 

SUM 2.5297 2.5303 2.5306 2.5302 2.5304 
 

  

Figure 5.16 IAE for handle disturbances to changes in all disturbances testing of the 

temperature controllers. 
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Figure 5.17 IAE for handle disturbances to changes in all disturbances testing of the 

pressure controllers. 

 

Figure 5.18 IAE for handle disturbances to changes in all disturbances testing of the 

composition controllers. 
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Figure 5.19 IAE for handle disturbances of all controllers to changes in all 

disturbances testing 

 For all disturbances testing, Figure 5.16, 5.17 and Figure 5.18 show the results 

of Integral Absolute Error (IAE) of temperature controller, pressure controller, and 

composition controller, respectively for handle disturbances. As for, Figure 5.18 

shows the result IAE of complete controllers for handle disturbances. See that the 

control structure III (CS3) can handle disturbances and the best. Control structure I 

(CS1) is the second and control structure II and (CS2) is the third. From this result, if 

the designed control structure controls the product column with reflux flow fixed, it 

can handle all disturbances well. 

 

Table 5.10 The IAE result of product composition variation to changes in total EB 
flow rate. 

PRODUCT Integral Absolute Error (IAE) 
CS0 CS1 CS2 CS3 CS4 

xSM@B1 0.0056 0.0065 0.0065 0.0033 0.0032 
xSM@D1 0.0120 0.0120 0.0120 0.0051 0.0000 
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Table 5.11 The IAE result of product composition variation to changes in between LP 
steam feds to furnace and total EB ratio. 

PRODUCT Integral Absolute Error (IAE) 
CS0 CS1 CS2 CS3 CS4 

xSM@B1 0.0002 0.0003 0.0003 0.0005 0.0000 
xSM@D1 0.0018 0.0017 0.0017 0.0028 0.0000 

 

Table 5.12 The IAE result of product composition variation to changes in temperature 

inlet two reactors. 

PRODUCT Integral Absolute Error (IAE) 
CS0 CS1 CS2 CS3 CS4 

xSM@B1 0.0000 0.0000 0.0000 0.0001 0.0000 
xSM@D1 0.0001 0.0001 0.0001 0.0001 0.0000 

 

 

Figure 5.20 IAE of product composition variation to changes in all disturbances 

testing. 

 For all disturbances testing, Figure 5.20 shows the  results of  Integral 

Absolute Error (IAE) of all control structure product composition variation. The 

control structure (CS0 to CS3) can maintain product quality the best. From this result, 

if the designed control structure controls the Tray 54th etyhlbenzene composition of 

product column by manipulating the DIB column reboiler duty (qr1) and the feed to 

reflux ratio structure, it can maintain product quality well 
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Table 5.13 The summation value of all energy used when changes total EB molar 

flow. 

Energy 
Summation Value (GJ/h) 

CS0 CS1 CS2 CS3 CS4 

q1 5.340E+07 1.499E+07 1.515E+07 1.50E+07 1.51E+07 
q3 8.163E+06 6.331E+06 6.168E+06 6.16E+06 6.17E+06 
q4 2.488E+08 2.141E+08 2.119E+08 2.07E+08 2.07E+08 

qC1 1.051E+08 1.004E+08 1.003E+08 1.10E+08 1.11E+08 
qC2 3.184E+06 2.783E+06 4.140E+06 3.04E+06 3.06E+06 
qr1 3.853E+07 3.857E+07 3.853E+07 1.13E+07 1.14E+07 
qr2 3.100E+06 5.827E+06 5.797E+06 7.56E+06 7.60E+06 
kp1 6.288E+04 5.613E+04 5.659E+04 9.19E+03 2.30E+04 

SUM 4.603E+08 3.830E+08 3.820E+08 3.591E+08 3.615E+08 

 

Table 5.14 The summation value of all energy used when changes between steam 

feeds to furnace and total EB ratio. 

Energy 
Integral Absolute Error (IAE) 

CS0 CS1 CS2 CS3 CS4 

q1 8.021E+07 2.164E+07 2.247E+07 2.29E+07 2.28E+07 
q3 9.078E+06 7.026E+06 7.043E+06 7.04E+06 7.04E+06 
q4 3.886E+08 3.311E+08 3.340E+08 3.21E+08 3.21E+08 

qC1 1.300E+07 1.429E+07 1.421E+07 1.42E+07 1.41E+07 
qC2 2.269E+06 2.154E+06 1.716E+06 2.14E+06 2.14E+06 
qr1 1.534E+06 1.574E+06 1.577E+06 1.36E+06 1.31E+06 
qr2 1.006E+06 9.469E+05 9.385E+05 9.21E+05 9.26E+05 
kp1 6.171E+04 6.265E+04 6.245E+04 6.30E+04 6.30E+04 

SUM 4.958E+08 3.788E+08 3.821E+08 3.695E+08 3.694E+08 
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Table 5.15 The summation value of all energy used when changes temperature inlet 

of two reactors. 

Energy 
Integral Absolute Error (IAE) 

CS0 CS1 CS2 CS3 CS4 

q1 4.52E+07 4.54E+07 4.53E+07 4.51E+07 4.51E+07 

q3 4.53E+07 4.17E+07 4.15E+07 4.14E+07 4.14E+07 

q4 6.40E+04 2.12E+04 2.36E+04 1.98E+04 1.46E+04 

qC1 1.02E+06 1.31E+06 1.50E+06 1.43E+06 1.15E+06 

qC2 1.27E+05 1.37E+05 1.70E+05 1.29E+05 1.27E+05 

qr1 1.76E+05 3.21E+05 3.65E+05 4.47E+05 1.21E+05 

qr2 3.32E+04 9.42E+04 4.37E+04 1.08E+05 2.60E+04 

kp1 9.32E+03 9.61E+03 8.01E+03 9.70E+03 9.66E+03 

SUM 9.19E+07 8.90E+07 8.89E+07 8.87E+07 8.80E+07 

 

  For all disturbances testing, Figure 5.17 shows the summation value for 

all energy used of all control structure. Control structure II (CS3) is the most 

minimize energy used. Control structure IV (CS4) is the second. Control structure II 

(CS2) is the third. 

 

Figure 5.21 The summation value of all energy used when changes all disturbances 

testing. 
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 The result of utility costs for each control structure to the change in all 

disturbances testing is shown in Figure 5.18.  

 

Figure 5.22 Utility costs for each control structure to the change in all disturbances 

testing. 
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CHAPTER VI 

CONCLUTIONS AND RECOMMENDATIONS 

6.1 Conclusion  

 The plantwide control problem is to develop a control structure for a 

complex and integrated process that satisfies the plant‟s design objectives. The cost of 

process is one of the important design plants. Therefore, this work developed the 

styrene process from research of.Luyben (2011). That heat exchanger is designed to 

reduce energy in furnace. A 39.94 % reduction in utilities costs is achieved (5,190.52 

K$ per year) for a 1.29 % decrease in capital investment (from 8679.48 K$ to 

8,567.58 K$) from the base case control structure based on evaluation of economic 

costs 

 At dynamic simulation, this work has discussed control structure design for 

styrene process, using new design procedure of Wongsri (2009). This procedure based 

on heuristics analysis. The precedence of control variables is established. The 

purposed plantwide control structure design procedure for selection the best set of 

control structure is intuitive, simple, and straightforward.  

 The best control structure should handle disturbances entering the process 

and maintain product quality. The major disturbances are directed or managed 

explicitly to achieve the minimal interaction between loops by using the material 

disturbances and the thermal disturbances.  

 For all disturbances, designed control structure III (CS3) is the best structure 

to handle disturbances. The base case and designed control structures (CS0, CS1, 

CS2, and CS4) with fixed reflux to feed ratios control structure for product column to 

maintain product quality shows that (CS1) can maintain product quality better than 

others structures. As the designed control structure IV (CS4) is the most minimize 

energy used.  
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 From assessment of all control structures found that, single -end control of 

distillation column can be effective and for selection Reflux to Feed ratio scheme at 

product column. This ratio structure ability to handle feed flow rate disturbance and 

maintain styrene product quality as desired. In recycle column, tray 7th temperature is 

controlled by manipulating direct reflux flow. This control loop reduces to the 

interaction of control structures, and leads to faster response than manipulating with 

Reflux ratio. As a result, the designed control structure I (CS1) appropriate for the 

styrene process 

 New design procedure of Wongsri (2009) can find the appropriate set of 

controlled variables to achieve form fixture point theorem. The best control 

configurations depend on the direction of controlled variable with manipulated 

variable. Therefore this research establishes that the Wongsri‟s procedure, which 

combines heuristics, and dynamic simulation, a useful design procedure that leads to a 

good-performance plantwide control system.  

6.2 Recommendations 

 Study and design the control structure of the other process in plantwide 

control via new design procedure of Wongsri (2009). 
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APPENDIX A 

PROCESS STREAM AND EQUIPMENT DATA 

Table A.1 Process equipment data 

Unit operations property Size 

Reactors (two PFRs) Diameter (m) 3.3 m. 

 Length (m) 8.0 m. 

 Void fraction 0.44 

3-phase seperator Volume (m2) 24.06 m3 

FEHE UA (kJ/h-°C) 3.06×105 

 Hot outlet temperature (°C) 500 

 

Table A.2 Specifications for the distillation columns 

 

Specification 1
st
 column 2

nd
 column 

Number of tray                   

Feed to tray                       

Condenser P(kPa)   

Reboiler P (kPa)               

Reflux Ratio                                          

% of bottom                                           

% of distillate  

Diameter (m) 

Condenser volume (m2) 

Reboiler volume (m2) 

80                         

35                          

10                          

50                      

5.05                   

0.0025 (EB) 

0.01 (EB) 

4.57 

19.43 

24.49 

35 

15 

120 

138 

10.60 

0.01(ST) 

0.01(Tol) 

1.38 

2.38 

7.88 
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APPENDIX B 

TUNING OF CONTROL STRUCTURES 

B.1 Tuning Controllers 

Notice throughout this work uses several types of controllers such as P, PI, 

and PID controllers. They depend on the control loop. In theory, control performance 

can be improved by the use of derivative action but in practice the use of derivative 

has some significant drawbacks: 

1. Three tuning constants must be specified. 

2. Signal noise is amplified. 

3. Several types of PID control algorithms are used, so important to careful that 

the right algorithm is used with its matching tuning method. 

4. The simulation is an approximation of the real plant. If high performance 

controllers are required to get good dynamics from the simulation, the real plant may 

not work well. 

B.2 Tuning Flow, Level and Pressure Loops 

The dynamics of flow measurement are fast. The time constants for moving 

control valves are small. Therefore, the controller can be turned with a small integral 

or reset time constant. A value of I  = 0.3 minutes work in most controllers. The 

value of controller gain should be kept modest because flow measurement signal are 

sometime noisy due to the turbulent flow through the orifice plate. A value of 

controller gain of KC = 0.5 is often used. Derivative action should not be used. 

Most level controllers should use proportional-only action with a gain of 1 to 

2. This provides the maximum amount of flow smoothing. Proportional control means 

there will be steady state offset (the level will not be returned to its setpoint value). 

However, maintaining a liquid level at a certain value is often not necessary when the 
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liquid capacity is simply being used as surge volume. So the recommended tuning of 

a level controller is KC = 2. Most pressure controllers can be fairly easily tuned. The 

process time constant is estimated by dividing the gas volume of the system by the 

volumetric flowrate of gas flowing through the system. Setting the integral time equal 

to about 2 to 4 times the process time constant and using a reasonable controller gain 

usually gives satisfactory pressure control. Typical pressure controller tuning 

constants for columns and tanks are KC = 2 and I = 10 minutes. 

B.3 Relay- Feedback Testing 

The relay-feedback test is a tool that serves a quick and simple method for 

identifying the dynamic parameters that are important for to design a feedback 

controller. The results of the test are the ultimate gain and the ultimate frequency. 

This information is usually sufficient to permit us to calculate some reasonable 

controller tuning constants. 

The method consists of merely inserting an on-off relay in the feedback loop. 

The only parameter that must be specified is the height of the relay, h. This height is 

typically 5 to 10 percent of the controller output scale. The loop starts to oscillate 

around the setpoint with the controller output switching every time the process 

variable (PV) signal crosses the setpoint. Figure B.1 shows the PV and OP signals 

from a typical relay-feedback test. The maximum amplitude (a) of the PV signal is 

used to calculate the ultimate gain, KU from the equation. 

   
4

U
hK

a
         (1) 

The period of the output PV curve is the ultimate period, PU from these two 

parameters controller tuning constants can be calculated for PI and PID controllers, 

using a variety of tuning methods proposed in the literature that require only the 

ultimate gain and the ultimate frequency, e.g. Ziegler-Nichols, Tyreus-Luyben.  

The test has many positive features that have led to its widespread use in real 

plants as well in simulation studies: 
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1. Only one parameter has to be specified (relay height). 

 2. The time it takes to run the test is short, particularly compared to the 

extended periods required for methods like PRBS. 

3. The test is closed loop, so the process is not driven away from the setpoint. 

 4. The information obtained is very accurate in the frequency range that is 

important for the design of a feedback controller. 

5. The impact of load changes that occur during the test can be detected by a 

change to asymmetric pulses in the manipulated variable. These entire features make 

relay-feedback testing a useful identification tool. 

 Knowing the ultimate gain, KU and the ultimate period, PU permits us to 

calculate controller settings. There are several methods that require only these two 

parameters. The Ziegler-Nichols tuning equations for a PI controller are: 

   / 2.2C UK K        (2) 

   /1.2I UP          (3) 

These tuning constants are frequently too aggressive for many chemical 

engineering applications. The Tyreus-Luyben tuning method provides more 

conservative settings with increased robustness. The TL equations for a PI controller 

are: 

   / 3.2C UK K        (4) 

   2.2I UP          (5) 

B.4 Inclusion of Lags 

 Any real physical system has many lags. Measurement and actuator lags 

always exist. In simulations, however, these lags are not part of the unit models. Much 

more aggressive tuning is often possible on the simulation than is possible in the real 

plant. Thus the predictions of dynamic performance can be overly optimistic. This is 

poor engineering. A conservative design is needed. Realistic dynamic simulations 
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require that we explicitly include lags and/or dead times in all the important loops. 

Usually this means controllers that affect Product quality or process constraint.  

 

Figure B.1 Input and Output from Relay-Feedback Test (Luyben, W., Plantwide 

Dynamic Simulations in Chemical Processing and Control, p. 30, 1998.) 

Table B.1 Typical measurement lags 

 

  Number Time constant 
(minutes) 

Type 

Temperature Liquid 2 0.5 First-order lags 

 Gas 3 1 First-order lags 

Composition Chromatograph 1 3 to 10 Deadtime 
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APPENDIX C 

FIXTURE POINT THEOREM DATA 

Table C.1 List of Manipulated Variables of the process 
 

Manipulated Variables Description 

V-1 Ethylbenzene fresh feed valve 

V-2 Low-pressure steam feed valve 

V-3 Low-pressure steam split to mix valve 

V-4 Low-pressure steam  to furnace valve 

V-5 3-phase separator vapor valve  

V-6 3-phase separator organics valve 

V-7 3-phase separator aqueous valve 

V-8 Product column distillate valve  

V-9 Product column bottom valve 

V-10 Recycle column distillate valve 

V-11 Recycle column bottom valve 

Q1 Furnace heat duty 

Q3 Intermediate heater duty 

Q4 Cooler cooling water flow 

Wk1 Product column overhead compressor duty 

Qc1 Product column condenser duty 

Qr1 Product column reboiler duty 

Qc2 Recycle column condenser duty 

Qr2 Recycle column reboiler duty 

Reflux@C1 Product column reflux flow 

Reflux@C2 Recycle column reflux flow 
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