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Two-dimensional fluid dynamic models were used to optimize and design a proper
pilot-scale system for sorption enhanced steam methane reforming (SESMR) and sorption
enhanced steam reforming of ethanol (SESRE) in a circulating fluidized bed reactor (CFBR)
using Ni-based catalyst and dolomite as sorbent. The CFBR system was separately designed
as 3 parts: including a SESMR riser, a SESRE and a regenerator. The SESMR riser could get H;
purity reached equilibrium of 98.58% in dry basis with the highest H, flux of 0.301 kg/ m?s
when operating with steam to carbon ratio of 4 mol/ mol, gas velocity of 6 m/s, inlet
temperature of 581°C. While the SESRE riser could get maximum H, purity only 91.30% in
dry basis with the highest H, flux of 0.147 kg/m?s when operating with steam to ethanol
ratio of 6 mol/ mol, gas velocity of 3 m/s, inlet temperature of 600°C. Both the risers for
SESMR and SESRE had the best design with diameter of 0.2 m, height of 7 m operating with
solid flux of 200 kg/ m? and catalyst to sorbent ratio of 2.54 kg/kg. Lastly, in regenerator
part, double-stage bubbling bed regenerators with 1.2 m width and 0.8 m height of bed
could perfectly regenerate the sorbent when operating with gas velocity of 0.2 m/s and
preheating the solids at 950°C. Overall, SESMR and SESRE had feasibility to continuously
produce high purity with high production rate of H, by this preferred design and conditions
of CFBR system.
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NOMENCLATURE

= Drag coefficient, [-]

= Friction coefficient between solid phases, [-]

= Heat capacity of gas phase, [J-kg"K"]

= Catalyst to sorbent ratio, [kg-kg]

= Molecular diffusion coefficient of CO,, [m?s]

= Mean diameter of sorbent, [m]

= Particle diameter of solid phase, [m]

= Restitution coefficient for solid-solid collisions, [-]

= External body force to phase g, [ke-m?s? N-m~]

= Lift force to phase @, [kem?%s? N-m~]

= Virtual mass force to phase g, [kg:m?s?, N-m~]

= Turbulent dispersion force to phase g, [kg-m?s? N-m~]
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CHAPTER 1

INTRODUCTION

1.1 Research background and signification

Nowadays, global fossil-fuel reservoirs are dramatically decreasing while the
world’s energy-consumption tendency is higher. Hydrogen fuel is a promising
alternative source. It has drawn widespread attention because it is a clean energy and
can be derived from renewable energy sources. At end uses when H,is combusted in
internal engines or fed in to fuel cells, only water is the outcome without emission of
CO,, a major cause of global warming (Joensen and Rostrup-Nielsen, 2002). However,
hydrogen could not have been claimed totally renewable or green because its large-
scale sources and productions come from petroleum industry.

Hydrogen is an element with the third-place amount in the world. Most of
natural hydrogen does not exist in H, gas but is found in organic compounds. There
are many organic compounds which can be converted into H;, via many processes e.s.
dehydrogenation, gasification and steam reforming. The steam reforming is the most
effective process to produce H; in large scale.

Conventional industrial-level hydrogen production has used methane (CHg), in
natural gas or in tail gas from refinery process, as raw material via steam methane
reforming (SMR) process. The conventional processes consist of three main sections
i.e. reforming, shifting and gas separation (Harrison, 2008). In reforming and shifting
section maximum CHg is converted to mainly CO, and H, (with little of CO) as overall
reaction 1.1.

CHq + 2H,O = CO, + 4H, AH’ 505 = +165.0 kJ/mol (1.1)



In case that ethanol (C;HsOH) is a feed, C,HsOH is also converted to mainly CO, and
H, as overall reaction 1.2.

CoHsOH + 3H,0 = 2CO, + 6H, AH 395 = +173.4 kJ/mol (1.2)
Thus, the conventional processes need the last section that consists of separation
units, making conventional processes huge and complicated.

A new concept of steam reforming with sorption enhancement (SESR) has been
raised because of advantages taken from that CO, can be adsorbed by sorbents in the
same reforming reactor. First advantage is that equilibrium of reforming reactions
(reactions 1.1 and 1.2) is shifted forward so more H; is produced and CH4/C,HsOH can
be more completely converted. Another advantage is that effluent gas off the reformer
has high H, purity reaching 99% (Harrison, 2008; Barelli et al., 2008; Haryanto et al,,
2005; Cotton et al., 2013; Rodrigues et al., 2017) dry basis so separation units are
unnecessary in the processes. But a disadvantage of SESR is discontinuous performance
because when the sorbent is almost full of CO, captured, H, purity in effluent gas and
feed conversion decrease to normal equilibrium of reforming reactions.

Several types of sorbent have been used and developed for CO, capture i.e.
natural or pure metal oxides (e.g. CaO), akali mixed metal oxides (e.g. LisSiO4) and
hydrotalcite-like materials (HTCls). CO, capacity, rate of CO, caption and stability of
the sorbents are important properties to performances of both sorption enhanced
steam methane reforming (SESMR) and sorption enhanced steam reforming of ethanol
(SESRE) (Barelli et al., 2008; Haryanto et al., 2005; Singh et al., 2009). Advantages of
natural CaO sorbents such as dolomite and limestone are inexpensive, easy to find
and have higher CO, capacity than other sorbents but CaO sorbents have lower

thermal cyclic stability than the others. Even though limestone has more CO, capacity



than dolomite due to higher CaO content, but dolomite contains more MgO that
makes dolomite more stable to cyclic usage (Comas et al., 2004; Olivas et al., 2014).
Thus, dolomite is a suitable sorbent for large-scale processes of SESR which has to
involve regeneration of the used sorbent. The reactions of CO, capture and
regeneration of the dolomite is shown in reaction 1.3.

Ca0 + CO, = CaCO; AH 95 = -178 kJ/mol (1.3)
Due to the adsorption limits, SESR processes have been researched and developed
mainly in two ways i.e. 1) improving sorbents with better properties and 2) developing
and designing reactors/systems of the SESR processes for larger hydrogen production
or better operation (lower materials or energy consumption).

Most of SESMR/SESRE reactors have still been typical fixed bed reactors in
many researches and conventional processes. Because the single fixed reactor for SESR
needs switching between reforming and regeneration period, this is complicated for
operation and maintenance. So for continuous reforming in general fixed bed reactor,
parallel reactors systems are typically applied (Lysikov et al., 2015; Li et al., 2006). In
the meanwhile, fluidized bed reactors have been developed. Advantages of fluidized
bed reactors over fixed bed reactors are lower pressure drop and more gas-solid
(reactant-catalyst/sorbents) contacting throughout beds that give better mass and heat
transfer. Bubbling bed reactors has been proved that give SESMR/SESRE performance
as good as the fixed bed reactors (Chao et al., 2012; Wang et al., 2010; Johnsen et al.,
2006; Johnsen et al., 2006) (Gayubo et al., 2014; Vicente et al., 2014). Nowadays,
circulating fluidized bed reactors (CFBR) have been expected and developed for higher
hydrogen production rate due to 1) using higher gas velocity i.e. higher feed and 2)

blowing solid particles out of the reformer, also called a riser, that sorbent could been



regenerated simultaneously in another unit. But due to high gas velocity, gas-solid
contacting is theoretically non-uniform among dilute zone and dense zone. From these
reasons, CFBR has unclear performance dependent on occurring regimes (Arstad et al.,
2012; Wang et al., 2011; Rodriguez et al., 2011). Thus, the CFBR system design has
been interesting for SESMR/SESRE application with high efficiency as same as bubbling
bed reactors.

In last decade, computational fluid dynamics (CFD) has been more interested
and utilized in problems about fluid phenomena especially in system geometry design.
CFD could give high accuracy and detailed results that could reduce time, resources
and costs of experiment especially in large scales. Problem solving can be either in 2D
or 3D models, results from 3D models were close to realistic but consumed much
more computational demands and time than from 2D models. However in many cases
especially in cylindrical geometry like the riser, 2D models could demonstrate sufficient
accuracy details (Samruamphianskun et al., 2012; Chalermsinsuwan et al., 2014; Wu et
al.,, 2013; Wu et al., 2014; Wang et al., 2014). Thus, in this dissertation, CFD with 2D
models were performed to design a pilot-scale CFBR system suitable for the highest
hydrogen production via SESMR/SESRE by investigating the optimum design and

reaction parameters.

1.2 Objective

To design a circulating fluidized bed reactor system for continuous hydrogen
production via sorption enhanced steam reforming of methane (SESMR) and ethanol

(SESRE).



1.3 Scopes of dissertation

1. CFBR systems were simulated in two-dimensional two-phase models
combined with kinetic theory of granular flows (KTGF) which used for catalyst phase
and sorbent phase.

2. Kinetics of steam reforming of methane and ethanol were chosen being
based on Ni-based catalyst, while kinetics of carbonation and decarbonation were
chosen being based on calcined dolomite.

3. Hydrogen production was operated in a circulating fluidized bed reactors
(CFBR) system which consists of a riser (for SESMR/SESRE) as a reformer, a bubbling
bed reactor (for decarbonation) as a regenerator and a 100% efficient cyclone
connected.

4. Goal of the reforming riser design was to get maximum rate of hydrogen
production with the perfect reaction performance i.e. H, purity of effluent gas should
reach the equilibrium which fixed bed or bubbling bed reactors could get in
experiments and CaO conversion of the sorbent should not be over 28% for stable
CO; capture in continuous operation.

5. Goal of the regenerator design was to get CaO conversion of the sorbent
nearly to 0% like fresh sorbent entering into the riser.

6. Parameters of the riser design to be investigated were chosen only the most
effective including diameter, gas inlet velocity, inlet temperature, catalyst to sorbent
ratio and solid flux.

7. Geometry design of the regenerator correlated with used solid resulted from
the best designed riser of either SESMR or SESRE. Parameters to be investigated were

only gas inlet velocity and inlet temperature of solid.



CHAPTER 2

THEORY AND LITERATURE REVIEW

2.1 Steam reforming processes

Generally, steam reforming is a term of complete hydrolysis or hydrocracking
of hydrocarbons into smallest molecules (gases e.g. CO, H,). Basic steam reforming
reaction of generic hydrocarbon (CH.) might be

CiHm + NnH,O — nCO + (M/2 + n)H, (2.1)

Steam reforming of various C2+ hydrocarbons often contains hydrocracking

reaction to convert large hydrocarbon to methane and then methane is sequentially

reformed to CO and H,.

2.1.1 Steam methane reforming (SMR)

In case of methane, traditional steam methane reforming (SMR) processes
contain three reversible reactions; steam reforming reactions of methane (reactions

2.2-2.3) and “Water-gas shift reaction (WGS)” (reaction 2.4).

CHs + H,O = CO + 3H, AH 505 = +206.2 kJ/mol (2.2)
CHq + 2H,0 = CO, + 4H, AH 595 = +165.0 kJ/mol (2.3)
CO + H,0 = CO, + H; AH 595 = -41.2 kJ/mol (2.4)

According to reaction 2.1, CHy is basically reformed to CO as reaction 2.2 called
“Basic SMR reaction (bSMR)”. Then CO is shifted to CO, via WGS as reaction 2.4. The
series of reaction 2.2 and 2.4 is totally equal to reaction 2.3, thus the reaction 2.3 is
“Overall reaction of SMR” or could be called “Global SMR reaction (¢SMR)”. However,

in practice CHq is not only reformed through the reaction series, but also directly



through the Global SMR reaction. By definition, SMR should contain only reaction 2.2
and 2.3 which CHg react with H,O. But in almost works when SMR was mentioned, it
was often well-known to consist of the WGS reaction as well.

To maximize hydrogen production, CH4 should be converted as much as
possible and CO should be mostly shifted to gain more H,. Due to reversibility of SMR,
it has to operates in proper conditions and steam to carbon ratio (S/C). Because both
the reforming reactions are strongly endothermic but WGS is moderately exothermic,
thus SMR has to perform on catalyst at high temperature but individual WGS is favored
in lower temperature. Furthermore, the global reaction (reaction 2.3) represents that
SMR is volume expensive, so low pressure is more preferable. In figure 2.1 Liu (2006)
shows his simulation resulting thermodynamic equilibrium of each component as
function of temperature only. SMR did not occur at temperature less than 200°C.
Between 200 and 400°C, conversions of CHs and H,O increased slowly with
temperature as well as amount of H, and CO, but CO did not exist in this temperature
range, it meant WGS reaction is completely forward. When temperature was raised
than 400°C, reforming reactions were rapidly more activated. Until up to 800°C, both
CHg and HyO reached their maximum conversions and H, was highest produced.
However, WGS activity declined rapidly with temperature in 400-800°C according to
rising of CO. WSG deactivated because much higher concentration of H, made WSG
turn in backward direction although normally WGS equilibrium is more forward when
temperature increases. Lastly, the amount of each component was steady above
800°C. Due to different favorable temperature range between reforming reactions and

WGS reaction, thus conventional hydrogen synthesis via SMR process consists of 2



stages of operation; the primary is reforming stage and the secondary is shifting stage

(Liu, 2006).
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Figure 2.1 Thermodynamic equilibrium simulation of SMR reactions with S/C = 2.

Source: Liu (2006)

The reforming stage operates above 800°C typically over a Ni-based catalyst.
According to figure 2.2, Joensen and Rostrup-Nielsen (2002) show equilibrium
conversion of CHy affected by temperature, pressure and S/C. In accordance with highly
endothermic, volume expansive and reversible reactions of SMR, it is preferred to
operate at high temperature (over 800°C), lowest pressure and higher-than-
stoichiometric S/C (more than 2) to maximize the conversion. However, in practice,
pressure occurred in reformer was typically 30-40 bar at 800-1,000°C (Liu, 2006) (but
another process operated moderately 14-20 atm in this temperature range (Barelli et

al., 2008)) over a supported Ni catalyst.
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Figure 2.2 Effect of temperature, pressure and S/C on equilibrium CH,4 conversion in
SMR.

Source: Joensen and Rostrup-Nielsen (2002)

Although higher S/C would make CH,; conversion better continually, but in
practice S/C of 3 is typically sufficient to obtain maximum conversion. In other hand,
if there is insufficient steam, undesired coke (C) formation of methane (reaction 2.5) or
of carbon monoxide (reaction 2.6) might occur simultaneously (Liu, 2006).

CHy — C + 2H, AH’ 565 = +75 kJ/mol (2.5)
2CO = C + CO, AH 505 = -173 kJ/mol (2.6)

In shifting stage, although the kinetics of the catalytic WGS reaction are more
favorable at higher temperature. But WGS reaction is moderately exothermic thus it is
thermodynamically unfavorable at extremely high temperature as in reforming stage.
To maintain high shifting rates and get higher conversion with this thermodynamic
limitation, WGS is preferably divided into multiple adiabatic sub-stages with inter-
cooling. WGS typically contains firstly high temperature shift (HTS) in temperature range
of 350°C to 600°C with Fe-based catalysts and then low temperature shift (LTS) in

temperature range of 150°C to 300°C with Cu-based catalysts (Callaghan, 2006).
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2.1.2 Conventional processes of SMR

In conventional industry, hydrogen have been produced from natural gas via
SMR processes through three separate sections i.e. reforming of methane, gas shifting
and gas separation as figure 2.3. Due to thermodynamic equilibrium, a high
temperature above 750°C is sufficient to maximize conversion of CHq and operated in
a reforming furnace with fuel consumption. The effluent gas of the furnace, which still
contains CO about 8-10% in dry basis, is fed forward to WGS reactors including HTS
reactor which operated in 300-400°C then LTS reactor which operated in 200-300°C,
in series. Then outlet gas from the second shift reactor, which mostly consists of H,
and CO, (approximately H, 76%, CO, 17%, unreformed CHy 4% and CO 3% dry basis
(Harrison, 2008)), will be sent into additional separation units, normally using either
pressure swing adsorption (PSA) or amine scrubbing technology (Barelli et al., 2008;

Kenarsari et al., 2013).
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Figure 2.3 Conventional SMR process removing CO, by PSA.

Source: Barelli et al. (2008)
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2.1.3 Steam reforming of ethanol (SRE)

Ethanol (EtOH) is another excellent feed stock for hydrogen production via
steam reforming process. Ethanol is renewable organic compound derived from
fermentation of biomasses. The reforming pathways of ethanol are dependent on
catalyst e.g. Ni-, Pt-, Pd- or Co-based catalysts, and their operation conditions (Vaidya
and Rodrigues, 2006; Wu et al., 2012; Ebiad et al., 2012; Contreras et al., 2014, Rautio
et al., 2015; Liu et al., 2015; Zhao et al., 2016) as shown in figure 2.4. By Ni-based
catalysts used as same as SMR, the pathways are that EtOH is converted to
acetaldehyde (CH;CHO) and CHsCHO is converted to CHy then next to SMR on the

same catalyst (Contreras et al., 2014).
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Figure 2.4 Reaction pathways of steam reforming of ethanol.

Source: Contreras et al. (2014)

The reactions of EtOH to CHsCHO and CH;CHO to CHg are called “Ethanol

dehydrogenation reaction (ETD)” and “Acetaldehyde decomposition reaction (ACD)”
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as reactions 2.7-2.8, respectively (Cunha et al., 2012; Wu et al., 2013; Wu et al., 2014,
Wu et al., 2014; Wu et al., 2014).
CoHsOH = CH5CHO + H, AH’ 505 = +68.4 kJ/mol 2.7)
CH3CHO = CHq + CO AH’ 555 = -18.8 kJ/mol (2.8)
In practice, acetaldehyde is unstable intermediate and quite totally converted
to methane. Thus ethanol reforming with excess steam get EtOH conversion reach
100% according to a review of Haryanto et al. (2005) as table 2.1. Therefore De-Souza
et al. (2013) can combined ETD with ACD into “Ethanol decomposition reaction (EDC)”
that EtOH directly is converted to CHq, CO and H, as reaction 2.9.
CoHsOH —> CHa + CO + Hj, AH’ 365 = +49.6 kJ/mol (2.9)
Furthermore, steam could react directly with EtOH in another pathway which
also get CHg4 similarly to EDC reaction. Here, this reaction will be called ethanol

decomposition with steam (EDC/S) as reaction 2.10 (Vaidya and Rodrigues, 2006).

C2H5OH + H20 — CHq + C02 i ZHZ AHozgg = +8.4 ki/mol (210)

Table 2.1 Suitable catalysts of ethanol steam reforming and their performances.

Performance
ethanol Hy
catalyst temp, T conversion selectivity
rank (K) (%) (%)
Co—Zn0O 573—723 100 85
ZnO 573—723 100 85
RW/AIO3 723—923 100 92
Rh/CeO2 573—1073 100 >100
Ni/Laz03—Al03 573—1073 100 > 90

Source: Haryanto et al. (2005)
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After ethanol is quite all converted to methane, methane will be reformed
with steam via SMR as previous described reactions 2.2-2.4. Therefore the “Overall
reaction of SRE” can be summarized as below.

CoHsOH + 3H,0 = 2CO; + 6H, AH 565 = +173.4 kJ/mol (2.11)
The overall reforming reaction of ethanol is strongly endothermic as well the overall

reforming reaction of methane.

2.2 Steam reforming with CO, sorption enhancement

When integrate sorbents in the reformers, produced CO, from reforming in
reactions 2.3 and 2.11 has adsorbed then the equilibrium of the reforming reactions is
shifted forward. Advantages of this sorption enhancement include that 1) higher
conversion 2) CO, is separated from effluent gas 3) lower operation temperature due
to exothermic adsorption and shifting of reforming reactions (Rodrigues et al., 2017).
For methane and ethanol, the reforming reaction with CO, sorption is called “Sorption
enhanced steam methane reforming reaction (SESMR)” and “Sorption enhanced
steam reforming of ethanol reaction (SESRE)”, respectively. The details are discussed

in subtopics below.

2.2.1 CO, adsorption and desorption

There are many sorbents usable for CO, capture as shown in table 2.2. The
suitable sorbents to capture CO, from reforming reactions should have excellent
properties as follows:

1) High CO; capacity.

2) High stability after many cycles of re-usage.
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3) High adsorption kinetics in the range of temperature 450-650°C.
4) Low temperature interval between adsorption and desorption.
And other properties such as high selectivity, good mechanical strength and low cost

might be considered (Barelli et al., 2008; Singh et al., 2009).

Table 2.2 Suitable sorbents for CO, capture and their performances.

Sorbent Stoichiometric adsorption ability Regenerating Stoichiometric adsorption ability
(g CO,/g sorbent) temperature (°C) after 45 cycles
Natural Calcium carbonate (CaCOs) 0.79 900* 0.316
sorbents Dolomyte (CaCO;z x MgCO;) 0.46 900 0.16
Huntite (CaCO3 x 3MgCOs) 0.25 900* 0.20
Hidrotalcite, promoted K>CO;/ 0.029" 4007 Stable
hydrotalcite
Synthetic Lithium orthosilicate (Li,SiO;)  0.37 7504 Stable until 100 cycles
sorbents Lithium zirconate (Li>ZrOs) 0.29 690° Stable until 100 cycles
Sodium zirconate (Na>ZrO;) 0.24 790° Stable until 100 cycles

Source: Barelli et al. (2008)

Among all listed sorbents, CaO sorbents are the cheapest and have the highest
CO, capacity, moderate adsorption rate but the lowest stability (Barelli et al., 2008;
Harrison, 2008; Sayyah et al., 2013; Islam et al., 2014; Ping and Wu, 2015). Hydrotalcite-
like materials (HTCls) have the highest adsorption rate, good stability but very low CO,
capacity (Koumpouras et al., 2007; Barelli et al,, 2008; Harrison, 2008). Synthetic
sorbents have high capacity, sood stability and low to moderate adsorption rate but
are the most expansive (Ochoa-Fernandez et al., 2005; Koumpouras et al., 2007; Barelli
et al., 2008; Harrison, 2008). Thus, for large-scale hydrogen production via SESMR,
natural CaO sorbents are preferable due to their costs.

Reaction of CaO sorbents adsorbing CO, is as reaction 2.12 which forwardly
called “carbonation reaction” and backwardly is called “decarbonation reaction”.

Ca0 + CO, = CaCOs AH 505 = -178 kJ/mol (2.12)
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Kinetics of carbonation and decarbonation depend on partial pressure of CO, and
temperature of operation. The temperature effects to equilibrium pressure of CO, as
shown in figure 2.5. When partial pressure of CO, is higher than the equilibrium
pressure, CO, is adsorbed (carbonation occurs). Otherwise when partial pressure of CO,
is lower, CO, is desorbed (decarbonation occurs). In case that partial pressure of CO,
equals to atmosphere, the temperature must be much less than about 900°C
(equilibrium temperature) to adsorb CO,. After CaO adsorbs CO, and becomes CaCOs,
they can be refreshed by increasing the temperature to much more the equilibrium

temperature.
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Figure 2.5 Equilibrium pressure of CO; as a function of temperature.

Source: Johnsen et al. (2006)
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Figure 2.6 Carbonation fraction (X) of CaO derived from experiments of Bathia and
Pelmutter (left) and Gupta and Fan (right).

Source: cited in Barelli et al. (2008)

From figure 2.6 left is experimental results studied by Bhatia and Perlmutter
(cited in Barelli et al., 2008) and right relates to the experimental study of Gupta and
Fan (cited in Barelli et al., 2008). This has been reported that the carbonation does not
proceed to the complete conversion of CaO but the maximum conversion is in the
range of 70-80% or up to 90%. However, if spent CaO is reused by numbers of cycling,
the maximum conversion or CO, capacity will be decreased as shown in figure 2.7. This
is thermal deactivation which CaO sorbents have higher deactivation rate than other
sorbents. CO, capacity of CaO will drop until steady to about 28% (Johnsen et al,,

2006).
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2.2.2 Sorption enhanced steam reforming

From figure 2.8 in the conventional SMR process (without CaO) the H,
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concentration increases at the temperature increment and reaches a maximum of 0.77

at 800°C but in the SESMR the maximum is reached at 580°C with a value of H, molar

fraction of 0.98. Relative to the SESMR process, when the temperature is less than

580°C the equilibrium H; content curve shows two branches i.e. the lower one allows
for the formation of both CaCO3 and Ca(OH), but Ca(OH), is not formed in the upper
branch. Molar fraction of H, is evidently higher for SESMR than SMR in range of 580-

820°C. When temperature is over 820°C, the molar fraction of H, becomes the same

for the two cases because carbonation turns to decarbonation instead (Barelli et al.,

2008).
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Figure 2.8 SESMR process (using CaO sorbent) compared to conventional SMR
process in which equilibrium H, dry molar fraction in product gas as a
function of temperature at pressure = 5 atm and S/C = 4.

Source: Barelli et al. (2008)

The influence of operation pressure on range of SESMR temperature and
equilibrium H, molar fraction is also shown in figure 2.9. When pressure is higher,
maximum H, purity is little decreased but range of SESMR temperature is shifted to
much higher. The shifting is not suitable because temperature of sorbent regeneration
must also be shift and wasting energy. Thus SESMR with CaO sorbents prefers operation

at atmosphere and temperature of 450-600°C (Barelli et al., 2008).
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Figure 2.9 Effect of pressure in SESMR process (using CaO sorbents) on equilibrium H;

dry molar fraction in product gas as a function of temperature at S/C = 4.

Source: Barelli et al. (2008)

2.3 Fluidized bed reactors

Fluidized bed reactors are widely applied in processes containing gas and

solids. Advantages of fluidized bed reactors over fixed bed reactors are lower pressure

drop and more gas-solid (reactant-catalyst/sorbents) contacting throughout beds that

give better mass and heat transfer. Types of gas-solid fluidized bed reactor are divided

by gas-solid phenomena also called flow regimes as shown in figure 2.10. The typical

regimes are bubbling bed, turbulent bed, fast fluidized and dilute transport regimes.

The flow regimes depend on gas velocity, amount and properties of the solids (Kunii

and Levenspiel, 1997).
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closely spaced internals

Figure 2.10 Regimes of gas-solid fluidization.

Source: Kunii and Levenspiel (1997)

For gas-solid of both catalytic and non-catalytic reactions, fluidized bed
reactors and their types have been applied in many conventional processes as shown
in table 2.3. Circulating fluidized bed reactors (CFBR) have been utilized in commercial
processes such as combustion boiler, fluidized bed catalytic cracking (FCC), Fischer-
Tropsch synthesis, etc. For SESR application, CFBR has been developing and expected
for large hydrogen production because feed increase with higher gas velocity and
sorbents can be transported out of the reformer and regenerated simultaneously in
another reactor (Kunii and Levenspiel, 1991). Other advantages of CFBR over Bubbling
bed reactors and fixed bed reactors are shown in table 2.4 (Mousa et al., 2014). A

general CFBR system consists of four unit parts (Prajongkan, 2011) as follows:
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1) Riser: Gas and solids come in at bottom. Solid particles are blown up and

removed off with gas at top.

2) Cyclone: Solid particles are separated from gas and fall out at bottom.

3) Downer: Solids from cyclone fall in and move out at bottom. This unit could

act like a receiver or another reactor.

4) Solid return system: Solids return to bottom of the riser.

Table 2.3 Industrial processes and applications of fluidization and their regime.

Processes/applications

Operating regime

Fluidized bed catalytic cracking (FCC)

Maleic anhydride/phthalic anhydride

Acrylonitrile

Ethylene dichloride

Polymerization of olefins
(polyethylene/polypropylene)

Coal gasification

Fischer-Tropsch synthesis

Acrylonitrile/metacrylonitrile

Calcination/roasting of ores

Incineration of solid waste

Riser reactor: fast-fluidized bed regime

Regenerator: bubbling bed/turbulent
fluidized bed regime

Turbulent fluidized bed regime

Bubbling/turbulent bed regime

Bubbling/turbulent bed regime

Bubbling/turbulent fluidized bed regime

Turbulent fluidized bed regime
Dense phase/fast-fluidized bed regime
Bubbling/turbulent bed regime
Bubbling/turbulent bed regime
Bubbling/turbulent bed regime

Source: Ranade (2002)

Table 2.4 Comparison between fixed bed, bubbling fluidized bed and circulating

fluidized bed reactors applied for steam reformer.

Fixed bed BFBMSR CFBMSR
Catalyst particle size Large to decrease pressure Relatively larger than that Hinep artl:;:;?‘erel:::i i:cstl:)rrmg higher
(for the same flow rate) drop (8-16 mm) of CFBMSR (0.2-0.35 mm) (0.05-0.15 mm)

. Low
Pressure drop Very high (2-4 atm) Moderate (0.2-0.4 atm) (around 0.1 atm)
Effectiveness factor Very low (102-107) High (~1) High (~1)
Gas flow rate Low Medium High, allowing for higher productivity
No need for shutdown due to the

Catalyst regeneration Shutdown required Shutdown typically needed presence of downer; also regeneration

allows autothermicity of the operation

Source: Mousa et al. (2014)
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2.4 Kinetic modeling

Kinetic rates involved in SESMR and SESRE, had been studied and expressed
from several different researches. But in literature review, the following kinetic rates of
SMR, SRE, carbonation and decarbonation were chosen and applied with successful
validations in many previous researches. The SMR kinetics from Xu and Froment (1989)
and the carbonation kinetics from Sun et al. (2008) had been validated in fluidization
with good results (Lindborg et al.,, 2007) then were continuously applied in almost
publications of the research group from NTNU (Wang et al., 2010; Wang et al., 2010;
Wang et al., 2011; Chao et al., 2012; Sanchez et al., 2012; Sanchez and Jakobsen, 2012;
Solsvik et al., 2012; Sanchez et al., 2013; Solsvik et al., 2013; Wang et al., 2014; Solsvik
et al., 2014). In addition, this SMR kinetics was also validated in other studies with very
good results, such as percentage of H; in effluent gas had deviation less than 0.5% in
a work of Di Carlo et al. (2010) as well as deviation about 3.5% for SMR and 1% for
SESMR in a work of Chen et al. (2013). This might prove that both kinetics were suitable
for the future studies of fluidization with SESMR using the Ni-based catalyst and the
dolomite. Several kinetic models of SRE on Ni-based catalyst were applied by some
researches (Mas et al., 2008; Wu et al., 2013; De-Souza et al., 2013; Wu et al., 2014;
Wu et al., 2014; Wu et al., 2014) but unfortunately, there was no application with
fluidization. The only kinetics of SRE which applied on typical Ni-based catalyst like Ni-

AlLOs; (Mas et al., 2008; De-Souza et al., 2013) would be studied as described next.
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2.4.1 Kinetics of SMR

Xu and Froment (1989) investigated the intrinsic kinetics which account for the
resistance to diffusion on a Ni/MgAl,O, catalyst. The kinetic rates expressing reactions

2.2-2.4 are as eqgs. 2.13-2.15, respectively.

3
I'hSMR ‘kEST%R (pCH4pH20'%) : DElNZ (2.13)
KgsMR 2 Pﬁzpcoz 1
IgSMR = o (pCH4pH20' Koo ) 'DENZ (2.14)
I'waes :kaHZS (pCOpHZO' piz‘x:z) ’ﬁ (2.15)
Ku,0PH,0
DEN =1+K¢oPeo+Kn, P, *Kcn, Pen, e (2.16)

Ph,
Where
ri = Rates of reaction i, [kmol-kge s

pk = Partial pressures of species k, [Pa]

ki = Rate constants of reaction i according to Xu and Froment (1989) are as

follows:
Kooz -9.708-10 *exp [ (1-=-)| , (kmolPa®keer 5™ (2.17)
Kgsur - 1.156-10*exp [@ (%ﬁ)]  [kmol-Pa% kg b5l (2.18)
kwes - 1.2597-10 %exp [‘671130 (%6718)] , [kmolkge Pal s (2.19)

Ki = Equilibrium constants of reaction i according to Xiu et al. (2002) are as

follows:

1013252

Kpsmr = Pa’] (2.20
bSMR ™ ¢xp(0.251324-0.366523-0.5810122.27.13372.3.277) [Pl (2.20)

Kosmr = KpsmrKwis ,[Pa?l (2.21)

Kwes - exp(—0.29353Z3:0.6350872:4.17787+0.31688) ,[]  (2.22)

1000

Z - 1 , [ (2.23)
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Kk = Adsorption equilibrium constants of species k according to Xu and

Froment (1989) are as follows:

Ken, - 1.791-106exp [@ (%é)] ,[Pa] (2.24)
K0 -04152exp [0 (1. )] [ (2.25)
Ko -4.091-10%exp [@ (% : %)] ,[Pa] (2.26)
Ky, ~2.960-107exp [ (2= )| ,[Pa™] (2.27)

2.4.2 Kinetics of SRE

From literature review, two approaches were found for kinetic models of SRE
reactions on Ni-based catalyst. The first SRE kinetics was applied in a study of De-Souza

et al. (2013). Another one was modelled from kinetic study of Mas et al. (2008).

Model A: De-Souza et al. (2013) studied simulations of SRE using favorite kinetic
models of the SMR reactions (reactions 2.2-2.4) next to kinetic model of the EDC

reaction (reaction 2.9). Thus, this SRE approach included four reactions as follows:

EDC: CoHsOH —> CHg + CO + H; (2.9)
bSMR: CHg + H,0 = CO + 3H, (2.2)
gSMR: CHa + 2H,0 = CO; + 4H, (2.3)
WGS: CO + H0 = 0, + H, (2.4)

The power law kinetic rate of EDC is irreversible first order which derived from

Sun et al. (2005) as the following.

T'epc = KepcPEton (2.28)

Where

repc = Rate of EDC reaction, [kmol-kge s
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peton = Partial pressure of ethanol, [Pa]

kepc = Rate constant of EDC reaction, [kmol-Pa™-kge: ™57, is as the following.

105 .
455-10 exp[2030] (2.29)

Kepc = T T
While the set of kinetic models for the SMR reactions belongs to Xu and Froment

(1989) as in the previous section.

Model B: Mas et al. (2008) studied kinetics of SRE and derived their own kinetic

model. Their model involved four reactions as following.

EDC: CoHsOH —> CHg + CO + H, (2.9)
EDC/S: CoHsOH + H,O —> CHy + CO, + 2H, (2.10)
bSMR: CHg + H,O = CO + 3H, (2.2)
gSMR: CHq + 2H,0 = CO, + 4H, (2.3)

The reaction rates of these SRE reactions were expressed as follows:

1

Ienc - KepcKeeonPrron: 5o (2.30)
1
Tencs = KepcsKetonKu,0PEronPh,0 5oz (2.31)
3
PH,Pco 1
Ipsmr = KosmrKcr, Kh,0 (pCH4pH20‘ KbZSMR > “DENZ (2.32)

Tgsmr = KgsmrKcn, Kn,0 (KHZOpCH4 pﬁZO' pi;:;?) : DE1N3 (2.33)
DEN =1+KgionPeon+Kn,0Pn,0+Kcen, Pen, (2.34)
Rate constants of reaction i were defined as follows:
Kepc-4833-10%exp [ (1), kmolkears™) (235)
Kepes - 5.167-103exp [@ (% : %)]  [kmolkge s (2.36)

Kpswr - 1.667-10%exp [2o= (2-==)| kmolkgar's™) (2.37)
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Kgsur - 400010 %exp [Z22 (1. 1)) , [kmolkge s (2.38)

And adsorption equilibrium constants of species k were expressed as follows:

Kii,0-3.691-10%exp [ 2 (2= )|  [Pa] (2.39)
Kgion = 6.089-10*exp [@ (%%)] , [Pa™] (2.40)
Ken, - 1.120-10%exp [ (2  [Pa] (2.41)

Lastly, equilibrium constants of reactions, Kpsur and Kgemr could be used eq. 2.20

and eq. 2.21, respectively.

2.4.3 Kinetics of carbonation

Sun et al. (2008) determined the rate constants of carbonation of calcined
limestone and dolomite which both are natural CaO sorbents. The kinetics of
carbonation by dolomite is expressed as the following.

Tearb = Kearb (pCOZ'pCOZ,eq)nSO(1'XCaO) (2.42)
Where

rcarb = Rate of carbonation, [kmol-kgsorb'l-s'l]

pcoz = Partial pressure of CO,, [Pa]

pcozeq = Equilibrium pressures of CO,, [Pa], are dependent on temperature
ranges as follows:

- For T> 1173.15 K according to Abanades et al. (2004);
Pcoyeq-1.216:1012exp [@] (2.43)
- For T< 1173.15 K according to Johnsen et al. (2006);
Pcoyeq -41918:1012exp [#] (2.44)
kearb = Rate constants of carbonation and n = Degree of partial pressure, [-],

are dependent on pcoz ranges as follows:



- When (pcoz- pcozeq) > 10,000 Pa;

Kearb = 1.04‘-10’6exp [%]
and n-=0

- When 0 < (pcoz- pcozeq) < 10,000 Pa;

-20400

Kearb = 1.04-100exp [

and n=1

- When (pcoz-pcozeq) < 0 Pa;

There is no CO, captured (decarbonation occurs instead).
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. [kmolm™?s™] (2.45)

] , [kmolm?Pats!]  (2.46)

So = Initial specific surface area of CaO = 3.1x10%* m% KSsorb 1 for dolomite

Xcao = Conversion of Ca0, [-], which defined for dolomite as

( Sorbent) Sorbent Sorbent Sorbent

XC 0= Ncag  Jused Ncaco3  XcaC03  __ XCaC03
a0 = , Sorbent ~ _Sorbent — _Sorbent T

(nga0’" " iresh  MCa00  XCa0,0 05188

2.4.4 Kinetics of decarbonation

(2.47)

Okunev et al. (2008) had analyzed kinetics of decarbonation of CaO sorbent

(reverse of reaction 2.12) and found that the rate is dependent on particle size,

temperature, CO, pressure and Sherwood number as the following.

20474
o () )
deca Mcoy 1 a2sgp %/ PCo PCoy.eq
16-252Lf exp|7.8( ——2-
£4Sh PCOz,eq

Where
Ideca = Rate of decarbonation, [kmol-kgsorb'1-s'l]
Mcoz = Molecular weight of CO,, [kg-kmol™]
Ssp = Specific surface area of CaCOs, [m* kgso '], is

Ssp = Ssp,OXCaO: 380XCaO

Xcao = Conversion of CaO, [-], which defined for dolomite as eq. (2.47)

(2.48)

(2.49)
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dp = Mean diameter of particle, [m]

pp = Density of particle, [kg-m™]

¢ = Constant porosity of dolomite = 0.47 [-]

pcoz = Partial pressure of CO,, [Pa]

pcozeq = Equilibrium pressure of CO,, [Pa], is dependent on temperature ranges
as eqgs. 2.43-2.44.

Sh = Sherwood number, [-], is a function of particle Reynolds number (Rep)

and Schmidt number (Sc) as follows:

1
Sh - 2+Rep/ 35¢'/3 (2.50)
Re,, - 260 (251)
Hg
__Me
Sc-= D, (2.52)

Lg = Viscosity of gas, [ke-m™-s?]
pg = Density of gas, [kg-m™]
Upg = Particle-gas relative velocity, [m-s™]

3102 = Molecular diffusion coefficient of CO, = 1.6x10™ [m?s]

2.5 Computational fluid dynamics (CFD)

Computational fluid dynamics (CFD) is a modern branch of hydrodynamics
using algorithms and numerical method i.e. discretization methods to solve complex
fluid problems. CFD is an art of considering models of conservation combined with
correlation equations (constitutive equations) and other involving models like chemical
kinetic models, as shown in figure 2.11. In this case of fluidization which is gas-solid

contacting transportation, multiphase flow models approach is siutable for utilization.
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Momentum Conservation
Mass Conservation
Heat Conservation

Governing
equations
Kinetics
Cold Flow Model Reaction rate
PR
) equations
S Hydrodynamics

Constitutive

equations

b SOlid-Solid Interaction e.g. solid stress
Gas-Solid Interaction (Interface) e.g. drag force, thermal conductivity, momentum/mass/heat transfer
e IN-phase Correlations e.g. mixture of gases, friction factor, mass diffusion

. ENViIFONMeENt Relations e.g. heat transfer with wall

Figure 2.11 Groups of models involving in CFD study.

2.5.1 Multiphase flow modeling

There are two main approaches for fluid-particle multiphase flow modeling
(Ranade, 2002; Yeoh and Tu, 2010) as the following.

1) Euler-Euler model is also called granular flow model (GFM) in gas-
solid flow system. An Eulerian framework is considered for all phases. The kinetic
theory of granular flow (KTGF) that represents kinetic energy oscillation must be
applied for any solid particle phase (Gidaspow, 1994). This Euler-Euler model with KTGF
is suitable for this fluidization systems which have large amount of solid particles (Wang
et al., 2010; Di Carlo et al., 2010; Wang et al., 2010; Prajongkan, 2011; Wang et al,
2011; Chao et al., 2011; Chao et al., 2012; Hodapp et al., 2012; Sanchez et al., 2012;
Sanchez et al., 2012; Solsvik et al., 2012; Solsvik et al,, 2013; Solsvik et al., 2014;
Sanchez et al., 2013; Wang et al., 2014, Song et al., 2016). The Euler-Euler model with

KTGF is a principle of simulation in this dissertation described in next topic.
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2) Euler-Lagrange model is also called discrete particle models (DPM)
in gas-solid flow system. The Eulerian framework is considered for the continuum
phase (gas phase) and a Lagrangian framework is considered for all the dispersed

phases (solid phases).

2.5.2 Euler-Euler model with kinetic theory of granular flows (KTGF)

The concept of Euler-Euler approach (ANSYS, 2013) is that summary of volume
fraction of each phase (gq) in each control volume is always unity.
Dg18q =1 (2.53)
The volume (Vq) and bulk density (pbulkq) of phase q are defined by
Vq- fv gqdV (2.54)
Pbulkq=€qPq (2.55)
where

pq = Physical density of phase g, [kg:m™]

The KTFG has extended from kinetic theory of gas by adding kinetic energy
oscillation owing to inelastic collisions and fluctuating motions of the particles (ANSYS,
2013). A representative of the kinetic energy oscillation comes in terms of a granular
temperature (®s) and can be evaluated from kinetic fluctuation energy conservation

shown in eq. (2.86) later.
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2.5.2.1 Governing equations

1) Mass conservation
The conservative equation of mass or called “continuity equation” can be
expressed as the following (ANSYS, 2013).
Z_?v‘(pv) _S,. (2.56)
For each phase q,
g (24Pq)*V-(£qPaV0) - Zgzl(mpq'mqp) +*Smq (2.57)
where
Vq = Velocity of phase g, [m-s]

m,, = Mass transfer from phase p to phase g, [kg-m>s]

p

Sm,q = Mass source of phase g, [kg-m™-s7']

2) Momentum conservation
The conservation equation of momentum can be written as the following
(ANSYS, 2013).
Z (pV)+V-(pW) - Vp+V T+ pg:F (2.58)
Unlike mass conservation, interaction between solid phase and solid phase is
difference from interaction between fluid phase and solid phase. Thus, for gas phase

(g) the momentum conservation can be

0 _ - _ R
ot (Egngg)*v'(sgngng) =-&gVP+V-Tgr€g0,8
+ 21 (ng (Vs ‘Vg)+msgvsg'mgsvg5)

+(Fg*’Flift,g+le,g*'va,,<g+Ftd,g) (2.59)
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and the momentum conservation for solid phase (s) is

0 — — — _ -
P (85 psvs)+v'(£s psVsVs) = -sSVp-VpS+V-TS+sS Ps8
+ 21111 (Kls (Vl"—;s)*mlsvls'rhsl‘_/\sl)

+(Fs+Fiiges Fyms+Fras) (2.60)
where

p = Static pressure, [Pa]

ps = Solid pressure, [Pa], described in eq. (2.83)

Ty = Stress tensor of phase g, [Pal, described in eq. (2.78)

g = Gravity force, [m-s?]

ng = Interphase velocity from solid phase to gas phase, [m-s]

Vs = Interphase velocity from phase | (could be either solid or gas) to solid
phase, [m-s™]

Kss =Kgs and Kjs =Kg = Interphase momentum exchange coefficient,
[kg-m>-s™"], divided into gas-solid and solid-solid interphase as described in egs. (2.89),
(2.91) and (2.92)

ﬁq = External body force to phase g, [kegm?®s?, N-m~]

ﬁ]ift'q = Lift force to phase q, [kg-m?s? N-m~]

|

vm,q = Virtual mass force to phase g, lke'm?s? N-m?]
Ed'q = Turbulent dispersion force to phase g, [ke:-m?s? N-m~]

ﬁwl,g = Wall lubrication force to only gas phase, [kg-m?s?, N-m~]
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3) Energy conservation
Analogous to velocities in momentum conservation, enthalpies take places in
terms of mass flow in conservation of energy. For gas phase the equation of energy

conservation can be written as the following (ANSYS, 2013).

% (egPgHg) V-(egPgVgH,) - £ %ﬁg:vvg'vag
+Sp gt 21 (Qug+Tigghsg Tgshgs ) (2.61)
Where
H, = Specific enthalpy of gas phase, [m*s?, J-kg"]
pg = Static pressure of gas phase, [Pa]
Qg = Heat flux of gas phase, [W-m*“]
Sh,g = Heat source of gas phase, W-m™]
Qsg = Intensity of heat exchange between solid phase and gas phase, [W-m~]
hge =h,s = Interphase heat exchange coefficient between solid phase and gas

phase, [m?s?, J-kg‘1], described in eq. (2.93)

For a solid phase, the energy conservation is derived with KTGF which also

called the kinetic fluctuation energy conservation as the following (ANSYS, 2013).

370 R -
3 a(ssps®s)+v(sspsvs®s)] :(—pSI+TS):VVS+V-(k®SV®S)-y®S+¢lS (2.62)

Where
Term (-psI+T,):VVy = Generation of energy by the solid stress tensor
Term V~(k®SV®S) = Diffusion of energy
Term yeg, = Collisional dissipation of energy, defined by Lun et al.

as eq. (2.63)



34

Term ¢, = Kinetic energy exchange between phase | (could be
either solid or gas) and solid phase, defined as eq. (2.64)

O = Granular temperature, [m%s?, J.kg''], described in eq. (2.86)

I = Unit tensor, [-]

ke, = Diffusion coefficient, [m*s™]

and
12(1'e§s)g0,ss 2 3/2
Yo. - T ® (2.63)
(I)ls _3K,0, (2.64)

ess = Restitution coefficient for solid-solid collisions, [-]
dg = Particle diameter of solid phase, [m]

80ss = Radial distribution coefficient, [-], described in eq. (2.84)

4) Chemical species conservation
General equation of chemical species conservation for a species k in a single
phase is as the following (ANSYS, 2013).
= (pY)+V-(pVYi) = V]iRyesSi (2.65)
In multiphase flow, the conservation of the species k in phase q is
% (e9p9Y,))+V-(e9pvay,) - -V-(equ)wqRiquE
+ Y1 (gt gk ) (2.66)
where
YS = Mass fraction of species k in phase g, [-]
J& = Mass flux of species k into phase g, [kgm2s™]
Rﬂ = Net rate of species k produced by homogeneous reactions inside phase

q, [ke-m?-s7]
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Sg = Rate of creation of species k by addition from dispersed phase and other

sources in phase g, [kg-m™-s™]

5) Source terms due to heterogeneous reactions

Previous conversation equations per phase, as egs. (2.57), (2.59)-(2.61) and
(2.66), can use for system which has no reaction or has only homogeneous reactions.
Whereas when heterogeneous reactions occur, there are appearances and
disappearance of some molecules in the phase, so a source of mass, momentum,
energy or species transfer must be added in each regarding conversation equations.

The sources terms due to heterogeneous reactions are described as follows:

5.1) Mass transfer
The reactant and the product side of a reaction are represented
by r and p, respectively.
Se, - RZx (/M) (2.67)
Sp, - R, (YPMP) (2.68)
The mass transfer to phase g due to a heterogeneous reaction (ANSYS, 2013) is
Sq = Spq+Srg (2.69)
where
Y; = Stoichiometric coefficient of species j which involved in the reaction, [-]
M;j = Molecular weight of species j which involved in the reaction, [kg-kmol™]

R = Rate of a heterogeneous reaction, [kmol-m>.s™]
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5.2) Momentum transfer

The net velocity of the reactants is expressed as

— Zr(yerjrvri)

= 2.7
Vhet Zr(yer]_r) (2.70)

The momentum transfer to phase g due to a heterogeneous reaction (ANSYS, 2013) is
S§ = Sp, Vnetr R X, (Y MV (2.71)
where
Vr,— = Velocity of a reactant j which involved in the reaction, [m-s™]

Vq = Velocity of phase g, [m-s]

5.3) Heat transfer

The net enthalpy of the reactants is expressed as

(yr™mErHE
Hpee = W (2.72)
The heat transfer to phase g due to a heterogeneous reaction (ANSYS, 2013) is
SH = Sp, Hnee R [, (YMIHY) - X, (YVPMPH®)] (2.73)
where
H; = Specific enthalpy of species j which involved in the reaction, [m%s?,
Jkg™]

H]-f = Specific formation enthalpy (heat of formation) of species j which involved

in the reaction, [m?s?, J-kg™]

5.4) Species transfer

Similar with mass transfer, sources terms for each species k are

SR Z (v M) (2.74)
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, pk pk
Sy~ R T (y]. M! ) (2.75)
The species transfer to phase g of the species k due to a heterogeneous reaction

(ANSYS, 2013) is

k
Sq: Sp‘é+srl§ (2.76)

2.5.2.2 Constitutive equations

1) Stress tensor
In a single phase, the stress tensor (T) is given by
_ T 2
T-u [(VV+VV )-§V~VI] (2.77)

and in multiphase, the stress tensor for phase g (ANSYS, 2013) is

Ty = Eqha (VW VVe ) g (?\q-§ uq) Vvl (2.78)

where
Hq = Shear viscosity of phase g, [Pa-s]. For solid phase, this is described in eq.

(2.79)
Aq = Bulk viscosity of phase g, [Pa-s]. For solid phase, this is described in eq.

(2.82)

2) Solid shear viscosity
In solid phase, the shear viscosity involves viscosities from collision, kinetics
and friction (optional). Thus, the solid shear viscosity (L) is given as

Hs = Hg coltHs kintHs fr (2.79)

where the collisional viscosity is
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1
4 O /2
Hs,col = 385 psdsgo,ss(1+ess) (?) & (2.80)

and the kinetic viscosity is applied from Gidaspow et al. (ANSYS, 2013) as

sdsy/Os 2
10"—“[1+§ssg0,55(1+e55)] g, (2.81)

us,kln - 9655(1+ess)gO,ss

3) Solid bulk viscosity

The solid bulk viscosity (As) expression accords to Lun et al. (ANSYS, 2013) as

1
4 [ON 2
)\s -3 Sg psdng,ss(1+ess) (?) (2.82)

4) Solid Pressure

The solid pressure (ps) is in functions of the granular temperature given by Lun
et al. (ANSYS, 2013). The expression which consists of terms of kinetic energy and
particle collision, is as the following.

Ps =& ps®s+2£§ ps®sg0,ss(1+ess) (2.83)

5) Radial distribution coefficient
For single solid phase, the radial distribution coefficient (g ss) is modified by

Lun et al. (ANSYS, 2013) as the following.

1

Boss- [1- (m)%l (2.80

Where

€smax = Maximum packing of solid phase, [-]

For mutual solid phases between phase s and another solid phase |, the mutual

radial distribution coefficient (g s) is given as
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dsgou+di8o,ss
= ——— 2.85
gO,ls dg+dy ( )

6) Granular temperature from KTGF

The granular temperature (®g) is the representative of energy in KTGF as
described previously and can be evaluated from the kinetic fluctuation energy
conservation as eq. (2.62). Algebraic formulation is able to simplify the conservation
equation by neglecting convection and diffusion term as an equation below (ANSYS,

2013).

%% (Ss ps®s) N ('perrfs)iVVs'YG)S*q)]S (2.86)

7) Gas-solid momentum exchange coefficient

The gas-solid momentum exchange coefficient (Kyg) is defined as

S Sf ra;
K =R (2.87)

where

T, = Particulate relaxation time in solid phase, [s], given as

psd?
T3 1, (2.88)

Due to drag function (fgrag) is dependent to drag coefficient (Cp) and one of
the proper drag functions is Gidaspow's drag model, thus the gas-solid momentum

exchange coefficients from Gidaspow's drag model are as follows (ANSYS, 2013):

When g > 0.8;
3 £5EgPg| VsV
Ksg = ” Cp % €4-2.65 (2.89)
24 0.687
Co- o |1:0.15(z;Re;) | (2.90)
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When g <08;

[V Ve

Ky - 150 2 75 Pats

€gds ds

(2.91)

Where

Res = Particle Reynolds number of solid phase, [-], described in eq. (2.51)

8) Solid-solid momentum exchange coefficient
The solid-solid momentum exchange coefficient (Kj, | is another solid phase)
is expressed (ANSYS, 2013) as

2
_ 3(1+els)(§+Cfr,1s%)£spsslpl(dl+ds)2go,1s -
K=K - o) NRA (2.92)

where
e)s = Restitution coefficient for solid-solid collisions, [-], means as same as e
Cgr)s = Friction coefficient between solid phases, [-]

Radial distribution coefficient of mutual solid phases, [-], described in

80,s

eq. (2.85)

9) Gas-solid heat exchange coefficient
The interphase heat exchange coefficient between solid phase and gas phase

(hgg) is expressed as an equation below (ANSYS, 2013).

(2.93)

Where
kg = Thermal conductivity of gas phase, [W-m™.K"]
Nus = Nusselt number of solid phase, [-], which has a correlation from Gunn’s

model (ANSYS, 2013) as
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Nu, - (7-10g,:5¢7) (1-0.7RedPr /3)
+(1.33-2.4¢,+1.262)Red7Pr /3 (2.99)
with  Pr = Prandtl number of gas phase, [-], as
pr_ —ials

r= k_g (295)

Cpg = Heat capacity of gas phase, [J-kg'-K]

2.5.3 Discretization

Discretization is mathematic process to calculate solutions from differential
equations by transforming to algebraic equations. Problems are solved via numerical
methods by computer programs. Conventional discretization methods which widely
utilized are 3 methods i.e. finite difference method (FDM), finite element method (FEM)
and finite volume method (FVM) (Prajongkan, 2011). FVM is the most suitable for fluid

dynamics problems and used in this dissertation.

2.5.3.1 Finite volume method (FVM)

FVM (ANSYS, 2013; Uriz et al., 2013) is a discretization method which divides a
domain of a problem into small control volumes (cells) and integrates the conservative
equation on all control volumes as

[, Z2dv.§ p¢v -dA- $TV¢ dA: [, S,dV (2.96)
where

¢ = Properties parameter

A = Area vector

[' = Diffusion coefficient of ¢

S¢ = Source of ¢ per unit volume
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Because integral forms of conservative equations are difficult to solve directly,

differential forms of a cell are determined as
L.y (yprVrAr) = Ty (TV0,Ar) +SyV (2.97)

where

Naces = Number of faces enclosing the cell

o, = Value of ¢ convected through face f

Kf = Area of face f

pveAr = Mass flux through face f

V = Cell volume

In eq. (2.97), the %V is time dependent term. This term is neglected if

considered in steady state, but for transient problems this derivative must be
discretized by small time different (At). Dividing the domain in to small cells is called
“spatial discretization” and dividing time into time steps called “temporal
discretization” (ANSYS, 2013).

To solve a time dependent problem, solutions of ¢ of cells in the domain will
be calculated cell by cell firstly in a same time step then use these new ¢ of each cell

for solving in the next time step.

1) Spatial discretization

Figure 2.12 demonstrates simple regular cell in 2D directions with a center of
considered cell called node P. the differential form of conservation at node P is derived
as the following (Uriz et al., 2013).

0 =- (VXAd)) et (VXA¢) w”~ (VXAd)) n* (VXA(I)) S

~(ra ‘Z—¢)e (ra Z_d))w + (FA%)n (ra %)S 1SV (2.98)
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The four-direction derivatives in eq. (2.98) can be calculated, for example in

direction e, as

(FA@)e LA, (M) (2.99)

OX SX,EP
where

Oy gp = distance between nodes E and P

' - :
______ e I s Dl e IO ol i
+ + 3
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: ot +
___________ +5W,45*4,
+ ot 4

Figure 2.12 The 2D regular mesh demonstrated relation between reference cell and
it neighbor cells.

Source: Uriz et al. (2013)

The new values of ¢, at surface node e will able to be evaluated from known
¢ at center nodes nearby. There are several procedures (Uriz et al., 2013) to calculate

the ¢, as follows:
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1.1) Upwind differencing scheme (UDS)

This scheme has two types to use i.e. first order upwind scheme
and second order upwind scheme. The first order upwind scheme is simple and very
stable but inaccuracy, wherase second order upwind scheme gives more accuracy. To
prevent divergence due to negative values, direction of forces e.g. Fq= pvy is decided
for evaluate d)e as equations below (Prajongkan, 2011; Uriz et al., 2013).

First order upwind;
o, = 0p when F, > 0 (2.100)
0, =g when F, <0 (2.101)
Second order upwind;

by 30530, when F, > 0 (2.102)

b0 305300 when F, < 0 (2.103)

1.2) Central differencing scheme (CDS)

¢e _ 8X,E€¢E+8X.CP¢P (2104)

Sy EP

1.3) Quadratic Upstream Interpolation for Convective Kinetics
(QUICK)

Oy =3 0ue 02 0y (2.105)

Even though proper scheme is selected, after lots of iterations
new value of ¢ is sometimes converged too early that brings an unstable situation or
divergence. Under-relaxation factor (URF, o) is coupled to reduce a large change of a

new value in every iteration (Prajongkan, 2011) as
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Petr = Do "AAP (2.106)
where
b, = Effective value of ¢ that to be used
¢,q = Old value of ¢ from previous iteration

A¢ = Difference between new and old value of ¢ after this iteration

2) Temporal discretization
The temporal discretization is a method to transform time derivative into
algebraic from. Give time derivative of ¢ is a function of ¢ as
% _F(¢) (2.107)
There are two common types of temporal discretization (ANSYS, 2013) to solve
the derivative as follows:

First order discretization;

¢n+1_¢n
e C) (2.108)

Second order discretization;

3¢n+1_4¢n+¢n—1

el () (2.109)

Where

o™ = Value of ¢ at next time step (t+At)

¢" = Value of ¢ at current step (t)

¢n'1 = Value of ¢ at previous time step (t-At)

G(d) = New function of ¢ which defined from F(¢) dependent on a method
as the following (Uriz et al., 2013).

Explicit method;

G(¢) =F(¢™) (2.110)
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Implicit method;

G()-F(o"") (2.111)
Crank-Nicolson method;
n n+1
G(9) - w (2.112)

If chose derivative discretization with second order as a function of implicit
method, this well-known method is called the second order implicit method. This

method is suitable for fluid dynamic problems (ANSYS, 2013).

2.5.3.2 SIMPLE (solution algorithm)

When solving the momentum and mass conservative (continuity) equations
and find a new value of pressure or velocity. The values of pressures and velocities
might not conform to the continuity equation. Semi Implicit Method for Pressure
Linked Equations (SIMPLE) proposed by Patankar and Spalding (1972) has been utilized
to find the conforming values. Then Patankar revised a new SIMPLE algorithm called
SIMPLE revised (SIMPLER) in 1980 and afterward, van Doormal and Raithby proposed a
variation of SIMPLE called SIMPLE consistent (SIMPLEC) in 1984 (Ranade, 2002). The
algorithms of SIMPLE are shown in figure 2.13.

In SIMPLEC an initial guessed pressure field is used solving in discretized
momentum equations to calculate a velocity field (if in SIMPLER the initial guessed
velocity field is used to solve the pressure field, alternatively). Then use the velocity
put in continuity equation with pressure-correction method to solve the pressure.
Repeat calculations until the pressure and velocity are converged and conform to the

both conservative equations (Ranade, 2002; Prajongkan, 2011).
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Figure 2.13 Algorithms of Semi Implicit Method for Pressure Linked Equation

(SIMPLE) for unsteady flows.

Source: Ranade (2002)
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2.6 Relating literature

Mousa et al. (2014) investigated hydrodynamics of a riser part of CFBR applied
for reforming catalyst which considered in Geldart’s type A particles. The Euler-Euler
models with KTGF and the standard k-g turbulence model is applied in 2D cold-flow
simulations by Fluent®. They investigated effects of solid flux in 250-1,500 kg-m™2s™ on
appearance of different regime, i.e. fast fluidization, pneumatic transport and dense
suspension upflow (DSU), and on mixing of the catalyst related to reaction
performance. Results showed that the riser should be operated under high solid
fraction (>15%) at inlet zone and high solids flux exceeding 500 kg-m™?s™! for the
optimum condition of steam reforming (gas flux of 6.78 kg-m™s™ operating at 5 atm
and 923 K)

Johnsen et al. (2006) studied experiments of SESMR in a bubbling fluidized bed
reactor (BFBR) of 0.1 m diameter and 0.66 heights. The reforming on Ni-based catalyst

and dolomite were performed in cyclic modes at 1 atm, 600°C and S/C = 4. They

investigated effects of different gas velocities of 0.032, 0.064 and 0.096 m-s'. The
results showed that there was not different effect among various gas velocities due to
SESMR is fast enough and complete reactions within dense beds. All effluent gas
contained H; about 98-99% in dry basis after four reforming/calcination cycles. SESMR
period time decreased after numbers of cycles.

Johnsen et al. (2006) extended their previous SESMR experiments to modeling
of dual bubbling bed reactors with solid circulation. They investigated various solid
recirculation rates and volumetric Cat/Sorb to optimize the system energy efficiency.

The steady two-phase models were solved by coding in assumptions and conditions;
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solids phase consists of Ni-based catalyst and dolomite, operate isothermal at 600°C,
ambient pressure, and a superficial gas velocity of 0.1 m-s™. The reaction rates were
not affected by the number of cycles and a make-up flow of fresh sorbent was added
to the system if CaO conversion of sorbent is over 28%. The reactors were modeled
in pilot-scale of 1 m diameter with static bed oh 0.3 m height. The results showed that
high solids circulation rates reduced the need of adding fresh sorbent and gave higher
system efficiencies than the case that fresh solid was added. For S/C = 4 and
temperature of gas feed of 250°C, the best case showed that when solid recirculation
rates is 5.1 I<gsor|oent~min'1 and volumetric Cat/Sorb is 0.9, the effluent gas contained H,
98% in dry basis.

Di Carlo et al. (2010) studied SESMR in a bubbling fluidized bed reactor of 0.1
m diameter simulated using 2D Euler-Euler models in Fluent®. The solids consisted of
dolomite and Ni-based catalyst with a static bed height of 0.2 m. They investigated
hydrodynamic behavior of the bed in various volumetric dolomite/catalyst ratios of 0-
5. The results showed the optimum case that H, mole fraction was over 0.93 at
temperatures of 900 K and a superficial gas velocity of 0.3 m-s* with a
dolomite/catalyst ratio is more than 2. And when the dolomite/catalyst ratio was
higher than 2, the heat for the reforming endothermic reactions could be almost
entirely supplied by the exothermic reaction of carbonation.

Wu et al. (2014) studied 2D models simulation of SESRE on K-Ni-Cu/HTCl
multifunctional catalyst in four parallel fixed-bed adsorptive reactors. The reactors
were pilot-scaled of horizontal tubes with 0.1 m diameter and 6 m bed length. The
processes were operated by pressure swing concept with 7 steps i.e. reforming, rinse,

pressurization, blowdown, regeneration, received pressurization and purge. The results
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showed that when SESRE was operated at 773 K and by 1000 s per cycle, hydrogen
production was continuous and cyclically steady with H, purity more than 99% in dry
basis and CO content 25 ppm. The ratio between energy output and input was found
around 1.7.

Lysikov et al. (2015) experimented SESRE on admixture of CaO sorbent and Ni-
based catalyst in dual fixed bed reactors. The processes operated periodically in 4
steps: sorption-reforming, regeneration, catalyst reduction and pressurization. Each of
dual reactors had 16 mm diameter and 500 mm bed height consisting 50 ¢ of sorbent
and 5 ¢ of catalyst. They focused on regeneration between using temperature swing
adsorption (TSA) technique and pressure swing adsorption (PSA) technique. The results
showed that maximum purity of hydrogen was approximately 99% in dry basis in which
TSA was applied at the temperature gradient on at the range of 650-750°C of reforming
step and 675-775°C of regeneration step. Both the CaO sorbent and the Ni-based

catalyst had stable and effective operations over 250 cycles.
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CHAPTER 3

METHODOLOGY

CFD modeling is consisted of three global processing steps i.e. pre-processing,

processing and post-processing. Practical steps in general CFD process are as follows:

1.

2.

3.1.1 CFD process

Defining geometry of the fluid system (pre-processing)

Locating boundary and defining boundary condition (pre-processing)
Specifying fluid models and properties (pre-processing)

Generating mesh (pre-processing)

Defining considering parameters (processing)

Solving the models (pre-processing)

Collecting and analyzing results (post-processing)

There were amount of commercial CFD programs which could be utilized for

each simulation steps including geometry drawing, meshing, setting up, solving

(calculating) and post processing as shown in figure 3.1. CFD package and programs

used in this dissertation were consisted of

- ANSYS® DesignModeler™ (Geometry)

- ANSYS® Meshing™ (Meshing)

- ANSYS® Fluent® (Set up and Calculation)

- ANSYS® CFD Post and Microsoft® Office Excel® (Post processing)
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- Geometry ‘ Meshing »

I - Post
l . Calculation - Set up Models

processing

Discretization Boundary conditions

\ Initialization Initial conditions

Figure 3.1 Steps of CFD modeling.

Four of above ANSYS® products were connected in a series by ANSYS®

Workbench™ 2.0 Framework and all were in version 15.0.7.

3.1.2 Pre-processing data

From literature reviews, Johnsen et al. (2006) extended his experiment, in single
bubbling bed reformer, by scale-up simulating to pilot scale and included regenerator
in dual bubbling fluidized bed reactors as well as Sanchez et al. (2012). They both
simulated by coding that Johnsen et al. (2006) simulated with constant circulating
solids but Sanchez et al (2012) simulated solid return between the reactors,
simultaneously. Their results were sufficient and helpful for more realistic design and

investigating phenomena inside CFBR system via CFD programs such as ANSYS® Fluent®
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which were used in this dissertation. The summary of pre-processing for preliminary

data is shown in figure 3.2.

Validated

I !

Experiment  Simulated | g iation  Simulated

. Dissertation
Literature Literature
*Johnsen et al. *® Johnsen et al.
® Sanchez et al.
Tools Experiment Code Programming CFD
Scale Lab Pilot Pilot
Reactor(s) Single Bubbling FB Dual Bubbling FB Practical Design
(Reformer) (Reformer+Regenerator) | (Reformer+Regenerator)
Solid recirculation - ¢ Steady state Transient
* Simultaneous
(assume)
Circulation - Impractical Practical

Figure 3.2 Pathway of preliminary data involved in dissertation.

Because the dual bubbling fluidized bed reactors systems from both Johnsen
et al. (2006) and Sanchez et al. (2012) were quite impractical or complicated to
operate solid circulation. In this dissertation, one or both of reactors should be change
to riser type with high gas velocity for blowing solids off. According to very fast kinetics
of reforming and profit of feed increase via using higher velocity of ¢as, reformer was
interesting to be the riser. Whereas regenerator needed sufficient resident time for
slower kinetic of decarbornation to nearly complete removing undesired CO,, so
regenerator should still be bubbling bed reactor. A new preliminary reforming reactor
was designed according to a basic design and calculation from Kunii and Levenspiel

(1991), as well as other units of CFBR system were shown in figure 3.3. The preliminary
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parameters in table 3.1 were also chosen according to their previous works with the

best results.

H, rich

Cyclone CO, off

Regenerator
Reformer
H=7m H=15m
Id. = 0.1 m .= Yo
g
g
7
,/ Carrier gas
'
P
Connecting tube
Id. = 0.05m
Feed

Figure 3.3 Preliminary design of CFBR system.

Table 3.1 Preliminary parameters of CFBR system design.

Parameters Value

S/C (SESMR) a4 -
S/E (SESRE) 6 -
Cat/Sb 0.16 ke/m?
Treformer 600 °C

T regenerator 900 °C
U; (reformer) 5 m/s*
U, (regenerator) 0.1 m/st
Catalyst density 2,200 ke/m?
Calcined dolomite density 1,540 kg/m’
Mean catalyst particle size 200 pHm

Mean dolomite particle size 250 Hm
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3.1.3 Goal and constraints of design

Goal

To maximize the rate of H, production under the following constraints.

Constraints

1. The reformer is operated the same or better performance compared to BFB
or fixed operation (experiment case) i.e. high H; purity (~99% in dry basis) of effluence.

2. Ca0 conversion (Xcao) off the reformer should not over 28% for stable CO,
capture in continuous operation.

3. Decarbonation of sorbent is sufficient that Xcao off the regenerator should

drops close to 0% like fresh sorbent.

3.2 Global setting in ANSYS® Fluent®

General

Solver type: Pressure-base Time: Transient

2D space: Planar

Models

Multiphase: Eulerian No. of Eulerian phases: 3

Vol. Fraction parameters:  Implicit scheme
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Materials, phases and properties

Materials: 1) Gas phase = mixture of EtOH, CHg, H,O, CO, CO,, H,
and inert N, (for initial balance)
2) Catalyst phase = single fluid of Ni-base catalyst*
3) Sorbent phase = mixture of CaO, CaCO5 and MgO*
*Ni-base catalyst and MgO are additional materials apart from Fluent® database

Mixture properties: see table 3.2

Table 3.2 Property models for mixtures in each phase.

Properties Gas phase Catalyst phase Sorbent phase
Density vol. weighted mixing law constant UDF
Cp (specific heat) mixing law mixing law
Thermal conductivity ~ mass weighted mixing law mass weighted mixing law
Viscosity mass weighted mixing law mass weighted mixing law
Mass Diffusivity constant dilute appx. kinetic theory
Phases: 1) Gas phase = primary phase

2) Catalyst phase secondary phase with Granular chosen

3) Sorbent phase secondary phase with Granular chosen

Granular phase properties: see table 3.3
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Table 3.3 Property models of granular phases.

Properties Catalyst phase Sorbent phase
Diameter constant constant
Granular viscosity Gidaspow Gidaspow
Granular bulk viscosity Lun et al. Lun et al.

Frictional viscosity none none

Granular temperature algebraic algebraic
Solids pressure Lun et al. Lun et al.
Radial distribution Lun et al. Lun et al.
Packing limit constant constant

Phase interaction: see table 3.4

Table 3.4 Coefficient values and models of phase interaction.

Interaction Catalyst-Gas Sorbent-Gas Sorbent-Catalyst
Drag coefficient Gidaspow Gidaspow Symmetric
Restitution coefficient constant constant constant
Heat transfer coefficient Gunn Gunn none
Reactions

Kinetic rates of SMR, SRE, carbonation and decarbonation as eqgs. 2.12-2.14, 2.27
and 2.29 are derived to be compatible in Fluent® by writing in C-language user define
functions (UDFs). These rates must be compiled and returned value in volumetric rates

of heterogeneous reactions as the following derive.
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Rj=n,&,ppri (3.1)

Where

Ri = Volumetric rate of reaction i, [kmol-m?.s]

Ni = Reaction effectiveness factor, [-], that involved pore diffusion resistance
and surface phenomena. According to Di Carlo et al. (2010), choose 0.7, 0.8 and 0.4
for bSMR, WGS and ¢SMR, respectively, and assume 1.0 for other reactions as well as
in Sanchez et al. (2012).

ep = Volume fraction of particle phase, [-]

pp = Density of particle, [kg:m™]

Boundary conditions

Inlet type:  Velocity-inlet / Magnitude, Normal to Boundary
Outlet type: Pressure-outlet / Atmosphere / Normal to Boundary (Backflow)

Wall type: Stationary Wall / No slip / Adiabtic

Solution methods and controls

Pressure-velocity coupling scheme: Phase coupled SIMPLE

Transient formulation: Second order implicit

Calculation
Time step size: 0.001 s
Max iteration per time step: 50 (for the riser part)

100 (for the regenerator part)
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3.3 Study Methods

To achieve the objective of CFBR system design for SESMR/SESRE process,
many parameters e.g. sizes of reformer and regenerator, gas velocity to reactors,
circulated solid flux, steam to carbon ratio, catalyst to sorbent ratio and temperature
of gas inlets, should be investigated. Due to complexity and large scale of system, the
CFBR system had to be investigated separately into the riser part and the regenerator
part. Firstly, the reforming riser of both SESMR and SESRE had been investigated to find
the best suitable system of each process. Then some results from the riser part would
be related and chosen in the regenerator part. In each part, grid and time refinement
had to be performed before investigating any parameters. Generally, some phase and

system properties were set the same in the both part as shown in table 3.5.

Table 3.5 The phase and system properties used in models.

Phase properties Value
Phase properties
Catalyst density 2,200 kg/m’
Calcined dolomite density 1,540 kg/m’
Mean catalyst particle size 200 Hm
Mean dolomite particle size 250 Km
MgO content in dolomite 40 wt %
Inlet granular temperature of solid phases 1x10° m?/s’
Packing limit of catalyst and sorbent phase 0.60 -
Restitution coefficient of all phase interactions 0.90 -
System properties
Outlet pressure 1 atm
Wall condition Adiabatic*
Shear condition No slip

* Wall condition of top loop seal of regenerator reprocessed the experiment of Arstad et al. (2009, 2012) was set

a temperature acting as a preheated zone.
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3.3.1 Reforming riser design

This part consisted of simulations of SESMR/SESRE within only the reformer to
find proper design and reaction parameters. The constraints and the goal used for
determination were as follows:

1. No solid accumulation.

2. No tendency of long-term segregation between catalyst and sorbent.

3. Hy purity of outlet gas reached the equilibrium which could be
compared with experimental results in validations.

4. CaO conversion (Xc,0) in solid outlet not over 28%.

5. Highest H; flux out as possible.

Mixture outlet

11

Riser size
id, H

Solid inlet
ﬁ Gs; Tin, XCaO,in, Cat/Sb

Gas inlet
U, Tin, Feed ratio

Figure 3.4 Concerning parameters in the reformer design step.
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Design parameters

1) Gas inlet velocity (U): To study
2) Solid flux (G): To study
3) Diameter of reformer (id): To study
4) Height of reformer (H): Chosen

Reaction parameters

1) Catalyst to sorbent ratio (Cat/Sh): To study

2) Feed ratio as

Steam to carbon ratio (S/C): Chosen
Steam to EtOH ratio (S/E): Chosen
3) Temperature of inlets (Tj,): To study

4) CaO conversion of inlet sorbent (Xc,0,n):  Chosen

From figure 3.4, there are a large number of parameters including the design
parameters (sizes of reformer, gas velocity and solid flux) and the reaction parameters
(reaction temperature, gas composition and solid composition). All of these parameters
could mutually affect the performance of H,. Because one-factor-at-a-time (OFAT)
investigating would take lots of simulation cases to find the best case. A statistic
method like 2° full factorial design, which chose only 2 expected levels in each of k
parameters, could make only 2° different independent cases to investigate. The
response variables i.e. H; flux and H, purity represented the performance of H,
production. This method was also able to analyze significance of each single parameter

and their interactions via analysis of variance (ANOVA) method. This method has linear
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assumption between the two experimental points because it is a screening method.

Finally, the optimized case of SESMR/SESRE in the riser would be determined.

The computational domains of each riser configuration as shown in figure 3.5

were drawn by ANSYS® DesignModeler™ and its mesh was created by ANSYS®

Meshing™. The uniform domains were chosen with 4 different cell sizes of mesh

refinement.

(@ 10mm x 20mm

(ESSnEEBEE

(b) 10mm x 10mm

(c) 5mm x 20mm

v - -
1 i

(d) 5mm x 10mm

Figure 3.5 The computational domains of the riser with different cell sizes.
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The reforming operation was simulated using the time step of 1x107 s. At initial
time, there was only inert N, in the domain. Then both fed gas and solid had entered
through their inlet boundaries in normal direction. The calculated constant velocities
and volume fraction were the inputs of each phase, but the inlet granular temperature
was set for only solid phases. All feeds came in with the same temperature while the
wall was adiabatic. The wall surface was set as no-slip condition. The product mixture

discharges the riser to atmosphere.

3.3.2 Regenerator system design

Considering figure 3.6, after getting results from the designed risers, the most
suitable values of the solid flux (Gs), the catalyst to sorbent ratio (Cat/Sb) and CaO
conversion (Xcaoin) of return solid were fixed in the regenerator design. Decarbonation
kinetics was compiled in this part. The goal and the constraints were as follows:

1. No solid accumulation.
2. No tendency of long-term segregation between catalyst and sorbent.

3. Sufficient decarbonation (outlet Xc,0 should drop closely to 0%).

Design parameters
1) Gas inlet velocity (U): To study
2) Solid flux (Gs): Resulted from the riser

Reaction parameters

1) Catalyst to sorbent ratio (Cat/Sb): Resulted from the riser
2) Temperature of bed (Tpeq): To study

3) CaO conversion of inlet sorbent (Xc.oin):  Resulted from the riser
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Figure 3.6 Concerning parameters in the regenerator design step.
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Figure 3.7 The lab-scale regenerator reprocessed with experiment of Arstad et al.

(2009, 2012).
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In this part, the regenerator system design was divided into 2 steps as follows:

Step 1. Design a regenerator in lab scale: The system configuration in this
step was modified from lab-scale circulating bubbling bed reactor of Arstad et al. (2009,
2012) as shown in figure 3.7. This regenerator included two loop seals which performed
to prevent the gas inside the bubbling reactor pass through top and bottom channels.
In this lab-scale regenerator, the top loop seal was also able to preheat solids before
into the main reactor. The returning solids entered through the solid inlet in the top
and the regenerated solids moved out of the regenerator in the bottom. In the
experiment of Arstad et al. (2009, 2012), the carrier gas had inlet velocity of 0.056 m/s
and the lifting gas in both loop seal had inlet velocity about 0.018 m/s. The bed in the
reactor was controlled at 900°C. The simulation results in this step were also used for
validation of the regeneration models with this experiment. Then the regenerator
system would be modified, such as changing gas inlet velocity and/or design multi-
stage of regenerator system, then scaling up to be matched with the designed risers.

Step 2. Scale up and design an achieved system: The regenerator scale
would be matched with the size of the designed risers with the conditions of returning
solid. In this step, one-factor-at-a-time (OFAT) was used for investigating remaining
parameters i.e. the gas inlet velocity (U) and the temperature of bed (Theq). The output
of the regenerator system should satisfy the goal and constraints.

Similar with the riser part, the simulations in each step used the time step of
1x107 s. At initial time, there was only inert N in the domain. The calculated constant
velocities and volume fraction were the inputs of each phase. The walls in almost
zone were defined adiabatic, except preheating in the top loop seal of lab-scale. All

of the walls were assumed in no-slip condition.
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CHAPTER 4

RESULTS AND DISCUSSION

4.1 Validations

There were two validations performed in this study i.e. cold flow validation and
hot flow validations. In cold flow validation, chemical reactions were not involved in
simulations. This validation was performed to test all chosen hydrodynamic models.
In hot flow validations, the UDFs of kinetic rates of SESMR/SESRE/Decarbonation would

be compiled into simulations to test the chosen kinetic models.

4.1.1 Cold flow validation

The cold flow validation compared the bed heights of bubbling bed to
reference experiments of Lin et al. (1985) and simulation of Sanchez et al. (2012). The
instantaneous contour of solid volume fraction and velocity vectors of solid at 10 s
resulted from simulations at different gas velocities are shown in figure 4.1. At the
lowest gas velocity (0.320 m/s), several small bubbles occurred and dispersed. When
gas velocity was increased, some small bubbles collapsed into bigger bubbles and the
bed was lifted higher. With much higher gas velocity (up to 0.892 m/s), the bubbles
were much larger and more expanded the bed height. The time-averaged bed heights
of the bed from these simulations, experiments of Lin et al. (1985) and simulations of
Sanchez et al. (2012) are summarized in table 4.1. The results indicated that all of bed

heights were very close.
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Figure 4.1 The instantaneous solid volume fraction (left) and solid velocity (middle)

of the bubbling bed reactor at 10 s relating to the experimental solid

mean velocity (right) of Lin et al. (1985) with various gas velocities.
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Table 4.1 The comparison of time-averaged bed heights of cold flow validation with

the experimental results of Lin et al. (1985) and the simulation results of

Sanchez et al. (2012).

Bed height [m]

Lin et al. Sanchez et al.  This simulation
U =0.320 m/s 0.12 0.145 0.130
U = 0.458 m/s 0.15 0.16 0.155
U =0.641 m/s 0.21 0.185 0.182
U =0.892 m/s 0.23 0.225 0.234

4.1.2 SESMR validation

In SESMR validation, UDFs of SESMR kinetics were compiled to validate with
experimental results from the bubbling bed reformer by Johnsen et al. (2006). This
validation was separated into two cases, at first only SMR kinetics was compiled then
additional carbonation kinetics was employed for SESMR in the other case. The
comparison of simulation effluent gas compositions to experimental ones are shown
in table 4.2. Most of them had g¢ood agreement with slight deviation. Different Ni
content, different structure and different properties might affect the CO and CO,

composition which were sensitive with WGS reaction.
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Table 4.2 The SMR and SESMR validation compared with experimental results of

Johnsen et al. (2006).

H, CHq CO CO,

[% dry] [% dry] [% dry] [% dry]
SMR Johnsen et al. 73.4 6.0 8.0 12.0
This simulation 74.3 6.4 2.7 16.6
SESMR Johnsen et al. 98.0 1.0 0.5 0.5
This simulation 97.7 1.6 0.4 0.3

4.1.3 SESRE validation

Table 4.3 shows SRE/SESRE validations compared with experimental results
and equilibrium reported in Olivas et al. (2014). There were two different kinetic
models used for SRE i.e. model A which combined kinetics from Sun et al. (2005) and
kinetics from Xu and Froment (1989), and model B which used kinetics from Mas et al.
(2008). Next for SESRE, the carbonation kinetic model was compiled mutually with
each SRE model. The results indicated that validations using model A had satisfied
agreement with both experiments and equilibriums of both SRE and SESRE with only
little deviations on CO which might because of different syntheses of the catalyst as
well as similar case described in table 4.2. But when using model B, SRE validation had
obviously differences on CO and COs. In addition, SESRE simulation using model B got
gas compositions exactly similar to the compositions from the SRE simulation. There
was little carbonation occurred at this operating condition. The serious deviations on

CO, CO, compositions and CO, capture when using model B is because SRE kinetics of
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Mas et al. (2008) did not involve WGS reaction that further converted CO to CO,. Thus,

the model A would be used for SRE kinetics in this study.

Table 4.3 The SRE and SESRE validations compared with experimental results and

equilibrium from Olivas et al. (2014).

Hy CHq co CO, EtOH

[% dry] [%dry] [%dry]l] [%dry] [% dry]

Olivas et al. 64.7 0.7 4.6 30.0 0.0

SRE Equilibrium 69.6 33 8.3 18.7 0.0
Sim. using model A 69.2 2.2 14.4 14.2 0.0

Sim. using model B 62.5 4.2 33.3 0.1 0.0

Olivas et al. 96.2 0.0 3.8 0.0 0.0

SESRE Equilibrium 94.1 1.8 1.6 2.5 0.0
Sim. using model A 98.5 0.5 0.6 0.4 0.0

Sim. using model B 62.5 4.2 33.3 0.1 0.0

4.1.4 Decarbonation validation

For decarbonation validation, the experiment of Arstad et al. (2009, 2012) was
reprocessed in a simulation using reported sorbent (natural dolomite) conversion in
the bubbling bed reactor and in the loop seals as references. The CaO conversion of
inlet sorbent was set equal to the reference value while the averaged CaO conversion
of bed in the reactor and averaged CaO conversion at the outlet from the simulation
was validated with sorbent conversion in the bed and in bottom loop seal,
respectively. Because in the experiment, temperature of the bed could be controlled

in the furnace but in this simulation, the top loop seal was set as preheater through
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the temperature-adjusted wall for controlling the bed temperature instead. After trials
until the averaged and steady temperature of the bed equaled to exact 900°C of the
experiment, the simulated CaO conversion are shown in table 4.4. There was slight
deviations occurred so the decarbonation kinetics of Okunev et al. (2008) was

acceptable for further simulations.

Table 4.4 The CaO conversion of sorbent in the regenerator validated with

experimental results of Arstad et al. (2012).

Xeao [%]
Inlet In the bed Outlet
Arstad et al. 15.27 4.15 3.05
This study 15.27 5.05 3.39

4.2 SESMR performance in the riser

4.2.1 Time average and mesh refinement of the SESMR reformer

Because instantaneous flow of each particle and amount of each substance
have fluctuated within fluidized bed reactors, thus, time-dependent simulation had to
be performed rather than steady-state simulation. A quasi-steady state value from
selected time-averaged range was used to represent the result. The riser with diameter
of 0.1 m operating with inlet temperature of 600°C, catalyst to sorbent ratio of 0.16,
gas velocity of 6 m/s and 200 kg/m?s solid flux, H, flux out of the riser at every 0.1 s
was plotted as an example case in figure 4.2. The results showed that the fluctuation

of H, flux seemed stable after approximately 5 s as well as in other cases. Thus, a
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time-averaged range of 10-20 s would be used to represent further simulation results

in this study.
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Figure 4.2 The H; flux out of the SESMR riser as a function of time in case of

id =0.1m, T;, = 600°C, Cat/Sb = 0.16, U = 6 m/s and G, = 200 kg/mzs.

Next to investigate the mesh refinement, the same example cases were
performed and time-averaged axial profiles of H, flux with different sizes of cell
(Ax-Ay) were displayed as shown in figure 4.3. The results showed that the 10
mm-20mm size was insufficiently fine while the 5mm-10mm size took more
unnecessary calculating time. Although the 5mm:-20mm size and the 10mm-10mm size
had equivalent the numbers of cells but the 5mm-20mm size was chosen for further

simulation because in the riser, radial profile had more effects than the axial profile.
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Figure 4.3 The time-averaged axial profiles of H; flux out of the SESMR riser with

different cell sizes in case of id = 0.1 m, T;, = 600°C, Cat/Sb = 0.16, U = 6

m/s and G, = 200 kg/m?s.

4.2.2 Parametric analysis for SESMR operation

From all concerning parameters in figure 3.4, only five parameters of the system
including the gas inlet velocity, the solid flux, the diameter of riser, the catalyst to
sorbent ratio and the temperature of inlets were explored with 2° factorial design. Two
levels of these parameters and the fixed value of other parameters are shown in table

4.5.
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Table 4.5 The parameters chosen in the 2° full factorial design of the SESMR riser.

Parameters Value

Design parameters

Gas inlet velocity (U) 4 and 6 m/s
Solid flux (Gy) 50 and 200 ke/m?s
Diameter of the riser (id) 0.05and 0.2 m
Height of the riser (H) 7 (Chosen) m
Reaction parameters

Catalyst to sorbent ratio (Cat/Sb) 0.16 and 2.54 ke/kg
Steam to carbon (5/C) 4 (Chosen) mol/mol
Temperature of inlets (Tiy) 575 and 665 °C
Ca0 conversion of inlet sorbent (Xcao,n) 0 (Chosen) %

Next to analyze 2’ factorial design results from all 32 runs, the area average
near the outlet with the time average of 10-20 s was used to report values of each H,
flux, H, purity and others, e.g. CaO conversion, as shown in table 4.6. The H, flux and
the H, purity, which both represented H, production performance, were response
variables of 32 runs of the factorial design. As previously described constraint, Johnsen
et al. (2006) specified that the limitation of using dolomite as the sorbent in CFBR was
losing CaO capacity in long term re-usage until the CaO conversion could not be over
28% steadily. In every run, none of CaO conversion reached 28%, thus the limitation
of CaO capacity was not needed to be concerned and long-term circulating of the
dolomite was feasible in ranges of this studied system. The other results showed that
there was no run which get the maximum H, flux together with the maximum H, purity,
thus both needed further statistical analysis like the ANOVA for determining the best

practice and sensitivity analyses. The riser diameter (id), the inlet temperature (T;,), the
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catalyst to sorbent ratio (Cat/Sb), the solid flux (Gg), the gas velocity (U), the H, flux

and the H, purity were coded as A, B, C, D, E, R1 and R2, respectively, in the ANOVA.

Table 4.6 The area-averaged H, flux, H, purity and CaO conversion (Xcz0) at the

outlet of the SESMR riser from parametric study with the 2° factorial

design.
Factor: A B C D E R1 R2
Run id Tin Cat/Sb G U H, flux  Hy purity Xca0

[m] ] [kerkgl  [ke/m?s]  [m/s]  [ke/m?s]  [% dry] [%]

1 0.05 575 2.54 50 4 0.172422  93.90 12.70
2 0.05 575 2.54 50 6 0.189089  79.71 10.04
3 0.05 575 2.54 200 4 0.197854  98.36 4.01
4 0.05 575 2.54 200 6 0.267603  94.86 5.28
5 0.05 575 0.16 50 4 0.13552 89.73 3.37
6 0.05 575 0.16 50 6 0.109459  70.37 2.55
7 0.05 575 0.16 200 4 0.178654  96.43 1.25
8 0.05 575 0.16 200 6 0.21108 90.63 1.41
9 0.05 665 2.54 50 4 0.201309  96.80 14.94
10 0.05 665 2.54 50 6 0.258555  88.17 14.92
11 0.05 665 2.54 200 4 0.206029  97.67 3.89
12 0.05 665 2.54 200 6 0.303812  96.56 5.85
13 0.05 665 0.16 50 4 0.176828  94.66 4.38
14 0.05 665 0.16 50 6 0.177717  82.56 4.04
15 0.05 665 0.16 200 4 0.201382  97.34 1.33
16 0.05 665 0.16 200 6 0.272869  95.03 177
17 0.2 575 2.54 50 4 0.200761 98.60 4.02
18 0.2 575 2.54 50 6 0.27316 95.32 5.32
19 0.2 575 2.54 200 4 0.204256  99.17 1.07
20 0.2 575 2.54 200 6 0.297392  98.37 1.50
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Table 4.6 (continued)

Factor: A B C D E R1 R2

Run id Tin Cat/Sb G U H, flux  H, purity Xca0

[m] [°’C]  [kerkgl  [ke/m?s] [m/s]  [kg/m’s]  [% dry] [%]

21 0.2 575 0.16 50 4 0.190798  97.47 1.27
22 0.2 575 0.16 50 6 0.216396  91.04 1.45
23 0.2 575 0.16 200 4 0.203383  99.10 0.34
24 0.2 575 0.16 200 6 0.279256  97.48 0.43
25 0.2 665 2.54 50 4 0.206551 97.72 3.92
26 0.2 665 2.54 50 6 0.305924  96.93 5.50
27 0.2 665 2.54 200 4 0.203183  96.08 0.92
28 0.2 665 2.54 200 6 0.297275  91.89 1.08
29 0.2 665 0.16 50 4 0.202109  96.36 1.19
30 0.2 665 0.16 50 6 0.276525  95.26 1.71
31 0.2 665 0.16 200 4 0.205234  97.51 0.31
32 0.2 665 0.16 200 6 0.300787  95.98 0.40

In the ANOVA, any main effect or interaction which significantly affected the H,
flux or the H, purity had to have P-value less than 0.05 (Montgomery, 2012). The
ANOVA results of both the H, flux and the H, purity are shown in tables 4.7 and 4.8,
respectively. The main effects and their interactions in significant order were
descending sorted by obvious to the p-values. Furthermore, regression models for
prediction the H, flux and the H, purity were determined as egs. 4.1 and 4.2,
respectively.

H, flux = 0.222599 + 0.019A + 0.015B + 0.014C + 0.017D + 0.030E

+ 0.00970AE + 0.00967DE (4.1)
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H, purity = 93.97 + 2.55A + 1.04C + 2.43D - 2.71E - 1.36AB - 2.00AD
+ 1.48AE - 1.21BD + 1.41DE - 1.19ADE (4.2)
where A, B, C, D and E in the regression models were coded variables which

transformed low to high levels of considered parameters into -1 to +1 range.

Table 4.7 The results of the ANOVA of the H, flux out of the SESMR riser.

Source Sum of Degree of Mean F-value P-value
squares freedom square
(DF)
E (U) 0.028240 1 0.028240 51.39508 <0.0001
A (id) 0.011356 1 0.011356 20.66646 0.000132
D (GJ) 0.009009 1 0.009009 16.39574 0.000465
B (Tin) 0.006874 1 0.006874 12.51014 0.001681
C (Cat/Sb) 0.006249 1 0.006249 11.37263 0.002523
AE 0.003008 1 0.003008 5.474424 0.027946
DE 0.002995 1 0.002995 5.450380 0.028259
Residual 0.013187 24 0.000549
Cor Total 0.080918 31

The P-values from both the tables and the coefficients in the both regression
models indicated that most top-three significant main effects/interactions on both the
H, flux and the H, purity were the same, i.e. the gas velocity (E), the riser diameter (A)
and the solid flux (D) in descending order. The next descending significant main
effects/interactions were different between on the H, flux and on the H, purity. The
inlet temperature (B) significantly affected only the H, flux but its interactions (AB and
BD) occurred significant to the H, purity. On overall H, production performance, the

design parameters including the gas velocity (E), the riser diameter (A) and the solid
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flux (D), in descending order, had more effect than the reaction parameters including

the inlet temperature (B) and the catalyst to sorbent ratio ().

Table 4.8 The results of the ANOVA of the H; purity out of the SESMR riser.

Source Sum of Degree of Mean F-value P-value
squares freedom square
(DF)

E (U) 235.0490 1 235.0490 39.22010 <0.0001
A (id) 207.6093 1 207.6093 34.64154 <0.0001
D (Gy) 189.5516 1 189.5516 31.62844 <0.0001
AD 128.5148 1 128.5148 21.44388 0.000144
AE 69.79685 1 69.79685 11.64625 0.002619
DE 63.32517 1 63.32517 10.56639 0.003826
AB 59.46191 1 59.46191 9.921771 0.004833
BD 46.79862 1 46.79862 7.808784 0.010865
ADE 45.29247 1 45.29247 7.557468 0.012023
C (Cat/Sb) 34.34780 1 34.34780 5.731249 0.026079

Residual 125.8546 21 5.993074

Cor Total 1205.602 31

Next for the sensitivity analyses, the main effects and interactions on the H,
flux and the H, purity were plotted as shown in figures 4.4 and 4.5, respectively. The
slopes showed either positive or negative effects on the response variable and the
steepness of slope could indicate the significant order like the P-value and the
regression coefficients. In case that the H, flux was the response variable in figure 4.43,
all of the main effects were positive as well as their coefficients in the regression
model. Among these main effects, the slope of the gas velocity (E) was obviously the

steepest, following by the riser diameter (A), the solid flux (D), the inlet temperature
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(B) and the catalyst to sorbent ratio (C), in descending order. The positive effect of the
gas velocity (E) described that increasing of the gas velocity made feed increased
despite the residence time must be less. But for the rapid reaction like SESMR, the
reaction had sufficient time to produce more H,. In case of the riser diameter (A), the
larger diameter get more H, flux because the bigger area of gas inlet made the feed
increased as well, even though the dilute region of solid might be wider. Comparison
of the solid flux (D) indicated that the low flux (50 kg/m?s) was insufficient contact
between gas (reactant) and solid (catalyst/sorbent). Lastly, both of the inlet
temperature (B) and the catalyst to sorbent ratio (C) prefer the high level (665°C and

2.54 kg/kg, respectively) comparing to the low levels.

Main Effects Interactions
0.29 === A-Riserid. 0.29 —— A
@ 7 b
0.27 B-Inlet temp. 0.27 PR —
==@— (C-Cat./Sorb. D-
0.25 0.25

== = D-Gs / D+
= 0.23
0.21 / 0.21

0.19 0.19

H2 flux [kg/m2.s]

0.17 0.17

A B CD,E E
Figure 4.4 The main effects and the interactions on the H; flux out of the SESMR

riser.

From the interaction effects on the H; flux as plotted in figure 4.4b, when the

gas velocity (E) was operated with the low riser diameter (A-) or the low solid flux (D-),
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the slopes had the same direction as the main effect (E) but were slightly less steep.
On the other hand, when the gas velocity (E) was operated with the high riser diameter
(A+) or the high solid flux (D+), the slopes had the same direction as the main effect
(E) but were slightly steeper. Because all of the main effects (E, A and D) were positive,
thus their interactions (AE and DE) were more positive to the H, flux. The high gas
velocity interacted with the high riser diameter (A+E+) get higher H, flux because they
both made more feed mutually. However, the little changes of the steepness indicated
that the interactions (AE and DE) were less effective than the main effect (E) and
corresponding to their P-values in table 4.7 and regression coefficients in eq. 4.1.

In figure 4.5a, the riser diameter (A), the solid flux (D) and the catalyst to sorbent
ratio (C) had positive effects on the H, purity as well as H, flux. This meant that at the
high levels of these parameters (id = 0.2 m, G, = 200 kg/m?s and Cat/Sb = 2.54 kg/kg),
contact of gas-solid (reactant-catalyst/sorbent) was better than at the low levels. Only
the gas velocity (E) had negative effect on the H, purity which was opposed to the H,
flux. This is because the higher gas velocity (6 m/s) made more feed but the residence
time was less and insufficient to reach SESMR equilibrium.

When the gas velocity (E) was operated with the low riser diameter (A-) or the
low solid flux (D-) in figure 4.5b, the slopes of the H, purity had the same negative
direction as the main effect (E) but were slightly steeper. Whereas when the gas
velocity (E) was operated with the high riser diameter (A+) or the high solid flux (D+),
the slopes had the same negative direction as the main effect (E) but were slightly less
steep. This meant that even though the higher riser diameter or the higher solid flux
made better contact of gas-solid enhancing the H; purity, the less residence time with

the higher gas velocity still had more effect to lower the H, purity. This was consistent
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to ANOVA (table 4.8) which the gas velocity (E) was much more significant (higher P-

value) than their interaction (AE and DE).

H2 purity [% dry]
N

98%

96%

94%

92%

90%

H2 purity [% dry]

88%

86%

Main Effects

@

e A-Riser id.
e=@== (-Cat./Sorb.
=== D-Gs
e E-U

A CD,E

Interactions

98%

96%

94%

92%

90%

88%

86%

98%

96%

94%

92%

90%

88%

86%

Interactions

1
=
[

Interactions

@)

e B

el B+

Figure 4.5 The main effects and the interactions on the H, purity out of the SESMR

riser.

Similarly in figure 4.5¢c, when the riser diameter (A) was operated with the inlet

temperature (B) or the solid flux (D), the slopes were the same in positive direction as
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the main effect (A) and slightly steeper at the low level (B- and D-) but slightly less
steep at the high level (B+ and D+). As well as in figure 4.5d, when the solid flux (D)
interacted with the inlet temperature (B), the slopes showed the same in positive
direction as the main effect (D) with being slightly steeper at the low inlet temperature
(B-) but being slightly less steep at the high inlet temperature (B+).

Lastly, from all of the interaction plots in figure 4.5, the little changes of the
steepness of the interactions (AE, DE, AB, AD and BD) indicated that these interactions
were less effective than the main effects (A, D and E) consistent with their P-values in

table 4.8 and regression coefficients in eq. 4.2.

Table 4.9 The optimum H; flux and H, purity out of the SESMR riser predicted from

the regression models and a simulation.

Factor: A B C D E R1 R2
id Tin Cat/Sb Gs U H, flux Ho pUI’ity Xca0
[m] [*Cl [ke/kgl  [ke/m’s]  [m/s]  [keg/m’s]  [% diry] (%]
Optimizing
. 0.200 581.48 2.540 19998  6.00 0.308708 99.17
R2 prior to R1
Optimizing
. 0.200 581.40 2.540 199.82  6.00 0.308523 99.17
R1 prior to R2
Simulation
0.200 581.00 2.540 200.00  6.00 0.300574 98.58 1.48
(Run 33)

Table 4.9 shows the optimized results of the regression models of the H; flux
and the H, purity. Either the H, purity or the H; flux was optimized prior to the another,
the predicted H, purity was maximum at 99.17% in dry basis and the H; flux reached
0.309 kg/mzs in the riser with 0.2 m diameter, the inlet temperature of 581°C, the

catalyst to sorbent ratio of 2.54 kg/kg, the solid flux of 200 kg/m?s and the gas velocity
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of 6 m/s. To confirm the results from the prediction, another case with those values
of parameters was simulated as run 33. The H, purity and the H, flux from the
simulation were 98.58% in dry basis and 0.301 kg/m?s, respectively, which both agreed

very well with the results from the prediction.

4.2.3 Hydrodynamics of SESMR in the riser

First of all, an optimum case would be visually analyzed. The instantaneous
contour plots of volume fraction of solid phases (catalyst and sorbent) and gas phase
at 20 s of run no. 33 are displayed in figure 4.6. The gradient shades of colors from
blue to red represent low volume fraction to high volume fraction of each phases. The
contour plots show that both the catalyst and the sorbent phases were denser near
the wall all along the height of the riser while the volume fraction of gas phase was
dense in the center line of the riser. These volume fraction contour plots confirmed
that the fast fluidization occurred in the riser. The similarity of volume fraction of the
catalyst phase and the sorbent phase indicated very good mixing of the catalyst and
the sorbent, thus SESMR could performed very well in this CFB riser.

Figure 4.7 displays the instantaneous contour plots of mole fraction of H,, CHq
and CO; in the gas phase at 20 s in the same case of run no. 33. The contour plots
show the development of H, produced along the height of the riser. In this case, H,
fraction reached in equilibrium, CHs was fully converted as well as CO, was fully
adsorbed before exiting the riser. Area-averaged fractions of H, and H,O near the outlet
were 0.6453 and 0.3554, respectively, and the little remaining fraction was the other
gases such as 0.0062 of CHq and 0.0030 of CO,. This fraction of H, equaled to H, purity

of 98.58% in dry basis.
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Figure 4.6 The instantaneous volume fraction of each phase in the SESMR riser

at 20 s in the best performance case (run 33).
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Figure 4.7 The instantaneous mole fraction (wet basis) of H,, CHg and CO; in gas

phase of the SESMR riser at 20 s in the best performance case (run 33).
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Next, the instantaneous contour plots of temperature of each phase at the
same time and the same run are shown in figure 4.8. The temperature contours of all
phase looked similar with slight deviation from the inlet temperature of 854 K. The
decreaseing of the temperature (to 840 K minimum) was caused by highly endothermic
of SMR but the increasing of the temperature (to 863 K maximum), which obviously
occurred in lower half of the core in sorbent phase, was caused by exothermic of
carbonation. In balance of SESMR, especially at the right wall since the entrance of
solids, the temperature of each phase was constant about 856-857 K which rarely
changed from the inlet temperature. Whereas at the left side of the wall, the
temperature of each phase gradually increased along the height of the riser in
accordance with the increasing of H, and the decreasing of CHy and CO, as shown in
figure 4.7. These indicated that the carbonation, which was slower reaction than SMR,
proceeded gradually in the left side until all gases reached in equilibrium before

leaving the riser.
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Figure 4.8 The instantaneous temperature (in Kelvin) of each phase in the SESRE

riser at 20 s for the best performance case (run 33).
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In this part, the catalyst and sorbent distributions along axial and radial
direction were expected key hydrodynamics which explained how SESMR performed
well in this riser system. Inside the riser of the optimum case (run 33), the volume
fraction of both catalyst and sorbent phase, volumetric catalyst to sorbent ratio were
compared to the H, flux and the H, purity.

In figure 4.9, the time-averaged of the H, flux in axial direction was plotted from
0.1 m height which was the exact height above the solid inlet channel. The H;, flux
accumulated rapidly in the lower height and reached steady in the upper height near
the outlet (7 m). Figure 4.10 shows the time-averaged radial distributions of the H,
purity at different heights. Radial distance at 0.0 m was the position of left wall and at
0.2 m was the position of right wall where solid inlet was on this right side at 0.05-0.1
m height. At above solid inlet (0.1 m height), the H, purity suddenly approached
equilibrium at the solid inlet (0.2 m distance). The H, purity decreased along to left
direction far from the solid inlet but was higher at the left wall. At higher height, the
H, purity profile was rapidly higher even in the middle distance. Until over 5.0 m height,
the H, purity profiles approached the equilibrium and were quite steady and uniform
along the radial distance.

From both figures 4.9 and 4.10, these profiles could explain that SESMR was
extremely rapid. It approached equilibrium since solid (catalyst/sorbent) had started
to contact the gas (reactant) at the inlet. In this system of run 33, SESMR could be
close to complete since 5.0 m height thus the 7 m height of the riser was sufficient to

design.
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best performance case (run 33).
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Figure 4.10 The time-averaged radial profiles of H, purity at different heights of the

SESMR riser in the best performance case (run 33).

Because SESMR was a very rapid reaction, solid distribution and mixing of the
catalyst and the sorbent were expected as the keys to make SESMR developed in the
system as previous discussion. Figure 4.11 shows time- and area-averaged axial profiles
of volume fraction of the solid phases. The amount of catalyst, sorbent and total solid
were most dense at height over the solid inlet (volume fraction of total solid was

about 0.25). All the volume fractions of each solid were gradually decreased along



92

axial direction until the volume fraction of total solid was in 0.06-0.20 which was the
range of fast fluidized bed regime and close to be in 0.01-0.06 range of pneumatic
transport regime (Kunii and Levenspiel, 1997). Due to dense zone in the lower height

thus the axial profile of H, flux in figure 4.9 increased obviously in this lower zone.
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Figure 4.11 The time- and area-averaged axial profiles of volume fraction of solid

phases in the SESMR riser in the best performance case (run 33).

In figure 4.12, the time- and area-averaged axial profile of volumetric catalyst

to sorbent ratio was plotted comparing with the ratio where the solid entranced (1.778
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vol./vol.). The results showed that in the lower zone, the ratio was lower but still more
than 1.7 vol./vol. then back to the inlet ratio in the zone above 5.0 m height. This
meant there was good mixing of the catalyst and the sorbent, and thus SESMR could
be well performed all along axial direction. The ratio decreased because the catalyst
had higher density (2,200 kg/m?) than the sorbent (approximately 1,540 kg/m?) so the

lighter sorbent was lifted easier.
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Figure 4.12 The time- and area-averaged axial profile of volumetric catalyst to

sorbent ratio in the SESMR riser in the best performance case (run 33).
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Figure 4.13 The time-averaged radial profiles of volume fraction of solid phases at

different heights of the SESMR riser in the best performance case

(run 33).
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Figure 4.13 (continued)

Figure 4.13 shows the time-averaged radial profile of volume fraction of each

solid phase at different heights. At the height over the solid entrance (0.1 m height),
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the total solid was dense near the solid entrance on the right but dilute at distance
near the left wall. When the solids were flowed up to 4.0 m height, the volume fraction
of solids at the right wall would gradually decrease to balance with at the left wall. In
this height range (0.1-4.0 m height), the solids near the both wall were obviously denser
than in the middle. These profiles were core-shell formation of fast fluidization. At
heights over 5.0 m, the radial profiles had very low fraction and quite uniform
distribution and accompany with the axial profile of volume fraction of the total solid
discussed previously in figure 4.11, thus the fluidization occurred in the system of run
33 was in fast fluidization regime.

In figure 4.14, the time-averaged radial profile of volumetric catalyst to sorbent
ratio at different heights were plotted comparing with the ratio where the solid
entranced (1.778 vol./vol.). The results indicated that profiles near the left wall had
little higher ratio than the inlet ratio but the ratios near the right wall were little less
than the inlet ratio. This is because solids entranced from the channel on the right
wall with normal direction to the wall, so the heavier catalyst would flow directly to
the left wall more than the sorbent. While the lighter sorbent would be lifted up at
right zone more than the catalyst. However, the ratios had only slightly change (were
in 1.6 to 2.1 vol./vol.). Therefore, the mixing of the catalyst and the sorbent in radial
direction was still in good condition and accompany with the axial profile of volumetric
catalyst to sorbent ratio discussed previously in figure 4.12, thus SESMR could perform
well at almost zone inside the riser and this maximized the H, flux and made the H,

purity reach the equilibrium.
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Figure 4.14 The time-averaged radial profiles of volumetric catalyst to sorbent ratio

at different heights of the SESMR riser in the best performance case

(run 33).

4.3 SESRE performance in the riser

4.3.1 Time average and mesh refinement of the SESRE reformer

Figure 4.15 shows the fluctuation in time dependence from simulation of an

example case which the riser had diameter of 0.2 m, inlet temperature was 600°C,
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catalyst to sorbent ratio was 2.54 ke/kg, gas velocity was 4 m/s and solid flux was 200
kg/m?s. In this case, H, flux at the exit of the riser was plotted every 0.1 s. and was
stable after approximately 3 s. In each other runs of this study, the fluctuation had
stability after 3-5 s. Thus, a time-averaged range of 10-20 s would be used to represent

further simulation results in this study.
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Figure 4.15 The H, flux out of the SESRE riser as a function of time in case of

id=0.2m, Ti, = 600°C, Cat/Sb = 2.54, U = 4 m/s and Gy = 200 kg/mzs.

In the same example case, mesh refinement was investigated by axial profiles
of time-averaged H; flux with different sizes of cell (Ax-Ay) as displayed in figure 4.16.
The results of the H, flux showed that the 10 mm x 20 mm size differed from the

others and was not precise. Whereas the other sizes had good agreement together,
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the 5 mm x 10 mm size was not chosen because the higher number of cells spent
more unnecessary calculating time. Lastly, the 5 mm x 20 mm size and the 10 mm x
10 mm size had the same number of cells, but the 5 mm x 20 mm size should be
chosen for further simulation because the radial profiles in the riser had obviously

more variances than the axial profiles.
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Figure 4.16 The time-averaged axial profiles of H, flux of the SESRE riser with

different cell sizes in case of id = 0.2 m, T;, = 600°C, Cat/Sb = 2.54,

U =4 m/s and G, = 200 kg/m?s.
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4.3.2 Parametric analysis for SESRE operation

Similar to the SESMR riser, the gas inlet velocity, the solid flux, the diameter of
riser, the catalyst to sorbent ratio and the temperature of inlets were studied with 2°

factorial design. Their two levels and other fixed values are shown in table 4.10.

Table 4.10 The parameters chosen in the 2° full factorial design of the SESRE riser.

Parameters Value

Design parameters

Gas inlet velocity (U) 3and 4 m/s
Solid flux (Gy) 100 and 200 kg/m?s
Diameter of the riser (id) 0.1 and 0.2 m
Height of the riser (H) 7 (Chosen) m
Reaction parameters
Catalyst to sorbent ratio (Cat/Sb) 0.58 and 2.54 keg/kg
Steam/Ethanol molar ratio (S/E) 6 (Chosen) mol/mol
Temperature of inlets (T;) 600 and 700 °C
Ca0 conversion of inlet sorbent (Xcao,n) 0 (Chosen) %

Table 4.11 shows the area-averaged values of H, flux, H, purity and CaO
conversion near the outlet with the time-averaged of 10-20 s in all 32 runs. According
to discussion in Johnsen et al. (2006), the dolomite would decrease its CaO capacity
every cycle until be steady at 28% CaO conversion. There was no run which CaO
conversion reached 289%, thus the dolomite could be circulated in this CFBR system
for SESRE in these ranges of the parameters. Considering the H; flux and the H; purity
as response variables, the lowest H, flux (0.0691 kg/mzs) and the lowest H, purity
(56.47% in dry basis) were occurred in the same run of no. 14. On the contrary, the

highest H, flux was 0.174 kg/m?s when operated in run 20 but the H, purity was only
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87.57% in this case. Whereas the highest H, purity was 94.07% in run 27 but the H,
flux dropped to 0.134 kg/m?s. Hence, statistical analysis like the ANOVA was used for
investigating the best case and for sensitivity analyses. In the ANOVA of the H, flux and
the H, purity, the riser diameter (id), the inlet temperature (T;,), the catalyst to sorbent
ratio (Cat/Sb), the solid flux (G), the gas velocity (U), the H; flux and the H, purity were
coded as A, B, C, D, E, R1 and R2, respectively. Significant main effects and interactions,
which had P-value less than 0.05 (Montgomery, 2012), of both the H; flux and the H,
purity were descending sorted by the F-values or P-values as shown in tables 4.12

and 4.13.

Table 4.11 The area-averaged H, flux, H, purity and CaO conversion (Xc,0) at the

outlet of the SESRE riser from parametric study with the 2° factorial

design.
Factor: A B = D E R1 R2
Run id Tin Cat/Sb G U H, flux  Hy purity Xea0

[m] °Cl  [keskgl  [ke/m?s]  [m/s] [ke/m?s]  [% dry] [%]

1 0.1 600 2.54 100 3 0.132795  85.96 2.54
2 0.1 600 2.54 100 4 0.134116  78.85 2.36
3 0.1 600 2.54 200 3 0.142458  89.01 1.47
4 0.1 600 2.54 200 4 0.163118  85.17 1.53
5 0.1 600 0.58 100 3 0.107676  80.88 0.84
6 0.1 600 0.58 100 4 0.095864  72.13 0.71
7 0.1 600 0.58 200 3 0.118917  84.78 0.51
8 0.1 600 0.58 200 4 0.124579  80.10 0.50
9 0.1 700 2.54 100 3 0.122248  89.53 2.84
10 0.1 700 2.54 100 4 0.088973  59.58 0.08
11 0.1 700 2.54 200 3 0.129442  91.93 1.70
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Factor: A B Cc D E R1 R2

Run id Tin Cat/Sb G U H, flux  H, purity Xca0

[m] [°’C]  [kerkgl  [ke/m?s] [m/s]  [kg/m’s]  [% dry] [%]
12 0.1 700 2.54 200 a4 0.150081 87.67 1.88
13 0.1 700 0.58 100 3 0.069700 59.82 0.02
14 0.1 700 0.58 100 a4 0.069147 56.47 0.02
15 0.1 700 0.58 200 3 0.110062 87.66 0.62
16 0.1 700 0.58 200 a4 0.116549 82.74 0.55
17 0.2 600 2.54 100 3 0.138739 88.94 1.54
18 0.2 600 2.54 100 a4 0.162809 85.04 1.64
19 0.2 600 2.54 200 3 0.146765 91.30 0.84
20 0.2 600 2.54 200 a4 0.173570 87.57 0.96
21 0.2 600 0.58 100 3 0.119885 84.64 0.52
22 0.2 600 0.58 100 a4 0.128142 79.93 0.53
23 0.2 600 0.58 200 3 0.128984 87.32 0.30
24 0.2 600 0.58 200 4 0.142326 82.94 0.32
25 0.2 700 2.54 100 3 0.126764 91.89 1.68
26 0.2 700 2.54 100 a4 0.143514 86.29 1.82
27 0.2 700 2.54 200 3 0.133745 94.07 0.95
28 0.2 700 2.54 200 a4 0.152288 89.07 1.07
29 0.2 700 0.58 100 3 0.112057 88.65 0.63
30 0.2 700 0.58 100 a4 0.115007 81.31 0.60
31 0.2 700 0.58 200 3 0.121366 91.26 0.38
32 0.2 700 0.58 200 a4 0.132704 86.25 0.41

In table 4.12, all main effects had significance to the H, flux. The catalyst to

sorbent ratio (C), the solid flux (D), the riser diameter (A), the inlet temperature (B) and

the gas velocity (E) were very high significant with P-values < 0.0001, in descending

order. Furthermore, the significant interactions were AD, DE and AE with the AD was
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the most significant among all interactions. In table 4.13, almost main effects had
significance to the H, purity except the inlet temperature (B). However, interactions of
the inlet temperature (AB, AD, BD and ABD) occurred significant to the H, purity.
Whereas the solid flux (D), the riser diameter (A), the gas velocity (E) and the catalyst
to sorbent ratio (C), in descending order, were very high significant with P-values <
0.0001. These indicated that the riser diameter (A) and the solid flux (D), both design
parameters, were the key parameters for H, production performance in this ranges of

the system.

Table 4.12 The results of the ANOVA of the H, flux out of the SESRE riser.

Source Sum of Degree of Mean F-value P-value
squares freedom square
(DF)

C (Cat/Sb) 0.005737 1 0.005737 79.93976 <0.0001
D (Gy) 0.003190 1 0.003190 44.45680 <0.0001
A (id) 0.002868 1 0.002868 39.96242 <0.0001
B (Tin) 0.002229 1 0.002229 31.06468 <0.0001

AD 0.000702 1 0.000702 9.778820 0.004733
E (U) 0.000538 1 0.000538 7.493613 0.011736
DE 0.000419 1 0.000419 5.836395 0.024042
AE 0.000399 1 0.000399 5.552999 0.027341
Residual 0.001651 23 7.18E-05
Cor Total 0.017732 31

From the ANOVAs, regression models for prediction the H; flux and the H, purity
were determined using egs. 4.3 and 4.4, respectively.
H, flux = 0.126700 + 0.0095A - 0.0083B + 0.0134C + 0.0100D

+ 0.0041E - 0.00468AD + 0.00353AE + 0.00362DE (4.3)
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H, purity = 83.40 + 3.88A + 2.97C + 4.03D - 3.33E + 1.96AB - 2.58AD
+ 2.04BD - 1.92ABD (4.4)

where A, B, C, D and E in the regression models were coded variables which

transformed low to high levels of considered parameters into -1 to +1 range.

Table 4.13 The results of the ANOVA of the H, purity out of the SESRE riser.

Source Sum of Degree of Mean F-value P-value
squares freedom square
(DF)

D (Gy) 519.2369 1 519.2369 26.61521 <0.0001
A (id) 481.9729 1 481.9729 24.70513 <0.0001
E (U) 354.6858 1 354.6858 18.18060 0.000292
C (Cat/Sb) 281.9324 1 281.9324 14.45138 0.000920
AD 213.7666 1 213.7666 10.95732 0.003054
BD 133.1668 1 133.1668 6.825905 0.015563
AB 122.3844 1 122.3844 6.273218 0.019790
ABD 117.8375 1 117.8375 6.040152 0.021944

Residual 448.7076 ) 19.50902

Cor Total 2673.691 31

In additions, the sensitivity analyses were determined. The main effects and
interactions on the H; flux and the H, purity were plotted as shown in figures 4.17 and
4.18, respectively. The slopes could indicate either positive or negative effects on the
response variable and the steepness of each slope could indicate the significant order,
as well as the coefficients in regression models.

In case that the H, flux was the response variable in figure 4.17a, all of the
main effects were positive trend except that the inlet temperature (B), according to

their coefficients in the regression model. To obtain the suitable condition, the catalyst
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to sorbent ratio (C) prefers the high level (2.54 kg/kg) but in the other hand, the inlet
temperature (B) prefers the low level (600°C). Even though SESRE had been found
performing well around 600-700°C (Comas et al., 2004; Olivas et al., 2014), SESRE had
a breakthrough of sorption enhancement and performed like SRE at about 750°C
(Da Silva and Mdller, 2011). At 700°C the sorbent would lose CO, capture ability and
was closer to turn into decarbonation condition instead. So carbonation of CaO, which
is exothermic reaction, preferred much lower temperature under the breakthrough.
Positive direction of the solid flux (D) indicated that the low flux (100 kg/m?s) gave
insufficient contact between the feed gas and the particles of catalyst/sorbent.
Considering the riser diameter (A), the larger diameter get more H, flux because the
bigger area of gas inlet made the feed increased, even though the dilute region of solid
might be wider. At last, increase of the gas velocity (E) made feed increased despite
the residence time must be less. However, the SESRE has very fast kinetics, thus SESRE
had sufficient time to approach system equilibrium.

Considering the main effects on the H, purity in figure 4.18a, the solid flux (D),
the riser diameter (A) and the catalyst to sorbent ratio (C) had positive effects on the
H, purity as well as on the H, flux. This meant that at the high levels of these
parameters (id = 0.2 m, Gs = 200 kg/m?s and Cat/Sb = 2.54 kg/kg), contact of gas-
catalyst/sorbent was better than at the low levels. Such as the case of the H; flux in
figure 4.17a, these confirmed that the solid flux of 100 kg/m?s gave too less amount
of catalyst/sorbent to contact with the feed if compared with the solid flux of 200
ke/m?. And the catalyst to sorbent ratio of 0.58 kg/kg had insufficient catalyst to
produce more H; although the reforming was enhanced by CO, capture. Only the gas

velocity (E) had negative effect on the H, purity which was opposed to the H, flux.
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This is because the higher gas velocity (4 m/s) might made more feed but the residence

time was less and far from the SESRE equilibrium.
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Figure 4.17 The main effects (a) and the interactions (b and ¢) on the H, flux out of

the SESRE riser.
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Figure 4.18 The main effects (a) and the interactions (b and ¢) on the H, purity out

of the SESRE riser.

A part of figures 4.17b and 4.18b show similarity of interaction between the

solid flux and the riser diameter (AD) on the H, flux and the H, purity, respectively.

When the solid flux (D) was considered constant, lines of the high riser diameter (A+)

gave higher values of both the H; flux and the H; purity than lines of the low riser

diameter (A-). These because their main effects (A and D) were positive, thus at their
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high levels, they mutually enhance both the H, flux and the H, purity. The slopes of
all lines of the riser diameter (A+ and A-) still had the same positive direction as the
main effect (D) with slight changes of steepness. This indicated that the interaction (AD)
were less effective than the main effects (D), according to their P-values in tables 4.12
and 4.13 and their regression coefficients in eqgs. 4.3 and 4.4. However, at high level
side of the solid flux (D+), the positive effect of the high riser diameter (A+) over the
low riser diameter (A-) was less than that at low level side of the solid flux (D-). In
other words, when the diameter of riser was larger, increase of the solid flux was less
effective (or less significant) than in the smaller diameter. This was in accord with the
small negative regression coefficients of their interaction (AD) in egs. 4.3 and 4.4 which
would a little decrease the values of both the H;, flux and the H, purity when both
the solid flux and the riser diameter were positive.

Considering the interaction of the gas velocity (E) on the H, flux in figures 4.17b
and 4.17c. Because all of the main effects (A, D and E) were positive, thus their
interactions (AE and DE) were more positive to the H, flux. When the solid flux (D) and
the riser diameter (A) were at preferred high level as previous discussed in figure 4.17a
and were enhanced with higher gas velocity (D+E+ and A+E+), the H, flux would get
much higher because the increase of the gas velocity was increase of the feed as well.
Whereas when the riser diameter (A) was at smallest, the interactions with gas velocity
(A-E- and A-E+) were very close i.e. had rarely affect the H, flux. This indicated that
although the higher gas velocity would increase the feed, the resident time would be
insufficient if the riser diameter was too small. These very small deviations also

indicated that the interactions (AE and DE) were less effective than the main effects (A
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and D), corresponding to their high P-values in table 4.12 and their very small regression
coefficients in eq. 4.3.

Lastly, considering the interaction of the inlet temperature (B) on the H, purity
in figures 4.18b and 4.18c. The line of high inlet temperature (B+) crossed with the line
of low inlet temperature (B-) when both interacting with the solid flux (D) and the riser
diameter (A). That meant in this range of the inlet temperature (600-700°C), there was
no clearly favorite temperature for getting higsher H, purity. Moreover, the little
deviations of the steepness of the interactions (AD, BD, and AB) indicated that these
interactions were less effective than the main effects (A and D), consistent with their

P-values in table 4.13 and their regression coefficients in eq. 4.4.

Table 4.14 The maximum H, flux out of the SESRE riser from the regression models

and a simulation.

Factor: A B C D E R1 R2
id Tin Cat/Sb Gs U H, flux Ho pUI’ity Xcao
[m] [°C] [ke/kgl  [kg/m’s]  [m/s]  [kg/m’s]  [% dry] (9]
Optimizing
) 0.200 600.00 2.539 199.86  3.96  0.173570 86.53
R1 prior to R2
Simulation
0.200 600.00 2.540 200.00  4.00 0.173570 87.57 0.96
(Run 20)

Table 4.14 shows optimizing the H, flux from the regression models in eq. 4.3
prior to optimizing the H, purity from eq. 4.4. The maximum H, purity was predicted
only 86.53% in dry basis and the H, flux reached 0.174 kg/m?s in the riser with 0.2 m
diameter, the inlet temperature of 600°C, the catalyst to sorbent ratio of 2.54 kg/kg,

the solid flux of 200 kg/m?s and the gas velocity of 4 m/s. These results from the
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prediction confirmed very well to the results from simulation with these values of the
parameters, i.e. run 20. The H, purity and the H; flux from run 20 were 87.57% in dry

basis and 0.174 kg/m?s, respectively.

Table 4.15 The maximum H, purity out of the SESRE riser from the regression

models and a simulation.

Factor: A B C D E R1 R2
id Tin Cat/Sb Gs U Hz flux H2 purity XCaO
[m] [°C] [ke/kg]  [kg/m’s]  [m/s]  [kg/m’s]  [% dry] (%]
Optimizing
0.200 627.11 2.540 199.94 3.00 0.147427 94.07
R2 prior to R1
Simulation
0.200 627.00 2.540 200.00 3.00 0.145503 88.62 0.72
(Run 33)

In case that optimizing the H; purity prior to optimizing the H, flux as shown in
table 4.15, the maximum H; purity was predicted up to 94.07% in dry basis and the H,
flux was dropped to 0.147 kg/m”s in the riser with 0.2 m diameter, the inlet
temperature of 627°C, the catalyst to sorbent ratio of 2.54 kg/kg, the solid flux of 200
ke/m?s and the gas velocity of 3 m/s. To confirm the results from the prediction,
another case with those values of parameters was simulated as run 33. But the
predicted H, purity (94.07% in dry basis) did not conform to the H, purity from
simulation of run 33 (only 88.62% in dry basis). Thus, the case of run 33 could not be
the optimum case of the H, purity. In this case, the inlet temperature was predicted
at 627°C, while the other parameters (the riser diameter, the catalyst to sorbent ratio,
the solid flux and the gas velocity) were predicted at their bound. According to

previous discussion about unclear preferred inlet temperature in figures 4.18b and
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4.18c, then additional prediction cases were determined for the best case instead of
run 33 by changing the inlet temperature to its bounds at 600°C and 700°C. The both
cases would match simulations of run 19 and run 27, respectively, as shown in table

4.16.

Table 4.16 The optimum cases of the SESRE riser from the regression models and

simulations.
Factor: A B C D E R1 R2
id Tin Cat/Sb Gs U H2 flux H2 pUI’ity XCaO
[m] [°C] [ke/kgl  [kg/m’s]  [m/s]  [kg/m’s]  [% dry] (9]
Run 27:
o 0.200 700.00 2.540 200.00 3.00 0.135370 97.11
Prediction
Run 27:
) ) 0.200 700.00 2.540 200.00 3.00 0.133745 94.07 0.95
Simulation
Run 19:
o 0.200 600.00 2.540 200.00 3.00 0.151970 92.95
Prediction
Run 19:
) : 0.200 600.00 2.540 200.00 3.00 0.146765 91.30 0.84
Simulation

As results in table 4.16, there was a deviation at the H, purity of run 27 which
predicted at 97.11% but simulated at 94.07% in dry basis. However, as previous point
in table 4.11 that run 27 got the highest H, purity among all 32 runs of simulation, the
simulation of run 27 also got the H, purity higher than that simulated in run 33 (88.62%
in dry basis) but got the H, flux (0.134 kg/m?s) less than run 33 (0.146 kg/m?s). Whereas
in case of run 19, both the predicted H, flux and the predicted H, purity were well
conformed to the results from simulation. Furthermore, the simulation of run 19 also

got both the H, purity and the H, flux (91.30% in dry basis and 0.147 kg/m?s,
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respectively) higher than those simulated in run 33 (88.62% in dry basis and 0.146
kg/m?s, respectively). Thus, run 19 might be another candidate of the optimum case

in this system.

Table 4.17 The effluent gas composition of the SESRE riser from simulations in the

optimum cases.

H, CHq CcO CO, EtOH

[% dry] [% dry] [% dry] [% dry] [% dry]

Run 27 94.07 3.87 1.21 0.36 0.49
Run 19 91.30 0.37 7.42 0.61 0.31

In additional consideration, composition of effluent gas in simulations of run 27
and run 19 were shown in table 4.17. Even the H, purity of run 27 (which was the
highest among all runs) seemed to reach the equilibrium, EtOH still had not been
converted completely comparing with the experimental result and the validated result
in table 4.3 of which EtOH content should be approximately 0.0% in dry basis. This
described that SESRE could not be performed perfectly in this CFBR system with these
ranges of parameters. Moreover, CHq content was still high in run 27, while CO was still
high in run 19. These indicated that the reforming reactions of CHy (SMRs) did not reach
equilibrium yet in case of run 27, while the shift reaction of CO (WGS) did not reach
equilibrium yet in case of run 19. Because run 19 got both the H, flux and the H, purity
higher than run 33. Moreover, an additional shift reactor would likely be preferable
than other effluent gas separation units to purify H, due to further producing more H,
in the same time. Thus, run 19 was chosen to be the best case for SESRE operated in

this system with these ranges of the parameters.
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4.3.3 Hydrodynamics of SESRE in the riser

Due to imperfect performance of SESRE in all cases of the system, considering
hydrodynamics of the best case (run 19) compared with the worst case (run 14) would
explain causes of imperfection more clearly than considering hydrodynamics of only
the best case.

Figure 4.19 displays the instantaneous contour plots of volume fraction of each
solid phase (catalyst and sorbent) and gas phase at 20 s in run 14 and run 19. The
gradient shades of colors from blue to red represent low volume fraction to high
volume fraction of each phases. The contour plots showed that both the catalyst and
the sorbent particles were in dense clusters in lower zone (below 2.5 m height in run
19 and 0.5 m height in run 14, approximately) of the riser. In rest upper zone of the
riser, the solid particles were dense only near the wall and dilute in the center line
(core) of riser in run 19, whereas the solid particles were very dilute in run 14. The
contours of volume fraction of the solids could explain that in the lower zone of both
runs, the bed flow seemed to be in turbulent fluidization regime. Dissimilarly in the
upper zone, the bed looked like flow in fast fluidization in run 19 and dilute
transportation in run 14. However, the visual similarity of volume fraction of the
catalyst phase and the sorbent phase indicated very good mixing of the catalyst and

the sorbent in both runs.
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Figure 4.19 The instantaneous volume fraction of each phase in the SESRE riser at

20 s in the best performance case (run 19) and the worst performance

case (run 14).
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Figure 4.20 displays the instantaneous contour plots of mole fraction of Hy,
EtOH and CO; in the gas phase at 20 s in both run 14 and run 19. The contour plots in
run 19 showed that the mole fraction of each component in gas phase seemed
approach full development since 2.0 m height of the riser which still be in the dense
zone of the bed. However, above this zone to the exit, H, did not reach the equilibrium
in the core of the riser. EtOH and CO, were not completely converted and adsorbed
in the core, as well. These contours confirmed that SESRE could not be performed
perfectly even in the best case of this system. Next, considering the contour plots in
run 14, immediate increase of H, and CO, and immediate decrease of EtOH quite
exactly matched with dense solids, as shown in figure 4.19, within the lower zone
(below 0.5 m height). Above this zone, H, and CO, gradually increased while EtOH
gradually decreased until to the outlet. Case of CO, was notable that in run 19, CO,
immediately rose highest in the bottom core then rapidly reduced and kept steady in
the upper core. Whereas in run 14, CO, immediately rose and gathered at the both
sides of wall but not occurred in the core within the lower zone. These core-shell
patterns of CO, in the bottom half of the riser, which also appeared in cases of
produced H,, might due to the solid cluster appearance inside the system in figures
4.19a and 4.19b. However, comparing CO, fraction along axial direction in overview,
CO;, fraction in run 14 increased gradually throughout the riser. On the contrary, CO,
fraction in run 19 decreased in the bottom zone then seemed steady in the upper
zone. Furthermore, CO, fraction in run 14 was higher than in run 19. The CO, fraction
in run 14 indicated that the continuous increase of CO, in this upper zone could
indicated that SRE, which produced CO,, took place rather than the capturing of COs.

In other words, insufficient amount of sorbent all along axial direction might made CO,
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increased gradually. Unlike in run 19, CO, fraction occurred higher in the bottom zone
because carbonation was slower reaction than SRE, then CO, was more adsorbed until
being steady in the rest upper zone. In conclusion, besides incomplete conversion of
EtOH, which found in both runs but higher in run 14, the lack of sorption enhancement
might be another cause of the worst performance of run 14.

The last contour plots in figure 4.21 show the instantaneous temperature of
each phase in both runs at 20 s. In each run, all temperature contours were similar to
the other phases. The contours in each run showed small deviations of temperature
from their inlet temperature (973 Kin run 14 and 873 K in run 19). Negative deviations
were caused by highly endothermic reaction of reforming but they were neutralized
by exothermic reaction of carbonation. It was noticeable that the decrease of
temperature reached -13 K in run 14 but reached only -3 K in run 19, because the
carbonation performed in run 14 less than in run 19. According to the mole fraction
contours of gases in figure 4.20, in run 19, the temperature in the dense zone and in
the core of the upper zone, where the gases still did not reach the equilibrium, was
slightly lower than the temperature in where the gases reached equilibrium. While in
case of run 14, the temperature gradually decreased from the bottom in accordance
with the increasing of H, and CO, and the decreasing of EtOH, because the carbonation
occurred higher only in the dense lower zone but the reforming took place in the rest

zone, especially in the annular zone.
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Figure 4.20 The instantaneous mole fraction (wet basis) of H,, EtOH and CO, in gas

phase of the SESRE riser at 20 s in the best performance case (run 19)

and the worst performance case (run 14).
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Figure 4.21 The instantaneous temperature (in Kelvin) of each phase in the SESRE

riser at 20 s for the best performance case (run 19) and the worst

performance case (run 14).
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Next, the catalyst and sorbent distributions along axial and radial direction were
expected as key hydrodynamics parameter to explain the performance of SESRE in this
riser system. Inside the riser of both runs, the volume fraction of both catalyst and
sorbent phase, volumetric catalyst to sorbent ratio were compared to the H, flux and

the H, purity as the following.
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Figure 4.22 The axial profiles of time-averaged H, flux out of the SESRE riser in the

best performance case (run 19) and the worst performance case

(run 14).
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Figure 4.23 The time-averaged radial profiles of H, purity at different heights of the

SESRE riser in the best performance case (run 19) and the worst

performance case (run 14).
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In figure 4.22, the time-averaged H, flux in axial direction were plotted from 0.1
m height which was the exact height above the solid inlet channel. The H, flux of run
19 accumulated rapidly in the lower zone and approached maximum at the outlet,
while the H, flux of run 14 increased gradually all along the axial direction. This
increasing profiles of the H, flux was according to the contours of H, fraction in figure
4.20a.

Figure 4.23 shows the time-averaged radial distributions of the H, purity at
different heights which solid inlet was on this right side at 0.05-0.10 m height. Each H,
purity profile in run 14 looked similar to the H, purity profile in run 19 at the same
height but had less purity. At exactly above solid inlet (0.1 m height) of both runs, the
H, purity reached maximum immediately at the solid inlet on the right wall. The H,
purity decreased along to left direction far from the solid inlet then increased near left
wall. At 1.0 m height and above, the profiles in both runs were almost symmetric.
Considering development of the H;, purity profile at every height especially in the core
of the riser, the H, purity in run 14 was gradually higher while the H, purity in run 19
rapidly increased since at 1.0 m height. The H, purity profiles between at 6.0 m and
6.9 m height of both runs were almost similar. Near the exit (6.9 m height) of both
runs, the H, purity still had little drop in the core, conforming to the contour of H,
fraction in figure 4.20a.

From figures 4.22 and 4.23, both the H, flux and the H, purity might be further
developed to get little higher if using the riser which height was over 7 m. But in
additional simulations with a 10 m high riser, there were some cases that solid

accumulated in the riser and then caused errors in those simulations. Thus, the extent



122

height of the riser over 7 m did not get better advantage for operating SESRE in this

system.
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Figure 4.24 The time- and area-averaged axial profiles of volume fraction of solid

phases in the SESRE riser in the best performance case (run 19)

and the worst performance case (run 14).

Because SESRE was a very rapid reaction, solid distribution and mixing of the
catalyst and the sorbent might be the cause that SESRE was not performed perfectly
as previous discussion. Figure 4.24 shows time- and area-averaged axial profiles of
volume fraction of the solid phases in both runs. Firstly, in run 19, the amount of

catalyst, sorbent and total solid were dense in the lower zone (volume fraction of
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total solid was about 0.25-0.30). In the upper zone, all the volume fractions of each
solid continuously decreased until to the exit and the volume fraction of total solid
was in 0.06-0.20 which was the range of fast fluidization regime (Kunii and Levenspiel,
1997). Considering in the lower zone, this zone could also be divided into initial
acceleration region (0.5-1.5 m height) and dense phase region (1.5-2.5 m height). And
in the upper zone, the decrease of total solid volume fraction was in transition region
(not yet down into dilute transport region) (Mahmoudi et al., 2012; Mousa et al., 2014).
This fluidization could also called high-dense circulation fluidized bed (HDCFB) system
(Zhu, 2010). Lastly, because the bed was dense in the lower zone (the initial
acceleration region and the dense phase region), thus the axial profile of H, flux of run
19 in figure 4.22 increased greatly in this lower zone. Whereas in run 14, the total solid
was little dense and decreased (volume fraction about 0.10 less to 0.06) in the lower
zone which not over 1.0 m height. Then all along upper height, each solid fraction
hardly decreased and the total solid volume fraction was less than 0.06 that known
as the flow in the dilute transport regime (Kunii and Levenspiel, 1997). The dilute
fraction of each solid could cause the gradual increase of the H, flux in run 14 as
discussed in figure 4.22.

In figure 4.25, the time- and area-averaged axial profile of volumetric catalyst
to sorbent ratio of each run was plotted comparing with the ratio where the solid
entranced (1.778 vol./vol. in run 19 and 0.4085 vol./vol. in run 14). The result showed
that after sufficient height, the ratios in each run quite equaled to each inlet ratio.
These indicated the good mixing of the catalyst and the sorbent which made the
sorption enhancement uniform in the upper zone. Above the entrance of solid until

3.0 m height in run 14, the ratio was slightly hisher because the catalyst had higher



124

density (2,200 kg/m?) than the sorbent (approximately 1,540 kg/m?), so the lighter
sorbent was lifted easier than the catalyst. While in run 19, the ratio was quite the
same as the inlet ratio almost along the axial direction. However, the less ratio near

the solid entrance might be affected by the turbulence.
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Figure 4.25 The time- and area-averaged axial profiles of volumetric catalyst to

sorbent ratio in the SESRE riser in the best performance case (run 19)

and the worst performance case (run 14).
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Figure 4.26 The time-averaged radial profiles of volume fraction of solid phases at

different heights of the SESRE riser in the best performance case (run 19)

and the worst performance case (run 14).
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Figure 4.26 shows the time-averaged radial profiles of volume fraction of each
solid phase at different heights. At the height over the solid entrance (0.1 m height),
the total solid of both runs were similarly dense near the solid entrance on the right
but dilute at distance near the left wall. Whereas there was difference between each
run at upper heights. In run 19 at 1.0 m height, the volume fraction of solids at the
right wall would rapidly decrease to balance with at the left wall. In 1.0-4.0 m height,
these profiles show core-annular flow of fast fluidization. However, the denser bed
near the both wall sides would be less dense when the bed was blown higher. Until
the height was over 6.0 m, the radial distribution was quite uniform. Considering at the
core of each height, the bed was very dilute (the total solid volume fraction was about
0.15 and likely to be less) since the 1.0 m height. This was the major cause of
incomplete conversion of EtOH and other intermediates, confirming the results in table
4.17 and the contours of run 19 in figure 4.20. In case of run 14, the volume fraction
profiles of each solid tended to develop to flat profiles (quite uniform) since 1.0 m
height that faster than in run 19 and also were very dilute since this height in
accordance with the axial profile in figure 4.24. These flat and very dilute profiles
confirmed that flow pattern in run 14 was in dilute transportation and could be a cause
of the lowest H, flux and the lowest H, purity. Hence, from both runs the concentration

of each solid was the key hydrodynamics of performing SESRE in the CFBR riser.
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Figure 4.27 The time-averaged radial profiles of volumetric catalyst to sorbent ratio

at different heights of the SESRE riser in the best performance case

(run 19) and the worst performance case (run 14).
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In figure 4.27, the time-averaged radial profiles of volumetric catalyst to sorbent
ratio at different heights in both runs were plotted comparing with the ratio where the
solid entranced (1.778 vol./vol. in run 19 and 0.4085 vol./vol. in run 14). The profile of
0.1 m height in run 19 and profiles of 0.1-2.0 m height in run 14 near the left wall had
little higher ratio than the inlet ratio. This is because solids entranced from the channel
on the right wall with normal direction to the wall, so the heavier catalyst would flow
directly to the left wall more than the sorbent. While the lighter sorbent would be
lifted up at right zone more than the catalyst. However, the radial-averaged ratio of
each height quite equaled to which of the entrance of solids. Thus, the mixing of the
catalyst and the sorbent in radial direction was still good in both runs. Consistent with
the axial profile of volumetric catalyst to sorbent ratio discussed previously in figure
4.25, the segregation between the catalyst and the sorbent did not cause incomplete
performance of SESRE in this system.

Overall, the major cause of incomplete operations of SESRE in the CFBR system
with these ranges of parameters was the dilute region in the core of the riser that
made gas-solids contact insufficient before the gas leaving the riser. Even though the
CFBR system with the best case still did not get the perfect SESRE performance, the
H, purity could be raised highly up to 91.30% in dry basis by sorption enhancement.
Comparing to the packed-bed reactor, which gas and solids had sufficient contacting
time, SESRE could be performed perfectly with H, purity in dry basis of 96.2% in the
experiment of Olivas et al. (2014) and 98.5% in validating simulation as shown in table
4.3. Thus, the CFB riser with better modifications of design and/or operation might get
better gas-solid contact for perfect SESRE performance. However, the verifying

experiments is suggested to confirm this system design as well.
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4.4 Decarbonation performance in the regenerator system

4.4.1 The regenerator system design

After the regenerator reprocessed the lab-scale experiment in validation part,
there were significant problems found from the results. Firstly, there was segregation
zone, where the catalyst was denser and the sorbent was more dilute, in the right
bottom corner of the reactor as shown in figure 4.28. This is because the catalyst
(density of 2,200 kg/m?) is heavier than the sorbent (density of 1,540 kg/m?). Thus, the
gas velocity had to be much higher than 0.056 m/s to avoid accumulation of the
catalyst as well as segregation between the catalyst and the sorbent. Next, the single
regenerator seemed not to be able to release all CO, off the sorbent, according to the
results in table 4.4, because the atmosphere inside the regenerator was already
saturated with CO,. This was consistent with that partial pressure of CO, was significant
effective parameter on the decarbonation rate (Okunev et al., 2008).

The new system was modified by scaling up 20 times from the reactor width
of 0.06 m to 1.20 m and the solid channel of 0.01 m to 0.20 m which equaled to
designed diameter of the risers from both the reforming parts. The system also became
double stage regenerator instead of the single stage regenerator to release more CO,
off the sorbent as shown in figure 4.29. However, in this scale, the coming solids could
not be thoroughly heated by hot wall of the top loop seal. Thus, there was an
additional assumption that the coming solids was already preheated from some kind
of unit. The top loop seal was also cut off to reduce demand of calculation. Because
CaO conversion was averaged 1.48% with maximum fluctuated to 1.92% from the

SESMR riser and averaged 0.84% with maximum fluctuated to 0.91% from the SESRE
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riser, the returning sorbent was assumed to get CaO conversion of 3% for further

investigations in this part.
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Figure 4.28 The instantaneous volume fraction of catalyst and sorbent at 45 s in the

lab-scale regenerator which reprocessed the experiment of Arstad et al.

(2009, 2012).



134

Solid inlet
Gs, Cat/Sb, 1D 02m

XCaO,In, Tin

I—V Gas outlet

1
1st
regenerator
A
H 1.2m

v

0.8 m

Gas inlet —f

u Inter-loop A
seal 0.8 m
i |—> Gas outlet v
1
2nd

regenerator

l

Gas inlet —1 ]
U Bottom
loop'seal
Solid outlet

Figure 4.29 The scale-up regenerator system and the effective parameters.

4.4.2 Time average and mesh refinement of the regenerator system

Figure 4.30 shows the averaged CaO conversion of sorbent at outlet which was
the last point solid passed. This system operated with gas velocity of 0.1 m/s which
would be the lowest velocity for further study and solid would take the longest time
since had come from the inlet. At initial time, the CaO conversion was zero because

the system had started with empty of solid. After the system was full of solids, the
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fluctuated results seemed steady since 50 s. Thus, a time-averaged range of 60-70 s

would be used to average the simulation results in this part.
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Figure 4.30 The averaged CaO conversion of sorbent at outlet of the scale-up

regenerator system as a function of time with U = 0.1 m/s.

The mesh refinement of the scale-up regenerator system was investigated with
different sizes of cell (Ax-Ay) as displayed in figure 4.31. The mesh comparison was
done with results of the averaged CaO conversion and averaged temperature of
sorbent in the bed of the 1% regenerator and the outlet CO, flux out of the 1%
regenerator in time dependence as shown in figure 4.32. Ignore initial time of solid in
coming about first 20 s, all results showed that the 80 mm x 80 mm size differed from

the others and was not precise. Whereas the other sizes get along together but the 20
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mm x 20 mm size was not chosen because the higher number of cells spent more
calculating time. Thus, the mesh size of the 40 mm x 40 mm was sufficient fine for

further simulations of this system.
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Figure 4.32 The averaged CaO conversion and sorbent temperature in the bed and

the outlet CO, flux of the 1° regenerator as a function of time with

different cell sizes resulted from the scale-up regenerator system.
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Figure 4.32 (continued)

4.4.3 Parametric study and hydrodynamics

From all concerning parameters in sorbent regeneration as previous described
in figure 3.6, the solid flux, the catalyst to sorbent ratio and the CaO conversion of
inlet sorbent were chosen a value from results of the risers design. Thus, there were
only two parameters to investigate in this part, i.e the gas inlet velocity and the
temperature of inlet solids. All fixed values and varied values of each parameters are

shown in table 4.18.
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Table 4.18 The parameters chosen in the simulations of the scale-up regenerator

system.

Parameters Value

Design parameters

Gas inlet velocity (U) 0.1,0.2,0.3and 0.4 m/s

Solid flux (Gy) 200 (Chosen) ke/m?s
Reaction parameters

Catalyst to sorbent ratio (Cat/Sb) 2.54 (Chosen) kg/ke

Temperature of inlet solid (T;,) 850, 900, 950 and 1,000 °C

Ca0 conversion of inlet sorbent (Xcao,n) 3 (Chosen) %

The gas inlet velocity was the first parameter to be investigated. Figure 4.33
shows time- and area-averaged temperature and CaO conversion of sorbent at inlet,
in bed of the 1*' regenerator, in inter-loop seal, in bed of the 2™ regenerator and at
outlet, in sequence. Both of temperature and CaO conversion of sorbent continuously
decreased every position, especially in the 1% regenerator that the CaO conversion was
reduced more than a half. There was no deviation of temperature among all gas
velocities. The CaO conversion could be almost completely reduced at outlet
whichever gas velocity was used. In comparison, results from the gas velocity of 0.3
m/s were very good as much as those of 0.4 m/s, and better than those of the other
lower velocities. But when carefully investigated at gas outlet of both regenerators, it
found that some amount of solids moved out of 2" regenerator in some periods when
using 0.3 m/s of the gas velocity as shown in figure 4.34. While the gas velocity of 0.4

m/s always blew the solids out of both regenerators.
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Figure 4.34 The flux of solid blown out of the 1°! regenerator and the 2™

regenerator in the scale-up regenerator system as a function of time

with gas inlet velocities of 0.3 m/s and 0.4 m/s when T, = 900°C.
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Figure 4.35 The instantaneous volume fraction of catalyst and sorbent at 70 s in the

scale-up regenerator system in case of U = 0.2 m/s and Tj, = 900°C.

The gas velocity of 0.2 m/s could be the best choice because it had CaO

conversion slightly less than the gas velocity of 0.1 m/s at the outlet, and obviously

much better in the 1°' regenerator. In addition, the gas velocity of 0.2 m/s was

sufficiently higher than 0.056 m/s of gas velocity used in the lab-scale regenerator to
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prevent the accumulation of catalyst and segregation between the solids. This was
also confirmed by figure 4.35 which shows instantaneous volume fraction contours of
each solid phase in the scale-up regenerator system. Both contours visually looked
similar in all zone unlike those contours at 45 s of the lab-scale regenerator as in figure
4.28, despite the fact that these contours were also at 70 s which took longer operation

time.
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Figure 4.36 The time- and area-averaged volumetric catalyst to sorbent ratio at

different positions in the scale-up regenerator system with various gas

inlet velocities when T;, = 900°C.
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Figure 4.36 shows time- and area-averaged volumetric catalyst to sorbent ratio
at different positions with various gas inlet velocities compared with the ratio where
the solid entranced (1.778 vol./vol.). The results show that there were deviations
swinging in each position but there was no significant difference among the gas
velocities. Although the catalyst had more proportion especially in the 1% regenerators,
then the catalyst to sorbent ratio became closer to the inlet ration with slight deviation
at the outlet. This could claim that the catalyst and the sorbent were mixed well

throughout this regenerator system.

Investigating the rest parameter, inlet temperature of solids, the time- and area-
averaged CaO conversion and temperature of sorbent are shown in figure 4.37. The
averaged temperatures at the outlet of four cases decreased about 30-35°C from at
the inlet due to endothermic reaction of decabonation, but still were much higher
than 750°C of breakthrough point (Comas et al, 2004). In comparison of inlet
temperatures of solids, the results indicated that inlet temperature of 950°C and
1,000°C had satisfied CaO conversion, which was very close to zero, at the outlet. Thus,
the inlet temperature of solids at 950°C could be sufficient for complete regeneration
of the sorbent.

Overall, when the double stages regenerator system with the reactor width of
1.2 m operated with carrier gas velocity of 0.2 m/s and preheated returned solid at
950°C, the sorbent in solid mixture could be perfectly regenerated before returned

into the reforming riser.
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CHAPTER 5

CONCLUSION AND RECOMMENDATIONS

5.1 Conclusion

Computational fluid dynamics (CFD) with two-dimensional transient models
using Euler-Euler approach and kinetic theory of granular flows (KTGF) was applied for
sorption enhanced steam methane reforming (SESMR) and sorption enhanced steam
reforming of ethanol (SESRE) operating in a circulating fluidized bed reactor (CFBR)
system. The solid in fluidized bed was a mixture of Ni-based catalyst and dolomite as
sorbent. The aim of study was to design a proper pilot-scale CFBR system with suitable
operating conditions for the highest H, production performance. The CFBR system
design was separately investigated in 3 main units including a riser for SESMR, a riser
for SESRE and a regenerator system supporting the risers. In the riser parts, the
concerning parameters including riser diameter, inlet temperature, catalyst to sorbent
ratio, solid flux and inlet gas velocity were examined with 2° full factorial design and
analysis of variance (ANOVA) to determine effects on H, flux and H, purity then
optimized both of them. From ANOVA results of the SESMR riser, the gas velocity, the
riser diameter and the solid flux, in descending order, were the most three significant
parameters governing the H; flux and the H, purity. While in ANOVA of the SESRE riser,
the riser diameter and the solid flux were the key parameters involved in both of the
H, flux and the H, purity.

The best performance of the SESMR riser could get the H, purity reached
equilibrium of 98.58% in dry basis with the highest H, flux of 0.301 kg/m“s when

operating with steam to carbon ratio of 4 mol/mol, gas velocity of 6 m/s, inlet
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temperature of 581°C. While the SESRE riser could get maximum H, purity only 91.30%
in dry basis with the highest H, flux of 0.147 kg/m?s when operating with Steam/Ethanol
molar ratio of 6, gas velocity of 3 m/s, inlet temperature of 600°C. The best case of
the SESMR riser and the SESRE riser had the same design with diameter of 0.2 m, height
of 7 m operating with solid flux of 200 kg/m? and catalyst to sorbent ratio of 2.54
ke/kg. The hydrodynamics of both optimum cases showed that both SESMR and SESRE
reached breakthrough within the bottom dense zone then gradually more developed
in the core. But in difference, SESMR could be developed completely within 5.0 m
height while SESRE could not. Because axial and radial distributions of solids were well
developed with very good mixing of the catalyst and the sorbent. Thus, the dilute bed
in the core of the riser was insufficient and actually caused incomplete conversion for
SESRE but sufficient for SESMR.

Lastly in regenerator part, double-stage bubbling bed regenerators with 1.2 m
width and 0.8 m height of bed could perfectly release CO, off the sorbent when
operating with gas velocity of 0.2 m/s and preheating the solids at 950°C. This operation
could also return the solids with good mixing of the catalyst and the sorbent as well.
Overall, SESMR and SESRE had feasibility to continuously produce high purity hydrogen
by this preferred design and conditions of CFBR system, which overcame fixed or

bubbling bed reactors with higher production rate.

5.2 Recommendations

1) There were many ideal assumptions used in models of this study, so the

good feasibility of the SESMR/SESRE performing in this CFBR system might be
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overestimated. In the future works, some other models should replace their similar
model for comparison. And experimental verifications are necessary as well.

2) These 2D models had been used for reducing computation times and could
get precise results in quite symmetric and uniform sizing configurations such as the
riser, which is a tube in practice. But the regenerator which actually has different sizes
between the loop seal channel and the main reactor should be simulates in 3D models
which preferable to asymmetric configuration for better design. Furthermore, if the
whole system combining all units of CFBR is desired to be simulated, the cyclone is
another recommended using 3D models because theoretically movement of solid in
the cyclone use force vectors in three directions.

3) Attrition of solids is another concerning problem in high velocity fluidization.
The attrition could deactivate both catalyst and sorbent in longer operation. Thus, the
Ni-base catalyst and the dolomite should be further investigated about its attrition

with the gas velocity around these range for modelling and/or in practice.
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